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PREFACE 



Ilearned about chemical reactors at the knees of Rutherford Aris and Neal Amundson, 
when, as a surface chemist, I taught recitation sections and then lectures in the Reac- 
tion Engineering undergraduate course at Minnesota. The text was Aris' Elementary 
Chemical Reaction Analysis, a book that was obviously elegant but at first did not seem 
at all elementarv. It described porous pellet diffusion effects in chemical reactors and the 
intricacies of nonisothermal reactors in a very logical way, but to many students it seemed to 
be an exercise in applied mathematics with dimensionless variables rather than a description 
of chemical reactors. 

We later used Octave Levenspiel's book Chemical Reaction Engineering, which was 
written with a delightful style and had many interesting figures and problems that made 
teaching from it easy. Levenspiel had chapters on reactions of solids and on complex 
reactors such as fluidized beds, topics to which all chemical engineering students should 
be introduced. However, the book had a notation in which all problems were worked in 
terms of the molar feed rate of one reactant F^ and the fractional conversion of this 
reactant X. The "fundamental equations" for the PFTR and CSTR given by Levenspiel 
were V = Fa ĵ dXjr^ (X) and V = Fa X/ r^(X), respectively. Since the energy balance 
is conventionally written in terms of spatial variations of properties (as is the general 
species balance), there was no logical way to solve mass and energy balance equations 
simultaneously, as we must do to consider nonisothermal and nonideal reactors. This 
notation also prohibits the correct handling of multiple reaction systems because there is 
no obvious X or Ta with multiple reactions, and Levenspiel could only describe selectivity 
and yield quahtatively. In that notation, reactors other than the perfect plug flow and the 
perfectly stirred reactor could not be handled because it did not allow consideration of 
properties versus position in the reactor. However, LevenspieLs books describe complex 
multiphase reactors much more thoroughly and readably than any of its successors, certainly 
more than will be attempted here. 



We next used the texts of Hill and then Fogler in our chemical reactors course. 
These books are adapted from Levenspiel, as they used the same notation and organization, 
although they reduced or omitted reactions of solids and complex reactors, and their notation 
required fairly qualitative consideration of nonisothermal reactors. It was our opinion that 
fhese texts actually made diffusion in porous pellets and heat effects seem more complicated 
than they need be because they were not sufficienth; logically or mathematicalfy based. 
These texts also had an unnecessary affinity for the variable density reactor such as A — > 3 B 
with ideal gases where the solutions require dealing with high-order polynomials and partial 
fractions. In contrast, the assumption-of constant density (any liquid-phase reactor or gases 
with diluent) generatcs easily solved problems. 

At fhe same time, as a chemist I was disappointed at the lack of serious chemistry 
and kinetics in reaction engineering texts. All beat A — > B to death without much mention 
that irreversible isomerization reactions are very uncommon and never very interesting. 
Levenspiel and its progeny do not handle the series reactions A — > B — > C or parallel 
reactions A ->■ B, A — > C sufficienfh/ to show students that these are really the prototypes 
of all multiple reaction systems. It is typical to introduce rates and kinetics in a reaction 
engineering course with a section on analysis of data in which log-log and Arrhenius plots 
are emphasized with the only purpose being the determination of rate expressions for single 
reactions from batch reactor data. It is typically assumed that any chemistry and most 
kinetics come from previous physical chemistry courses. 

Up until the 1950s there were many courses and texts in chemical engineering on 
"Industrial Chemistry" that were basically descriptions of the industrial processes of those 
times. These texts were nearly devoid of mafhematics, but fhey summarized fhe reactions, 
process conditions, separation methods, and operating characteristics of chemical synthesis 
processes. These courses in the chemical engineering curriculum were all replaced in the 
1950s by more analytical courses that organized chemical engineering through "principles" 
rather than descriptions because it was felt that students needed to be able to understand fhe 
principles of operation of chemical equipment rather than just memorize pictures of them. 
Only in the Process Design course does there remain much discussion of the processes by 
which chemicals are made. 

While the introduction of principles of chemical engineering into the curriculum 
undoubtedly prepared students to understand the underlying equations behind processes, 
succeeding generations of students rapidly became illiterate regarding fhese processes and 
even the names and uses of the chemicals that were being produced. We became so involved 
in understanding the phnciples of chemical engineering that we lost interest in and the 
capability of dealing with processes. 

In order to develop the processes of tomorrow, there seems to be a need to combine 
principles and mathematical analysis along with applications and synthesis of these princi- 
ples to describe processes. This is especially true in today's changing market for chemical 
engineers, where employers no longer are searching for specialists to analyze larger and 
larger equipment but rather are searching for engineers to devise new processes to refurbish 
and replace or retrofit old, dirty, and unsafe ones. We suggest fhat an understanding of how 
and why things were done in the past present is essential in devising new processes. 

Students need to be aware of the following facts about chemical reactors. 

1. The definition of a chemical engineer is one who handles the engineering of chemical 
reactions. Separations, fluid flow, and transport are defails (admittedly sometimes very 



important) in that task. Process design is basically reactor design, because the chemical 
reactors control the sizes and functions of other units. 

2. The most important reactor by far in twenfieth century technology is the fluidized 
catalytic cracker. It processes more chemicals fhan any ofher reactor (except fhe au- 
tomotive catalytic converter), fhe products it creates are fhe raw materials for most of 
chemical technology, and fhis reactor is undoubtedh/ fhe largest and most complex piece 
of equipment in our business. Yet it is very possible fhat a student can receive a B.S. 
degree in chemical engineering wifhout ever hearing of it. 

3. Most industrial processes use catalysts. Homogeneous single reacfion systems are fairly 
rare and unimportant. The most important homogeneous reaction systems in fact involve 
free radical chains, which are very complex and highly nonlinear. 

4. Energy management in chemical reactors is essential in reactor design. 

5. Most industrial reactors involve multiple phases, and mass transfer steps between phases 
are essential and usually control the overall rates of process. 

6. Polvmers and fheir monomers are fhe major commodity and fine chemicals we deal wifh; 
yet fhey are considered mostly in elective polymer chemistry and polymer properties 
courses for undergraduates. 

7. Chemical engineering is rapidly changing such fhat petroleum processing and commod- 
ity chemical industries are no longer the dominant employers of chemical engineers. 
Polymers, bioprocesses, microelectronics, foods, films, and environmental concerns are 
now fhe growfh industries needing chemical engineers to handle essential chemical 
processing steps. 

8. The greatest safety hazard in chemical engineering operations is wifhout question 
caused by uncontrolled chemical reactions, either wifhin fhe chemical reactor or when 
flammable chemicals escape from storage vessels or pipes. Many undergraduate students 
are never exposed to the extremely nonlinear and potentially hazardous characteristics 
of exofhermic free radical processes. 

It is our belief fhat a course in chemical reaction engineering should introduce all 
undergraduate students to all these topics. This is an ambitious task for a one-semester 
course, and it is fherefore essential to focus carefully on fhe essential aspects. Certainly, 
each of fhese subjects needs a full course to lay out fhe fundamentals and to describe fhe 
reaction systems peculiar to them. At fhe same time, we believe fhat a course that considers 
chemical reactors in a unified fashion is essential to show fhe common features of fhe diverse 
chemical reactors fhat our students will be called on to consider. 

Perhaps fhe central idea to come from Mnnesota is fhe notion of modeling in chemical 
engineering. This is fhe belief that fhe way to understand a complex process is to construct 
fhe simplest description fhat will allow one to solve the problem at hand. Sometimes a single 
equation gives this insight in a back-of-fhe-envelope calculation, and sometimes a complete 
simulation on a supercomputer is necessary. The chemical engineer must be prepared to 
deal wifh problems at whatever level of sophistication is required. We want to show students 
how to do simple calculations by capturing the essential principles without getting lost in 
details. At fhe same time, it is necessary to understand fhe complex problem with sufficient 
clarity that the furfher steps in sophistication can be undertaken wifh confidence. A modeling 



approach also reveals the underlving beautv and unity of dealing with the engineering of 
chemical reactions. 

Chemical reaction engineering has acquired a reputation as a subject that has become 
too theoretical and impractical. In fact, we believe that reaction engineering holds the key 
in improving chemical processes and in developing new ones, and it requires the greatest 
skills in both analysis and intuition. Students need to see these challenges and be equipped 
to solve the next generation of challenges. 



OVERALL ORGANIZATION 



The book starts with a review of kinetics and the batch reactor in Chapter 2, and the 
material becomes progressively more complex until Chapter 12, which describes all the 
types of multiphase reactors we can think of. This is the standard, linear, boring progression 
followed in essentially all textbooks. 

In parallel with this development, we discuss the chemical and petroleum industries 
and the major processes by which most of the classical products and feedstocks are made. 
We begin in Chapter 2 with a section on "The Real World," in which we describe the reactors 
and reactions in a petroleum refinery and then the reactions and reactors in making polyester. 
These are all catalytic multiphase reactors of almost unbelievable size and complexity. By 
Chapter 12 fhe principles of operation of fhese reactors will have been developed. 

Then throughout fhe book fhe reacfions and reactors of the petroleum and commodity 
chemical industries are reintroduced as fhe relevant principles for fheir description are 
developed. 

Along wifh these topics, we attempt a brief historical survey of chemical technology 
from the start of fhe Industrial Revolution fhrough speculations on what will be important in 
fhe twenty-first century. The rise of fhe major petroleum and chemical companies has created 
the chemical engineering profession, and fheir current downsizing creates significant issues 
for our students' future careers. 

Projection into fhe future is of course the goal of all professional education, and we 
at least mention fhe microelectronic, food, pharmaceutical, ceramic, and environmental 
businesses which may be major employers of chemical engineering students. The notion 
of evolution of technology from the past to fhe future seems to be a way to get students to 
begin thinking about fheir future without faculty simply projecting our prejudices of how 
the markets will change. 

Finally, our goal is to offer a compact but comprehensive coverage of all topics by 
which chemical reactors are described and to do fhis in a single consistent notation. We 
want to get fhrough fhe fundamental ideas as quickly and simply as possible so that the 
larger issues of new applications can be appreciated. It is our intent that an instructor should 
then have time to emphasize fhose topics in which he or she is especially knowledgeable 
or regards as important and interesting, such as polymerization, safety, 
pharmaceuticals. microelectronics, ceramics, foods, etc. 

At Minnesota we cover these topics in approximately 30 lectures and 20 ri 
This requires two to four lectures per chapter to complete all chapters. Obviously some 
of fhe material must be omitted or skimmed to meet this schedule. We assume fhat most 
instructors will not cover all the industrial or historical examples but leave them for students 
fo read. 



Overall Organization xv 

We regard the "essential" aspects of chemical reaction engineering to include multiple 
i, energy management, and catalytic processes; so we regard the first seven chapters 
as the core material in a course. Then the final five chapters consider topics such as 
environmental, polymer, solids, biological, and combustion reactions and reactors, subjects 
fhat may be considered "optional" in an introductory course. We recommend fhat an 
instructor attempt to complete fhe first seven chapters wifhin perhaps 3/4 of a term to allow 
time to select from fhese topics and chapters. The final chapter on multiphase reactors is of 
course very important, but our intent is only to introduce some of the ideas fhat are important 
in its design. 

We have tried to disperse problems on many subjects and with varying degrees 
of difficulty throughout fhe book, and we encourage assignment of problems from later 
chapters even if they were not covered in lectures. 

The nonlinearities encountered in chemical reactors are a major fheme here because 
fhey are essential factors, both in process design and in safety. These generate polynomial 
equations for isofhermal systems and transcendental equations for nonisothermal systems. 
We consider these with graphical solutions and with numerical computer problems. We try 
to keep these simple so students can see the qualitative features and be asked significant 
questions on exams. We insert a few computer problems in most chapters, starting with 
A+ B —> C -+ D — >• . . . . and continuing through the wall-cooled reactor wifh diffusion 
and mass and heat transfer effects. We keep these problems very simple, however, so fhat 
students can write fheir own programs or use a sample Basic or Fortran program in the 
appendix. Graphics is essential for fhese problems, because the evolution of a solution 
versus time can be used as a "lab" to visualize what is happening. 

The use of computers in undergraduate courses is continuoush/ evolving, and different 
schools and instructors have very different capabilities and opinions about fhe level and 
methods fhat should be used. The choices are between (1) Fortran, Basic, and spread- 
sheet programming by students, (2) equation-solving programs such as Mathematica and 
MathCad, (3) specialh/ written computer packages for reactor problems, and (4) chemical 
engineering flowsheet packages such as Aspen. We assume fhat each instructor will decide 
and implement specific computer methods or allow students to choose fheir own methods 
to solve numerical problems. At Minnesota we allow students to choose, but we introduce 
Aspen flowsheets of processes in fhis course because fhis introduces the idea of reactor- 
separation and staged processes in chemical processes before they see fhem in Process 
Design. Students and instructors always seem most uncomfortable wifh computer problems, 
and we have no simple solutions to this dilemma. 

One characteristic of this book is fhat we repeat much material several times in 
different chapters to reinforce and illustrate what we believe to be important points. For 
example, petroleum refining processes, NO, reactions, and safety are mentioned in most 
chapters as we introduce particular topics. We do fhis to tie fhe subject together and show how 
complex processes must be considered from many angles. The downside is fhat repetition 
may be regarded as simply tedious. 

This text is focused primarily on chemical reactors, not on chemical kinetics. It is 
common that undergraduate students have been exposed to kinetics first in a course in 
physical chemistry, and then fhey take a chemical engineering kinetics course, followed 
by a reaction engineering course, wifh fhe latter two sometimes combined. At Minnesota 
we now have fhree separate courses. However, we find fhat fhe physical chemistry course 



contains less kinetics every year, and we also have difficulty finding a chemical kinetics text 
that covers the material we need (catalysis, enzymes, polymerization, multiple reactions, 
combustion) in the chemical engineering kinetics course. 

Consequently, while I jump into continuous reactors in Chapter 3, I have tried to 
cover essentialh/ all of conventional chemical kinetics in this book. I have tried to include 
all the kinetics material in any of the chemical kinetics texts designed for undergraduates, 
but these are placed within and at the end of chapters throughout the book. The descriptions 
of reactions and kinetics in Chapter 2 do not assume any previous exposure to chemical 
kinetics. The simplification of complex reactions (pseudosteady-state and equilibrium step 
approximations) are covered in Chapter 4, as are theories of unimolecular and bimolecular 
reactions. I mention the need for statistical mechanics and quantum mechanics in inter- 
preting reaction rates but do not go into state-to-state dvnamics of reactions. The kinetics 
with catalysts (Chapter 7), solids (Chapter 9), combustion (Chapter 10), polymerization 
(Chapter H), and reactions between phases (Chapter 12) are all given sufficient treatment 
that their rate expressions can be justified and used in the appropriate reactor mass balances. 

I suggest that we may need to be able to teach all of chemical kinetics within 
chemical engineering and that the integration of chemical kinetics within chemical reaction 
engineering may have pedagogical value. I hope that these subjects can be covered using this 
text in any combination of courses and that, if students have had previous kinetics courses, 
this material can be skipped in this book. However, chemistry courses and texts give so 
little and such uneven treatment of topics such as catalytic and polymerization kinetics that 
reactors involving them cannot be covered without considering their kinetics. 

Most texts strive to be encyclopedias of a subject from which the instructor takes a 
small fraction in a coursc and that are to serve as a future reference when a student later 
needs to leam in detail about a specific topic. This is emphatically not the intent of this text. 
First, it seems impossible to encompass all of chemical reaction engineering with less than a 
Kirk-Othmer encyclopedia. Second, the student needs to see the logical flow of the subject 
in an introductory course and not become bogged down in details. Therefore, we attempt to 
write a text that is short enough that a student can read all of it and an instructor can cover 
most of it in one course. This demands that the text and the problems focus carefully. The 
obvious pitfall is that short can become superficial, and the readers and users will decide 
that difference. 

Many people assisted in the writing of this book. Marylin Huff taught from several 
versions of the manuscript at Minnesota and at Delaware and gave considerable help. John 
Falconer and Mark Barteau added many suggestions. All of my graduate students have been 
forced to work problems, find data and references, and confrrm or correct derivations. Most 
important, my wife Sherry has been extremely patient about my many evenings spent at 
the Powerbook. 
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FUNDAMENTALS 



Chapter 1 

^^ INTRODUCTION 



CHEMICAL REACTORS 



The chemical reactor is the heart of any chemical process. Chemical processes turn 
inexpensive chemicals into valuable ones, and chemical engineers are the only 
people technically trained to understand and handle them. While separation units 
are usualh/ the largest components of a chemical process, their purpose is to purify raw 
materials before they enter the chemical reactor and to purify products after they leave 
the reactor. 

Here is a very generic flow diagram of a chemical process. 
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Raw materials from another chemical process or purchased extemally must usually be 
purified to a suitable composition for the reactor to handle. After leaving the reactor, the 
unconverted reactants, any solvents, and all byproducts must be separated from the desired 
product before it is sold or used as a reactant in another chemical process. 

The key component in any process is the chemical reactor; if it can handle impure raw 
materials or not produce impurities in the product, the savings in a process can be far greater 
than if we simply build better separation units. In typical chemical processes the capital 
and operating costs of the reactor may be only 10 to 25% of the total, with separation 
units dominating the size and cost of the process. Yet the performance of the chemical 
reactor totalh/ controls the costs and modes of operation of these expensive separation 
units, and thus the chemical reactor largely controls the overall economics of most processes. 
Improvements in the reactor usualh/ have enormous impact on upstream and downstream 
separation processes. 

Design of chemical reactors is also at the forefront of new chemical technologies. 
The major challenges in chemical engineering involve 
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1. Searching for alternate processes to replace old ones, 

2. Finding ways to make a product from different feedstocks, or 

3. Reducing or eliminating a troublesome byproduct. 

The search for alternate technologies will certainly proceed unabated into the next 
century as feedstock economics and product demands change. Environmental regulations 
create continuous demands to alter chemical processes. As an example, we face an urgent 
need to reduce the use of chlorine in chemical processes. Such processes (propylene 
to propylene oxide, for example) typical]y produce several pounds of salt (containing 
considerable water and organic impurities) per pound of organic product that must be 
disposed of in some fashion. Air and water emission limits exhibit a continual tightening 
that shows no signs of slowing down despite recent conservative political trends. 

CHEMICAL REACHON ENGINEERING 

Since before recorded history, we have been using chemical processes to prepare food, 
ferment grain and grapes for beverages, and refine ores into utensils and weapons. Our 
ancestors used mostly batch processes because scaleup was not an issue when one just 
wanted to make products for personal consumption. 

The throughput for a given equipment size is far superior in continuous reactors, but 
problems with transients and maintaining quality in continuous equipment mandate serious 
analysis of reactors to prevent expensive malfunctions. Large equipment also creates hazards 
that backyard processes do not have to contend with. 

Not until the industrial era did people want to make large quantities of products to 
sell, and only then did the economies of scale create the need for mass production. Not 
until the twentieth century was continuous processing practiced on a large scale. The frrst 
practical considerations of reactor scaleup originated in England and Germany, where the 
first large-scale chemical plants were constructed and operated, but these were done in a 
trial-and-error fashion that today would be unacceptable. 

The systematic consideration of chemical reactors in the United States originated in 
the early tvventieth century with Dupont in industry and with Walker and his colleagues 
at MIT, where the idea of reactor "units" arose. The systematic consideration of chemical 
reactors was begun in the 1930s and 1940s by Damkohler in Germany (reaction and mass 
transfer), Van Heerden in Holland (temperature variations in reactors), and by Danckwerts 
and Denbigh in England (mixing, flow pattems, and multiple steady states). However, until 
the late 1950s the only texts that described chemical reactors considered them through 
specific industrial examples. Most influential was the series of texts by Hougen and Watson 
at Wisconsin, which also examined in detail the analysis of kinetic data and its application in 
reactor design. The notion of mathematical modeling of chemical reactors and the idea that 
they can be considered in a systematic fashion were developed in the 1950s and 1960s in a 
series of papers by Amundson and Aris and their students at the University of Minnesota. 

In the United States two major textbooks helped define the subject in the early 1960s. 
The first was a book by Levenspiel that explained the subject pictorially and included 
a large range of applications, and the second was two short texts by Aris that concisely 
described the mathematics of chemical reactors. While Levenspiel had fascinating updates 
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in the Omnibook and the Minibook, the most-used chemical reaction engineering texts in 
the 1980s were those written by Hill and then Fogler, who modified the initial book of 
Levenspiel, while keeping most of its material and notation. 

The major petroleum and chemical companies have been changing rapidly in the 
1980s and 1990s to meet the demands of international competition and changing feedstock 
supplies and prices. These changes have drastically altered the demand for chemical 
engineers and the skills required of them. Large chemical companies are now looking 
for people with greater entrepreneurial skills, and the best job opportunities probabh/ lie 
in smaller, nontraditional companies in which versatility is essential for evaluating and 
comparing existing processes and designing new processes. The existing and proposed 
new chemical processes are too complex to be described by existing chemical reaction 
engineering texts. 

The first intent of this text is to update the fundamental principles of the operation of 
chemical reactors in a brief and logical way. We also intend to keep the text short and cover 
the fundamentals of reaction engineering as briefly as possible. 

Second, we will attempt to describe the chemical reactors and processes in the 
chemical industry, not by simply adding homework problems with industrially relevant 
molecules, but by discussing a number of important industrial reaction processes and the 
reactors being used to carry them out. 

Third, we will add brief historical perspectives to the subject so that students can see 
the context from which ideas arose in the development of modern technology. Further, since 
the job markets in chemical engineering are changing rapidh/, the student may perhaps also 
be able to see from its history where chemical reaction engineering might be heading and 
the causes and steps by which it has evolved and will continue to evolve. 

Every student who has just read that this course will involve descriptions of industrial 
process and the historj of the chemical process industry is probably akeady worried about 
what will be on the tests. Students usualh/ think that problems with numerical answers 
(5.2 liters and 95% conversion) are somehow easier than anything where memorization 
is involved. We assure you that most problems will be of the numerical answer type. 
However, by the time students become seniors, they usually start to worry (properly) that 
their jobs will not just involve simple, well-posed problems but rather examination of messy 
situations where the boss does not know the answer (and sometimes doesn't understand the 
problem). You are employed to think about the big picture, and numerical calculations are 
only occasionally the best way to find solutions. Our major intent in discussing descriptions 
of processes and history is to help you see the contexts in which we need to consider chemical 
reactors. Your instructor may ask you to memorize some facts or use facts discussed here to 
synthesize a process similar to those here. However, even if your instructor is a total wimp, 
we hope that reading about what makes the world of chemical reaction engineering operate 
will be both instructive and interesting. 



WHAT DO WE NEED TO KNOW? 



There are several aspects of chemical reaction engineering that are encountered by the 
chemical engineer that in our opinion are not considered adequately in current texts, and 
we will emphasize these aspects here. 



The chemical engineer almost never encounters a single reaction in an ideal single- 
phase isothermal reactor, Real reactors are extremely complex with multiple reactions, 
multiple phases, and intricate flow pattcrns within the reactor and in Mct and outlct streams. 
An engineer needs enough information from this course to understand the basic concepts 
of reactions, flow, and heat management and how these interact so that she or he can begin 
to assemble simple analytical or intuitive models of the process. 

The chemical engineer almost never has kinetics for the process she or he is working 
on. The problem of solving the batch or continuous reactor mass-balance equations with 
known kinetics is much simpler than the problems encountered in practice. We seldom know 
reaction rates in useful situations, and even if these data were available, they frequently 
would not be particularly useful. 

Many industrial processes are mass-transfer limited so that reaction kinetics are 
irrelevant or at least thoroughly disguised by the effects of mass and heat transfer. Questions 
of catalyst poisons and promoters, activation and deactivation, and heat management 
dominate most industrial processes. 

Logicalfy, the subject of designing a chemical reactor for a given process might 
proceed as shown in the following sequence of steps. 

bench-scale batch reactor — * bench-scale continuous -» pilot plant — > operating plant 
The conversions, selectiviucs, and kmctics are ideally obtained in a small batch reactor, the 
operating conditions and catalyst formulation are determined from a bench-scale continuous 
reactor, the process is tested and optimized in a pilot plant, and finally the plant is constructed 
and operated. While this is the ideal sequence, it seldom proceeds in this way, and the 
chemical engineer must be prepared to consider all aspects simultaneously. 

The chemical engineer usually encounters an existing reactor that may have been 
built decades ago, has been modified repeatedly, and operates far from the conditions of 
initial design. Very seldom does an engineer have the opportunity to design a reactor from 
scratch. Basically, the typical tasks of the chemical engineer are to 

1. Maintain and operate a process, 

2. Fix some perceived problem, or 

3. Increase capacity or selectivity at minimum cost. 

While no single course could hope to cover all the information necessary for any of these 
tasks, we want to get to the stage where we can meaningfully consider some of the key ideas. 

Real processes almost invariably involve multiple reactors. These may be simply 
reactors in series with different conversions, operating temperatures, or catalysts in each 
reactor. However, most industrial processes involve several intermediates prepared and 
purified between initial reactants and final product. Thus we must consider the flow diagram 
of the overall process along with the details of each reactor. 

One example is the production of aspirin from natural gas. Current industrial tech- 
nology involves the steps 

svngas — >• methanol -> acetic acid — >■ acetylsalicylic acid 
ld usually purify the natural gas, a chemical company would 
acetic acid, and a pharmaceutical company would make and 





ural gas 


->• 


methane 


Althc 


ughag 


as c 


ompany 


buy 


-nethane 


and 


convert 


sell 


aspirin. 
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An engineer is typically asked to solve some problem as quickly as possible and 
move on to other problems. Learning about the process for its own sake is frequently 
regarded as unnecessary or even harmful because it distracts the engineer from solving 
other more important problems. However, we regard it as an essential task to show the 
student how to construct models of the process. We need simple analytical tools to estimate 
with numbers how and why the reactor is performing as it is so that we can estimate how 
it might be modified quickly and cheaply. Thus modeling and simulation will be constant 
thcmcs throughout this text. 

The student must be able to do back-of-the-envelope computations very quickly and 
confidenth/, as well as know how to make complete simulations of the process when that 
need arises. Sufficient computational capabilities are now available that an engineer should 
be able to program the relevant equations and solve them numericalh/ to solve problems 
that happen not to have analytical solutions. 

Analysis of chemical reactors incorporates essentially all the material in the chemical 
engineering curriculum. A "flow sheet" of these relationships is indicated in the diagram. 

| thermodynamij:s [fluid flowj [mat hematicsl |design | [economics| 

V V V T 4" 

|kinetics| -*■ |chemical react(| >r — »■ [ chemical process — >■ [$] 

t t t t 

| mass trttasfe| |lteatrrtesfifel |rHBttgrials| |processcontrol| 

In this course we will need to use material from thermodynamics, heat transfer, mass transfer, 
fluid mechanics, and especially chemical kinetics. We assume that the student has had some 
exposure to these topics, but we will attempt to define concepts when needed so that those 
unfamiliar with particular topics can still use them here. 

We regard the subject of chemical reactors as the final topic in the fundamental 
chemical engineering curriculum. This course is also an introduction to process design 
where we consider the principles of the design of a chemical reactor. Chemical reaction 
engineering precedes process control, where the operation and control of existing reactors is 
a major topic, and the process design course, where economic considerations and integration 
of components in a chemical plant are considered. 



INDUSTRIAL PROCESSES 



In parallel with an analytical and mathematical description of chemical reactors, we will 
attempt to survey the petroleum and chemical industries and related industries in which 
chemical processing is important. We can divide the major processes into petroleum refining, 
commodity chemicals, fine chemicals, food processing, materials, and pharmaceuticals. 
Their plant capacities and retail prices are summarized in Table 1-1. 

The quantities in Table 1-1 have only qualitative significance. Capacity means the 
approximate production of that product in a single, large, modem, competitive plant that 
would be operated by a major oil, chemical, food, or pharmaceutical company. However, 
the table indicates the wide spread between prices and costs of different chemicals, from 
gasoline to insulin, that chemical engineers are responsible for making. There is a tradeoff 



TABLE l-l 

Some Chemicals, Plant Sizes, Prices, and Waste Produced 



Category 


Typical plant capacity 


Price 


Petroleum refining 


10 6 -10 8 tons/year 


SO.l/lb 


Commodity chemicals 


10M0« 


0.1-2 


Fine chemicals 


102-104 


2-10 


Foods 




1-50 


Malenah 




O-OO 


Pharmaceuticals 


10-103 


lO-oo 



between capacity and price so that most chemical plants generate a cash flow between $ 10 7 
and $109 per year. 

The last column indicates the approximate amounts of waste products produced per 
amount of desired products (perhaps with each measured in pounds). The petroleum industry 
wastes very Uttle of its raw material, but produces the largest amount of product, while the 
pharmaceutical industry produces large amounts of waste while making small amounts of 
very valuable products. 

The engineer's task is quite different in each of these categories. In petroleum and 
commodity chemicals, the costs must be very carefully controlled to compete internation- 
ally, because every producer must strive to be the "low-cost producer" of that product or 
be threatened with elimination by its competitors. In fine chemicals the constraints are 
frequently different because of patent protecfion or niche markets in which competitors 
can be kept out. In foods and pharmaceuticals, the combination of patents, trademarks, 
marketing, and advertising usualfy dominate economics, but the chemical engineer still has 
a role in designing and operating efficient processes to produce high-quality products. 

In addition to processes in which chemical engineers make a particular product, there 
are processes in which the chemical engineer must manage a chemical process such as 
pollution abatement. While waste management and sewage treatment originated with the 
prehistoric assembly of our ancestors, government regulations make the reduction of air 
and water pollution an increasing concem, perhaps the major growth industry in chemical 
engineering. 

Throughout this text we will attempt to describe some examples of industrial processes 
that are either major processes in the chemical and petroleum industries or are interesting 
examples of fine chemicals, foods, or pharmaceuticals. The processes we will consider in 
fhis book are listed in Table 1-2. 

Our discussion of these processes will necessarily be quaMtative and primarily descrip- 
tive. We will describe raw materials, products, process conditions, reactor configurations, 
catalysts, etc, for what are now the conventional processes for producing these products. 
We will expect the student to show basic familiarity with these processes by answering 
simple and qualitative questions about them on exams. This will necessarily require some 
memorization of facts, but these processes are sufficiently important to all of chemical 
technology that we believe all chemical engineers should be literate in their principles. 

Listed in Table 1-2 are most of the processes we will be concerned with in this book, 
both in the text and in homework problems. 



Industrial Processes 9 



TABLE 1-2 

industrial Chemicals Described ir 



Petroleum 

catalytic cracking (FCC) 
catalytic reforming 



Commodity chemicals 



chlorinc 

ethylene oxide (EO) 
propylene oxide (PO) 



Chaplei 9 
Chapter 9 
Chapter 5 



ci 2 

Polymers 

poholefins 

propvlene 



ethylene glycol 
propylene glycol 
1,3-propanediol 
1,4-butanediol 
Nylon 

adipic acid (AA) 
hexamethylene dia 
caprolaclam 

polyurethanes 



Chapters2, 11, 
Chapter 3 and t- 



Chapter 4 

Chapter 3 

Chapler 11 

Chapter 9 



Specially chemicals 

ethanol 

ihuproien 



Food 

i ircs 

\Vhealies 

Cheenos 



MODEUNG 



Students will also discover another difference between this course and the "Principles" 
courses taken previously. In this course we are interested mainlv in simple approximiitions 
to complex processes. In more "fundamental" courses rigor is essential so that we can 
deal with any situation accurately. However, chemical reactors are so complex that we 
cannot begin to solve the relevant mass, energy, and momentum balance equations exactly, 
even on the largest supercomputers. Instead, we frequendy need "back-of-the-envelope" 
estimates of reactor performance. Chemical engineers usualh/ earn their living on these 
quick feasibility calculations. We need to know the details of thermodynamics and heat and 
mass transfer, for example, but we will usually assume that all properties (heat capacity, 
thermal conductivity, viscosity, diffusivity, etc.) are constants for a given calculation. AIl 
gases will be assumed to be ideal mixtures of ideal gases, and all lkjuids will be ideal 
solutions at constant density. 

We will attempt to keep the maihcmatieal dctails as brief as possible so that we will 
not lose sight of the principles of the design and operation of chemical reactors. The student 
will certainly see more applied mathematics here than in any other undergraduate course 
except Process Control. However, we will try to indicate clearly where we are going so 
students can see that the mathematical models developed here are essential for describing 
the application at hand. 

Further, we want to be able to work problems with numerical solutions. This will 
require simplifying assumptions wherever possible so that the equations we need to solve 
are not too messy. This will require that fluids are at constant density so that we can use 
concentrations in moles/volume. This is a good approximation for liquid solutions but not 
for gases, where a reaction produces a changing number of moles, and temperatures and 



TABLE 1-3 

Top 50 Chemicals* 



Sulturicac 

Oxygen 

Eilnlcne 



m.iu 
67.54 
67.54 

49.67 
♦8.52 

.«.35 



24.20 
20.56 
18.70 
17.65 



Chemical 

Ethylene oxide 
Toluene 
Hydrochloric acid 

Ethylene glycol 

Ammonium sulfate 
Phenol 



Methyl-tert butyl ether 



Carbon dio.\idc 



Titanium dioxide 
Aluminum sulfate 

Sodium silicatc 
C\clohc\anc 



l these complica 



but seldom solve probler 



pressures can change. We will mei 
without assuming constant densitj/. 

On the other hand, we will be downright sloppy about dimensions of quantities, 
frequently switching betvveen English engineering and metric units. This is because one 
important task of the chemical engineer is in language translation between technical and 
nontechnical people, be they managers or customers. In U.S. industry you will hear amounts 
in pounds or tons, temperatures in degrees Fahrenheit, and pressures in psi gauge almost 
exclusively, with many practicing engineers not even knowing the meaning of kilograms, 
kelvins, and pascals. We will refer to energies in calories, power in watts, and amounts of 
material in gram moles, pounds, and tons without apology. Volumes in liters, cubic feet, or 
gallons and lengths in centimeters or miles must be handled without effort to effectively 
communicate with one's colleagues. 

However, two types of systems are sufficiently important that we can use them almost 
exclusively: (1) liquid aqueous solutions and (2) ideal gas mktures at atmospheric pressure. 
In aqueous solutions we assume that the density is 1 g/cm 3 , the specific heat is 1 cal/g K, 
and at any solute concentration, pressure, or temperature there are -55 moles/liter of water. 
In gases at one atmosphere and near room temperature we assume that the heat capacity per 
mole is | R, the density is 1/22.4 moles/liter, and all components obey the ideal gas equation 
of state. Organic liquid solutions have constant properties within ~20%, and nonideal gas 
solutions seldom have deviations larger than these. 



SOURCES 



We try to make calculations come out in round numbers; so in many problems the feed 
i 2 moles/liter, conversions are 90%, reactor volumes 100 liters, and feed 
temperatures 300 or 400 K. We further assume fhat all heats of reaction and heat capacities 
are independent of temperature, pressure, and composition. We sometimes even assume 
fhe ideal gas constant R=2 cal/mole K, just because it makes it easier to remember fhan 
1.98.. . . 

We can fhen work out many numerical answers wifhout even using a calculator, al- 
fhough several problems distributed fhroughout fhe course will be assigned where computer 
solutions and graphics are required. Some problems (fhe most interesfing ones) cannot be 
worked so simply, and we must resort to numerical solutions. There are computer problems 
interspersed fhroughout fhe text, and your instractor will tell you exactly what programs 
and mefhods you should use to solve fhem. 



The "game" is fhus to make chemicals fhat can be sold for high prices from inexpensive raw 
materials. This involves finding a chemical reactor system fhat will do fhis better than fhe 
compefition, finding cheap and abundant raw materials, finding a good and reliable market 
for the product, and disposing of byproducts. 

A working chemical engineer needs continuous information on prices, markets, and 
processes on which to base calculations and esfimations. A readily accessible source is 
Chemical ancl Engineering News, a weekly magazine published by fhe American Chemical 
Society fhat contains the latest gossip in chemistry and chemical engineering and some 
information about trends. Much more reliable are Chemical Marketing Reporter and 
Chemical Weekly. These magazines provide considerable and reliable information on prices 
and markets for industrial chemicals. Table 1-3 lists fhe top 50 chemicals in fhe country 
from Chemical and Engineering News and a list of wholesale prices of chemicals in August 
1995 taken from a many-page hst ui l i iu ŭ \i rketi Repori Some of these are listed 
in Table 1-4. 

TABLE 1-4 

Commodity Chemical prices 



Chemical 


Description 


Price 


Price/lb 


cmdeoil 




$15-26/barrel 








22/barrel 


$0.076 




he;t\\ sour 


18/barrel 


0.056 


dk-vei l'l!L'] 


0.05':, S 


0.59/gal 


0.083 




unleaded regular 


0.62/gal 


0.087 


propane 


fuel 


0.38/gal 


0.078 






2.0/MMBtu 


0.046 


coal 




1.6/MMBtu 


0.031} 


oxygen 






0.013 


hulroaen 









TABLE 1-4 
Continued 



ethylene oxide 
propylene oxide 
ethylene glycol 
maleic anhydride 
tetrahydrofuran 



iorinaklehvdc 
ethylene 

propvlenc 



ca|>rolaclain 
toluene diisocyanat( 
terephthalic acid 



230/tOn 
125/ton 
75/ton 



0.75/gal 
1.33/gal 



These are average wholesale prices on Gulf Coasi 111 Sprina 1 L »7. 
Recent prices, pt 
#menu and http://' 



5f these chemicals can be found at http://www.chemexpo.c0m/nevv5/PROFILE.ht 
'.chemweek. com/marketplace,price_trak.html. 



Finally, the practicing engineer needs to remain continuously informed about tech- 
nologies and processes, both existing and new. Here one needs to find relevant books, 
journals, and monographs in technical libraries. One of the best of these is Kirk-Othmer, 
Encyclopedia of Chemical Teclmologv, a multivolume set that describes existing processes 
for manufacturing many chemicals. 
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1,1 From vvhat vou novv knovv aboul chemical reactions. guess thc (!) major uscs and (2) rcaction 
processes that will produce the follovving chemicals starting only from natural gas (CH4 and 
C 2 H 6 ), air, water, and salt. 

(a) CO; 

(b) H 2 ; 

(c) CH3OH; 

(d) ethylene; 

(e) Cl 2 and NaOH; 

(f) phosgene; 

(g) urea; 
(h) toluene; 
(i) HCHO; 

(j) C 2 H 5 OH; 

(k) vinyl chloride; 
(1) acetic acid. 

such as these. The objective of the 
large quantities as cheaply as possible. 
s those currently practiced, and almost 
and especially to increase the rate of 



Throughout this course we will be examining 

clicmical indusirv is to producc high-puriiv molcculcs ii 
Many of your guesses will probably not be as effective 

all proccsscs usc catalvsts to incrcasc tlic rcaction ratc 



the desired rt 



e and thus providc a high sclcctivity to the desired product. 



1.2 Write out the chemical formulas for ihc organic chemicals shown in Table 1-2. What are the 
IUPAC names of these chemicals? 

1.3 There are scvcral books thai dcscribc clicmical proccsscs. and these arc cxccllcni and painlcss 
places to begin learning about how a particular chemical is made. One of the best of these 
is Kirk-Othmer, Encyclopedia oĵ Chemical Technology, an excellent multivolume set. Choose 
one of the following chcmicals and dcscribe one or more processes and reaclors by which it is 
currently made. 

Some bioprocesses: 



1'ruciose 
ethanol 
Some microelectronic and c 
silicon 
SiH 4 
SiCl 4 
GaAs 
AsH 3 



c precursors and materials: 



TiC coatings 
Ti0 2 pigment 



epoxy glue 
urethane varnish 

lalcx painl 

pol bon i pl i lii 
Youi instrnctor uill specih the lcnglh oi the uriteup (<1 pagc cach is suggestecl) and llie nuinbci' 
of items required. He or she may suggest additional topics or allow you to choose some that 

1.4 From the list ol' uholesale prices lioin Chcmical Markctiui; Rcportcr, calculate the value of 

the ingredients in a bottle of aspirin or ilbuprofen (vvhichever bottle you have in your medicine 
cabinet). How much pet bottle ts costs in p in packa in i tri mtii n i i lil m irl i | 

ancl advcTtising? Wliich of ihese is largesi? 

1.5 From the list of wholesale prices from Table 1-4 calculate the wholesale price differences per 
mole of the following processes: 

(a) propane to propylene; 

(b) ethylene to polyethylene; 

(c) cyclohexane to benzene; 

(d) ethylbenzene to styrene; 

(e) styrene to polystyrene; 

(f) propane to acetone. 

All COStSin a process obviously have to be less than these differences. 



1.6 Our ancestors macle vinegar b\ acrobic bactcrial icTineiilaiion oi alcohol. uhich is derived from 
sugar, while it is now made by carbonylation of methanol, which is derived by reaction of 
svniliesis gas. uhicli is obtainccl b\ stcain reforming ol incthane. 

(a) Write out these reactions. 

(b) Compare the industrial acetic acid price per pound with it\ price iin dilute vvater solution) 
in the grocery store. 

1.7 Our ancestors made alcohol by anaerobic fermentation of sugar. \\hilc inclustrial ethanol is 
made by hydration of ethvlene, which is obtained b\ dehydrogenation of ethane. 

(a) Write out these n 



(b) Compare thc inclustrial price per pound of ethanol with its price (in dilute \\atcr solution) 
in the grocery store aftcr subtracting taxes. 

1 Ethane costs $0.05/lb, and ethylene sells for $0.1 8/lb. A typical ethylene plant produces 1 billion 
pounds/year. 

(a) What are the annual sales? 

(b) 11' \ve hail a perieci proeess. \vh;tl musi bc thc cosl ol proclucing ellnlene if \\c uant a profil 
of 10% of sales? 

(c) The actual process produces about 0.8 moles of ethylene per mole of ethane fed (the yield 

of the process is 80%). What is the cash flow of the process? Whai niust be the cost of 
producing ethylene if we want a profit of 10% of sales? 

) What are price differences in manufacturing tlic following chemicals? Use prices in Table 1-4 
and assunic that anv O2, H2, "r CO rcactants are free and any H2 produced has no value. 



(a) methanol from methane; 

(b) acetic acid from methane; 

(c) formaldehyde from methane; 

(d) cumene from benzene and propane; 

(e) acetone and phenol from cumene; 

(f) ethylene from ethane; 

(g) ethylene glycol from ethane; 
(h) benzene from cyclohexane; . 

(i) PET froni ethvlene glvcol and terephthalic acid; 

(j) PET from ethane and xylenes; 

(k) ] Ivslvren 1 01 i Ih; I n< md i ii/ n 

Whal niusl I thc cost pcr pound of nianul Uuii icli < th heniicals if v need lo mak 
a profit ot 10% of sales. and all processes havc 80 r -< viekl? 

1.10 Most chemical processes involve multiple slages. What iiiusi be ihe relalive costs of each stage 
for the follovving proccsses assunhng thc priccs in thc lable 1 .' 

(a) ethane to ethylene glycol; 

(b) acetone and phenol from cyclohexane and propane; 

(c) caprolactam from benzene and methane (to produce ammonia); 

(d) acetic acid from methane. 

Note that the prices of chemical intermediates are in fact determined by the costs of the individual 



1.11 Shown in Figure 1-1 are formulas of some organic chemicals that are produced by the chemical 
and pharmaceutical industries. Some of these are molecules that you eat or use every day and 
some of these you really do not want to be near. From your previous courses in organic chemisirv 
and biochemistry and by discussing with fellow students, name the compounds. 



3. fructose 

4. fat 

6. detergent 

7. vitamin C (ascorbic acid) 

8. 2,4,5-T (Agent Orange) 

9. dioxin 

10. DDT 

11. ibuprofen 

12. aspirin 

13. Tylenol (acetaminophen) 

14. Contac (phenylpropanolamine) 

15. Valium (diazepam) 

16. amphetamine 

17 methamphelaniine 
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CH 3 



(j) 

OcHO 

HgC^^CHg 

(k) C^v^^v^OCH^COOH 
(I) Ci- 



(C) CH 2 OH 

ohWoh 



(d) CH 2 OH 

HO-</0 Q 

OH OH 



Cf 



(m) cc<c/ c<c* 



(e) 



NH-C-CHg 



(f) ^OH 
OH ^OH 



^\XH 2 -C-I 




V 0_N V .C 



(w) 



OH O OH 



;cici ctct 
ct ct ct ct 

H 

c* 
o 

' J 

(P) CH 3 H 

CXH 2 -C-N-CH 3 
!F h 

(q) AAAAAA C00H 

(r) OH CH 3 

CH-CH-NH 2 «HCf 



U (v) 


C-COOH 




H-O-C-COOH 



) COOh 


C-COOH 


(X) ^O OH 

A ohA 

' OH\_/ CH,OH 
OH 


H PH 




W) 

0*S^/ 


CH 3 


(z) 


/ Nv i 


o- 


~0 


OH \ 


V O-C-CHg 


CH 2 OH 




Aoh A- 


^OnCH^OH 



(aa) 



(bb) 



cr H 



(o 



^o-c 



AAAAAA 



ĈO-C AAAAAA 
O 
O-c AAAAAA 

Figure 1-1 Some very important 



(S) 

(t) 



AAAAAAo, 



HO-C-CHp-NH-CH ? -P-OH 




18. Roundup (glyphosphate) 

19. PCB 

20. chlorophyll 

21. citronella 

22. morphine 

23. heroin 

24. thalidomide 
2.5. penicillin 

26. glycerin 

27. caiTeine 

28. citric acid 

1.12 The follovving problems relate to the molecules in the figure. 

(a) How does one convert salicylic acid to aspirin? 

(b) How does one convert morphine to heroin? 

(c) Phenyl acetone is a hannless cheinical. vet il is a controlled subsiance. Whal can il be easilv 
converted into? How would you run this reaction? [Do not try part b or c at home.] 

(d) What is the reaction by which sucrose is converted into fructose and glucose? This reaction 
occurs in your stomach. 

(e) What is the reaction by which glucose is converted into fructose? It is probably easier to 
visualize this reaction if the molecules are opened up into linear chains. The production of 
high-fructose corn svrup in soft drink svveetener is a major chemical process using enzyme 
catalysts. 

(f) Thalidomide has one chiral center. One isomer is a tranquilizer, while the other causes 

serious birth defects. What are these isomers? 

(g) What is the reaction that converts fat into soap? 

(h) Detergents are made by reacting a-olefitlS with sulfuric acid. What are the reactions? 

(i) Agent Orange is a fairly harmless herbicide that was used as a defoliant in the Vietnam 

War, and dioxin is a minor but very troublesome byproduct of manufacturing Agent Orange. 

What is the reaction that converts Agent Orange into dioxin? 
(j) Why was PCB a populai heal transfer lluid and transformer oil? 



Chapter 



REACTION RATES, THE 
BATCH REACTOR, AND 
THE -REAL VVORLD 



In the previous chapter we discussed some topics that chemical engineers need to know 
about chemical reactions and chemical reactors. In this chapter we will begin to define 
quantities, formulate and solve mass-balance equations, and consider some examples. 
We will then completelv change topics and summarize some of the major reactors in the 
petroleum and chemical industries. 

We will consider only the batch reactor in this chapter. This is a type of reactor that does 
not scale up well at all, and continuous reactors dominate the chemical industry. However, 
students are usually introduced to reactions and kinetics in physical chemistry courses 
through the batch reactor (one might conclude from chemistry courses that the batch reactor 
is the only one possible); so we will quickly summarize it here. As we will see in fhe next 
chapter, the equations and their solutions for the batch reactor are in fact identical to the plug 
flow tubular reactor, which is one of our favorite continuous reactors: so we will not need 
to repeat all these definitions and derivations in fhe section on the plug flow tubular reactor. 
In parallel with these defrnitions and equations and their solutions, we will describe 
in this chapter some examples of important processes in the chemical engineering industry. 
This material will initially be completely disconnected from the equations, but eventually 
(by Chapter 12) we hope students will be able to relate the complexities of industrial practice 
to the simplicity of these basic equations. 

Much of this chapter will be a review for those who have had courses in chemical 
kinetics. In this chapter we will also review some aspects of thermodvnamics that are 
important in considering chemical reactors. For students who have not had courses in 
kinetics and in the thermodvnamics of chemical reactions, this chapter will serve as an 
introduction to those topics. This chapter will also introduce the notation we will use 
throughout the book. 



CHEMICAL REAC710NS 



We first describe our representatiori 
reaction of cyclopropane to propylen 
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cyclo-C 3 H 6 -> C 3 H 6 



Propylene will not significantly transform back to cyclopropane, and we call this r 
irreversible. The irreversiblc first-order reaction 



is the most used examplc in chcmical kinetics, and wc will usc it throughout this book as 
the prototype of a "simple" reaction. However, the ring opening of cyclopropane to form 
propylene (which has absolutely no industrial significance) is one of only a handful of 
irreversible isomerization reactions of the type A — >• 6. 

Next consider the motion of the double bond in butylenes 

trans-2-C 2 4 = -> cis-2-C 2 4 = 

cis-2-Cf" -4- trans-2-C 2 4 = 

1-Cf -> trans-2-C 2 4 = 

iso-Cf" -> trans-2-C 2 4 = 
[Throughout this book we will refer to chemicals and processes by their common 
names and by chemical symbols. We believe that it is essential for chemical engineers to 
be literate in all the designations used by organic chemists and by customers. One of the 
important skills of a successful engineer is the ability to deal with colleagues in their own 
language, rather than being confined to one set of units and notation. Examples of names 
and symbols are butylenes versus butenes, and styrene versus phenylethene. (What is the 
common name of polymerized chloroethene? Answer: PVC.) Students unfamiliar with 
particular notations may want to review them from organic chemistry texts. The material 
in those courses really is important, in spite of what you probably thought when you were 
taking them.] 

The above reactions all have one reactant and one product, and we write them as 



However, the reactions of butylenes will all proceed among each other and are described 
as reversible; so there are 12 reactions among the four butylenes. 
We write each of these as 

A^±B 
signifying that the process involves both A — >■ 6 and B — >■ A . We can write the complete set 
of butylene isomerization reactions as shown in Figure 2-1. Since each of these molecules 
can isomerize to all the others, this is a set of 12 chemical 
Next consider the formation of nitric oxide from air 

N 2 + -0 2 -> NO 
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Figure 2-1 The 12 reactions among 4 



n ^ 



This is an extremely important reaction to which we will refer throughout this book. It is 
responsible for all NO, formation in the atmosphere (the brown color of the air over large 
cities) as well as nitric acid and acid rain. This reaction only occurs in high-temperature 
combustion processes and in lightning bolts, and it occurs in automobile engines by free- 
radical chain reaction steps, which will be the subject of Chapter 10. It is removed from 
the automobile exhaust in the automotive catalytic converter, which will be considered in 
Chapter 7. 



N 2 + 2 -* 2NO 



We could generalize fhese 



with A = N 2 , B = 2 , and C = NO. The coefficients of fhe chemical symbols in a reaction 
are termed stoic&mefric coejficients, and it is evident that one can multiph/ all of fhem by 
a constant and still preserve mass conservation. 

We need to distinguish between stoichiomefric coefficients of reactants and products. 
For this we move all terms to fhe left wifh appropriate signs, so fhat fhe preceding reacfion 
becomes 

-A-B+2C = 
Further. since the alphabet is limitcd. wc will increasc our capacitv for naming chcmicals 
by naming a species j as Aj, so fhat fhis reaction is 

- A\ - A 2 + 2A 3 = 
with A\ = N 2 , A 2 = 2 , and A 3 = NO. In fhis notation the generalized single 
becomes 
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The quantity Vj is the stoichiometric coefficient of species j, and by convention Vj < for 
a reactant and Vj > for a product. 

All reactions must satisfy mass conservation. The reaction A ~ ► B must be an 
isomerization reaction because the molecular weights of A and B must be identical. Also, 
one should add to these relations the requirements that the number of atoms of each element 
must be conserved, but this is usually intuitively obvious for most reaction systems. We do 
this whenever we balance a chemical equation. 



High-fructose corn syrup 

There is at least one important reversible isomerization reaction in chemical engineering, the 
conversion of glucose into fructose. All soft drinks are essentially sugar water with a small 
amount of flavoring added (usually synthetic), and you like to drink them basicalh/ because 
they taste sweet. The natural sugar in sugar cane and sugar beets is basically sucrose, a 
disaccharide consisting of one molecule of glucose and one molecule of fructose. Plants 
form these molecules as food reserves for themselves, and we harvest the plants and extract 
sucrose in water solution from them. We have bred strains of cane and beets that produce 
much more sucrose than they would by natural selection. 

Sucrose is rapidly dissociated into glucose and fructose by the enzymes in your mouth 
and in your stomach, and your taste receptors sense sweetness. A problem (for Coca Cola) 
is that fructose tastes five times as sweet as glucose; so 40% of the sucrose they purchase 
is wasted compared to pure fructose. A problem for you is that both sugars have the same 
calories, and the soft drink companies want to advertise lower calories for an acceptable 
sweetness. 

Within the past 20 years chemical engineers figured out how to run the reaction to 
convert glucose into fructose 

glucose ^t fructose 
which when drawn out looks as shown in Figure 2-2. 

H o Figure 2-2 Isomerization reaction that converts 

"^ _ v pii _,, gluCOSĈ intO fructose. An enzyme causes this reac- 

Y CHgUrl tion to ran selectiveh/ near room temperature. This 

u i nu n — n pTOCeSS, the largest bioproceSS in the chemical indus- 

rl ~^ — UM G — U try, makes high-fructose com symp for the beverage 

HO-A-H *► HO-C-H mduStry 

H - A - O H ^ H-C-OH 

I 
H-C-OH H-A-OH 

I 



CH 2 OH 
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The equilibrium in this isomerization reaction is 58% fructose and 42% glucose. An enzyme 
was discovered called glucose isomerase, which isomerizes the molecule by exchanging 
the end aldehvde group with the neighboring OH group to convert glucose into fructose. 
This enzyme cannot isomerize any other bonds in these molecules. This is fortunate because 
only this isomer tastes sweet and is digestible, so no manmade catalysts could hope to be 
successful in this process. 

The high-fructose com syrup (HFCS) industry produces -10 million tons of fructose 
from glucose annually (how many pounds do you purchase per year?), and this is the major 
industrial bioengineering processes today, at least in volume. 

This process could not work without finding an effective and cheap way to run this 
biological reaction and to separate fructose from glucose (sucrose contains 50% glucose). 
These were accomplished by finding improved strains of the enzvme, by finding ways to 
immobilize and stabilize the enzyme on solid beads to keep them in the reactor, and by 
finding adsorbents to separate fructose from glucose. 

These are accomplished in large fermenters in chemical plants, mostly in the Midwest. 
The cheapest feedstock is starch rather than sugar (other enzymes convert starch to glucose), 
and com from the Midwest is the cheapest source of starch. 

Artificial sweeteners have also been developed to give the taste of sweetness without 
the calories. These chemicals have sweetness many times that of sugar; so they sell for high 
prices as low-calorie sweeteners. Many artificial flavors have also been developed to replace 
natural biological flavors. In all cases we search for processes that convert inexpensive raw 
materials into chemicals that taste or smell like natural chemicals, either by producing the 
same chemical synthetically or by producing a different chemical that can replace the natural 
chemical. 

In this book we will consider mostly the simpler chemical reaction processes in the 
petroleum and commodity chemicals industries because they are more "central" to chemical 
engineering. However, the same principles and strategies apply in the pharmaceutical and 
food industries, and students may need these principles for these or other appMcations later 
in their careers. 



MULTIPLE REACTIONS 






Every chemical process of practical interest, such as the isomerization of butyle 
previously, forms several products (some undesired) and involves multiple 
Consider next the reaction system 

N 2 + 2 -* 2NO 

2NO + 2 -> 2N0 2 
In NO, smog formation (NO, is a mixfure of NO, N 2 0, N0 2 , N 2 4 , and N 2 5 ) the NO is 
produced by reaction of N 2 and 2 at fhe high temperafures of combustion in automobiles 
and fossil fuel power plants, and N0 2 and fhe other NO, species are produced by subsequent 
low-temperature oxidation of NO in air. NO is colorless, but N0 2 absorbs visible radiation 
and produces brown haze. We write these reactions as a set of two reactions among four 
specics. 

- Ai - A 2 + 2A 3 =0 

- 2A 3 - A 2 + 2A 4 = 
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where Aj is N2, A2 is O2, etc. This is a simplification of all the possible reactions involving 
N and atoms, since we have not included stable molecules such as N2O, N2O2, NO3, 
andN 2 05. 

We can generalize this notation to any set 



as a set of R reactions among S species, with j (= 1 to S) the index of chemical species 
and i(= 1 to R) the index of the reaction. Thus we call v,y the stoichiometric coefficient 
of species j in reaction i. We will use this standard notation throughout this book, and we 
suggest that you always give the is and js these meanings and never reverse them. 



REACTION RATES 



We next need to describe the rates of transformations of chemical species among each 
other. For this we use the svmbol r for a single reaction and r, for the ith reaction in a 
multiple reaction system. Reaction rates are basically empirical expressions that describe 
the dependence of the rate of transformation on the parameters in the system. 

Rate of a single irreversible reaction 

It is found by experiment that rates almost always have power-law dependences on the 
densities (such as concentration, density on a surface, or partial pressure) of chemical 
species. For example, our first example of the homogeneous reaction of cyclopropane to 
propylene exhibits a rate of decomposition that can be written as 

r = k [cyclopropane] 

while the homogeneous NO2 formation from NO and oxygen has a rate 

r = £[NO] 2 [0 2 ] 
In these expressions we write the rate as a positive quantity, designated by lower-case r, 
with dimensions of amount converted per unit volume per unit time. 

We usually use the number of gram moles N,- of species j in a reactor of volume V to 
describe the amount of that species. For density we will usually use concentration (moles 
per volume), 

which is usually expressed in moles per liter (one liter equals one cubic decimeter or dm 
in SI units). This unit is especially useful for densities of species in liquid solution, but we 
can also use it for gaseous and solid solutions. For symbols of concentration we use the 
following notations for species A 

Ca = M7 = [cyclopropanej 
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or for species j 

Cj = [Aj] 
In gases the most used quantity for the density of species j is the partial pressure Pj. 
This can be related to concentration and mole fraction yj through the relations 
Nj _ Nj 
yj ~ EN~j ~ *" 
and 

Pj- yj P = CjRT 

where P is the total pressure and N is the total number of moles in the system. In this ecjuation 
we assume ideal gases (PV = NRT) to relate partial pressure to concentration, while for 
nonideal gases (not considered here) we would need an equation of state to describe the 
density of each chemical species. 

For liquid solutions we could use 

N, 



where Xj is the mole fraction of species j in liquid solution. However, we will use only the 
concentration, Cj = Nj / V, throughout this text. 

For an irreversible reaction we can frequently describe the rate to a good approxima- 



r = kTl<? 



where rttj is the order of the reaction with respect to the jth species and the product extends 
over all species in the reaction with rtlj = for species that do not affect the rate of reaction. 
If the rate is proportional to the concentration of a species raised to a power (rrij), we say 
that this form of the rate expression is described by "power-law kinetics." This empirical 
function is frequently used to describe reaction rates, but it frequently is not accurate, 
especially with surface or enzyme-catalyzed reactions, which we will consider later. 

Several alternate definitions of the reaction rate are used in different texts. In our 
notation we will always write a chemical reaction as an equation and then define the rate 
of that reaction as the positive rate of change for that particular stoichiometry. Consider the 



2A -». B + 3C, r = k[Af 
In an alternate definition of reaction rates, one writes a rate as the rati 
f each species. In that notation one would define r A , rg, and Yq, with the definitions 

r K = -2k[A? = -2r 
r B = +k[A] 2 = r 
r c = +MA] 2 = +3r 
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These rates are the rates of production of species A, B, and C (r,- = V/r); so these rates are 
written as negative quantities for reactants and positive quantities for products. This notation 
quickly becomes cumbersome for complex reaction stoichiometry, and the notation is not 
directly usable for multiple reaction systems. 

We will consider the rate r as a single positive quantity describing the rate of a 
particular reaction. Note that the rate can now only be defined after we write the chemical 
reaction. In our two ways of writing the NO formation reaction previously, the rate would 
be smaller by a factor of two when the stoichiometric coefficients are multiplied by a factor 
of two. 



Rates of reversible reactions 



If the reaction is reversible, we frequently find that we can write the rate as a difference 
between the rate of the fonvard reaction r f and the reverse (or back) reaction r^, 



= r { -r h =k f nc; fi ~hnc; b 



where m f j and m\,j are the orders of the fonvard and reverse (or back) reactions with respect 
to thejth species, and k{ and k h are the rate coefficient of the forward and reverse reactions. 

Rates of multiple reactions 

We also need to describe the rates of multiple-reaction systems. We do this in the same way 
as for single reactions with each of the i reactions in the set of R reactions being described 
by a rate r,, rate coefficient k ly order of the fonvard reaction nifjj with respect to species j, 



We repeat that the procedure we follow is first to write the reaction steps with a 
consistent stoichiometry and then to express the rate of each reaction to be consistent with 
that stoichiometry. Thus, if we wrote a reaction step by multiplying each stoichiometric 
coefficient by two, the rate of that reaction would be smaller by a factor of two, and if we 
wrote the reaction as its reverse, the fonvard and reverse rates would be switched. 

For a multiple-reaction system with reversible reactions, we can describe each of the 
R reactions through a reaction rate r,-, 



•. = r fI -r b , = * fJ .nc ,j -vn c r 



) those used for single reactions. 
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APPROXIMATE REACTIONS 

Consider the hydrolysis or saponification of an ester (ethyl acetate) into an alcohol (ethanol) 
and an acid (acetic acid), 

CH3COOC2H5 + H 2 ^ CH3COOH + C2H5OH 

This reaction and its reverse take place readily in basic aqueous solution. We write this 

A + B^iC + D 

Next consider the addition of water to an olefm to form an alcohol, 

RCH = CH 2 + H 2 <± /?CH 2 CH 2 OH 

which can be written as 

A + B^tC 
In many situations we carry out these reactions in dilute aqueous solutions, where 
there is a large excess of water. The concentration of pure liquid water is 55 moles/liter, 
and the concentration of water in liquid aqueous solutions is nearly constant even when 
the above solutes are added up to fairly high concentrations. The rates of these fonvard 
reactions are 

r = £[CH 3 C00C 2 H 5 ][H 2 0] 



r = k[RCH = CH 2 ][H 2 0] 

respectively. However, since the change of the concentration of water [H 2 0] is usually 
immeasurably small whenever water is a solvent, we may simplify these reactions as 

CH3COOC2H5 -> CH3COOH + C2H5OH, r = £[CH 3 C00C 2 H 5 ] 

and 

RCH = CH 2 -» /?CH 2 CH 2 OH, r = k[RCK = CH 2 ] 
These reactions do not satisfy total mass conservation because the mole of water is omitted 
as a reactant. We have also redefined a new rate coefficient as k = &[H 2 0] by grouping the 
nearly constant [H 2 0] with k. After grouping the concentration of the solvent [H 2 0] into 
the rate coefficient, we say that we have a pseudo-first-order rate expression. 

It is fairly common to write reactions in this fashion omitting H 2 from the clicmical 
equation and the rate; so these reactions become of the type 

A4 C + D, r = kC A 

and 

A -> C, r = kC A 

respectively. Thus, besides isomerization, there are in fact a number of reactions that we 
write approximately as A — >■ B or A -» products; so our use of these simple rate expressions 
is in fact appropriate for a large number of reaction systems. 
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Reaction rate expressions are always empirical, which means that we use whatever 
expression gives an accurate enough description of the problem at hand. No reactions are as 
simple as these expressions predict if we need them to be correct to many decimal places. 
Further, all reaction systems in fact involve multiple reactions, and there is no such thing 
as a truly irreversible reaction if we could measure all species to sufficient accuracy. If we 
need a product with impurities at the parts per billion (ppb) level, then all reactions are in 
fact reversible and involve many reactions. 

Chemical engineers get paid to make whatever approximations are reasonable to find 
answers at the level of sophistication required for the problem at hand. If this were easy, 
our salaries would be lower. 



RATE COEFFICIENT5 



We next consider the ks in the above expressions. We will generally call these the r 
coefficients (the coefficient of the concentration dependences in r). They i 
called rate constants; they are independent of concentrations, but rate coefficients are almost 
always strong functions of temperature. 

It is found empirically that these coefficients frequently depend on temperature as 



k(T) -- 



where E is called the activation energv for the reaction and k is called (unimaginatively) 
the pre-exponential factor. 

This relation is credited to Svante Arrhenius and is called the Arrhenius temperature 
dependence. Arrhenius was mainly concerned with thermodynamics and chemical equilib- 
rium. Some time later Michael Polanyi and Eugene Wigner showed that simple molecular 
arguments lead to this temperature dependence, and this form of the rate is frequently called 
the Polanyi-Wigner relation. They described chemical reactions as the process of crossing 
a potential energy surface between reactants and products (see Figure 2-3), where Ef and 




reaction coordinate ■ 

Figure Z-3 Plot of energy of reactants and 
The activation energv for the forward reactii 
AHR = Ef-E h . The curve at the left is for i 
is ior an exothermic reaction (£f < £(,). 




reaction coordinate 



and the heat of the 1 
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E\, are the energy barriers for fonvard and reverse reactions, A Hr is the heat of the reaction 
to be discussed later, and the horizontal scale is called the reaction coordinate, an ill-defined 
distance that molecules must travel in converting betvveen reactants and products. Polanyi 
and Wigner first showed from statistical mechanics that the rates should be described by 
expressions of the form as given in the boxed equation by a Boltzmann factor, exp( —EjR T), 
which is the probability of crossing a potenfial energy barrier between reactant and product 
molecules. In fact, it is very rare ever to find reaction-rate coefficients that are not described 
with fair accuracy by expressions of this form. 

This functional form of k(T) predicts a very strong dependence of reaction rates on 
temperature, and this fact is central in describing the complexities of chemical r 
we will see throughout this book. 



Example 2-1 How much does a reaction rate with an activation energy of 15,000 cal/mole 
vary when the temperature is increased from 300 to 3 10 K? From 300 to 400 K? 

The ratio of the rate of this reaction at 3 10 K to fhat at 300 K, 

£310 _ e- E ' RTl exp[-15, 000/(2x3 10)] 

k m ~ e~ E ' RT 2 exp[-15, 000/(2 x 300)] ~ 
(We use the approximation of R — 2 cal/mole K). Between 300 and 400 K this 
ratio is very large, 

^oo g" £/fir ' _ exp[-15, 000/(2x400)] _ 

k m e - E l RT * exp[-15, 000/(2 x 300)] 
This shows fhat for fhis activation energy an increase of temperature by 10 K 
approximately doubles the rate and an increase of 100 K increases it by more than 
a factor of 500. 



This example shows why fhe temperature is so important in chemical reactions. For 
many nonreacting situations a 10 K increase in T is insignificant, but for our example it 
would decrease by a factor of two the size of the reactor required for a given conversion. A 
decrease in the temperature by 100 K would change the rate so much that it would appear to 
be zero, and an increase by this amount would make the rate so fast that the process would 
be difficult or impossible to handle. 

Let us consider finally the units of k. Basically, we choose units to make the rate (in 
moles liter-t time-i) dimensionally correct. For r = kC\, k has units of liter 11- ' mole 1- " 
time -1 , which gives £(time _1 ) for n = 1 and &(liters/mole time) for n = 2. The units of k 
a orders of reactions are shown in Table 2-1, 



ELEMENTARY REACTiONS 



We emphasize again that rate expressions are basically empirical representations of the 
dependence of rates of reaction on concentrations and temperature, r(C, / T). From the 
preceding examples and from intuition one can guess the order of a reaction from its 
stoichiometry. The fonvard rates appear to be proportional to the concentrations of reactant 
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TABLE 2-1 

Units of Reaction-Rate Coefficients 



moles liter-1 time ' 
litermole-Uime -1 
liter^mole-^time" 1 
mole - 5 liter-o.5 time -1 
(liter/mole^-^time- 1 



raised to powers rrifj equal to their stoichiometric coefficients, while the backward rates 
appear to be proportional to the concentrations of products raised to the powers my,j of their 
stoichiometric coefficients, or, more formally, 

m\j = -Vj, vi < 

m tj = 0, vi > 

m bj = Vj, vi > 

m h j = 0, vi < 

This set of relations between reaction orders and stoichiometric coefficients defines what 
we call an elementarj reaction, one whose kinetics are consistent with stoichiometry. We 
later will consider another restriction on an elementary reaction that is frequently used by 
chemists, namely, that the reaction as written also describes the mechanism by which the 
process occurs. We will describe complex reactions as a sequence of elementary steps by 
which we will mean that the molecular collisions among reactant molecules cause chemical 
transformations to occur in a single step at the molecular level. 

We note again that there is an arbitrariness in writing a reaction because all these 
Vt coefficients can be multiplied by a constant without changing the nature of the reaction 
or violating mass conservation. Thus, for NO decomposition, written previously as two 
different reaction equations, we would be tempted to write either T = A:[NO]^ 2 or 
r = ^[NO] 1 . However, one of these must be incorrect, and in some situations neither 
equation correcth/ describes the experimentally observed rates. Only in some simple 
situations are reactions described by elementary kinetics. 

On a molecular level, reactions occur by collisions between molecules, and the rate 
is usually proportional to the density of each reacting molecule. We will retum to the 
subject of reaction mechanisms and elementary reactions in Chapter 4. Here we define 
elementary reactions more simply and loosely as reactions whose kinetics "agree with' 
their stoichiometry. This relationship between stoichiometry and kinetics i: 
called the La\\ o) Ma .'. \< tion ilthough it is by no means a fundamental law oi 
it is frequently invalid. 



STDICHIOMETRY 



Molecules are lost and 
of species are related. In 
molecular species Nj ars 



)rmed by reaction, 


and mass 


conservation requires that amou 


closed (batch) systt 
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related by reaction 


stoichiorr 
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For our NO decomposition example NO — ± iN2 + ^O^, from an atom balance we 
see that 

— /Vno + No, = constant 
while an N atom balance gives 

- A^no + Nn 2 = constant 
and subtracting these, we obtain 

% " N 02 = constant 
in a closed system. The stoichiometry of the molecules requires that the moles of these 
species are related by these relations. 

Subtracting the initial values (subscript o), we obtain relations such as 

N m - ^no = 2JV N20 2N Ni 

AN m = -2AAT N2 
In general, for any single reaction we can write 



Nj - N j0 



and we can write 5—1 independent combinations of these relations among S chemical 
species in a reaction to relate the change in number of moles of all species to each other. 

There is therefore always a single composition variable that describes the relationship 
among all species in a single reaction. In the preceding equation we defined x as me relation 
between the Nj S, 

Nj = N j0 + v jX 
and we will call the quantity x me number of moles extent. 

For simple problems we most commonly use one of the reactants as the concentration 
variable to work with and label that species A to use Ca as me variable representing 
composition changes during reaction. We also make the stoichiometric coefficient of that 
species v^ equal to — 1. 

Another way of lepresenhng a single reaction is fractk i l i onversion X, a dimen- 
sionless quantity going from with no reaction to 1 when reaction is complete. We define 
X through the relation 

N A = N Ao (\ - X) 

To make < X < 1 we also have to choose species A as the limiting reactant so that this 
reactant disappears and X approaches unity when the reaction is complete. We can then 
defrne all species through the relation 
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Recall our NO decomposition example, NO — >• iN^ + 5O2. Starting with N^q = 
^NOo initiallj?, and all other species absent, we can relate moles of all species through the 
rclation 

N m = N NOo (l-X) 

JV N2 = \ N mo X + N Nl0 

N 0l = \N NOo X + N 020 
For multiple reactions we need-a variable to describe each reaction. Further, we cannot 
in general find a single key reactant to call species A in the definition of X. However, it is 
straightfonvard to use the number of moles extent ^,- for each of the R reactions. Thus we 
can define the change in the number of moles of species j through the relation 



Nĵ = N ĵ0 + Y,VijXi 



can always find a single concentration variable that describes the 
change in all species for a single reaction, and for R simultaneous reactions there must 
be R independent variables to describe concentration changes. For a single reaction, this 
problem is simple (use either C& or X), but for a multiple-reaction system one must set up 
the notation quite carefuUy in terms of a suitabb/ chosen set of R concentrations or /, s. 



REAC710N RATES NEAR EQUIUBRIUM 

In thermodynamics we leamed how to describe the composition of molecules in chemical 
equilibrium. For the generalized single reaction 

g VjAj = 

it can be shown that the free energy change in a system of chemically interacting species is 
related to the chemical potentials ĵij of each species through the relationship 

AG = j: Vj Gj=j: v J^ 

where Gj is the Gibbs free energy per mole of species j and AG is the Gibbs free energy 
change per mole in the reaction. We call fij = Gj (actually 3G/3 A^, the partial molar free 
energy) the chemical potential of species j . The chemical potential of species j is related 
to its chemical potential in the standard state (the state in which the activity a- } of species j 
is unity) by the relation 

fij = fi° + RTlnaj 
At chemical equilibrium at constant temperature and pressure the Gibbs free energy 
of the system is a rninimum and AG = 0. Therefore, we have 



Reaction Rates Near Equilibrium 35 



£ VjHj = = £ vjn] + £ vjRT Inaj 



at chemical equilibrium. In this expression a-, is the activity of species j, which is 
of the amount of a species defined such that a, = 1 in the standard state where /x, = ^,9. 
For gases the standard state is usuallv defined as the ideal-gas state at 1 bar (1 bar=1.023 
atm), while for liquids it may be either the pure material or the material in a solution at a 
concentration of unity. The definitions of standard state and activity are somewhat arbitrary, 
but they are uniquely related by the defmition of unit activity in the standard state. Once 
the standard state is defined, the situation is well defined. 

Next, dividing the preceding equation by RT and taking exponentials on both sides, 
we obtain 



/ VfLL°\ R „ 



Since we define £ v j^° = AGn, the Gibbs free energy change of the reaction in the 
standard state, we obtain 

R v ( AG°\ v 

where K eq is the equilibrium constant as defined by this equation. [We note in passing 
that tbis notation is misleading in that the "equilibrium constant" is constant only for 
fixed temperature, and it usually varies strongly with temperature. To be consistent with 
our definition of the "rate coefficient," we should use "equilibrium coefficient" for the 
equilibrium constant, but the former designation has become the accepted one.] 

We define the standard state of a liquid as cij = 1 and for gases as an ideal gas pressure 
of 1 bar, Pj = 1. For ideal liquid solutions (activity coefficients of unity), we write clj = Cf, 
so at chemical equilibrium 



* eq 


= exp(- 


RT ) 


R 

1 




K eq 


= exp (- 


AG°\_ 
RT ) 


R 



where the difference between these K eq S is that they are defined from /a 7 s at Cj = 1 and 
Pj = 1, respectively. In these expressions A" eq is dimensionless, while Pj has dimensions; 
this equation is still correct because we implicidy write each partial pressure as Pj j 1 and 
Cj I 1, which are dimensionless. 
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We can now return to our reaction system and examine the situation near chemical 
equilibrium. For a reversible reaction we have 

because the rate is zero at chemical equilibrium. Rearranging this equation, we obtain 

fr _ Uj C 



Since we just noted that 



■ihtr^' 



^ q =ex P f-^) = nc; 



RT 

i immediately identify terms in these equatio 

K - k 

K * q -T b 



and 



vj = m bj - m f j 

at equilibrium. There is an apparent problem in the preceding equations in that Km is di- 
mensionless, while kf and k b can have different dimensions if the orders of fonvard and back 
reactions are not identical. However, as noted, we implicitly divide all concentrations by 
the standard state values of 1 mole/liter, so that all these expressions become dimensionless. 
From the preceding equations it can be seen that the rate coefficients and the equilib- 
rium constant are related. Recall from thermodynamics that 

AG° R = AH, T AS° 
where AH R is the standard state enthalpy change and AS R is the standard state entropy 
change in the reaction. Both AH R and AS R are only weakly dependent on temperature. We 
can therefore write 

K eq = exp(-AG° R /RT)= exp(A$/fl) exp(-A H°/RT) 

k = ^cxp[-(E { -E b /RT] 
k b k ho 

Therefore, we can identify 

Ef- E b = AH; 

^ = exp(AS£/tf) 

[While AGfi and AG R can have very different values, depending on T and P, AHr and 
A H R are frequently nearly independent of T and P, and we will use AHr from now on to 
designate the heat of a reaction in any state. We will therefore frequendy omit the superscript 
oonAH R .] 

These relationships require that reactions be elementary, and it is always true that 
near equilibrium all reactions obey elementary kinetics. However, we caution once again 
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that in general kinetics are empirically determined. These arguments show that near 
equi]ibrium the kinetics of reactions must be consistent with thermodynamic equilibrium 
requirements. 

Note also that the description of a reaction as irreversible simply means that the 
equilibrium constant is so large that ff » f\y. The notion of an irreversible reaction is an 
operational one, assuming that the reverse reaction is sufficienth/ small compared to the 
fonvard reaction so that it can be neglected. It is frequently a good approximation to assume 
a reaction to be irreversible when AG^ <^ 0. 

Returning to the energy diagrams of the previous figure, we see that the difference 
between Ef and £ b is the energy difference between reactants and products, which is the 
heat of the reaction A Hr. The heat of reaction is given by the relation 

Aff* = EjVjHj 
where Hj is the heat of formation of species j. We necessarih/ described the energy scale 
rather looseh/, but it can be identified with the enthalpy difference A Hr in a reaction system 
at constant pressure, an expression similar to that derived from classical thermodynamics. 

These relations can be used to estimate rate parameters for a back reaction in 
a reversible reaction if we know the rate parameters of the fonvard reaction and the 
equilibrium properties AG^ and AHg. 

We emphasize several cautions about the relationships between kinetics and thermo- 
dvnamic equilibrium. First, the relations given apply only for a reaction that is close to 
equilibrium, and what is "close" is not always easy to specify. A second caufion is that 
kinetics describes the rate with which a reaction approaches thermodynamic equilibrium, 
and this rate cannot be predicted from its deviation from the equilibrium composition. 

A fundamental principle of reaction engineering is that we may be able to find a 
suitable catalyst that will accelerate a desired reaction while leaving others unchanged or 
an inhibitor that will slow reaction rates. We note fhe following important points about the 
relations between thermodynamics and kinetics: 

1. Thermodynamic equilibrium requires that we cannot go from one side of the equilibrium 
composition to the other in a single process. 

2. Kinetics predicts the rates of reactions and which reactions will go rapidh/ or slowly 
towards equilibrium. 

One never should try to make a process violate fhe Second Law of Thermodynamics, but 
one should never assume that AG^ alone predicts what will happen in a chemical reactor. 



REACTDR MASS BAIANCES 



We need reaction-rate expressions to insert into species mass-balance equations for a 
parficular reactor. These are fhe equations from which we can obtain compositions and 
ofher quantities fhat we need to describe a chemical process. In introductory chemistry 
courses students are introduced to first-order irreversible reactions in fhe batch reac- 
tor, and fhe impression is sometimes left that fhis is the only mass balance that is im- 
portant in chemical reactions. In pracfical situations the mass balance becomes more 
complicated. 
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We will write all reactor mass and heat balances a 



: flow in — flow out + generat 



an expression we will see many times in mass 
We remark before proceeding that equati< 



and energ} 
ns such a 



balances throughout this book. 



and its integrated form 



arise from a very special situation requiring both a 
and a constant-volimic isotlieniuil hatch reactor. 
we will use it frequently as a comparison with mon 



lingle first-order irreversible reaction 
his example is almost trivial, although 
ig and accurate examples. The 



assumption of first-order kinetics is a simp 
point before more elaborate calculations. 

We note before proceeding that we 
equations. We strongly encourage the studt 
defining relations. We stress that you should be able t 
definitions as needed. This is because (1) only by being 
the principles of the subject: and (2) we need to make 
remembering the wrong equation is disastrous. 



guess for kinetics and a good starting 

)rmulate and solve many mass-balance 

to memorize anything except the basic 

3 derive every equation from these 

able to do this will you understand 

many different approximations, and 



THE BATCH REACTOR 



A batch reactor is defined as a closed spatially uniform system which has concentration 
parameters that are specified at time zero. It might look as illustrated in Figure 2-4. This 
requires that the system either be stirred rapidly (the propeller in Fig. 24) or started out 
spatially uniform so that stirring is not necessary. Composition and temperature are therefore 
independent of position in the reactor, so that the number of moles of species j in the system 
Nj is a function of time alone, Since the system is closed (no flow in or out), we can write 
simply that the change in the total number of moles of species j in the reactor is equal to the 
stoichiometric coefficient Vj multiplied by the rate multiplied by the volume of the reactor, 
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[accumulation] = [generation by reaction] 



dNj 



V Vj r 



dNj 
dt 



Vj> 



for multiph 
over the entire 
multipl( 



Thcse are simplc integml inass balances on species j integrated 
>r of volume V in a closed batch reactor for a single reaction and for 
respectively. 

is simply the reactor volume V 



The number of moles of species j in a batch 

Nj = VCj 
so the above equation becomes 

dt dt J dt } >' 

If the reactor is at constant volume, then we can divide each term by V to yield 



' = VjriCj) 



which is usually thought of as the "mass balance for a sing 
although it is only valid if the volume of the reactor does r 



: change, as we will discuss 



The first-order irreversible reaction 

Let us immediately apply this equation to the first-order irreversible reaction 

A -> B, r=kC A 
The mass-balance equation on species A in a constant-density batch reactor is 

■■ v A r = -kC A 



dC A 



dt 

since V A = 1. We need an initial condition to solve a frrst-order differential equation, 
and for this system we assume that the reactor is charged initially with reactant A to give 
C A = C Ao at t = 0. The variables can be separated 
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and integrated from C A = Cao at / = to C\ 



L c * L 



, Ca — CkaC 



The above two simple equations are those you will use most often in 

The solution of C A (t) for the frrst-order irreversible reaction 

2-5. For a first-order irreversible reaction C A decreases from Cao al 

t = 1/k and to C Ao /e 2 at t — 2/k. For these kinetics doubling the r 

1 by a factor of 10. 



; plotted in Figur 
' = to C Ao /e a 



Example 2-2 The reacti. 
time is required for 90% 
99.9%? 



0.01 sec _1 .For C Ao 
volume batch r 



= 2.0 moles/liter, what 
ictor? For 99%? For 



Simple applic; 



1 of the preceding equatioi 



(c„ ■■ 



= 100 x 2.303 = 230 sec 



For 99% conversion (C A — 0.02), we obtain 

/ = In 100 = 100 x 2 x 2.303 = 460 sec 

0.01 
For 99.9% conversion (C A = 0.002), we obtain 

t = ~- ln 1000 = 100 x 3 x 2.303 = 690 sec 

These problems are easy! Note that the reactor residence time (proportional to 
reactor size) increases markedly as the required conversion increases. Note also 
that for this example (frrst-order kinetics) we did not need even to specify C Ao 
because the equation involves only the ratio C Ao /Ca- 



We can use this solution for any first-order irreversible r 
A -4- products, r = kC A 
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C Ao 




for the first-order irreversible re 



where "products" could be B, 2B, B/2, B + C, or any other combination of product species. 
This is valid as long as the densitv of the fluid does not change significantlv with composition, 
and this is a good approximation whenever the fiuid is a liquid or a gas in which the volume 
is kept constant as the pressure changes so that there is a negligible change in number of 
moles as the reaction proceeds. 



Second-order irreversible reaction 

For second-order kinetics 

A ->• products, r = kC\ 



we obtain 



and separate variables to yield 



dC A 



--kCi 



With Ca = Cao at f = 0, this equation can be integrated to give 



KĴt 



.1(1— L 

k \Ca C Ao 



After rearranging and solving for CaU), the expression becomes 
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We could also write the above reaction as 

2A -±2B, r = kC\ 
which looks like the standard form we suggested with m A = —Va- However, these are 
exactly the same reactions except by the latter definition the rate coefficient k in this 
expression is ^ of that above because v A = -2. This emphasizes that all stoichiometric 
coefficients can be multiplied or divided by an arbitrary constant, but the rate expression 
t with the stoichiometry chosen. The reaction and the corresponding rate 
we recommend that one always write them out together as 



Example2-3 The reaction A — >• B obeys second-order kinetics with k = 0.01 liter 
mole-1 sec -1 . The initial concentration is C Ao = 2 moles/Uter. What time is required for 
90% conversion in a batch reactor? For 99%? For 99.9%? 



= 100 x (5 - 0.5) 



Application of the equation yields 

k\C A C Ao ) 0.01 \0.2 
= 450 sec = 7.5 min 
for 90% conversion, 

t = — ( — - - 1 = 100(50 - 0.5) = 4950 sec = 1.38 h 
0.01 VO-02 2) 
for 99% conversion, and 

1 = m (0J02 - \) = 100(50 ° - 05) = 49 ' 950 sec ^ 139 h 

for 99.9% conversion. Once we have an equation for the solution, we can frequently 
solve the problem even without a hand calculator. 



The nth-order irreversible reaction 

For the nth-order irreversible reaction 

A — > products, r = kC\ 

we obtain 

d S± = -kC A 
dt 
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We now separate the equation 


to yield 




C~ n dC A = -kdt 


This can be integrated 






( C~ n dC A = - f ' kdt 

c Aa o 






to obtain , 




w, 




i_(cr +, - c >" +1 )--* f 


" 


i + i 




C,(t) 


= C Ao [l +(n - l)jfcC£ 1 f] l/(, ~' ,) 



This equation is valid for any irreversible reaction of order n, but it cannot be used for n = 1 
because the expression becomes indeterminate. 

The concentrations of species A can be plotted for an irreversible nth-order reaction 
versus a dimensionless time scale C n A kt (is this dimensionless?) as shown in Figure 2-6. 



Low-order and negative-order reactions 

The situation for n < 1 can be handled by this expression, but it requires modification at 
high conversions. For n = 0, the mass-balance equation is 

dt 
which when integrated from C Ao at / = yields 

Ca = C Ao kt 



e 2-6 Plot of rea 
ue (n X)kC n A ~ l 



l C A versus dimension- 
f for the nth-order irreversible reactions A — ► 
\prcssion is indelerminate lor «—1, 




CXok (n-D t 



A 
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However, C A = at t = C Ao /k and the concentration becomes negative for longer times. 
Therefore, this expression must be modified to become 

Ca =C Ao -kt, t<C Ao /k 
C A = 0, t> C Ao /k 

Similar expressions must be used for any orders zero or fewer because reactant concentra- 
tions go to zero at finite time and can never be ncgaiive. 

In fact, any kinetics of this type must be an approximation of a more complicated rate 
expression. We will show later that catalytic reactions frequently obey expressions such as 

kKC A 

A — > products, r = 

1 + KC A 

where k and K are temperature-dependent coefficients. In fact, K is an adsorption- 
desorption equilibrium constant, as we will consider in Chapter 7. Note that whenever 
KC A » 1, this expression becomes r ss k, to give zeroth-order kinetics. However, as 
C A — V 0, the rate becomes approximately 

r * kKC A 
and the reaction approaches frrst-order kinetics so that the solution for C A (t) in a batch 
reactor varies smoothh/ for all times. 
Similarh/ the reaction 

A ^ pr ° dUCtS ' r =(l + KC A ? 

obeys negative-order kinetics, 

k 
r ~KC~ A 

if KCa^ 1' but again approaches first-order kinetics, 

r = kKC A 

We will encounter similar rate expressions of this type when we consider surface 
or enzyme-catalyzed reactions in Chapter 7. These rate expressions are called Langmtlir- 
Hinshelwood and Michaelis-Menten kinetics, respectively. 

These rates versus time would be plotted as shown in Figure 2-7. 

Bimolecular reactions 

Consider next a bimolecular reaction 

A + B ->■ 3C, r= kC A C B 
The mass balance on A is 

which cannot be solved without eliminating Cb , We showed previously that the number of 
moles of all species in a batch reactor are related by the relation 
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Figure 2-7 Plots of C A versus t f< 
rt = 0,ĵ,and l.Thekineticsforall 
order as the reactant con 
with equilibrium requirements. 
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v j 
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for a constant-density system. Therefore, for this reaction the loss in A is equal to the l 
in B, which is equal to | the gain in C, or in symbols 

Ca - Cao = Cb- C Bo = t(Cco - Cc) 
Therefore, we can immediately solve for the concentration of B, 

Cb = Cbo — Cao + Ca 
Substitution of Cg in terms of Ca yields 

-kdt 



dC A 



Ca(Cbo — Cao + Ca) 
If Cao = Cbo at f = 0, then Ca = Cg at all times, and this expression is identical to the 
expression for a second-order reaction 

dC A _ 



dt 
This equation can be integrated to yield 

C A (t) = 



-kCi 

C Ao 



1 + C Ao kt 

and we can find Cb (t) = C A (t) and Cc(t) by substitution of C A (t) into the preceding 
relations. 

We could also solve this equation in terms of the fractional conversion X by expressing 
both C A and C B in terms of X. We can write C A = C Ao ( 1 - X), which gives dC A = 
— Cao dX. If Cao = Cfi , then the mass balance becomes 
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-c Ao ^=-*c2=*ci (i-x) 2 

so that 

This equation can be integrated to give X(t) = kC Ao t/(l + kC Ao t) and substituted back 
into C A = C b = C Ao (1 - X) and C c = C Ao X to find C A (t), C,(t), and C B (t). However, 
for most simple reaction systems it is just as convenient (and there is less chance of a 
mathematical error) to work directly in concentration units. 

Reversible reactions 

The next more complex rate expression is the reversible reaction 

A*±B, r= k f C A - hC B 
If C A = C Ao and C B = at t = 0, we have 

? *£± = -/* = ., 

J k f C A -k b (C Ao -C A ) J 

1 

~+l 
Rearranging and solving for C A (t), we obtain 



«»-^(1-^(1 -«■**»>) 



We can proceed to examples of increasing complexity. For example, 
A <t 2B, r = k f C A - k h C 2 B 
can be written as a function of C A ^om from the relation C B = 2(Ca — C a ). Substitution 
gives the integral 



Ĵ hC A - 



dc A 



4k b (C Ao -C A ) 2 

<-Ao 

which must be solved by factoring the denominator of the integrand and solving by partial 
fractions. 



1 Example 24 Solve the preceding example by partial fractions to find C A » 

I You have seen partial fraction solutions to integral equations in math courses. We 

' will find many situations where rate equations can only be integrated by partial 

I fractions; so it is worth reviewing this procedure. The solutions are simple but they 

s require some algebraic manipulation. The integrand of the previous integral can 

1 be written as 
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ŭCa 

k f C A -4k b (C Ao -C A ) 2 - 



-Xi)(x — X2) = X - X\ * ~ X2 
where X\ and Xj are the roots of the polynomial k{ C A — k b (C Ao — C A ) 2 . This gives 



dC A 



J k f C A -Ak h (C Ao -C A y . 

_ C A -X\ C A - %2 



f dx r dx 



It is obvious from this example why we quickly lose interest in solving mass-balance 
equations when the kinetics become high order and reversible. However, for any single 
reaction the mass-balance equation is always separable and soluble as 




Since C A = C Ao (l — X), we can also write this in terms of the fractional conversion X, 



Since r(C A ) or r(X) is usually a polynomial in C A or X, one can solve this analytically 
for / (CA) or t(X) by factoring the denominator of the integrand and solving the resulting 
partial fractions for C A (t) or X(t). This can always be done, but the solution is frequently 
neither simple nor instructive. 

One can always solve these problems numerically for particular values of C Ao and 
k, and we will do this for many situations. However, it is still frequently desirable to 
have analytical expressions for C A (t) because we can then solve this expression by just 
substituting particular parameters into the equation. In any numerical solution one has to 
solve the differential equation again for each set of parameters. 

Another reason for searching for analytical solutions is that we can only solve numer- 
ically a problem that is well posed mathematically. We must program a valid mathematical 
expression of the problem on the computer or the answers may be nonsense. The need for 
proper descriptions of the equations, initial and boundary conditions, and stoichiometric 
relations among the variables is the same whether one is interested in an analytical or a 
numerical solution. 



VARIABLE DENSI7Y 






The previous examples are all simple problems to integrate for C A (t) or at least for t (Ca). 
We assumed that the density was constant (the volume in the equations). This would be 
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true in any batch reactor where the volume is held constant, but not in a constant-pressure 
reaction with gases if the number of moles changes with the reaction. 

Batch reactors are usuallv operated at constant volume because it is easy to construct 
a constant-volume closed container (as long as the pressure does not increase enough to 
burst the vessel). However, in fiow reactors the density frequently changes as the reaction 
proceeds, even though the reactor volume is constant, and we need to be able to handle this 
situation. 

For reactions such as A — > B and A + B — > 2C with ideal gases the density clearly 
does not change as the reaction proceeds if P and T remain constant. It is frequently also 
a good approximation with reactions among gases with changing numbers of moles if the 
reactants are diluted by an inert solvent. Constant density is also a good approximation 
for most liquid solutions because the density of a liquid solution usually does not change 
much as the reaction proceeds. As noted previously, the concentration of liquid water is 
-55 moles/liter, and in almost any aqueous reaction the reactant will be diluted by many 
moles of water per mole of reactants or products. 

An important situation in which we must be concemed with variable density is with 
notlideal gases or in which one of the reactants or products condenses or evaporates. For 
example, the hydration of ethylene 

C 2 H 4 + H 2 -> C2H5OH 
involves gases and liquids at tvpical temperatures and pressures. These systems can be very 
complex to describe because any gases are usually very far from ideal and because they 
involve both phase and reaction equilibrium considerations in addition to chemical reaction 
rates. We will not consider these complicated situations until Chapter 12. 

If the volume V of a batch reactor depends on conversion or time, then the derivations 
of all of the previous equations are incorrect. We could find V(Ca) and integrate the mass- 
balance equation as before, but it is usually more convenient to use a different variable such 
as the fractional conversion X. We finally write Ca = Na I V and then substitute for Na ( x ) 
and V(X) tofrnd C A (X). 

Consider the reaction 

A -> 35, r = kC A 

in a constant-pressure batch reactor. This is a situation with first-order kinetics but with 
3 moles of product formed for every mole of reactant decomposed. We assume that we 
start with Nao moles of pure A. If all species are ideal gases at constant pressure at 
initial volume V , then at completion the volume of the reactor will be 3V . When the 
reaction has proceeded to a conversion X, the number of moles of A and B are given by 
the relations 

Na = N Ao (\ - X) 
N B = 3N Ao X 
J^N= N Ao (l + 2X) 
and the volume V occupied by this number of moles will be 
v = V (l + 2X) 
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To solve the batch-reactor mass-balance equation, we write 

V V (l + 2X) = C Ao 1 + 2 x 
so that we have written C A as a function of X and constants. 

For this problem the equation dC A /dt = —kC A is not appropriate, and we must solve 
the equation 

dNi 1 - x 

^A = - Vk C A =V (l + 2X)kC AoiT ^ 

Since i/A^A = — N A o dX, this mass-balance equation on species ,4 can be converted to 

££- ,S1—X)(\_+2X). 
dt ^ K l+2x = Jfc(l~X) 

This equation can be separated to yield 

dX 

- = k d t 
1 - x 

and integrated from X = at t = to give 

f dX _1 j dX 
J r(X) ~ k I 1 - x 
*=0 Jf=0 

= -\ ln(l - X) 
This equafion can be solved for X(t), 

X(t) = l ~e~ kt 
Finally, substituting back into Ca(X), we obtain 

/ ) r l I x r, ĉ ~* ? -r ĉ ~*' 

''" = ^°r +" x ' - C4 ° 1 + 2(1- «-*') ~ CAo 3 - 2e-*' 
Next consider the preceding as an «th-order irreversible r 

A^mB, r = kC n A 
The mass balance is 

dt * 

or 

— = AC^d - X) n [\ + (m - 1)XP 
and this equation can be separated to yield 

* \ + (m~\)Xf- ] JV 



1 f [1 + (m 

C Ao' ■» (1 ■ 



This equation can be solved for t(X,) or ? (Ca) by partial fractions, but the solution is not 
particularly simple to solve explicitly for X(t) or C A (t). 
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For the reversible reaction 

A + B^lC, r= k f C A C B - k b C c 

among ideal gases, if C Ao = Cbo an d Q:o = 0, the substitution of CjS in terms of X vields 
(1 - X) 2 X 

r = KfC ,_ ; k C Ao i — 

Ao (\-\X) 2 \-\x 

which again can be integrated for X(t) and substituted back to find C A , Cg, and Cc. 

Example 2-5 Find the conversion versus time for the reaction 

A -+ 3fi, r = kC\ 
n a constant-pressure batch reactor assuming A and B are ideal gases starting with pure A 
itC Ao . 

The number of moles of A and B are found by setting up the mole table 



Moles initially 



N Ao (l-X) 
3N Ao X 
N Ao (\ + 2X) 
Vo(l + 2X) 



Therefore, the concentrations are 



_ N A _ N Ao (\ -X) 1-X 

A V V (1+2X) Ao l + 2X 

r - Nb -r 3x 

-pressure batch reactor the mass balance on A becomes 
^k-.N A — = -rV=-kC\V 



= - kC H^) m+m 



dX kc (l-^) 2 
dt ~ kCAo \+2X 
This equation can be separated to yield 

I f l+2x 
which must be integrated by partial fractions to give 

, = T iL + 21n(1 -x, 

This equation cannot be inverted to find X(t) explicitly, and s 

C A (t ) numcricallv. 
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CHEMICAL REACTORS 



The chemical reactor is the "unit" in which chemical reactions occur. Reactors can be 
operated in batch (no mass flow into or out of the reactor) or flow modes. Flow reactors 
operate between limits of completely unmixed contents (the plug-flow tubular reactor or 
PFTR) and completely mixed contents (the continuous stirred tank reactor or CSTR). A flow 
reactor may be operated in steady state (no variables vary with time) or transient modes. 
The properties of continuous flow reactors will be the main subject of this course, and an 
altemate title of this book could be "Continuous Chemical Reactors." The next two chapters 
will deal with the characteristics of these reactors operated isothermally. We can categorize 
chemical reactors as shown in Figure 2-8. 

We will define these descriptions of reactors later, with the steady-state PFTR and CSTR 
being the most considered reactors in this course. 



Example 2-6 Consider the situation where the reactants at constant density are fed 
continuously into a pipe of length L instead of a tank of volume V as in the batch 
reactor. The reactants react as fhey flow down fhe tube wifh a speed U, and we assume 
that they flow as a plug without mixing or developing the laminar flow profile. Show 
fhat fhe conversion of the reactants is exactly the same in fhese very different reactor 
configurations. 

A molecule flowing with a speed U has traveled a distance z after it has flowed in 
the reactor for time 



and the time T it requires to flow down the reactor ii 



as sketched in Figure 2-9. Therefore, the increment of time dt to travel a distance 
dz is given by 
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Figure 2-9 Sketch show- 
ing correspondence betvveen 

batch reactor and 
position a in a plug-flow tubu- 

~ :mass-balance 
equations describe both reac- 
tors for the constant-density 



reactor 



Vj r(Cj) 



and the PFTR equation we will solve most often i: 
dC, dC: 

We can therefore replace dt by dz/u in all of the preceding differential equations 
for the mass balance in the batch reactor and use these equations to describe 
reactions during flow through a pipe. This reactor is called the plug-flow tubular 
reactor, which is the most important continuous reactor encountered in the chemical 
industry. 



The preceding example shows 
can be immediately transformed ini 
dt — ► dz/u in the differential equatic 

We do not have to solve these 



tat all the previous equations for the batch reach 

the plug-flow tubular reactor simply by replacin 

>r by replacing t — > L/u in the integrated equation 

equations again for this very important flow reactor! Ii 



is important to note, however, that this transformation t — >• z/u is only valid if the velocity 
in the tube is constant. This requires that the tube diameter be constant and that there be no 
change in the fluid density as it moves down the tube because of pressure drops, temperature 
changes, or changes in the number of moles due to reaction. 



| Example 2-7 The reaction A -4- B with k = 0.01 sec -1 takes place in a continuous- 
| plug-flow tubular reactor What residence time in the tube is required for 90% conversion? 
j For 99%? For 99.9%? 

| Simple application of the equation given previously yields 

I 1 C Ao 1 

1 X = - ln -£- = — - ln 10 = 100 x 2.303 = 230 sec 

i k La 001 



- ln 1000 = 100 x 3 x 2.303 = 690 sec 
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Flow-reactor problems are just as simple as batch-reactor problems. In fact, they are 
the same mathematical problem even though the reactor configuration and operation are 
totally different. 

THERMODYNAMICS AND REACTORS 

A chemical reaction cannot be made to produce a conversion beyond that of chemical 
equilibrium, AG = 0, where r — 0, as we discussed previously. This is an application of 
the Second-Law of Thermodynamics. 

Chemical reactors can liberate or absorb very large amounts of energy, and the 
handling of this energy is a major concem in reaction engineering. This topic is an application 
of the First Law of Thermodynamics, which says that mechanical and thermal energy is 
conserved in any process. When we describe a chemical reaction, we designate its rate, but 
we should also be very concerned about the heat of the reaction; so we need to specify A H£ 
and AG^ for every reaction. 



£ vjAj = 0, r = k { f[ Cj tj - h \\ C* bJ , AH;, AG° 



Table 2-2 lists some important chemical reactions along with their standard state enthalpies 
and free energies of reaction, all in kj/mole. 

These are all industrialfy important reactions that we will discuss throughout this 
book in the text and in homework problems. The student might want to try to identify the 
type of reaction represented by each equation and why it is important. 

These values of A Hr are standard state enthalpies of reaction (all gases in ideal-gas 
states) evaluated at 1 atm and 298 K. All values of A Hr are in kilojoules per mole of the 
first species in fhe equation. When A Hr is negative, the reaction liberates heat, and we say 
it is exothermic, while, when AAr is positive, the reaction absorbs heat, and we say it is 
endothermic. As Table 2-2 indicates, some reacfions such as isomerizations do not absorb 
or liberate much heat, while dehydrogenation reactions are fairly endothermic and oxidation 
reactions are fairly exothermic. Note, for example, that combustion or tofal oxidation of 
ethane is highly exothermic, while partial oxidation of methane to synthesis gas (CO + H2) 
or ethylene {C2H4) are only slightly exothermic. 

Simple examination of A Hr of a reaction immediately tells us how much heat will 
be absorbed or liberated in the reaction. This is the amount of heat Q fhat must be added 
or extracted to maintain the reactor isothermal. (This heat is exactly the enthalpy change in 
any flow reactor or in a batch reactor at constant pressure, and it is close to this for other 
conditions.) 

ADIABA71C REACTOR TEMPERATURE 

It is also important to estimate fhe temperature increase or decrease in a reactor in which 
no heat is added or removed, which is called an adiabatic reactor. From the First Law of 
Thermodynamics, we can construct a fhermodynamic cycle to estimate the AT in going 
from reactants at temperafure T\ to products at temperature Ti, as shown in Figure 2-10. 
Assume fhat reaction occurs at T with heat of reaction A Hr per mole of a key reactant fhat 
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TABLE 2-2 

Standard State Enthalpy and Free Energy Changes for Some Important Reactions Discussed 

in This Book. All values are in kj/mole of the first species listed. 



NO -+ iN 2 + \0 2 
2NO^N 2 +0 2 
N 2 + 2 -» 2NO 
2NO + 2 -► 2N0 2 
trans 2-C 4 =-> cis-2-C A =, 
1 - C 4 =-» tmns-2-C 4 = 
CH 4 + 20 2 -+ C0 2 + 2H 2 
CH4 + H 2 -+ CO + 3H 2 
CH 4 +i0 2 ->C0 + 2H 2 
C 2 H 6 -> C 2 H 4 + H 2 
C 2 H 6 + i0 2 -+ C 2 H 4 + H 2 
C 2 H 4 +30 2 ^2C0 2 +2H 2 O 
C2H4 + \0 2 -*■ C 2 H 4 
C 2 H 4 + H 2 -> C 2 H 5 OH 
CO + 2H2-+CH3OH 
co + io 2 -+ C0 2 
CO + H 2 0^ C0 2 +H 2 
H 2 + io 2 -> H 2 
iN 2 + |H 2 ^-NH3 
NH3 + |0 2 -> NO + |H 2 
NH 3 + 5o 2 ^iN2 + |H 2 



-90.37 
-180.75 



-802.32 
$206.15 
-35.677 
+136.95 
-209.75 
-929.45 
-218.47 
-28.987 
-90.642 
-282.99 
-41.163 
-241.83 
-45.857 
-226.51 



-173.4 

+173.4 
-70.785 



-800.78 

+ 142.12 
-86.475 
+101.01 
-255.17 



-24317 
-257.12 



is irreversible and goes to completion. The heat evolved Q is zero in an adiabatic process, 
and this requires that N moles of product are produced per mole of this reactant and then 
heated to temperature T\ ■ 






n 
+ JN PK 

T 



where Cp,p rod , 



average heat capacitv per mole of product. We note that "products" 
species in the final mbtture including unreacted reactants and inerts. If we 
assume that A Hr and C„ are both independent of temperature (something seldom allowed 
in thermodynamics courses but almost always assumed in this course), then Aff/j is 
independent of T, and we can write 



q = ah; 



products'- 



>cts(72 - Ti) = 
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and AT becomes 



ATadiabatic = T 2 ~ T] - 



™ ^p.product; 



Example 2-8 Suppose the room you are in now actually contains 9.5% CH4. [You could 
not detect the presence of CH4 in air unless the natural gas contained a mercaptan odorizer.] 
If someone turned on the light switch and created a spark, what would be the temperature 
and pressure in the room before the windows and walls burst? 



The methane combustion reaction i 



CH4 + 20 2 -»• C0 2 + 2H 2 

and this reaction has a heat of reaction of — 192 kcal/mole of methane. We assume 
that there are 4 moles of N2 per mole of O2 (^ actually contains 21% O2, but 
20% makes the calculation a bit simpler). This composition is the stoichiometric 
mixture of CH 4 in air to C0 2 and H 2 0. For a basis of 1 mole of CH4, there are 2 
moles of 2 and 8 moles of N 2 before reaction. After reaction there are 1 mole of 
CO2, 2 moles of H 2 0, and 8 moles of N2 for total of 11 moles of product per mole 
of methane reacted. 

If we assume the heat capacity C p is equal to | R (a reasonable approximation 
for small molecules such as N2 at moderate temperatures), this predicts an adiabatic 
reaction temperature of 

- ~ AHr - m kcal/mole 
A^adiabatic - ^ - {n){1 _ )R 

From the ideal-gas law PV = NRT we have 

h. -. ^ 2 - 25 °° + 30 ° - 

T X ~T X ~ 300 = 9 



= 2500 K 
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This problem actually should be calculated for AU = rather than AH = for 
a constant-volume process, and at these temperatures there are many additional 
products because C02 and H2O will dissociate significantly at this temperature. 
However, the final result would not make much difference, especially if you were 
in the room. 



Recompute the final temperature and pressure if the methane were 5% in air. 

This mkture has 1/2 the stoichiometric amount of CH4, so the products will be 1 
mole of CO2, 2 moles of H2O, 2 moles of O2 rcmaining. and 16 moles of N2, for a 
total of 21 moles. The final temperature rise will therefore be approximately half 
of that above, but you will still leave the room very quickly. 



Recompute the final temperature and pressure if the methane were 3% in air. 

A mixture of methane in air is flammable only between 5 and 15%; so no reactior 
occurs and the temperature and pressure are unchanged. You might ask the person 
who turned on the lights to open the window because the room seems a bit stuffy. 
We will discuss combustion processes and explosions more in Chapter 10. 



We usually estimate the adiabatic temperature changes for exothermic reactions 
by assuming AH R evaluated at 298 K and C p for air at 298 K. These are calculated 
with stoichiometric reactant mktures assuming complete reaction. Even mildly exother- 
mic reactions have adiabatic temperature rises much above 100 K, and total combustion 
processes for stoichiometric mixtures in air have adiabatic temperatures above 2000 K. 
These are not accurate calculations for high final temperatures because properties vary with 
temperature and because of other reactions that will occur at high temperatures. Note that 
large N produces a smaller AT, and thus AT will be larger for pure O2 instead of air 
and smaller if the reactant mixture is diluted with an inert. While these calculations give 
only approximate final temperatures because we assumed constant heat capacities, they 
indicate the size of the thermal hazard of exothermic chemical reactions from a very simple 
calculation. 



Q = AH R (C Ao -C A )+f P C P dT = 



where now each term has units of calories/liter. If this reaction goes to completion, C A : 
and the equation becomes 

T = T + ^C Ao 

pc p 
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Example 2-9 A reaction with a heat of reaction of -25 kcal/mole takes place in aque- 
ous solution with a reactant concentration of 2 moles/liter and T =50°C. What is the 
temperature if this reaction goes to completion in an adiabatic reactor? What is the final 
temperature? 

The specific heat of water is 1 cal/cm 3 K or 1000 cal/liter K. Therefore, the final 
adiabatic temperature is 

L 2_5S00_ 

L 1000 " 



r=50 + -| = 50 + 50 = 100°C 



Anyone designing a reactor (and indeed anyone working near one) should be very 
aware of the heat absorbed or liberated in the chemical reactor and should be especialh/ aware 
of the adiabatic temperature predicted. This heat must be released whenever a chemical 
reaction occurs, and this temperature will be attained if this heat is not removed. 

The chemical reactor is the most hazardous unit in any chemical plant because 
most accidents occur by uncontrolled reaction, either within the reactor or after reactants 
have escaped fhe reactor and perhaps reacted wifh oxygen in air. Obviously no reactor or 
piping can withstand the temperatures and pressures of total combusfion unless designed 
specifically for these conditions. We will consider the energy balance and temperature 
variations in confinuous reactors in more detail in Chapters 5 and 6, while flames and 
explosions will be considered in Chapter 10. 

Thus we see why it is essential to consider fhe energy balance very carefully in 
designing chemical reactors. The isothermal reactor assumpfion, while a good starting 
point for esfimating reactor performance (the next two chapters), is seldom adequate for 
real reactors, and neglect of heat release and possible temperature increases can have very 
dangerous consequences. 



CHEMICAL EQUILIBRIUM 



No reactor can produce yields of products beyond fhose predicted by chemical equilibrium, 
and the second calculation anyone should perform on a process (after calculating the 
adiabatic temperature for safety considerations) is fhe equihbrium composition. 

We discussed fhermodynamic equilibrium previously in relating kinetics to reversible 
reacfions. One should always estimate these quantities and keep them in mind before 
performing more detailed design of reactors and separation units. We also note that one 
must consider all chemical reactions fhat may occur for a given feed, not just fhe one 
desired. 

To obtain fhe equilibrium conversion for a single reaction, we need to solve the 
equation 



II a/ = exp(-AG° R /RT) = K^ 



for fhe relevant activities tfy. For gases we usually define AG° with a standard state (dj ■■ 
as the ideal gas at 1 atm; so fhe above expression becomes 
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II Pp = ex V (-AG° R /RT) 

We need to determine AG^ at the temperature of the calculation. This is obtained from the 
van't Hoff equation 

d(-AG° R /RT) _ A__ _ d ln £ eq 
dT ~ RT 2 ~ dT 

which relates equilibrium composition to temperature. This equation can be integrated from 
298 K to any temperature T to yield 



The enthalpy change of n 




»jlnfj,m + fc pĵ (T)dT 

\ 298 



a Hr =_zv jHj =__ 



where Hf /298 i s me neat °f formation of species j at 298 K. The variation of Hfj with T is 
determined by the variation of C p j with T, as calculated by this integral. 

It is a good approximation for estimations to ignore the C pj term so that Kj is given 
approximately by the expression 



ln K T =\ni 



AH«298 / 1 



298i 



While A Hr does not vary strongly with T, AG R and K eq are strong functions of T. This is 
illustrated in Figure 2-1 1, which shows that AG^ varies by orders of magnitude from 298 
to 1000 K. Note also that ^ eq either increases or decreases, depending on the sign of A Hr. 
Endothermic reactions have favorable equilibrium compositions at high temperatures, while 
exothermic reactions have favorable equilibrium compositions at low temperatures. You 
probably learned of these effects through Le Chatalier's Principle, which states that, if a 
reaction liberates heat, its equilibrium conversion is more favorable at low temperature, and 
if a reaction causes an increase in the number of moles, its equilibrium is more favorable at 
low pressure (and the converse situations). While these equations permit you to calculate 
these effects, this simple principle permits you to check the sign of the change expected. 
For multiple reactions we have simultaneous equilibrium equations 



11 af = exp(-AG° Ri /RT) = K h 



1,2,...,/? 



which is a set of R polvnomials that must be solved simultaneoush/, as is considered in 
thermodynamics courses. 

Three commonly used sets of units for describing densities of fluids are partial pressure 
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(Pj), mole fraction (x,), and concentration (C,). For these units the standard state is defined 
as unit activity a j , which is typically P, = 1 atm and 298 K, or Xj — 1 for pure liquid at 1 
atm and 298 K, or Cj = 1 mole/liter at 298 K, respectively. Students have seen the frrst two 
of these for gases and liquids in thermodynamics. We will use concentration units wherever 
possible in this course, and the natural standard state would be a 1 molar solution. However, 
data are usually not available in this standard state, and therefore to calculate equilibrium 
composition at any temperature and pressure, one usually does the calculation with P, or 
Xj and then converts to C/ • 

As affinal remark on the importance and use of thermodynamics in chemical reactors, 
we note that fhe preceding equations no longer need be solved in practice because thermo- 
dynamics computer programs and dafabases allow one to compute all these quantities by 
simply listing the molecules and conditions into fhe computer programs. The data in Table 2- 
2 were calculated using CHEMEQ from Sandler's fhermodvnamics text, and sophisticated 
chemical process programs such as ASPEN confain databases for most of fhe complex 
molecules and conditions that one might encounter in industrial practice. 

The variations in Kj with temperature are shown in Figure 2-1 1 for the reactions in 
Table 2-2. These should be straight lines when plotted as log Kf versus 1/ T if A Hr is 
independent of temperature, and the curves show that fhis approximation is accurate for all 
fhese reaction systems. 
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PETROLEUM REFINING 

Next, before we proceed to consider flow reactors, we will completely change topics and 
discuss two examples: the refining of petroleum and the production of polyester. Our first 
purpose is to describe these reactions and the reactors that are used in order to acquaint 
students with these very important processes. 

Our second purpose in discussing these processes is to indicate that the reactions 
and reactors used for these processes have almost mind-boggling complexity. The chemical 
engineer is in charge of designing and operating these processes, and we must be aware 
of this complexity and see through-it to discover the principles by which these processes 
operate (and to fix them if they are not operating satisfactorily). 

The following sections will be purely descriptive with no equations except for the 
chemical reactions, and even the chemical reactions listed will be highh/ simplified. As we 
proceed through this course, the principles by which these reactors are operated will become 
clearer, such that by the final chapter we will have considered most of these reactors and 
the principles of their operation in more detail. 

Energy sources 

The processing of crude oil into gasoline, other fuels, and chemicals has always been the 
bread-and-butter employer of chemical engineers. The discipline of chcmical cngineering 
had its origins in producing fuels and chemicals, and these tasks remain the dominant topic 
of the chemical engineer. 

The energy sources we use are listed in Table 2-3. 

The widespread use of coal started the Industrial Revolution, and in the nineteenth 
century wood and then coal were the major energy and chemical sources, while whale oil 
was our energy source for lighting as lamps replaced candles. Then in the late nineteenth 
and early twentieth century petroleum replaced all of these. Now natural gas is becoming 
very important, and coal may someday see a revival. 

Renewable energy sources such as trees and plants have always had a niche market in 
energy and chemicals. In fact, all energy except nuclear energy is ultimately derived from 
solar energy in some form or other. 

TABLE 2-3 

Energy Sources and the Times When They Were Important 

Energy source Years dominant 

solar. u intl. and water alwavs 

animalfat <1900 

whale oil 1700-1900 

coal >1700 

cmdeoil > 1880 

natural gas > 1950 

nuclear energy >1950 

shale oil ' >1970 

tar sands >1970 
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Energy for lighting has an interesting history as compared to energy for power and 
for chemicals. Campfires using solid fuel were replaced by candles and then by lamps that 
bumed liquid oil from anfmal fats and then whale oil to produce portable light sources. As 
whale oil was depleted (as were fhe whales), lamps supplied by pipeline distribution systems 
were developed for large cities. These were fueled first by "town gas" (a mixture of CO and 
H2), ^nd then these distribution networks were replaced by today's natural gas lines. Now 
these same pipeline distribution systems are used mosth/ for heating. Finally, the generation 
of electricity from coal, hydroelectricity, and nuclear fuel has made the electric light the 
only significant source of lighting. Power and electricity generation have become topics in 
mechanical engineering rather than in chemical engineering, although all but nuclear power 
require combustion and control of resultant pollution, which mechanical engineers are not 
equipped to handle (in the opinion of chemical engineers). 

It was discovered in the late nineteenth century that coal can be incompleteh/ bumed 
to yield a gas consisting primarih/ of CO and H2, and many people were undoubtedly 
asphyxiated and killed by explosions before these processes were hamessed successfully. 
We will see later that the use of a CO + H2 mkture (now called synthesis gas) for the 
production of chemicals has had an important role in chemical synthesis (it was very 
important for explosives and synfhetic fuels in both World Wars), and it is now one of the 
most promising routes to convert natural gas and coal into liquid diesel fuel and methanol. 
We will describe these processes in more detail in later chapters. 

Cracking 

Initially the petroleum (tar) that oozed from the ground in eastem Pennsylvania could 
be bumed as easily as whale oil and anfmal fats, although much of it was too heavy to 
bum without processing. Processing was done initialfy by pyrolyzing the oil in retorts and 
extracting the volatile components when fhe oil molecules cracked into smaller ones, leaving 
tar at the bottom. (Many people were killed as this process evolved before fhey learned about 
the volatility and flammability of fhe various hydrocarbon ffactions produced.) Retorts 
(batch reactors) were soon replaced by continuous cracking units (stills), in which the crude 
oil was passed through heated tubes. One problem in these processes is that some of the 
hydrocarbon is cracked down to mefhane, which cannot be liquefied easily. A much more 
serious problem was fhat some also tums to tar and coke, a black solid mass (mess) that 
coats and evenfually plugs the tube furnace. 

Reactions in hydrocarbon cracking may be represented as 

hydrocarbons — > smaller hydrocarbons + coke 

The hydrocarbons in crude oil are alkanes, olefins, aromatics, polyaromatics, and 
organic compounds containing S, N, 0, and heavy metals. Since there are many isomers 
of all of these types of molecules, the reactions implied by the preceding equations rapidly 
approach infinity. A represenfative reaction of these might be the cracking of hexadecane 
(number 3 heating oil) into ocfane and OCtene (components in gasoline), 

n-Ci 6 H 34 -> n-C 8 Hi 8 + n-C 8 Hi 6 
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These reactions are all very endothermic, and heat must be supplied to the retorts or 
tube furnaces, not only to heat the reactants to a temperature of 600 to 1000°C where they 
will react at an acceptable rate, but also to provide the heat of the reactions, which is several 
times the sensible heat. 

Sometime in the early twentieth century it was found that if fhe steel tubes in the 
furnace had certain kinds of dirt in them, the cracking reacfions were faster and fhey 
produced less methane and coke. These clays were acting as catalysts, and they were 
soon made syntheticalfy by precipitating silica and alumina solutions into aluminosilicate 
cracking catalysts. The fube fumace also evolved into a more efficient reactor, which per- 
forms fluidized catalytic cracking (FCC), which is now the workhorse reactor in petroleum 
refining. 



Petroleum refinery 

A modern petroleum refinery in the United States processes between 100,000 and 500,000 
barrels/day of crude oil. The incoming crude is first desalted and fhen passed fhrough an 
atmospheric pressure distillation column that separates it into fractions, as shown in Figure 
2-12. 

The streams from distillation are classified roughly by boiling point, with names and 
boiling ranges shown in Figure 2-12. The lightest are fhe overheads from fhe distillation 
column, which are the lowest-molecular-weight components. Then come the low-boiling 
liquids, which are called naphtha; fhese compounds range from C5 to C\$ and have fhe 
appropriate vapor pressure for gasoline, although fheir octane rating would be low. Next 
comes gas oil wifh 8 to 16 carbons, which is appropriate for diesel fuel and heating fuel. 
Finally come fhe bottoms from fhe distillation column, and this fraction is usualh/ separated 
again by vacuum distillafion into a component that will boil and one that will decompose 
(crack) before boiling. 
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Crude oils vary greatly in boiling range and types of molecular structures. The best 
now comes only from the Middle East and is mostly naphtha that needs little refining. The 
worst now comes from the United States, is very high molecular weight, and consists largely 
of polyaromatic compounds containing S, N, and heavy metals, particularly V and Ni. The 
C:H ratio of these ranges also varies from perhaps 1:3 for light fractions to 1: 1 for vacuum 
residual oil. 

The task of the refinery is to tum crude oil into valuable products. The demands for 
products vary greatly with region and with season. The Gulf Coast needs more petrochemical 
feedstocks, while the Upper Midwest needs more heating fuel. Gasoline accounts for 
approximately one-half of the total petroleum used in the United States, but demand for 
gasoline is highest in the spring and summer vacation season. 

These fractions from primary distillation are sent to reactors to crack them further 
and isomerize them into products with more value, such as gasoline and petrochemicals. 
The refinery is a massive blending system in which streams into and out of reactors are 
recycled and blended into products with the desired properties and amounts. 

There are basicalh/ four types of reactors in refining. Fluidized catalvtic cracking 
reactors process perhaps 30% of all the crude, the gas oil fraction. The heavier fraction 
must have hydrogen added, and these processes are called hydroprocessing. Gasoline must 
have certain isomers for octane rating, and this is done in catalvtic reforming. Some products 
have too low a molecular weight and must be recombined into larger molecules, a process 
that is called alkylation. We list these reactor units in Table 2-4. 

Catalytic cracking 

This is the primary chemical process in the refinery. The heavy gas oil stream is cracked into 
smaller hvdrocarbons suitable for gasoline. The empty tube furnace was first replaced with 
tubes filled with aluminosilicate catalyst pellets. Then it was found that the tubes could be 
replaced by a series of tanks with interstage heating to maintain the desired temperature. In 
all cases it was necessary to bum the coke out of the reactor by periodically shutting down 
and replacing the feed by air, a complicated and expensive process that lowers the capacity 
of the reactor. 

The problems in fixed bed cracking reactors are (1) heat must be supplied to heat 
the reactants to the desired temperature and overcome the endothermicities of the cracking 
reactions; and (2) the reactor must be shut down periodically for coke removal. Both of 
these problems were overcome by the development in the 1940s and 1950s of a fluidized 

TABLE 2-4 

The Four Major Reactors in Petroleum Refining 



20-10 
IO-30 
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bed system that replaces the need to shut down to remove coke from the catalvst. This 
process is called fluidized cataljtic cracking, or FCC. 

The FCC reactor is reallv two reactors with sohd catalyst pellets cycled between them. 
The vaporized gas oil is fed along with fresh catalyst to the first, called the reactor, and the 
spent catalyst is separated from the products in a cyclone and sent to the regenerator, where 
air (now sometimes O2) is added to oxidize the carbon. The flows of reactants, products, 
air, and catalyst are indicated in Figure 2-13. The reactor cracks the hydrocarbon and forms 
coke on the catalyst. Then in the regenerator the coke is burned off and the catalyst is sent 
back into the reactor. 

The "magic" of FCC is that the reactor-regenerator combination solves both the 
heat management and coking problems simultaneously. Burning off the coke is strongh/ 
exothermic, and this reaction in the regenerator supplies the heat (carried with the hot 
regenerated catalyst particles) for the endothermic cracking reactions in the reactor. 

Typical operating conditions of these components of the FCC reactor are indicated 
in Table 2-5. The residence time in the regenerator is longer than in the reactor, and it is 
therefore considerabh/ larger. 

Many reactor-regenerator configurations have been developed with quite different 
shapes as this technology has evolved and FCC units have become larger. A modem FCC 
reactor resembles the Space Shuttle (but one hopes it stays on the ground) in size, tank 
configurations, and engineering complexity. The FCC reactor is without question the most 
complex and important equipment in chemical engineering. 



Heavy oil processing 

The "bottom of the barrel" contains heavy, smelly compounds that have polyaromatic rings 
and that contain up to several percent of S and N in aromatic rings and in side chains 
sulfides and amines. This fraction will not boil below temperatures where the molecules 
begin to crack, and it is called "residual" oil or "vacuum resid" if it boils at reduced pressure. 
This fraction also contains perhaps 0.1% of heavy metals tied up as porphyrin rings in the 
polyaromatics. All these species are severe poisons to either FCC or catalytic reforming 
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TABLE 2-5 

Operating Conditions of the FCC Reactor 



catalysts, but fortunately the lighter naphtha and gas oil feeds to these reactors contain 
negligible S, N, and metals. 

The other problem with this petroleum fraction is that it is deficient in hydrogen. We 
need C:H = 7:16 for 2,2,3-trimethylbutane (TMB), but this ratio is greater than 1:1 for 
many heavy feeds. Therefore, we need to add hydrogen in the refining process, and we 
could describe them generically as the reaction 

(CH)„ + ^H 2 -> (CH 2 )„ 

and the need to add H2 to obtain usable products gives the prefix "hydro" to process names 
such as hydroprocessing, hydrotreating, hydrocracking, hydrorefining, hydrodesulfuriza- 

These cracking and H-addition processes also require catalysts, and a major engi- 
neering achievement of the 1970s was the development of hydroprocessing catalysts, in 
particular "cobalt molybdate" on alumina catalysts. The active catalysts are metal sulfides, 
which are resistant to sulfur poisoning. One of the major tasks was the design of porous 
pellet catalysts with wide pore structures that are not rapidly poisoned by heavy metals. 

Modern processes operate with fbced beds with a 20: 1 to 50: 1 H 2 :HC ratio at pressures 
typically 50 atm at 550°C. Since the reactants must be operated below their boiling points, 
the catalyst is a solid, and the H 2 is a gas, all these reactors involve three phases in which 
the catalyst is stationary, the gas moves upward through the reactor, and the liquid fraction 
flows down the reactor. This reactor type is called a trickle bed, and it is a very important 
chemical engineering unit in refining heavy crude feedstocks and turning them into the 
molecular weight suitable for gasoline. The flow of gas and liquid through a trickle bed 
reactor is shown in Figure 2-14. 



Catalytic reforming 

The catalytic cracking and hydroprocessing reactors produce a large fraction of hydrocar- 
bons with a molecular weight suitable for gasoline, C5 to C9. However, these products have 
a low octane number. In the spark ignition engine some isomers ignite appropriately, while 
some tend to ignite before the piston has reached the top of the cylinder, and this causes the 
engine to knock. We will discuss hydrocarbon combustion reactions in Chapter 10 because 
they are free-radical chain reactions. Highly branched alkanes and aromatics are superior in 
this to linear alkanes, and hydrocarbons are compared by their octane number. The molecule 
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prodUCtS Figure 2-14 Sketch of a trickle bed reactor used for 

(ŭflS) hydroprocessing_of the residual oil fraction of crude oil 

into tde boilingrange used foi gasoline and diesel fuel. 



2,2,3-trimethyl butane is arbitrarily given an octane number of 100, and n-heptane is given 
an octane number of 0. [For unknown reasons, the molecule 2,2,3-trimethyl butane is called 
"isooctane" even though it is actually a heptane.] 

An arbitrary mbcture of hydrocarbons is compared to a rnbcture of these two com- 
pounds, wifh its octane number that equal to the appropriate mixfure of fhese standard 
compounds. Some molecules and fheir octane rafings are indicated in Table 2-6. Aromatics 
have a high octane number (toluene is 120), and some compounds such as tetraethyl 
lead have a sfrong octane enhancement when added to other mixfures (blending octane 
number). Oxygenates such as ethanol and efhers (MTBE) have fairly high octane numbers 
and supposedb/ produce less pollution, either alone or blended with hydrocarbons. 

The products from the catalytic cracker and from the hydroprocessor confain too 
many linear isomers and cyclic aliphatics, and fhe isomerization of fhese linear alkanes to 
branched alkanes and dehydrogenation of cyclics to aromatics would enhance the octane 
enormously. In fhe 1950s it was found fhat a catalyst consisting of Pt on y — AI2O3 would 
almost miraculously achieve very large octane enhancements wifhout cracking products 
undesirabb/. This process is called catalytic reforming, because it "reforms" the skeleton of 
molecules without cracking C-C bonds into smaller molecules. Reforming also produces 
high yields of aromatics fhat have high octane and are needed as petrochemical feedstocks. 

This process is similar to catalytic cracking in some ways. Because of the higher 
pressure required, it uses fixed beds rather fhan fluidized beds that are now used for catalytic 



TABLE 2-6 

Octane Ratings of Hydrocarbons 



2,2,3-trimethylbutane 

toluene 

benzene 

2-methylhexane 

ethanol 

methanol 

methyl-t-butyl ether (M - 
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cracking. However, now we want primarily to isomerize rather than crack the hvdrocarbons 
because the naphtha feed has the desired molecular weight. Therefore, in catalvtic reforming 
the temperature is lower and H2 is added to suppress coke formation, and fhus regeneration 
needs to be done much less frequenfiy. 

Modern catalytic reformers operate as either fixed beds in series, in which reactants 
flow fhrough several tanks filled with catalyst, or as moving beds, in which catalyst flows 
slowly down a tube as fhe reactants move up. A major concern is the minimization of the 
formation of cracking products such as coke fhat poison the catalyst. Catalysts inevitably 
deactivate by coke formation, and fhis must be bumed off by reacting wifh air. In fixed- 
bed reactors this is done by varying the flow fhrough the tanks such that one reactor is 
periodically in "swing" where the coke is burned off. In the moving-bed reactors some of 
the catalyst is continuousb/ withdrawn from the bottom and fhe carbon is oxidized before 
it is reinserted in fhe top of fhe reactor. 

Reactions in catalytic reforming can be represented as , 

H-C7H16 -> 2, 2, 3-trimethylbutane 

«-C 7 Hi 6 -> toluene + 3H 2 

«-C7H16 -> 7c + 8H 2 
These can also be written as shown in Figure 2-15. 

The first reaction is fhe isomerization from a zero-octane molecule to an alkane with 
100 octane; the second is the dehydrocyclization of heptane to toluene with 120 octane, 
while the third is the undesired formation of coke. To reduce the rate of cracking and 
coke formation, the reactor is run with a high partial pressure of H2 mat promotes fhe 
reverse reactions, especially the coke removal reaction. Modem catalytic reforming reactors 
operate at 500 to 550°C in typically a 20: 1 mole excess of H 2 at pressures of 20-50 atm. 
These reactions are fairly endofhermic, and interstage heating between fixed-bed reactors 
or periodic withdrawal and heating of feed are used to maintain the desired temperatures 
as reaction proceeds. These reactors are sketched in Figure 2-16. 

Al kylation 

The final refinery reactor on our list joins back together molecules fhat were cracked too 
much in the previous processes. The process can be thought of as adding an alkyl group to 
an alkane or aromatic, and the process is fherefore called alkylation. 

Figure 2-15 Reactions in calalytic reforming of 
n-heptane to 2,2,3-trimethylbutane and toluene. 
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An important alkylation reaction is the combination of propylene to isobutan 
C 3 H 6 + i - C 4 H 10 

which makes a 100-OCtane molecule. Another important alkylation reaction is the addition 
of propylene to benzene to make isopropyl benzene, 

C 3 H 6 + C 6 H 6 -+ C 6 H 5 C 3 H 7 
This molecule is called cumene, and it is easily oxidized to acetone and phenol, both 
important commodity chemicals, 

C 6 H 5 C 3 H 7 -► (CH 3 ) 2 CO + C 6 H 5 OH 

Alkylation of benzene and ethylene produces ethyl benzene, which is dehydrogenated 
to styrene for polystyrene. 

Alkylation is an association reaction that is exothermic. Therefore, it has a favorable 
equilibrium only at low temperatures. The process is catalyzed by liquid acids of solid 
A1C1 3 , and modern alkylation reactors use sulfuric acid or liquid HF as catalysts operating 
at 0°C in a refrigerated reactor that is stirred rapidly to dissolve and create bubbles of the 
hydrocarbons in the acid. 

Picture a reactor that is a very large kitchen blender with pipes coming in and out. 
The many tons of liquid HF in alkylation processes in refrneries represent significant health 
hazards if the reactor ever leaks, and considerable research and engineering are being 
devoted to replace HF by safer catalysts. 



P0LYES1ER FROM REFINERY PR0DUCT5 AND NAUIRAL GAS 



The largest-volume organic chemical is 
chemicals and polymers. Polyethylene i 



ethylene, an intermediate building block in many 
the largest of these uses, and polyester is a very 
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important polymer for fabrics that uses ethylene in its synthesis. In this section we will 
describe the processes by which components of natural gas and crude oil are turned into 
these products. Natural gas sells for about $0.10/lb, whi]e clothing sells for about $20/lb, 
and the job of the chemical engineer is to turn these reactants into products as efficiently 
and cheaply as possible. [What is the price per pound of gasoline if one gallon weighs 
8 pounds?] 

However, in contrast to fuels, petrochemicals intermediates must be produced at 
extremely high purities. For example, CO at ppm levels will poison polyethylene catalysts, 
and acetvlene in ethylene at this level will produce a crosslinked polymer that will have 
unsatisfactory properties. Therefore, the chemical engineer must produce these intermedi- 
ates with extremely high purities, and this requires both careful attention to minor reactor 
products and to efficient separation of them from the desired product. These factors are also 
important in the economics of petrochemicals. 

A flow sheet of the steps in forming polvester is as follows: 

ethane — > ethylene — > ethylene oxide — > ethylene glycol — *■ 

polyethylene terephthalate 
crude — >■ naphtha — > xylenes — >■ p-xylene — > terephthalic acid — > 

In stick notation we write these reactions as shown in Figure 2-17. We described the steps 
by which crude oil is converted into aromatics such as p-xylene previously. Here we discuss 
the production of ethylene glycol from ethane. 

Natural gas is primarily methane, but it contains 5-10% of natural gas liquids, 
primarily ethane, propane, and butane. These are available at essentially the cost of natural 
gas heating except for the cost of condensing these less volatile components from methane. 
Natural gas liquids are a major source of chemicals, along with petroleum, and we will 
describe a number of similar examples in this book. 

Ethylene from ethane 

Ethvlene is made primarily by steam cracking of ethane and higher alkanes. These alkanes 
undergo dehydrogenation and cracking reactions. A higher-molecular-weight fraction of 
alkanes, C4 to C7, is called naphtha, which in steam cracking rcacts as 
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naphtha -> olefins -f H2 + sinallcr alkanes 
When ethane is used as a feedstock, the major reaction is simple dehydrogenation, 

C 2 H 6 -> C 2 H 4 + H 2 

In modern steam cracking processes using ethane as a feedstock approximately 80% 
ethylene selectivity is attained at approximately 40% ethane conversion. This reaction is 
highly endothermic, and more than 25 kcal/mole of ethane converted must be supplied in 
the reactor. 

Equilibrium in the reactions shown is unfavorable except at high temperaturcs. and 
modem plants operate at temperatures of 850-900°C. At these temperatures reaction takes 
place homogeneously, but it is far from elementary and proceeds by a chain reaction 
involving many free-radical intermediates, which we will consider in Chapter 10. Reaction 
is roughh/ first order in ethane, 

r = k[C 2 U 6 ] 
In-free radical reactions many products are formed in small quantities such as propylene, 
methane, butadiene, acetylene, and benzene. A major cost of an olefin plant is the separation 
of these byproducts from ethylene and also separation of unreacted ethane, which is recycled 
and fed back to the reactor. 

Another major cost in producing ethylene results from the formation of carbon on the 
walls of the reactor. This occurs through reactions such as 

C 2 H 4 -> 2C S + 2H 2 

although ethane and all hydrocarbons can also decompose to carbon. Carbon formation 
from pure alkane feed would plug the reactor very quickly, and in olefrn plants a large 
excess of water is added to suppress the cracking of large hydrocarbons into smaller ones. 
The process is called steam cracking because water is added to suppress coke formation. 
Water does not react directly with the hydrocarbon, but it reacts with carbon in the reaction 

C s +H 2 O^CO + H 2 

a process called steam gasification. The addition of steam reduces the rate of coke formation 
such that the tubes of the reactor only slowly develop significant pressure drops because 
of carbon buildup. In an olefin plant the process must be shut down approximately once a 
month for a day or so while air is blown through the tubes to oxidize the carbon, 

C s + o 2 -> co 2 

a very exothermic gas-solid reaction. 

Slcani-cracking reactors typically consist of several steel tubes, perhaps 100 m long 
and 4 in. in diameter in a tube furnace with reactants and steam fed through the several 
tubes in parallel. The ceramic lined furnace is heated by burning natural gas at the walls 
to heat the tubes to 900°C by radiation. The reactor is fed by ethane and steam in a ratio 
of 1:1 to 1:3 at just above atmospheric pressure. The residence time in a typical reactor is 
approximately 1 sec, and each tube produces approximately 100 tons/day of ethylene. We 
will return to olefins and steam cracking in Chapter 4. 
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Polyethylene 

Ethylene is used to produce many products, the largest volume of which is polyethylene (PE) 

nC 2 H 4 -> (CH 2 ) 2 „ 
which is produced by free-radical homogeneous reactions (low-density PE) and also by a 
titanium catalyst (high-density PE). We will consider these processes further in Chapter 11. 

Ethanol - 

Ethylene also readily reacts with H 2 to make ethanol, 

C2H4 + H 2 -» C2H5OH 
in liquid acids such as sulfuric acid at temperatures up to 200°C. The water molecule can 
be thought of as adding across the double bond. 

This is the most economical process to produce ethanol, but laws prohibit drinking 
"synthetic" ethanol; so beverages are made much more expensively by fermentation of 
sugar or carbohydrates. Recent laws also mandate the addition of 10% ethanol in gasoline in 
cities during the winter, supposedly to reduce pollution. However, grain processors lobbied 
to require "renewable resources"; so fermentation is required to produce this fuel alcohol. 

Ethylene glycol 

Ethylene glycol (EG) has two OH groups; so it will polymerize as a linear polymer in 
polyesters, polyurethanes, or polyethers. Ethylene glycol is also water soluble and has a 
low melting point; so it is used in antifreeze. 

Ethylene glycol was formerly made by adding water to acetylene, 

C 2 H 2 + 2H 2 -> HOC 2 H 4 OH 

which can be thought of as adding two water molecules across the triple bond in acetylene. 
However, acetylene is expensive to produce, and EG is now made from ethylene in a 
two-stage process using an ethylene oxide intermediate. 

Ethylene oxide 

Ethylene oxide was formerly made in a two-stage process by first adding HOCl to ethylene 
and then removing HCl. However, in the 1960s Scientific Design, Union Carbide, and 
Shell Oil developed a one-step direct oxidafion process that has largely replaced the old 
chlorohydrin process. 

To make ethylene glycol, ethylene is first oxidized to ethylene oxide 030) 

C 2 H 4 + ^0 2 -+ C 2 H 4 

which is then reacted with water in acid to form EG, 

C 2 H 4 + H 2 -» HOC 2 H 4 OH 
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Ethylene can be oxidized to EO over a silver-on-alumina catalvst in 1-in-diameter 
tubes approximately 20 ft long. A modem EO plant produces 200 tons/day, with a typical 
reactor consisting of 1000 tubes with an EO selectivity of 80% with a 4:1 C 2 H4:0 2 ratio 
at approximately 50% conversion of Oz. EO formation is mildly exothermic, while the 
competing complete combustion reaction 

C 2 H 4 + 30 2 -> 2C0 2 + 2H 2 

is extremely exothermic. The selectivity decreases rapidly if the temperature increases above 
250°C, and heat release will then increase strongly (and catastrophically). Therefore, it is 
essential to thermostat the tubes in a configuration that looks like a large heat exchanger in 
which boiling organic hydrocarbon on the shell side circulates to a heat exchanger, where it 
condenses to carry the heat generated on the shell side to a steam generator. An EO reactor 
configuration is shown in Figure 2-18. 

We will consider ethylene oxide reactors in more detail in later chapters, because the 
cooling of these reactors is a major design consideration. 

Polyethylene terephthalate 

The most important polyester is polyethylene terephthalate (PET), which has many uses, 
from fabrics to milk bottles. The polymerization reaction between ethylene glycol (EG) and 
terephthalic acid (TPA), 

EG + TPA -» PET + H 2 

is carried out in a multistage reactor. 

The bifunctional acid is terephthalic acid (TPA), which is made by oxidizing para- 
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CH 3 C 6 H 4 CH 3 + 30 2 -+ HOOCCeH^COOH + 2H 2 
This is another partial oxidation process that is usually carried out in several reactors in 
series with both air and HN0 3 as oxidants. The student might guess that this reaction is 
far from the only one, and much CO, C0 2 , alcohols, aldehydes, and other acids are also 
produced that must be separated from the TPA before it is reacted to form PET. 

pam-Xylĉne is a product of petroleum refining, particularly in the catalytic reformer 
that produces ortho, meta, andparu isomers in nearly equal amounts. Only theparu isomer 
is useful for other than fuel, and the mkture of xylenes is isomerized into primarily para 
xylene in a reactor filled with a zeolite, called ZSM5. 
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i Example 2-11 The monomers for nylon are either the amino acid H 2 N-(CH 2 ) 5 COOH, 
f which fbrms the polymer called Nylon 6 (six carbon atoms in the backbone) or two 

monomers adipic acid HOOC-(CH 2 )4COOH and hexamethylene diamine H 2 N- 
f (CH 2 )gNH 2 , which fbrm the polymer called Nylon 66 (six carbon atoms in the backbone 
1 of each of the monomers). It is possible to make the 6-carbon atom monomers very easily 

with high purity, but the production of nylons with five, seven, or other carbons would be 

very difficult Why? 

? Cyclohexane. It can bc prcparcd with high purity by distillation of a mbcture of 

i alkanes from petroleum refining or by reduction of benzene. 

f Cyclohexane can be partially oxidized by just attacking one C-C bond to open 

the ring with functional groups on each end of the six-carbon chain to produce the 
I six-carbon amino acid or adipic acid. Sketch the intermediates to these products 

starting with cyclohexanone. 



"WHAT SHOULD I DO WHEN I DONT HAVE REACTION RATES?" 

Unfortunately, there are no tables of chemical reaction rates in this book, and you won't 
find them in other books either. It would be very useful of we could construct tables of rates 

Reaction Preexponential Activation energv Orders Range of validity 

and then list all the important reactions we may be interested in running. We would then just 
look up the reaction, find the rate that is applicable for the conditions at which we want to 
operate, insert these equations into the mass and energy balances, and solve them to predict 
performance. While you can frnd useful data tables in any text on thermodynamics, heat 
and mass transfer, or separations, reaction-rate data do not exist for most technologicalh/ 
interesting processes. 

In thermodynamics the properties of pure materials are given to five significant figures, 
and correlations for mktures are frequently accurate to better than 1%. Diffusivities of many 
binary systems are known to within a few percent, and, even for complex mbctures, they 
are probably available to within 5%. Mass and heat transfer texts give correlations that are 
usually good to a few percent, depending on the mixture and conditions. Separation process 
efficiencies can be computed to similar accuracies using empirical correlations and notions 
of equilibrium stages. 

However, in reaction engineering we cannot even begin to do this. If someone claims 
to have a general correlation of reaction rates, the prudent engineer should be suspicious. 
The major problem is that most interesting reaction systems involve multiple reactions, and 
one would have to somehow list rates of forming many products from several reactants; so 
we would need a lot of data in tables to cover a process. Second, most interesting reactions 
are catalytic, either on a solid surface or by an enzyme. Different catalyst systems behave 
quite differently with different catalyst formulations, and they are notoriously sensitive to 
trace impurities, which can poison the catalyst or promote one rate over the others. Catalytic 
reaction rates also do not usually obey simple power-law rate expressions (such as r = jfeC^), 
and one frequently fmds that effectivc paramctcrs such as ordcrs and activation encrgies 
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vaiy with conditions. Catalvtic processes also exhibit deactivation, and all properties will 
typically vary with the time the processes have been in operation, and a major engineering 
question is how long will be required before the process must be shut down to reactivate or 
replace the catalyst. 

This is the fun (and frustration) of chemical reaction engineering. While thermody- 
namics, mass and heat transfer, and separations can be said to be "finished" subjects for 
many engineering applications, we have to reexamine every new reacfion system from 
first principles. You can find data and construct process flowsheets for separation units 
using sophisticated computer programs such as ASPEN, but for the chemical reactors in 
a process these programs are not much help unless you give the program the kinetics or 
assume equilibrium yields. 

These complicafions show why we emphasize simple and qualitafive problems in 
this course. In reactor engineering fhe third decimal place is almost always meaningless, 
and even the second decimal place is frequently suspect. Our answers may be in error by 
several orders of magnitude through no fault of our own, as in our example of the temperature 
dependence of reaction rates. We must be suspicious of our calculations and make estimates 
with several approximations to place bounds on what may happen. Whenever a chemical 
process goes badly wrong, we are blamed. This is why chemical reaction engineers must be 
clever people. The chemical reactor is the least understood and fhe most complex "unit" of 
any chemical process, and its operation usually dominates the overall operation and controls 
the economics of most chemical processes. 

REACTION-RATE DATA 

We consider next fhe acquisition of data on the kinetics of a chemical reaction. We want 
rate expressions r(Cj, J) which we can insert into the relevant mass balance to predict 
reactor performance. The mefhods of acquiring fhese data, in order of increasing difficulty 
and expense, are 

1. Literarure values. If the process is simple and well known, there may be rate expressions 
in the literature that can be used. 



one can frnd a process similar to the one of interest, then rates can be 
estimated from these data. For example, if one finds a reactor for which a specified 
conversion is obtained with a specified reactant composition and temperature, then one 
may guess the orders of fhe reaction with respect to each species (guess first order) and 
proceed to formulate a reasonable rate expression. 
. Theoretical rate calculations. Statistical mechanics permits one in principle to compute 
reaction-rate expressions from first principles if one knows the "potential energy surface" 
over which the reaction occurs, and quantum mechanics permits one to calculate this 
potential energy surface. In Chapter 4 we consider briefly fhe fheory of reaction rates 
from which reaction rates would be calculated. In practice, these are seldom simple 
calculations to perform, and one needs to find a colleague who is an accomphshed 
statistical mechanic or quantum mechanic to do these calculations, and even fhen 
considerable computer time and costs are usually involved. 
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4. Kinetics measurements. When detailed literature data are not available and when one 
badly needs accurate kinetics, then the only recourse is to obtain kinetic data in the 
laboratory. 

Reaction chemistry 

First one tries to find out what reactions should be expected with the given reactants and 
process conditions. Here one must know enough chemistry to decide what reactions can 
occur. If one is not very experienced in the chemistry of the process in question, one 
must examine the relevant literature or ask experts (organic chemists for organic reactions, 
polymer chemists for polymer reactions, material scientists for solids reactions, etc). 

Once one has formulated a list of possible reactions, one should then look up fhe 
relevant free energies AG R in order to calculate fhe equilibrium composition for fhe desired 
feed and temperature. If AG° R is sufficiently negative, that reaction should be expected 
to be irreversible. If the equilibrium constant is sufficiently small so fhat equilibrium 
product concentrations are small for fhe conditions used, fhen that reacfion can be neglected 
compared to others. 

Batch-reactor data 

Reaction kinetics are most easily and inexpensively obtained in a small batch reactor. Wifh 
liquids fhis is frequently just a mixture of liquids in a beaker or flask placed on a hot plate 
or in a thermostatted water or sand bafh. Wifh gases fhe experiment would involve filling 
a container with gases and heating appropriately. One starts the process at t = with Cj 
and records C; ftj . 

The most difficult aspect of these experiments is frnding a suitable mefhod of analyzing 
fhe composition of fhe reactor versus time. Gas and liquid chromatography are by far fhe 
most used techniques for analyzing chemical composifion. Spectroscopic methods (IR, 
visible, UV, NMR, ESR, etc.) can be used in some sifuations, and mass spectrometry is 
a versatile but difficult technique. For reactions in gases wifh a mole number change in 
a constant-volume batch reactor, the conversion can be determined by simply measuring 
fhe pressure change as fhe reaction occurs. All fhese techniques require calibration of fhe 
instruments under fhe condifions and fhe composition range of fhe experiment. 

One measures C; (t, T) for given Cj and fhen frnds a suitable mefhod of analyzing 
fhese data to find a suitable rate expression fhat will fit fhem. For liquid solufions fhe 
typical mefhod is to obtain isothermal batch-reactor data with different Cy S and continues 
to gafher these data as a function of temperature to fmd a complete rate expression. For a 
simple irreversible reaction we expect that fhe rate should be describable as 
R 
r(C ĵt T) -kCT) Y\C, J 
j=\ 

Thus we expect fhe rate to be given by a power dependence on the concentrations 
and an exponential dependence on temperature kf (T) = kf e~ E l RT . This form of the 
rate expression is not always accurate, especially for catalyfic and enzyme reactions 
for which Langmuir-Hinshelwood and Michaelis-Menten expressions are required to fit 
experimental data. 
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Assuming that w 
kinetics, r = kC A , the 
by integrating the expression 



h a single reactant and pow 
; isothermal batch reactor is 



dC A . 



forn ^ 1. 

For second-order kinetics, the integrated rate expression i: 

.1.1. , 



so that a plot of 1/Ca versus t should give a straight line whose slope is -k. For first-order 
kinetics, the appropriate plot is one of ln C ' a versus t , and the slope of this plot is -k. [What 
plot will give a straight line for half-order kinetics?] 

One thus obtains a familv of these isothermal lines from batch-reactor data for a given 
Cao f° r different temperatures, as shown in the graphs of Figure 2-19 for n = 1, 2, and ^. 

Temperature dependence 

We expect that the slopes k from this graph should depend on T as 

k(T) = k exp(-E/RT) 
Taking the logarithm of both sides, we obtain 

E 



ln k = ln k ■ 



RT 



so that a plot of ln k versus \j T should give a straight line whose slope is -E/R, as shown 
in Figure 2-20. If we extrapolate this Arrhenius plot to 1/T = (T = 00), the value of 
k is the preexponential k . We frequendy plot these data on a basis of log„, for which the 
slope is -£/2.303/?. 

Thus from this procedure we have the simplest method to analyze batch-reaction data 
to obtain a rate expression r (CA, T) if the reaction is irreversible with a single reactant and 
obeys power-law kinetics with the Arrhenius temperature dependence. 




Figure 2-19 Plots of Ca ' 

The slopes 



Figure 2-20 Plot of log k (obtained from isothermal 

rcaciion dala in ihc previou^ iiĵurei \ ersus 1/T. Thc slope 
of this line is -E/R, and the intercept where 1/T = is 
the pre-exponential iaclor k . 
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- In k 

slope = -E/R 




If the reaction has multiple reactant species such as 

A + B ->■ products, r = kC A C B 
then the orders with respect to Ca and to Cg can be obtained by using a large excess of one 
component. In this example one might use Cbo ^" Cao so mat Cfi remains nearly constant 
in a batch-reactor experiment. Thus the rate would become r = (kC Bo)C a, and a plot of 
ln Ca versus / would have a slope —kCso- O ne would then repeat this experiment with 
Cao ^ Cflo where a plot of Cb versus t would have a slope of kC^o- 



Differential-reactor data 

Another method to obtain kinetic dafa is to use a differential reactor in which the concentra- 
tion does not change much from the initial concentration Cao- m ^ s case me differential 
rate expression 

dC A _ , r m A 
dt ~ KLa 
can be written approximately as ACa/AJ. Taking logarithms, we obtain 

ln (-r--) =lnk + m A ln C A 

so that a plot of ln (AC^/Ar) versus ln C A has a slope of m A and an intercept of ln k, as 
shown in Figure 2-21. By plotting lines such as these versus temperature, the values of E 
and k can be obtained from differential batch-reactor dafa. 



Statistical analysis of data 

The accuracy of data obtained by these methods must be analyzed very carefully to 
determine the statistical confidence of rate parameters mj, E, and k obtained. One must 
have data over a sufficient range of CX, t, and T for accurate values, and data should be 
analyzed by methods such as least-squares analysis to assess its accuracy. 

This analysis assumes random error in data acquisition, and an equalfy important 
problem in any experiment is systematic error, in which measurements are i 
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Figurc 2-21 Differential reactor dula analvsis. 
Plots of ACa/AT versus C A on a log-log scale 

sliould give siraighl lines for fixedT.The slope 
of this line is Ihe order m A , while the value of the 

\ erlical scule \vhere C A - I is Ihe ra.te coefficienl 



because of measurement difficulties such as calibration errors, me 
human error (vvriting down the wrong number). Statistical analysi; 

sense and caution in acquiring and analyzing re; 

parameters. 



or simple 
substituted 
to obtain 



Data acquisition 

Obtaining kinetic data is very tedious, and it requires great care to avoid both random 
and systematic errors. For this reason, it is very common to assemble computer-based 
data acquisition systems, frequently with simple personal computers equipped with data 
acquisition analog-to-digital capabilities and graphics. These computers can be programmed 
patienth/ to acquire the necessary data, make frequent calibrations, vary parameters such 
as temperature and concentration, analyze data statistics, and print out parameters. 

However, since any process evaluation is no better than the rate data fed into it, 
the chemical engineer must always be suspicious of the validity of rate data, whether 
from the literature or obtained in house. A particular concern is the extrapolation of rates 
obtained under one set of conditions to different operating conditions. Perhaps one must 
process liquids at high temperatures and pressures, while lab data are easiest to acquire 
in a glass flask at atmospheric pressures and lower temperatures. The prudent engineer 
would want at least to spot check any rate expressions at actual operating conditions or 
risk trouble. 



Complications 

Reaction systems are seldom (never) as simple as those impMed by an expression such as 
r = kCl. While the ideas presented show how data are generally obtained, considerable 
ingenuity is required for the complex reactions encountered in practice. Among these 
complications are: 
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1. Real processes almost always involve multiple reactions. This is the subject of 
Chapter 4, where we will see that selectivity to form a desired product is a crucial issue and 
consequently there are many ks and orders that we need to know. 

2. Real processes frequently involve catalysts or enzymes, which usually give rate 
expressions much more complex than these. 

3. Catalysts and enzymes also can vary significantly between batches and exhibit 
activation and deactivation, so that reaction rates may be expected to vary with time. Thus 
it is not unusual to find that a reaction activation energy increases with the time that a process 
has been onstream, which one might need to fit by assuming that E is a funcfion of time. 
As you might expect, problems such as these require careful consideration and caution. We 
will consider catalytic reactions and fheir kinefics in Chapter 7. 

4. It is frequently difficult to maintain reactors strictly isofhermal because all r 
liberate or absorb considerable heat. These effects can be minimized by diluting r 
and using low temperatures, fhus making reaction rates sufficiently slow that the system can 
be fhermostatted accurately. However, kinetics under these conditions are not fhose desired 
in a reactor, and one must be careful of the necessary extrapolation to operating conditions. 
We will discuss heat effects in detail in Chapters 5 and 6. 

5. Most reaction systems involve many simultaneous reactions, and the analysis of 
fhese systems can be very difficult or impossible. For a large set of reactions with unknown 
kinefics, it is common simply to assume reactions and rates (for example, with all reactions 
frrst order) and make empiricalfits of experimenfal data to these rate expressions. Such rate 
expressions have little fundamcntal significance, but empirical rcaction rates allow one to 
formulate models of the reactor behavior. Special caution must be used in extrapolating 
fhese empirical rate expressions beyond the range of data from which fhey were obtained. 
Many industrial reacfion processes such as in the petroleum refmery are analyzed through 
such empirical models. These are developed over long periods of time to fit plant behavior, 
and each large producer of a given proccss has carefully guarded cmpirical models with 
which to optimize plant performance for given feedstocks and customer product demands. 

6. Kinetic data are frequently acquired in confinuous reactors rather fhan batch 
reactors. These data permit one to determine whether a process has come to steady state 
and to examine activation and deactivation processes. These data are analyzed in a similar 
fashion to that discussed previously for fhe batch reactor, but now the process variables 
such as reactant flow rate (mean reactor residence time) are varied, and fhe composition 
will not be a function of time after fhe reactor has come to steady state. Steady-state reactors 
can be used to obtain rates fn a differenfial mode by maintaining conversions small. In this 
configurafion it is particularly straightforward to vary parameters individually to find rates. 
One must of course wait until the reactor has come to steady state after any changes in feed 
or process conditions. 

Small steady-state reactors are frequently the next stage of scaleup of a process 
from batch scale to full commercial scale. Consequently, it is common to follow batch 
experiments in the laboratory with a laboratory-scale continuous-reactor process. This 
permits one both to improve on batch kinefic data and simultaneously to examine more 
properties of the reaction system that are involved in scaling it up to commercial size. 
Continuous processes almost by definition use much more reactants because fhey run 
continuously. One quickly goes from small boftles of reactants to barrels in switching to 
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continuous reactors. Because of higher reactant costs and the fact that these reactors must 
frequently be operated day and night, the costs of running continuous processes are much 
higher than batch proccsscs. 

Batch reactors are frequently operated by chemists who are responsible for obtaining 
the (boring) preliminary kinetic data on a process. Chemical engineers get involved when 
a continuous process is being considered because chemists do not understand anything 
beyond batch reactors. Steady-state continuous reactors are the subject of fhe next chapter. 



SUMMARY 



In this chapter we have defined some of the quantities we will need in considering chemical 
reactors. All these concepts have been developed in previous courses that most of you 
have taken, and none is particularly complicated. For students who may not have had these 
courses or who have forgotten this material, the development here should be adequate for 
our uses. 

Then we switched topics completely to consider the chemical reactors that have 
always dominated the chemical engineering industries. These are extremely complicated 
and appear to have little relation to fhe simple batch reactors that you have seen previousb/. 

In the rest of this book we will apply these ideas to increasingly complex situations, 
so fhat by the last chapter you should have seen all the ideas necessary to deal wifh these 
reactions and reactors. More important, these ideas should permit you be able to understand 
the even more complex reactions and reactors that you will have deal with to develop new 
processes for future technologies. 



[Tliis is onc ol' several "descriptive" problcms (no nunibcrs) iiiai \vill bc assigned throughoul 
the course. You should be able to work these problems by just thinking about them. referring 
to your old texts, and h u ing ihem with classmates.] 

Surfactants are fairly large molecules with molecular weights of 100-200 amtl thal make oil 
particles soluble in water. 

(a) What is the structure ot these molecules and what is the structure ot the oil+surfactant+water 
solution? 

(b) Your great-grandmother made soap by cooking animal fat with wood ashes and water in 
a large pot open to the air for several days and then casting the product into bars. What 
reactions was she carrying out in her multiphase batch reactor? 

(c) In the early twentieth century companies such as Procter and Gamble bi n repl m 111 
reactants by olefins, NaOH, and phosphates to scale up grandma's process, to reduce raw 
material costs and to attain better quality control so they could sell many specialty products 
at high prices. Where docs each oi these rau materials come from? 

(dl Carbox\lic acids makc too nnich foam. branchcd alkvl groups arc not attackcd b> baclcria. 
and the phosphate builders in soaps are nutrients in lakes, so in the mid-twentieth century 
soaps have been largeK replaced b\ deiergents. What are detergents? 

(c) Biodegradable delergenis arc madc by reacting of-olefins \\ith alkalinc sulfaies. Thc a- 
olefins can be made by polymerizing olefins, or forming largc olciins froni smallcr oncs 
over a catalyst. Sketch how the successive reactions of ethylene with small a-olefins should 
produce exclusively a-olefins. 
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(f) Zeolites are crystalline svntheuc clavs that are porous and contain anionic groups in their 
lattice. The largesl use of zeoliles hidustrially is in the soap and detergent business, vvhere 
a few percent of the Na salt of Zeolite A is added to most detergents. Why? 



2.2 In ethanol production by fermentation of corn, hydrolyzed ground corn in a water suspension 
containing 50% corn by weight is mixed with sufficient enzyme to produce ethanol by the 

appro\iinatc reaclion 

C 6 Hi 2 6 -► 2C 2 H 5 OH + 2C0 2 

When the solution reaches 12% ethanol, the yeast dies and the reaction stops. 

(a) How manv bushels ol' corn arc requircd to produce 500 tons of pure ethanol per day? Assume 
1 bushel of corn weighs 56 lb. 

(b) The process requires 72 hours to go to completion. What size batch-reactar tank or tanks 
are required for this process? 



2.3 The onset of World War II caused inajor e\pansion and lechnologv innovation in the petroleum 
and petrochemical industries, with major increases in demands for (1) branched aliphatic 
i ! i iii n iii i'i 'ii i iii ii i i(i i o i ilu i i I i m u md 4) nvlon ' hal uses 

produced each of these demands? [Some hints: The jel engine was important only after 1950. 
rubber plantations were located in Malaysia, and cotton becomes weak and mildews when wet.] 



to produce 100 tons/day of ethylen 
r stages, ethane dehydrogenatioi 



silvcol ironi cthanc. air. and \\aler. 
ethylene oxidation, and ethylen 



2.4 You wish to design a plan 
The plant has three reac 
oxide hydration. 

(a) What are the reactions? 

(b) Both dehydrogenation and hydration have nearly 100% selectivity (with recycle of unre- 
acted reactants). but ethvlene lo elhylene oxide has only 7(K-< seleclh il\ \\ ilh an old catalyst 
and 90% selectivity with a new and expensive catalyst. How many tons/day of ethane do 
we need to supplv lo this plant \\ilh each of thcse catalvsts? 

(c) Ethvlene to EO has a heat of reaction of -25 kcalfmole, and the undesired byproducts are 
exclusively CO2 and H2O. TYou can look up the heat of combustion of ethylene.] What is 
the rate of heat removal in watts with the two catalysts? 

(di II all this heat is used to produce low-prcssure steani (from 25°C at 1 

how many tons of steam per day can be produced? 
(e) Could the heat from this reaction be used to provide heat in the other t\ 

clsc coukl ii bc used? 



), approximately 



Wherc 



(f) Sketch a flow diagram of this plant including rt 



s and separatio 



want to hydrolyze 500 lb per day of an ester at an initial concentration of 5 molar (the 
r has a molecular \veishi oi' 120) in aqueous basic soluiion in a baich process, and we need 

/e find that 50% of the 
5 molar. We also Snd 



product that is 99% hydrolyzed. In benchtOp experiments 

ester hydrolyzes in 15 min for initial ester concentrations of either 

that, when we react for 8 h, all of the ester has hydrolyzed. It takes 1 h to empty the 

refill and heat it to start another batch. 

(a) What size reactor will we need? 

(b) What size reactor will we need if we can tolerate 90% 
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2.6 (a) The previous process was found to have an activation energv of 12 kcal/mole, and we had 

been operating at 40°C. What reactor volumes would we need if we can operate at 80°C? 

(b) This hydrolysis reaction is exothermic with AHr = -8 kcal/mole. What must be the 
average rate of coolim; (in \\atts) dtirinc thc rcaction lo inainlain tlic rcaclion isothcrinal? 

(c) If we started thc batch reacior at 40 ~C but forgot to turn on the cooling, what would be the 
final temperature if the reactor were adiabatic (and the vessel would withstand the pressure)? 
AsMimc thc hcai capacitv of the solution to be that of water, 1 cal/cm 3 K 

(d) What cautions do you recommendations rcgardina opcration at 80°C? 

2.7 An aqueous ester hvdrolvsis rcaction A — » B + C has k = 0.02 min ' and an equilibnum 

constant of 10 with all concentrations in moles/liter. 

( a i Starting with Ca = 1 mole/liter, and Cb = Cco = 0> wnat i s me equilibrium composition? 

(b) What is the reverse rate constant in the above reaction? 

(c) Find CaU), C B (t), and Cc(t) in a batch reactor for these initial conditions. 



2.8 (a) Sketch tlic sicps. rcactions. and flow shect b\ uhich ethvlene glvcol is produccd from cthane 

by the direct oxidation process. 

(b) Ethylene glycol was made by the chlorohydrin route until the 196ŬS, when Union Carbide 
and Shell Oil developed the direct oxidation process. In the chlorohydrin process hypochlor- 
ous acid, HOCl, is reacted with ethylene to produce ethylene chlorohydrin. Then HCl is 
eliminated and the product is hydrated. Sketch these reactions and the flow sheet, starting 
1'rom NaCl, ethane. \vaier. air. and eleclricilv. 

(c) If the HCl niust be disposed o! bv rcacting il vvith NaOH, how many pounds of salt must be 
disposed of per pound of ethylene glycol produced, assuming ;:il reaction steps have 100% 
efficienc\ ? 

(d) Write out the ethane to ethylene glycol reactions in our standard notation, ^P, v ij Aj = 0, i = 

1,2,.., R. 

2.9 Summarize the argument that all chemical energy sources are derived from solar energy. What 
is the single chemical reaction and what is the catalyst by which all of this chemical energy is 
produced? [Look it up in your biology text.] What is a reasonable definition of rcneuable and 
nonrenewable energy sources? What is the major reaction by which CO2 i s removed from and 
added to the biological cycle? 

2.10 Before synthetic polymers were developed to produce Hbers and sheets, vour ancestors found 
manv natural sources of polymers for clothing, housing, and tools. Make a list of these divided 
into soft materials and hard materials and into one-dimensional and two-dimensional polvmers. 
List the source, uses, and chemical composition for each. Don't forget violin bows, guitar 
strings, writfng surfaces, and wine jugs. 

2.11 We have a process that reacts 67 r /< CH4 in O2 at 10 atm to form syngas (A H R = -8.5 kcal/mole 
CH4). 

(a) Estimate the adiabatic reactor temperature at completion if we produce 100% svngas with 
a feed temperature of 400°C. Assume pC p =\R = 7 cal/mole K. 

(bl Estimate thc adiabatic rcaclor lemperature il \\e suddcnlv bcgin producinc 1 ()(!'. , : lolal 
combustion products (A Hr = — 192 kcal/mole). 
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(c) What do we have to be concemed with regarding rea 
relief capabilities to design for this possibility? 

2.12 We wish to produce B in the reaction svstem 

A^B, n = kiC A 
A _► C, r 2 = k 2 C A 

A costs $1.20/lb, B sells for $2.50/lb, and C costs $0.50/lb to dispose. 

(a) What relation between the ks will give a positive cash flow if the reactor and operating 
costs are ignored? 

(b) VVhat relalion bct\\een tlie ks \vill give a 3()'/i prolit on sales if the reactor and opcraling 
costs are ignored? 



2.13 Sterilization is a batch process h\ which bacteria and molds in food are killed by heat ti 

A can of vegetables that originallv contained 10.000 viable spores has 100 spores remaining 
after heating ibr 10 niin at 250 P. Assuming first-order kinetics. ho\\ long musl this can be 
heated at this temperature to reduce the probability of having a single spore to an average of 1 
in 1 million cans? 

2.14 Methanol is svnthesized commerciallv from CO and H2 by the reaction 

CO + 2H 2 ^± CH3OH 

over a Cu/ZnO catalyst at -350°C at 50-100 atm. The standard-state thermodynamic data on 
this reaction are Afl£ 298 = -90.64 kJ/mole and AG£ 298 = -24.2 kJ/mole. 

(a) What is the equilibrium conversion of a stoichiometric mixture of CO and H2 to methanol 
at 298 K at 1 atm? 

(b) Assuming AH° independent of T, what are K eq and the equilibrium conversion at 1 atm 
and 350°C? 

(c) The actual value of K eq at 350°C is 1.94 x 10~ 4 . How large is the error assuming constant 

AH? 

(d) At what pressure will the equilibrium conversion be 50% at 350 C C? 

2.15 A fluidized-bed calalvtic cracker operates nearh adiabatically. In the reactor, all cracking 
and dehydrogenation reactions are strongb/ endothermic, while in the regenerator. slrongh 
exothermic o.vidation reactions occur. Set un an energ\ balance Ibr the reactor and regeneratoi 
assuming a highlv simplified sei of reactions 

n-Ci 6 H 38 ->■ «-C 8 H 18 + «-C 8 H 16 
w-C 16 H 38 ->• 16C + 19H 2 
C + 2 -^ C0 2 

iai What fraction of llic hvdrocarbon must form coke for the overall reactor to be adiabatic 1 .' 
Heats of formation of n-C 16 H 3 8, «-CgH^, and n-C 8 H 16 are -89.23, -49.82, and -19.82 
in kcal/mole, respectively, and A // R of CO oxidation is -94.05 kcal/mole. 

(b) Indicate how you would determine the encrgv balance for a catalvtic cracker knowing the 
feed and product composition of the reactor. 
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(c) It is imporlanl lliat thc teniperature ol thc rcaclor and regenerator ivmain 
dent of reactions and conversions. How might the reactor be controlled tc 
temperatures? There are many options. 



2.16 The enthalpies of sc 



A H R (kcal/mol) 



C 2 H 6 -> 2C S + 3H 2 
C 2 H 4 -> 2C S + 2H 2 
C 2 H 2 -+2C S + H 2 
C2H4 + H 2 -* C 2 H 6 
2C 2 H 4 -> C 4 H 8 



Estimate the final temperatures if ; 
reaction. Use C p = \ R ■ fOne ans' 



of tlicsc gas 

8000T!] 



it 25 °C suddenlv goes to complete 



2.17 (a) VVhal safel\ prccaution is usualh lakcn in storing acetylene? 

(b) How much excess H 2 would have to be used in a gas-phasc ethvlene h\ drogenation 
to have the adiabatic tcmpcraturc risc not e,\ceed 300°C? List at least two reasc 
isobutane is a preferred diluent instead of H 2 to prevent thermal runaway in this n 



2.18 Polyurethanes are used tor most plastrc parts in automobiles such as bumpers and nonmetal 
body panels. They are made from toluene diisocvanale ancl ethvlene glvcol. We arc designing 
a chemical plant thal makes TDIC and need to evaluate the safety of the units. Phosgene is 
made by reacting CO and Cl 2 m a 20 atm reactor with a residence time of 10 sec. Toluene is 
nilratcd b\ reacting uith conccntratcd nitric acid solution ai 140 C uith a 1 inin rcsidcncc limc. 
and the aqueous and organic phases are separated. The organic phase is distilled to separate 
dinitrotoluene. The diniin 1 lu 1 liqi id i h} Iro n 1 d itl H 2 I 5 atm at 120°C with a 
liquid residence time of 20 sec. The product is reacted with phosgene in a vapor-phasc reaction 
at 150°C, T = 2 min, and the TDIC is distilled. The TDIC is finally reacted with ethylene glycol 
in a reaction injection molding process to form the bumper. 

(a) This process consists of 5 reactors. Write dow n the reactions that occur in each. 
ihi Skctch the flo\\ slicct of ihc 5 icactors and 3 scparaiion unils \\ith fcccls of CO. Cl 2 , tolucnc. 
H 2 , and ethylene glycol. 

(c) The process is to produce 10 tons/h of polymer. Assume that each reactor produces 1009? 
conversion and thai llie nitration proccss produccs equal anmunls oi thc lliree nitrates. What 
are the sizes of each of these reactors? Approximatel5 iiov. much chemical do they contain? 

(d) These 8 units are all connected by valves that will close quickly to isolate all units in the 
evenl of an upsct of an\ kind. Dcscribe tlic poicntial saletv hazards ol cach unit and the 
possible things that might go wrong. Include runaway reaction and dangcrs from venting 
including chemical toxicity, fire, and explosion. Write ~l/4 page of text on each. 

(e) Order the units in terms of decreasing hazard. Which units do you request not to be assigned 
to? 



2.19 How many pentene i 



ĵuld describe their 
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2.20 Nitric acid is made from methanc bv Hrsl reacting CH4 with H2O to form syngas. Water is added 
to the CO + Hz mixture to form H2 and CO2 which is easiK separaled. Hvdrogen is reacted 
with N2 from a liquid air plant. Ammonia is oxidized to NO over a Pt catalvst, and additional 
air is added to form NO2, and the product is dissolved in water. 

(ai Write oul (hc rcactions in lliis proccss. 
(b) Sketch a flowsheet of a nitric acid plant. 

2.21 Polyacrylonitrile is an important polymer for carpets and for vapor barrier films in food 
packaging. 

(al 1'ntil appimimalelv 1975 mosi acrvlonitrile \\as inaclc b\ reacling acetvlene uiili HCN. 

Acetylene is madc bv dehvdroeenation of ethane. HCN is made by reacting CH4, NH3, and 

air over a Pt catalvst. Write out these reactions. 
(b) In the 1970s Sohio (now Britisb. Petroleum) discovered a process by which propylene and 

NH3 react over a bismuth molybdate catalyst in a process called aminoxidalion lo make 

acrylonitrile in one step in a fluidized bed reactor. Now nearly 100% of acrylonitrile is made 

by this process. Write out this reaction. 

2.22 Alpha olelins \viih typically L2 C atoms have wide use as detergents, polymer additives, and 

many other chemicals These a-olefins (linear molecules uith the double bond only at the 
end carbon) can be made by the oligomerization (dimerization) of smaller olefins starting with 

elhvlene or bv succcssi\c carbonvlaiion o! sinallcr a-olellns. Wrilc oni ihcsc rcaciions. shouine 
why they do not produce branched alkyls or double bonds at other than the end position. 

2.23 An irreversible aqueous reaction gave 90% conversion in a batch reactor at 40°C in 10 min and 
required 3 min for this conversion at 50°C. 

(a) What is the activation enersv for this reaction? 

(b) At what temperature can 90Vi conversion be obtained at 1 minute? 

(c) Find the ratc coefficienl assuming first order kinetics. 

(d) Assuming first order kinetics, find the times for 99% conversion at 40 and at 50°C. 

ici Assuming iirsi order kinciics, find the temperature to obtain 99% conversion in a time of 1 

(f) Assuming second order kinetics, find the times for 99% conversion at 40 and at 50°C. 

(g) Assuming second order kinetics, find the temperature to obtain 99% c 



Chapter 3 

^^ SINGLE REACTIONS IN 
^F CONTINUOUS ISOTHERMAL 
REACTORS . 



CONTINUOUS REACTORS 

In this chapter we consider the fundamentals of reaction in continuous isothermal 
reactors. Most industrial reactors are operated in a continuous mode instead of batch 
because continuous reactors produce more product with smaller equipment, require less 
labor and maintenance, and frequently produce better quality control. Continuous processes 
are more difficult to start and stop than batch reactors, but they make product without 
stopping to change batches and they require minimum labor. 

Batch processes can be tailored to produce small amounts of product when needed. 
Batch processes are also ideal to measure rates and kinetics in order to design continuous 
processes: Here one only wants to obtain information rapidly without generating too much 
product that must be disposed of. In pharmaceuticals batch processes are sometimes desired 
to assure quality control: Each batch can be analyzed and certified (or discarded), while 
contamination in a continuous processes will invariably lead to a lot of worthless product 
before certifiable purity is restored. Food and beverages are still made in batch processes 
in many situations because biological reactions are never exactly reproducible, and a batch 
process is easier to "tune" slightly to optimize each batch. Besides, it is more romantic to 
produce beer by "beechwood aging," wine by stamping on grapes with bare feet, steaks by 
charcoal grilling, and similar batch processes. 

We will develop mass balances in terms of mixing in the reactor. In one limit the 
reactor is stirred sufficienth/ to mix the fluid completely, and in the other limit the fluid 
is completely unmixed. In any other situation the fluid is partially mixed, and one cannot 
specify fhe composition without a detailed description of the fluid mechanics. We will 
consider these "nonideal" reactors in Chapter 8, but until then all reactors will be assumed 
to be either completely mixed or completeh/ unmixed. 

THE CONTINUOUS STIRRED TANK REACTOR 

Here we consider the situation where mixing of fluids is sufficiently rapid that the com- 
position does not vary with position in the reactor. This is a "stirred-tank" or "backmix 
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reactor," which we will call the continuous stirred-tank reactor or CSTR (Figure 3-1). 
Our picture is that of a tank with a stirring propeller that is fed and drained by pipes 
containing reactants and products, respectiveh/. In this situation the crucial feature is that 
the composition is identical everywhere in the reactor and in the exit pipe. Nothing is a 
function of position except between the inlet pipe and the reactor entrance, where mixing 
is assumed to occur instantly! 

The idea that the composition is identical everywhere in the reactor and in the exit 
pipe requires some thought. It might seem that, since the concentration changes instantly 
at the entrance where mixing occurs, reaction occurs there and nothing else happens in the 
reactor because nothing is changing. However, reaction occurs throughout the reactor, but 
mixing is so rapid that nothing appears to change with time or position. 

The "completeh/ mixed" limit is in fact rather easy to achieve with ordinary mixing 
techniques. The approximation can be thought of in terms of "mixing time" r m j x versus 
residence time T of the fluid in the reactor. If 

Tmix « T 
then the reactor is totally mixed to a good approximation. Temperature variations within 
some large reactors also produce enough natural convection to help stir the contents. 
The approximation of a well-mixed reactor requires merely that the region of variable 
composition (and variable rate) near the entrance be small compared to the volume of the 
reactor. 

Since the reactor is assumed to be uniform in composition everywhere, we can make 
an integral mass balance on the number of moles Nj of species j in a reactor of volume V. 
This gives 

[accumulation] = [flow in] — [flow out] + [generation] 



= F j0 - Fj + Vv jr 



where Fj and Fj are molarflow rates of species j (in moles/time) in the inlet and outlet, 
respectively. Each term in this equation has dimensions of moles/time. This equation as 
written is exact as long as the reactor is completeh/ mixed. We will develop several versions 



Figure 3-1 

tank reactor (CSTR) of volun 

inlet molar flow rate Fj and o 
lar flow rate F: 




►F:=VC: 
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of this equation for different conditions, specifically depending on (1) steady-state versus 
transient conditions and (2) constant density versus variable density. 

It is evident that this equation looks identical to the batch-reactor equation in the 
previous chapter except for the flow terms Fj and Fj, which are of course zero in the batch 
reactor. In fact, the batch reactor and the CSTR share the characteristic that properties are 
identical everywhere in the reactor. However, the solutions in batch and CSTR are quite 
different except for transients, and, as we will see, the performance of the batch reactor is 
in fact much closer to the plug-flow tubular reactor than to the mixed reactor. 

We can relate Nj and Cj by the relation 



N; : 



: VCj 



also relate the molar flow rates Fj and Fj of species j to the concentration by the 



F j0 = v C jo 



F } = vCj 
respectively, where v and v are the volumetric flow rates into and out of the reactor. 

For reactions among liquids and among gases where the total number of moles does 
not change, the density of the system does not change with composition, and therefore 
V = V. If we assume that V is constant and the density does not change with composition, 
differentiation of Nj yields 

dNj_ = dq 
dt dt 

lf the density of the fluid is constant, then the volumetric flow rates in and out of the 
reactor are equal, V = V . The mass-balance equation then simplifies to become 



. dCi 



= v(C jo - Cj) + Wjr 



Next we assume that compositions are independent of time (steady state) and set the time 
derivative equal to zero to obtain 

v(C j0 -Cj) + Wjr = 
We call the volume divided by the volumetric flow rate the reactor residence time 



[We caution that we have not yet proven that this is the true average residence time, and 
we will not do this until Chapter 8. Also, whenever v or V is a fi 
cannot treat % as a constant that is independent of conversion.] 
With these approximations we write the steady-state mass 
CSTR as 



Conversion in a Constant-Densitv CSTR 



\Cjo-Cĵ = -T Vj r\ 

This will be the most used form of the mass-balance equation in the CSTR in this book. 
Students should either memorize this equation or preferabh/ be able to derive it from an 
integral mass balance on the reactor. This equation requires three major assumptions: 

1. A steady state, 

2. A single reaction, and 

3. No density change with 
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For a reactant species A (y A = — 1) the steady-state mass balance becomes 

C Ao ~C A = xr{C A ) 
and we will now solve this equation for some simple rate expressions. 

Irreversible reactions 

Consider the «th-order irreversible reaction 

A — > products, r = kC A n 

For first-order kinetics, n = 1, the mass balance becomes 

C Ao -C a = TkC A 
which can be rearranged to solve for Ca 



and then solved explicitly for t 



Note that we simply had to solve an algebraic equation to find C A ( r ) or T (CA). 

In a CSTR with any single reaction rate r{C A ), we can always solve explicitly for T 



c A 


Cao 

\+kx 




- 


C Ao - Ca 


kC A 



Cao - C A 
r{C A ) 



i find Cb by simply substituting from stoichiometry, 
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c c -c CAokr 
if c Bo = o. 



Example 3-1 The reaction A -» B, r = kC A occurs in CSTR with 90% conversion. If 
k = 0.5 min~', C Ao = 2 moles/liter, and v — 4 liter/min, what residence time and reactor 
volume will be required? 

From the preceding equation we have 

r C Ao - C A C Ao -C A 2.0-0.2 1.8 

X = = — = lo mrn 

r(C A ) kC A = 0.5 x 0.2 = 0.1 

The reactor volume is 

V = vr = 4 x 18 = 72 liters 
Note that this problem is even easier than for a batch reactor because for the CSTR 
we just have to solve an algebraic equafion rather fhan a differential equafion. 
For second-order kinetics, r = kC\, the CSTR mass43alance equation becomes 

C Ao -C A = xkC\ 



t solve a quadratic in C A to obtain 

-!+(!+ 4kxC Ac 



C A = - 



Throughout this book the reaction we will focus on for many examples will be variations 
of the preceding reaction: A -» B, r — kC A , C Ao = 2 moles/liter, k — 0.5 min" 1 , V = 4 
liter/min. We will compare it for several reactors in this chapter, and in Chapters 5 and 6 
we will examine it for nonisothermal reactors. Watch for it. 



j Example 3-2 The reaction A -> B, r = kC\, occurs in CSTR with 90% conversion. If 
\ k = 0.5 liter mole-i min -1 , C^ = 2 moles/liter, and v = 4 liter/min, what residence time 
j and reactor volume will be required? 

j From the above equation we have 

( = C Ao - C A C Ao -C a 2.0-0.2 1.8 = 9Q 

j r (C A ) = kC\ = 0.5 x (fj.2) 2 = 0.02 

j The reactor volume is 

j v = vt = 4 x 90 = 360 liters 

j For nfh-order kinetics in a CSTR we can easily solve for \ 
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but this equation becomes an «th-order polynomial, 

xkC A + C A -C Ao =0 
and to solve for C A we must find the proper root among the n roots of an nth-order 
polynomial. 

We took the + sign on the square root term for second-order kinetics because the 
other root would give a negative concentration, which is physically unreasonable. This is 
true for any reaction with nth-order kinetics in an isothermal reactor: There is only one real 
root of the isothermal CSTR mass-balance polynomial in the physically reasonable range 
of compositions. We will later find solutions of similar equations where multiple roots are 
found in physically possible compositions. These are true multiple steady states that have 
important consequences, especialh/ for stirred reactors. However, for the rath-order reaction 
in an isothermal CSTR there is only one physically significant root (0 < C A < C Ao ) to the 
CSTR equation for a given t • 

Fractional conversion 

As shown in the previous chapter, we can use another variable, the fractional conversion 
X. which we defmed as 

C A = C Ao (l - X) 
as long as the SVStem is at constant density. In order for this variable to go from to 1, it is 
necessary that we base it in terms of a reactant A whose concentration is C A (the limiting 
: with v A = -1). We can now write the mass-balance equation for the CSTR in 



s of X a 



C Ao - C A = C Ao X = xkC A (X) 



and solve for X(t) rather than C A (x). For the first-order irreversible r 
becomes 



which can be solved for x 



or for X, 



C Ao X = xkC Ao (l - X) 



1 x 
= k 1 - X 



->- TTF 



From the definitions of C A and Cb m terms of X, we can use this X(r) to find the same 
expressions as above for C A (t), 

kt \ - Cao 
^ T+Tr 
and for Cg (t), and 

C Ao kx 
1 + ^r 

which are the same answers we obtained by solving for C A directly. 
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We could continue to write all these mass-balance equations as X(r) instead of 
C a (t), but the solutions are not particularly instructive unless the rate expressions become 
so complicated that it is cumbersome to write an expression in terms of on 
CA. For simplicitv, we wiH use Ca(t) rather than X(t) wherever possible. 

Reversible reactions 

Next consider the reaction 

A ^> B, r = k f C A - Jfc b Cfl 

Since from stoichiometrv Cb = Cbo + C Ao — d, the rate can be written ai 
r = kfC A ~ h(C Ao + C Bo - C A ) 

and the solution with Cfi = is 



kfC A - h(c Ao - c A ) 

\+k h T 



C A (x) = C Ao . 

1 + (kf + k b )T 

Note that as j — > co, this gives the equilibrium composition 

C± = k A 
C A K 

as required by thermodynamics. Also note that if k = 0, the expression becomes that for 
the irreversible first-order reaction as expected. 

We can continue to consider more complex rate expressions for reversible reactions, 
but these simply yield more complicated polynomials r(C^) that have to be solved for 
Ca(t). In many situations it is preferable to write t(Ca) and to find Ca by trial and error 
or by using a computer program that finds roots of polynomials for known kf, k , and feed 
composition. 

THE PLUG-FLOVV TUBULAR REACTOR 

The CSTR is completely mixed. The other limit where the fluid flow is simple is the plug- 
flow tubular reactor, where the fluid is completely unmixed and flows down the tube as a 
plug. Here we picture a pipe through which fluid flows without dispersion and maintains 
a constant velocity profile, although the actual geometry for the plug-flow approximation 
may be much more complicated. Simple consideration shows that this situation can never 
exist exactly because at low flow rates the flow profile will be laminar (parabolic), while 
at high flow rates turbulence in the tube causes considerable axial mbdng. Nevertheless, 
this is the limiting case of no mixing, and the simplicity of solutions in the limit of perfect 
plug-flow makes it a very useful model. In Chapter 8 we will consider the more complex 
situations and show that the error in the plug-flow approximation is only a few percent. 

We must develop a differential mass balance of composition versus position and then 
solve the resulting differential equation for Ca(z) and C A (L) (Figure 3-2). We consider a 
tube of length L with position z going from to L. The molar flow rate of species j is Fj 
at the inlet (z = 0), Fj (z) at position z, and Fj (L) at the exit L. 



The Plug-Flow Tubular Reactor 



Fi(z) = vCi = uA t Ci 



, t Oj 



~}— F r v 



Figure3-2 The plug-flow tubulai reactor (PFTR). 
The length of the reactor is L, the inlet molar flow 
rate of species j is F: , and the outlet flow rate of 
speciesj is F,. 



We first assume that the tube has constant diameter D and also that the density does 
not vary with position (either liquids or gases with no mole number change, pressure drop, 
or temperature change with gases). In this case the linear velocity u with which the fluid 
flo\VS through the tube is equal to the volumetric flow rate v divided by the cross-sectional 
tube area A t (A t = jr D 2 /4 for a cylindrical tube), 

_ v _ 4v 

u 'J,~Vd 2 

at any position. 

A steady-state shell balance on species j in the element of lengfh dz between z and 
z + dz yields 

Fj(z) - Fj(z + dz) + A t dz Vjr = 
The molar flow rate of species j is related to fhese quantities by the relation 

Fj = A t uCj 
Therefore, fhe mass balance on species j becomes 

AMCj (z) - q (z + dz)] + At dz Vjr = 
We next make a Taylor series expansion of the difference in Cj between z andz+dz 
and let dz — > 0, keeping only fhe lead term, 



m[Cj(z)-Cj(z + dz)] = ~(^A dz-r 



[We obtain the same result by just noting fhat fhis difference when divided by dz is simply 
fhe defrnition of a derivative.] Bofh At and dz can be canceled in each term; so fhe mass 
balance on species j becomes 



dCj 
1 dz 



which is the form of the PFTR equatior 
expression 



. Note again fhat fhis 



1. Plug flow, 

2. Steady state, 

3. Consfant density, 
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4. Constant tube diameter, and 

This equation is not appropriate if all five of these conditions are not met. We can 
relax the third and fourth restrictions for the PFTR by considering the differential element 
of volume dV = A t dz rather than the differential element of length dz. The mass-balance 
equation at a position where the fluid has moved from volume V to volume V + d V then 
becomes 

F'(V) -Fj(V + dV) + dV vjr - 
and taking the limit d V — > and dividing by d V, we obtain the expression 
dFj 

dv ~ Vjr 

This equation can also be used in situations where the density and tube cross section are 
not constants. The equation 

dF A 

lv = - rA 

is described as the "fundamental equation" for the mass balance in a PFTR in the texts 
by Levenspiel and by Fogler (with v A r replaced by r A ). However, this equation cannot 
be simply modified to handle transients. nor can it be used to consider other than perfect 
plug flow, because for all of these situations we need equations in which the position Z 
is the dependent variable. Since situations such as laminar flow and dispersion caused by 
turbulence are very important in all real tubular reactors, we prefer to use the constant- 
cross-section, constant-density version of this equation so that we can easily see how it 
must be modified to handle these situations. 

CONVERSION IN A C0NSTANT-DENSI7Y PFTR 

We now consider solutions to the preceding equation for simple kinetics. For reacfant species 
A(v A — — 1) the equation becomes 

dC A 

u ~ = -r(C A ) 
dz 
For r — kC A substitution yields 

dz 
and after separation we obtain the differential equation 

dC A _ dz 
C A u 

This equation must be integrated between z = 0, where C A = C Ao , to position z, where 
C A = Ca(z), to position L, where C A = C A (L), 



/^-K 
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C A (z) kz 



Solving for Ca, we obtain 

C A (z) = C Ao e- kz ' u 



C A {L) = C Ao e~ kL ^ = C Ao 



E\amplc 3-3 The reaction A -> B, r = kC A occurs in PFTR with 90% 
k = 0.5 min" 1 , C^,, = 2 moles/liter, and v = 4 liters/min, what residence tir 
volume will be required? 

From ihe previous equation we have 

1 , C A (L) 1 2.0 

r = V = " ln T^- + rU ln a2- 

= 2 ln 10 = 4.61 min 



V = vt = 4 x4.61 = 18.4 liters 
Note that this answer is totally different than for this reaction 
CSTR and that the residence time and reactor volume required are considerably 
smaller in a PFTR than in a CSTR. 

How long a 2 cm diameter tube would be required for this conversion and what would be 
' the fluid velocity? 

The length is the volume divided by the cross-sectional area or 
4 v 4 x 18.4 x 10 3 



£ jrD 2 7T x 2 x 2 

I md 

L 5860 

u = 1 = Tm- 

Thus, whi]e the PFTR reactor volume is much smaller than the CSTR for this 
conversion, the PFTR tube length may become impractical, particularly when 
i pumping costs are considered. 

; ' tample 3-4 The reaction A — ^ B, r = kC\ occurs in PFTR with 90% conversion. If 
k = 0.5 liter mole -1 min"" 1 , C^o — 2 moles/liter, and v = 4 liter/min, what residence time 
and reactor volume vvill be required? 
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From the previous equation we have 



t dC A _ 1 / 1 1 \ _ 1 / 1 

= J IĈ^i ~~ k \7~ ~ Ĉ~Z) ~ 05 \02 



V = 4 x 9 = 36 liters 

Comparison with batch reactor 

We could proceed as before to write out the expressions for the irreversible reaction 

A — >■ products, r = kC n A 

for different values of n, but in fact we have alreadv worked these problems in the previous 

In a PFTR the time t that a molecule has spent in the reactor is z/u, and the time for 
the molecule to leave the reactor is L/u, which is the total time that a molecule has spent 
in the reactor, 

TPFTR = ^batch 
Therefore, to find the behavior of a PFTR for kinetics that we have solved in a batch reactor, 
all we have to do is make the transformation fbatch — > TpFTR- Th e solution for the «th-order 
irreversible reaction from Chapter 2 is 



| ____ C Ao [\+ (n~\)kC n A - [ x] l ^- n) \ 

(except for n = 1), where all we did was replace / for the batch reactor by % for the PFTR. 
We can write for the residence time in a constant-densitv, constant-cross-section PFTR 

Tpftr = V/v = L/u 
because, for constant reactor cross section Ai, we have V = A t L and v = uA{. 

The PFTR was in fact assumed to be in a steady state in which no parameters vary 
with time (but they obviously vary with position), whereas the batch reactor is assumed 
to be spatialfy uniform and vary only with time. In the argument we switched to a moving 
coordinate system in which we traveled down the reactor with the fluid velocity u, and in 
that case we follow the change in reactant molecules undergoing reaction as they move 
down the tube. This is identical to the situation in a batch reactor! 

We can show this more formally by writing dt — >• dz/u 

% + •%■-«- 

which shows that the performance of batch reactor and PFTR are identical, with the reaction 
time t in a batch reactor corresponding to the residence time t in a PFTR. Again, we note 
that a PFTR "acts like" a batch reactor, while a CSTR "looks like" a batch reactor. 



i betvveen Batch, CSTR, and PFTR 



Example 3-5 Compare the reactor volumes necessary 
previous examples for first and second order irreversible 



i first-order irreversible reaction 

Vcstr = 72 liters 



a CSTR with a CSTR. 



For a second-order irreversible 



aiici 



= 36 liters 



KpFTR = 

The PFTR is the clear "winner" in this comparison if re 
criterion. The choice is not that simple because of the c 
pumping costs. 



r volume is the only 



COMPARISON BETVVEEN BATCH, CSTR, AND PFTR 

We have now developed mass balance equations for the three simple reactors in which 
we can easily calculate conversion versus time /batch» residence time T, or position L for 
specified kinetics. For a frrst-order irreversible reaction with constant density we have solved 



the mass balance equations to yield 



1 f dC A 

~k J ~C A '~ 



+" 7 ln 77" 
k C A 



^CSTR = " 



c Ao — C A 

kC A 



Obviously, batch and PFTR will give the same conversion, but the CSTR gives a lower 
conversion for the same reaction time (batch) or residence time (continuous). 

We can immediately see major reactor dcsign considerations between batch, CSTR, 
and PFTR. Table 3-1 shows the first of many situations where we are interested in the 
design of a reactor. We may be interested in choosing minimum volume or many other 
process variables in designing the best reactor for a given process. 

In spite of the simplicity and continuous operation of the CSTR, it usually requires a 
longer residence time for a given conversion. For first-order kinetics at identical conversions 
and volumetric flow rates, this ratio is 



^CSTR 
TpFTR 



VcSTR 



_ C Ao /C A - 1 _ 



V PFrR Ca ln (C Ao /C A ) ln (C Ao /C A ) (1 - X) ln [1/(1 - X)] 
We indicate this ratio for different values of fractional conversion in Table 3-2. 
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TABLE 3-1 

Comparisons of Possible Advantages (-|-) and Disadvantages (— ) of Batch, CSTR, 

and PFTR Reactors 



simplicity and cost 
continuous operation 
large throughput 
cleanout 



TABLE 3-2 

Ratio of Residence Times and Reactor Volumes in CSTR and PFTR versus Conversion for a 

First-Order Irreversible Reaction 



X-_(C Ao C A )/C Ao 



It is clear that the CSTR quickly becomes extremely large (large volume or large 
residence time) compared to the PFTR for high conversions for these kinefics. It is instructive 
to plot C A /C Ao versus x to see how C A decreases in fhe two ideal reactors (Figure 3-3). 

The example in Figure 3-3 is for a first order irreversible reaction. We can generalize 
this to say fhat fhe PFTR requires a smaller reactor volume for given conversion for any 
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positive order kinetics, and the difference becomes larger as the order of the reaction 
increases. For zeroth order kinetics the sizes required for a given conversion are exactly 
equal, and for negative order kinetics the CSTR requires a smaller volume than a PFTR 
(or batch reactor). We will show later that this is not necessarih/ true in a nonisothermal 
reactor, where the CSTR can "win" over the PFTR in both simplicitv and residence time. 



THE l/r PLOT 



There is a graphical 
types and combinations 



that shows the difference of residence times in different 
chemical reactors. We write the mass balance equations as 

Cao — Ca 



r(C A ) 



r{C A ) 



(C Ao - C A ) 



J KĈI) 



dC A 



CAo 



The time t in a CSTR is the area under the rectangle of width (C Ao — Ca) and height 
\/r(C A ), while the time i in a PFTR is the area under the curve l/r(C A ) from C Ao to Ca. 
Shown in Figure 34 are plots of r versus (C Ao — Ca) for r = kC\ for several values of the 
order n. It is obvious that r is a monotonicalh/ decreasing function of C A o ~ C A if n > 0, 
a horizontal line if n = 0, and increases with Cyj — C A if n < 0. The 1/r plots obviously 
have reversed slopes. 

Note that 1 jr goes to infinity as C A — > for any kinetics because reaction rates must 
go to zero when reactants have been consumed. This is equivalent to saying that the kinetics 
of all reactions must become positive order in the limit of any reactant disappearing. 




r o 

1 


/ / 

/n=2 n=2 


(i 


r o 


"~^^^^n=0 || 




n=-1^~"-^-^_l [ 



C Ao' C A C Ao" C A 

Figure 3-4 Plots of r andl/r versusCAo-C^for the nth-order irreversible reactions. 
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C Ao" C A 



From these graphs of 1/r versus C Ao ~ C A v 
PFTR and CSTR, as shown in Figure 3-5. 

In the CSTR the rectangle is drawn with a height equal to 1/r evaluatedat theproduct 
conversion, while in the PFTR the height varies from inlet to product conversion. The CSTR 
rectangle obviously has a larger area as long as 1 /r is i 
C Ao - C A (r monotonicallv decreasing), while areas are equal f 
has a smaller area for n < 0. 

This construction also shows why the CSTR becomes much less 
much larger volume) at high conversions. The l/r curve increases rapidly t 
and therefore r in a CSTR becomes very large compared to Tpftr. 

Thus it is evident that a PFTR is always the reactor of choice (sma 
than zero-order kinetics in an isothermal reactor. The CSTR may still be 
for cost reasons as long as the conversion is not too high, but the isothern 
superior at high conversions whenever n > 0. 

The question of choosing a PFTR or a CSTR will occur throughoi 
the preceding arguments it is clear that the PFTR usualh/ requires a smaller reactor volume 
for a given conversion, but even here the CSTR may be preferred because it may have lowei 
material cost (pipe is more expensive than a pot). We will later see other situations where a 
CSTR is clearly preferred, for example, in some situations to maximize reaction selectivity, 
fn most nonisothermal reactors, and in polymerization processes where plugging a tube 
with overpolvmerized solid polvmer could be disastrous. 



:ally increasing function of 
0, and the rectangle 



efficient (requires 
) cc as C A -> 0, 

ler V) for greater 
avored for n > 
lal PFTR is much 

t this book. From 



SEMIBATCH REACTORS 



Semibatch reacton 
type is frequently 



are commonh/ used for small-volume chemical production. This reactor 
sed for biological reactions and for polymerization. In the batch reactor, 
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we required that thc systcm bc closed, meaning that wc neither add nor remove fluids after 
t = 0, where we assumed we started the process. It is of course possible to add feed or 
withdraw product continuouslv in a "batch" process, and we call this a semibatch reactor. 
If the reactor is spatiallv uniform, the mass balance on species j can be written as 

dt J J J 

and for reactant A this becomes 



dN A _ 



For a constant-densitv, 



-^= v C Ao -vC A -Vr 



Note that this is exactly the transient CSTR equation we derived previously, and elimination 
of the flow terms yields the batch reactor. Keeping all these terms and allowing i) , v, V, 
and C Ao to vary with time yields the semibatch reactor. 

In this reactor species A may be added continuously but nothing removed to give 



but now the volume V of the reactor contents increases linearly with 



We therefore obtain 

(V + v t) ~ = v C Ao - (V + v t)r(C A ) 

This is a simple frrst-order differential equation in C A and t, but the equation is not separable 
and must be solved numerically. 

Semibatch reactors are especialb/ important for bioreactions, where one wants to add 
an enzyme continuously, and for multiple-reaction systems, where one wants to maximize 
the selectivity to a specific product. For these processes we may want to place one reactant 
(say, A) in the reactor initially and add another reactant (say, B) continuously. This makes 
C A large at all times but keeps Cg small. We will see the value of these concentrations on 
selectivity and yield in multiple-reaction systems in the next chapter. 

Semibatch processes are also important in solids processing such as in foods and 
microelectronics, where it is more practical to load the reactor with a batch of soMds (bread 
dough or sihcon wafers) and subject the solids to heat and gas or liquid reactants. The 
processed solids are then withdrawn after a suitable time, and the reactor is reloaded. 

VARIABLE-DENSI7Y REACTORS 

Consider the reaction 

A->3fi, r=kC\ 

in a constant-pressure reactor with A and B ideal gases and no diluents present. The density 
of the fluid in the reactor clearly changes as the reaction proceeds. At completion in a 
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continuous reactor, we make three moles of produc 
reactor so that the volumetric flow rate out of the i 
rate into the reactor d , 



for each mole of reactant fed into the 
actor v would be three times the flow 



In a tubular reactor 
completion is three t 



t diameter the velocitv i 
; tbe inlet velocitv u a , 

u =3w 



when the reaction has gone to 



We call this situation variable density, and the previous equations clearly do not describe 
this situation because v, r, and u in these equations depend on the conversion. 

For ideal gases the mole densities do not change if the reaction produces more or less 
moles of product than the reactants. However, the mass density of the gas mixture changes, 
and this causes the volumetric flow rate and velocity of gases through the reactor to change 
as the conversion increases. 

For the batch reactor we saw in the previous chapter that by switching from C A as 
the composition variable to fractional conversion X, we could easily write the differential 
equation to be solved for compositions versus time. We prefer to use concentration units 
whenever possible, but, if the density is a function of composition, concentrations become 
cumbersome variables, and we must switch to another designation of density such as the 
fractional 



CSTR 






For the CSTR we begin with the mass-balance equation we 


for concentration 


^ = W,.*»r 


which for reactant A in steady state becomes 


F Ao -F A -Vr = 


Now since the molar flow rate of A varies with conversion a 


Fa = F Ao (l - X) 


we can write this mass-balance equation as 


Fao ~F a = F Ao X = Vr(X) 


In steady state this equation can be 


earranged to become 




v = F -vk 





derived before v 



While this equation is correct for the steady-state CSTR with variable density, it does not 
give a correct description of the transient CSTR for variable density because N A (meaning 
the number of moles of species A in the reactor) is not given by the preceding expression 
unless the density is constant. 
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Note that in the preceding 3 equations we defined the conversion X by the above 
equation, and this requires that we mean the conversion of reactant A . If there are multiple 
reactants, we must be careful to define X in a consistent way, and for multiple reactions we 
use X to signify the conversion of reactant A (we wi]l use X A to make this clear), but we 
would need additional Xs for each reactant. 

Since the CSTR operates with the same conversion throughout the reactor, we can 
describe the volumetric flow rate by the equations 

v= u (l+ vX) 
where y = J^ ■ V:. Therefore, the residence time in a variable-density reactor is given by 
the expression 

V v c Ao - C A 



X = - 



«od + 



vX). r(C A ) 



PFTR 

For the PFTR we return to the original mass-balance equation 

Fjizi-Fjiz + dzi^-Aidzvjr 
Since A t dz = dV, the element of reactor volume between z and Z + dz, this equation for 



reactant A can be written 



dF A 



Substituting dF A = —F Ao dX, this becomes 



rj£-m 




which can be integrated to yield 



These expressions are appropriate whether or not the density of the fluid varies with 
nversion. The latter is also valid if the cross section of the tube varies with z. Note the 
nilarity (and difference) between the CSTR and PFTR expressions, the first being F Ao 
les X/r(X) and the second F Ao times the integral ofdX/r(X). 

We will work out the solution to variable-density reactors for a simple example where 
; number of moles varies with conversion. 



| Example 3-6 Find expressioi 
I for the reaction 



s the reactor volume V for specified and feed flow rate F Ao 



>2B + C, r= kC\ 
n a CSTR and in a PFTR. 
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This is most conveniently s 
writing expressions for Nj 1 


2t up by considering a ba 
n terms of X, 




N A = N Ao (\ - X) 




N B = 2N Ao X 




N c = N Ao X 



J:N = N Ao (l + 2X) 
This shows that one mole of reactant is converted into three moles of product 
when the reaction goes to completion, X = 1. We write the volume change of 
the fluid (not the volume of the reactor) as V = V (l + 2X) and the number of 
moles of A in that volume as N A = N Ao (\ — X). [Note that in the above N A is 
not fhe number of moles in the reactor and V is not the reactor volume but fhe 
volume per mole.] Therefore, from fhese relations we obtain C A as a function of 
the conversion as 

NaoO. - X) 1 - x 

~ V (l + IX) = Ao 1 + IX 

The reaction rate in terms of X is therefore 

r *L A ^ao (1+2X)2 

This expression can be inserted into fhe CSTR and PFTR mass-balance equations 
to yield 

V =F X - Fao X(1 + 1X)1 

CSTR tA» m - k ^ (1 _ x)1 

au<! 



" =Fa °I ^) = M:f 



d-X) 2 



= ^r- 9 - i2in(i - z)+ mj ( 

These equations are significantly more complicated to solve fhan fhose for constant 
density. If we specify fhe reactor volume and must calculate fhe conversion, for second- 
order kinetics we have to solve a cubic polynomial for the CSTR and a transcendental 
equation for the PFTR. In principle, fhe problems are similar to the same problems with 
constant density, but the algebra is more complicated. Because we want to illusfrate fhe 
principles of cheinical rcactors in this book wifhout becoming lost in the calculations, we 
will usually assume constant density in most of our development and in problems. 

:? Example 3-7 Find the reactor volume V required to obtain 90% conversion in the reaction 

I A->n B B, r = kC A 

• among ideal gases in a CSTR and in a PFTR wifh no diluent for n B = 2, 1, and | wifh 
C Ao = 2 moles/liter, k = 0.5 mirr 1 , and v = 4 liters/mm. [Note that fhis would involve a 
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high-pressure reactor because a gas at 2 moles/liter gives P A — C A RT = 2x 0.082 X 300 = 
49 atm. We use these values because we have been using variations of this problem for all 
examples.J 



For Hb = 2 on a basis of N Ao moles of A, the expressions for N A and N B in terms 

of Xare 

N A = N Ao (\ - X) 
N B = 2N Ao X 



N A + N B = N Ao (\ + X) 
The volume occupied by these moles is V = V (1 + X) and therefore 
r __ N A0 (\ - X) r 1-X , 
L& ~ V (l +X) - Ao 'i + 'i 















1 + Jf 








This 


rate 


expression 


can 


be inserted 


nto the CSTR and PFTR mass 


-balance 


equations 


to yield 




















VcSTR = 


Fac 


X 
ĤX) 


kC A 


X(\ + X) v 
\-X k 1 


oX(l 


+ X) 
X 










4 


0.9(1 

1 - 


+ 0.9) 
0.9 


= 1.9 = 136.8 

8 oT 


Uters 







= Fao [ *L=I*L[l±l d 
A ° J r(X) kC Ao J 1 - x 



= — [-X - 2 ln(l - X)] = 29.6 liters 
k 
For n B = 1, the density does not change with conversion so that C A = C Ao ( 1 — X) 



F Ao X V 0= X__ 

tf" kC Ao \~X k l-X 



VppTR 



_ [ dX __ F Ao f 1 . y «o ln 1 

=W rxm = kĉ7 ] T-n dx= i ln r- 



= 8 ln 10 = 18.4 liters 
: 1/2, the expressions for N A , N B , and V give 



106 Single Reactions in Continuous Isothermal Reactors 

c N Ao (l - X) 
A V (l - \X) = 



1 - x 



Therefore, we obtain 

Vcstr = Fa - 



F Ao X(l - \X) y X(l - jX) 



r(X) kC Ao 1 
4 0.9(1 - 0.45) _ 



40 j r(X)-fcC Ao j lTT d * 



VpFTR = ^ 



= __[_ ln(l - X) + X] = 8(ln 10 + 0.9) = 12.8 liters 
t is inieresting to compare these reactor volumes: 



1« 


VCSTR 


^PFTR 




136.8 


29.6 






18.4 


1/2 


39.6 


12.8 



Note that V is larger than with no densitv change if the reaction produces more 
moles (ng = 2) because this dilutes the reactant, while V is smaller if the reaction 
reduces the number of moles (ra B = j)- 

It is also interesting to compare the conversions versus reactor volumes for these 
stoichiometries, and these are shown in Figure 3-6. 




Figure 3-6 Plot of 

for rla = 2 . 1. and ^. The times are all close until the 
lt for na = 2 and slows the 
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When the density varies vvith conversion, the analogy betvveen the batch reactor and 
the PFTR (dt — >• dt) is no longer appropriate. In the batch reactor vvith ideal gases, the 
density varies vvith conversion in a constant-pressure reactor but not in a constant-volume 
reactor. In a flovv reactor, the reactor volume is fixed, no matter vvhat the density. In a flovv 
reactor the volumetric flovv rate changes vvith conversion if there is a mole number change 
vvith ideal gases. 

The constant-density approximation is frequently used even vvhen it does not apply 
exactly because is much simpler to solve the equations, and the errors are usually not large. 
The constant-density approximation can be used for the follovving situations: 

1. Equal moles of reactants and products, 

2. Liquids, 

3. Diluted gases, and 

4. Estimations. 



ire frequently not large, and preliminary calcu- 
> check for numerical errors in more complex 



The errors in assuming constant density ; 
lations vvith constant density are useful t( 
calculations. 

We note finally that none of these formulations gives an accurate description of any 
reactor in which there is a pressure drop in gases flovving through the reactor, and we must 
solve the continuity equation simultaneously with the species mass-balance equation to 
describe that situation. Another rather complex type of problem involves nonideal gases 
and gas mixiures because then only numerical solutions are possible. Since our primary 
goal in this course is to find simple approximate solutions to very complex problems, we 
will not consider reactors with pressure drop or among nonideal gases here. 
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In a variable-density reactor the residence time depends on 
selectivity in a multiple-reaction system). Also, in any reactor involving 
is also a function of reactor pressure and temperature, even if there is no 
of moles in the reaction. Therefore, we frequently base reactor performan 
of moles or mass of reactants processed per unit time, based on the molar 
of the feed into the reactor. These feed variables can be kept constant as 
such as conversion, T, and P are varied. 

NVhenever the density of the fluid in the reactor varies as the 
the reactor residence time % is not a simple independent variable t 
performance. Typicalfy, we still know thc inlet variables such as v , T 
these are independent of conversion. 

Since the volumetric flow rate is a function of X, T, and P, the residence time 
V/v depends on these variables. Instead of using the reactor residence time T to describe 
performance, an analogous quantity called the space time ST, defined as 

V 



(and on the 
gases, the density 
change in number 
;e on the number 

j reactor parameters 

reaction proceeds, 
to describe reactor 
, Fj , and C , and 



ST = 



V 
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is commonly used. Obviously, ST is equal to X in a constant-density reactor whenever 
v = Vo (see Figure 3-7). 

Another commonly used designation of this quantity is its inverse, called the space 

velocity SV, 



SV = 



Vo 



1 



which can be regarded a 
the feed conditions. The 
but this nomenclature ha 
Other complicatioi 
may vary, and thus the volumetric flow rat 
temperature and pressure at fixed mass flow 



the number of reactor volumes of feed processed per unit time at 
se of the words space and velocity in these quantities is obscure, 
become common throughout the chemical and petroleum industry. 
are fhat the reactor feed may be preheated and the feed pressure 
gases will be funcfions of fhe reactor 
Therefore, the space velocity of gases 



is frequently defined at standard conditions: T — 25°C and P = 1 atm. 

The most common descriptions of fhese quantities in industry are the gas hourly space 
velocity 

_ [ v °l ume °f gaseous feed processed per hour] 
[volume of reactor] 
and the liquid hourly space velocity 

[volume of liquid feed processed per hour] 



LHSV ■■ 



[volume of n 



or| 



T{°C) 



1200 






• HCN synthesis 
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CH 3 OH • • hydrogenation 
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f gure 3-7 Plot ol' nominal space times (or rcactoi rcsidcncc timcs) required lor several iinportant industrial 
reactors versus thc nominal reactor temperamres. Times «o Irom da> s I foi rcrmenlalion) do\\ n lo milliseconds 
(for ammoniaoxidaiion to lorm nitric a.cid). The lo\v-lem|)cramrc. lontt-limc proccsses in\ol\e liquids, while the 
ii i mpei nuii horl lime processes involve gases, usually at high pressures. 
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figure 3-8 Sketch of ideal chemical n 
series with Ca„, the product from reactor 
is also the feed into reactor n + 1. 



&pm?p-&~ 



Both have units of h ', and they can be regarded as the number of reactor volumes of 
reactant processed per hour. They are usually evaluated for the feed at 25°C and 1 atm. 
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Next we consider several mixed chemical reactors in series. As sketched in Figure 3-8, the 
feed to the first is C Ao , tt* effluent from the first is Cai, which is the feed to the second, the 
effluent from the second is Cai, which is the feed to the third, etc. The concentrations C A 
from the nth reactor are obtained by solving each reactor mass balance successively. 



CSTRs in series 



For first-order kinetics with equal-volume CSTR r 
the mass balances on species A become 



5 (and therefore for all TS equal), 



C Ao - Cai = T,r(CAi) 
C A \ - C A2 = r 2 r(C A2 ) 
C A2 - C A3 - r 3 r(C A 3) 



C A ,n-\ - C An - r n r(C An ) 
because each reactor operates at its product concentration. These equations can be solved 
sequentially to yield 

C Ao 



C A \ = 

Ca2 = 

Cm = 



(1 + kx x ) 

C M C Aŭ 

(1 + kr 2 ) = (1 + *r,)(l + kr 2 ) 

C A 2 C Ao 



(1 + kx 3 ) =(1 + jkr,)(l+kr 2 )(l+ kx 3 ) 



or for fhe nfh reactor 



C A „ 



C A (n-\) 



C A o 



LAn - (1+ kx„)= n,(U kx K ) 
Now if each reactor has the same residence time r (all reactors have the same volume), 
then the total residence time T (bold) in the series of n equal-residence-time CSTRs is 
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C Ao" C A c Ao" C A 

4 CSTRs 10 CSTRs 

, and n equal-volume 



and C An , the concentration from the nth reactor 
expression 



5 °f Cao by the simple 



" (1 + kr n y 



Let us examine the total volume and total residence time r to be expected for a given 
conversion in CSTRs in series compared to a PFTR or a single CSTR. On our graph of 
l/r versus C Ao — C A (Figure 3-9), we see that for n CSTRs in series vvith equal residence 
times, we have n equal-area rectangles whose height is given by the intersection of the l/r 
curve at the product concentration from that reactor, intersecting at the upper right corner 
of each rectangle. Making all areas equal, we see that for a large number of CSTRs the area 
(total r) approaches that of a single PFTR with the same T. 

This is generalh/ true: a series of mixed reactors has a performance closer to that of 
the PFTR. Thus by using several mixed reactors connected in series, we can gain some of 
the desired characteristics of the CSTR (cheaper and easier to maintain) while approaching 
the performance of the PFTR without the volume penalty by using several smaller CSTRs 
in series. Of course the cost of several smaller reactors is usually greater than one large 
reactor, and this is another design situation where one must trade off total reactor volume 
and cost. 



Example 3-8 The reaction A -> B, r 
each with residence time r, with 90% 
moles/liter, and v = 4 liters/min, what n 
fom = 1, 2, 3, and4? 



= kC^ occurs in n equal volume CSTRs in series, 
>verall conversion. If k = 0.5 min- 1 , C Ao = 2 
iidence times and reactor volumes will be required 



We rearrange the equation for n equal volume CSTRs in series, 
C An 
^ An = (i + kr n )" 
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Therefore, we have 

. 1 C Ao\ 



' k\C A ) 



-(10-ICaoCao-C a 



JfcCt 



T 2 = 2t = j (£^\ - 1 = ^d0 1/2 - 1) = 8-65 mm 

T 3 = 3t = ^(^ - 1 = -±-(\0^-l) = 6.92 min 
k \ C A f 0.5 

a /n \l/4 < 

^(lO^- l) = 6.22min 



-1 = 



0.5 



For n = 1 we have the solution for a single CSTR, and r decreases wifh n to 
approach the PFTR for which % = 4.61 min. 

The reactor volumes are V = vr n , which are 72, 34.6, 27.7, and 24.9 liters, 
respectively. An infinite number of CSTRs in series would require the total volume 
of a PFTR, which is 4 x 4.61 = 18.4 liters to run this reaction to this conversion. 



PFTR + CSTR 

We have just seen that a combination of CSTRs gives a total residence time that approaches 
that of a PFTR. Next we consider a combination of reactors involving bofh CSTRs and 
PFTRs as sketched in Figure 3-10. 

For a PFTR followed by a CSTR we solve each reactor mass balance sequentially to 
find C A2 (C Ao , t). For first-order kinetics this gives 



c a „-g: 



P&ro K 



pAo *" 



Continuous Isothermal Reactors 



C A 2= C Al /(\ + kr 2 ) = 



\-kx 2 



e -^i 



= C Al e~ k 



s for a CSTR followed by a PFTR, we obtain 

1 + kx\ 

Thus, for two equal-volume reactors (x\ = x 2 ) with frrst-order kinefics the expressions are 
identical for bofh configurations. 

With two equal-volume reactors, the overall conversion in fhese two reactors is 
independent of which reactor is first, but in general it is a common strategv to use a CSTR 
first where fhe conversion is low and fhen switch to a PFTR as fhe conversion becomes high 
to minimize total reactor volume. The tofal residence 
indicated by fhe 1/ r plots in Figure 3-1 1. 



i CSTR+PFTR i 



AUTOCATALYTIC REACTIONS 



Consider next fhe l 



= kC A C B 



This doesn't look much different fhan fhe rate expressions we have been using previously 
(maybe they are all starting to look fhe same), but fhis is a very different reaction because 
the rate of fhe fonvard reaction is enhanced by the concentration of a product. This reaction 
could also be written 

A + B -» 2B, r = kC A C B 
which correctly indicates the kfnetics from fhe stoichiometry. 

Note that fhe expression r = kC A C B requires fhat fhe rate is zero if C B = 0. If we 
fry to run fhis reaction in a batch or PFTR wifh no B in fhe feed, fhere will be no reaction, 
while a CSTR operating at fhe product composition gives no problem. We call fhis type of 
reaction autocatalytic in fhat fhe product B acts as a catalyst to promote fhe reaction. 

Writing fhis rate as 

r(C A )-kC A C B = kC A (C Ao + C Bo - C A ) 
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we see that the rate is a parabola when r is plotted versus C A or X. Therefore, a \/r versus 
Cao ~ Ca plot is a hvperbola, as sketched in Figure 3-12. If fhe feed into a reactor is pure 
A, Cbo = °' then 

r = kC A (C Ao -CA) 

so we see fhat r = when C A = C Ao and also when C A = 0. Therefore \jr — > 00 at 
C A = C Ao and also at C A = 0. Thus the PFTR will require an infinite residence time if 
there is no B in fhe feed to fhe reactor, while a CSTR will give fhe usual rectangle for T. 
These TS are shown in the 1/r plots in Figure 3-12. 

We can solve for autocatalytic reactions fairly simply. Consider fhe reaction 



A-» l 



r = kC A C B 



In a PFTR fhe solution i; 



' = / 



dC A 



kC A (C Ao+ C Bo -C A )= k(C M 



(c A ■ c A \ 

J c A J C Ao + C Bo -C A 
C A o c Ao / 



1 , / C A C Bo \ 

= k(C Ao + C Bo ) \C Ao + C Bo — C A C Ao J 
which will be infinite if C Bo = 0. 

In a CSTR fhe solution for fhis autocatalvtic reaction is 
Wo — C A C Ao — C A 



r(C A ) = kC A (C Ao+ C Bo -C A ) 
which gives no problems when C Bo = 0. 




C Ao" C A 



C Ao" C A 



Figure3-12 Plots of r and 1/r ' 

requires infinite residence linie if no 
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We could still use a PFTR reactor for this reaction if ' 
product or if we used a recyde tubular reactor to feed a portio 
feed (Figure 3-13). 



e seeded the reactant with 
of the product back to the 



Fermentation 



This type of autocatalytic reaction is a simplification of many biological reactions such as 
fermentation, where the reaction produces products (species B in the previous example), 
which accelerates the rate. In fermentation, yeast cells in the solution produce enzymes that 
catalyze the decomposition of sugar to produce ethanol as a byproduct of yeast reproduction. 
Since the yeast population increases as the reaction proceeds, the enzyme concentration 
increases, and the process appears to be autocatalytic. A highly simplified description of 
fermentation might be 

sugar + enzyme ->• alcohol + 2 enzyme, r = k [sugar] [enzyme] 

which fits the preceding autocatalytic reaction scheme, although the simple stoichiometry 
written here is incorrect. This reaction roughly fits our ideal autocatalytic reaction 



A + B 



>2B, 



■- kC A C B 



with A sugar and B enzyme. 
1'ermentation reactors ai 



usualh/ CSTRs for 




DC 



product feed TR 



3— *- jt) ^r 
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seeded with yeast (continuous seeding yields the semibatch reactor of the previous section). 
The single-celled yeast plants reproduce themselves by generating enzymes that break 
down the sugar into smaller molecules that the yeast cells can metabolize. Ethanol is a 
byproduct of this digestion process, and it becomes toxic to the yeast cells if its concentration 
exceeds -12% by volume; so at high sugar concentrations the reaction must slow down 
and eventually cease before going to completion. 



Corn bustion processes 



Combustion and flame reactions are also highly autocatalytic processes. Here the formation 
of products and intermediates such as free radicals act to promote or accelerate the reaction 
in reaction steps, which can be simplified as 

A + R -> 2R 
where A is a fuel molecule and R is a radical species. 

Heat generation by exothermic combustion reaction can also accelerates combustion 
processes (as it also does slightly for fermentation), and we call this thermal autocatalysis 
which will be discussed more in Chapters 5, 6, and 10. 



REVERSIBLE REAC710NS 



For a reversible reaction the rate goes to zero before the reaction reaches completion, and 
1 /r therefore goes to infinity. A plot of 1/r versus Cao ~ Ci> wim positive-order kinetics 
will look as shown in Figure 3-14. The residence time for a given conversion obviously 
approaches infinity as the conversion approaches equiMbrium in either a PFTR or CSTR. 



Just ; 



for irreversible 



, the CSTR requires a longer T for a given 




C Ao" C A 

Figure 3-14 The r and \jr plots for a reversible reactioi 



C An _C A 



i therefore 1/r goes to infinity 



ictions in Continuous Isothermal Reactors 

Example 3-9 For the reaction A ^± B, r = kfC A — ^Cb, find the residence time 
50% conversion in a CSTR and in a PFTR if k { = 0.5 min" 1 , k b = 0.1 min" 1 , C Ac 
moles/liter, v = 4 liters/min, and Cbo = 0. 

For the CSTR we solve the equation 

Cao ~ Ca Cao — Ca 



■■ k f C A - k b C B = k f C A - k b (C Ao - C A ) 

= 0.4 = 2.5 min 



0.5 x 1.0-0.1-0.) 
5 solve the equation 



f o 

T ; hc A -h 



,(C Ao » C A ) = h + k h (k { + ^ b )C A - * b C Ao 
0.5 x 2 



0.6 x 1 -0.1 x 2 



For this reaction calculate the residence time for 90% conversion in a CSTR and in a PFTR. 

Answer: % = 00 in either reactor. 

If we inserted Ca = 0-2 moles/Uter in the preceding equations, we would obtain 

a negative residence time, which is clearly nonsense. 

We would be trying to go bevoiul tlic equilibriitm conversion, which is 

M ^6,eq *- A o ~ ^A.eg _ r n 

^b C^eq C Ae q 

so that C Ate q = 0.33 moles/liter, Cĵĵ,eq = 1-67 moles/liter, and the equilibrium 
conversion is 83%. This is the maximum conversion obtainable for these kinetics 
in any single reactor. 

1RANSIEN15 IN CONHNUOUS REACIORS 

We have ftius far considered only steady-state operation of the CSTR and the PFTR. Thi s 



and no parameters vary with time. However, all continuous reactors must be started, an d 
parameters such as feed composition, flow rate, and temperature may vary because feed 
composition and conditions change with time. We therefore need to consider transier it 
operation of the CSTR and the PFTR. Transients are a major cause of problems in reactor 
operation because they can cause poor performance. Even more important, problems during 
startup and shutdown are a major cause of accidents and explosions. 

Returning to the CSTR mass-balance equation for species A, we obtain 

^ = F Ao -F A -Vr(C A ) 



r volume and flow r 



Transients in Continuous Reactors 



and the density is unchanged, this becomes 



- = v(C Ao C A ) - Vr(C A ) 



-- (C Ao - C A ) - xr(C A ) 



as the vvorking equation for transients in a constant-density CSTR. 



Solvent replacement 



a simple example, consider the 

i tank (C A \ = 0) is replaced by a solute a 

er in a tank by a brine solution. Since there 

dC A 



when a pure solvent initially 
C Ao , such as replacing pure 
the mass-balance equation is 



dt 



- (C Ao - C A ) 
i Cau vvhich is the initial condition in solving this 



The concentration in the tank at t - 
frrst-order differential equation. 

[Note carefully here the difference between Cm (initial concentration within the tank) 
and Ca (feed concentration into the tank). Note also the difference between the reactor 
residence time r and the time t after the switch in the feed is initiated.] 

The solution to this differential equation is 



dC A 

c Ao — C A 



' dt 



which gives 

C A (t) = C Ai + (C Ao -C A \)e- t/T 
which predicts a tank and effluent concentration that varies from C Ao to C A \ with a time 
constant T. This is plotted in Figure 3-15. 



Reaction 



Consider next the situation in which a tank initially filled with pure solvent is switched to 
reactant at feed concentration C A o mat reacts with r = kC A . As before, C A = at / = 0, 
but now we must include the reaction term to yield 

r~^=(CAo-C A )-krC A 
This is solved as before to yield 

r tf , C Ao - [C Ao - (1 + kx)C M ] exp[-(k + \/x)t] 

CAUJ = 1+jfcT 
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solvent (CA = 0) ii 



lak ii oaches Cas- Th e ' ower I™ 6 ' 
tion where the reactor initially contains 

it Cao, and at t=o reactant flow ai 

nd eventually approachcs a sieauVsialc 



at / = 0, and a 

C A o 



C A (t) 



\+kt 



the steady state for a first-order irreversible reaction in a CSTR. 

Similar transient problems in the CSTR can be easilv formulated. If the reactor volume 
is not constant (such as starting with an empty reactor and beginning to fill it at t = 0) or 
if the volumetric flow rate v into the reactor is changed), then the variable-density version 
of this reactor involving Fa must be used. 

PFTR 



Transients in a PFTR require solution 
of the derivation of the mass balanee u 



dt 



- = -r(Q) 



Note that setting one of the terms on the left side of the equation equal 1 
either the batch reactor equation or the steady-state PFTR equation. Howevi 
we must solve the partial differenfial equation because the concentration is 
both position and time in the reactor. We will consider transients in tubular re; 
detail in Chapter 8 in connection wifh the effects of axial dispersion in alteri 
plug-flow approximafion. 



SOME IMPORTANT SINGLE-REACTiON 
ALKANE ACTIVATION 



Synthesis Gas Reactions 
PROCESSES: 



Most interesting chemical reaction systems involve multiple reactions, which we will 
consider in the next chapter. In this section we examine several reaction svstems that involve 
nearlv a single reaction and are both industriallv important and involve some interesting 
reaction engineering issues. 



Light al kane reactions 



Some of the most important reactions outside the petroleum refining industrv involve the 
conversion of light alkanes, CH4 to C4H10, into useful chemicals. We will examine some 
of these throughout this book. In Figure 3-16 is shown the "flowsheet" of their c 
into chemicals. 



SYNTHESIS GAS REACTIONS 



A mixture of H2 and CO is an important chemical intermediate as are pure H2 and pure 
CO, and this mixture is called syngas or synthesis gas. These intermediates are used for 
production of gasoline, ammonia, methanol, and acetic acid. 

The process starts by the reaction of natural gas or naphtha (a mixture of larger alkanes) 
and steam over a nickel catalyst in a tube furnace in a process called StedlTl reforming. There 
are many reactions in this system, but the major products are a mixture of CO and H2 in the 



CH 4 + H 2 O^CO+3H 2 



COCIo 



t/ 



2 CO(NH 2 ) 2 

/ 

cn *CO + H 2 ^* 

X 



HCNr 
CH3OH 



•HNO3 
-*MMA 
""*■ nylon 

> HCHO 

*• CH3COOH 



^> C 2 H 4 ► HOC 2 H 4 OH 

C 2 H 6 * C 2 H 4 *C 2 H 5 OH 

\ styrene O 

C=C-0-C-CH 3 

Figure 3-16 Reactions by which CH4, C 2 H 6 , C 3 H 8 , and C 4 Hi 

polymers. Most ot these are major commercial processes. and most • 
gas and natural gas liquids expands. 



X 



*C 3 H 6 ►C = C-CsN 



cumene -*■ acetone + phenol 



C 4 H 10 *" C 4 H J 



y r 



*C 4 H 6 



^MTBE 
maleicanhydride — *-THF 



C 6 Hg — *■ cyclohexane - 
N^ styrene 
xylene 



actions in Continuous Isothermal Reactors 

This reaction is strongly endothermic and proceeds to near-equilibrii 

-850°C at pressures up to -20 atm. The products also contain H2O and C0 2 . If syngas is 

desired, the CO2 and H2O are removed from this mixture (how?). 

Water gas shift 

To adjust the CO:H2 ratio from the reactor for a desired downstream process such as 
methanol svnthesis or to form pure H2 or pure CO, these gases are further reacted in the 
water gas shift (WGS) reaction, 

CO + H 2 <» C0 2 + H 2 

This reaction takes place either at high temperatures (T >500°C) over an Fe or Ni catalyst or 
at lower temperatures (-250°C) over a Ctl/ZnO catalyst. [Why is it much easier to recover 
pure H2 by separating a mixture of H2 and CO2 than a mkture of H 2 and CO?] 

Thus steam reforming is typically done in two or three staged chemical reactors, the 
first a reforming reactor operated at ~850°C, and then one or two WGS reactors operated 
at temperatures as low as 200°C, where the equilibrium conversion to H 2 is higher because 
the WGS reaction is exothermic. 

These reactions can be written as 

CH 4 + H 2 <± CO + 3H 2 , AH R = +49 kcal/mole 
co + H 2 <± C02 + H 2 , A H R = - 10 kcal/mole 

a system involving at least two simultaneous reactions, the subject of the next chapter. 

These reactors operate near equilibrium, and therefore the first reactor must be heated 
to high temperatures because this reaction is endothermic, and the second must be cooled to 
fairly low temperatures. The kinetics of these reactions are very important if one is designing 
a reactor in detail, but the major features of the process are governed by eauilibrium 
limitations and heat effects. 

It is difficult to remove the last traces of CH4 in conventional steam reforming, and the 
reactions are fairly slow. Therefore, modern syngas plants frequently employ autothermal 
reforming, in which the major reaction is 

CH 4 + \0 2 -> CO + 2H 2 , AH R = -8.5 kcal/mole 
This process has several advantages: (1) The reaction is exothermic and no process heat is 
required; and (2) the equilibrium is much more favorable; so the reaction goes to completion. 
This simplifies both the reforming reactor and the WGS reactors, and the economics of 
constructing and operating a steam reformer now favor autothermal reforming for large- 
scale processes in spite of the extra cost of supplying pure 2 rather than just H 2 0. [Why 
does one need to use 2 rather than air in autothermal reforming of CH4 to produce syngas?] 

Uses of CO and H 2 

H 2 has many uses in hydrogenation, and CO has many uses in carbonylation. The mixture 
is used in methanol synthesis and in the Fisher Tropsch synthesis of hydrocarbons. 



. 
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We have alreadv seen some of the uses of H2 in petroleum refining. A major process is 
the hvdrogenation of heavy oil, which has a formula of approximately (CH)„ while gasoline 
has a formula of approximately (CH2)«. Therefore, we can write this hydroprocessing 
reaction approximately as 

(CH)„ + (n/2)H 2 -» (CH 2 )„ 
From this stoichiometry we see that petroleum refinery needs about i mole of H 2 for each 
mole of carbon in gasoline produced by hydroprocessing. 

As we shall also see, there are also many uses of CO. Examples are acetic acid 
production, which is made by reacting methanol with CO 



and polyuretharj 
two reactions tr 

respecfively. 



CH3OH + CO -+ CH3COOH 

, which contain two CO molecules per 
use H 2 and a CO-H 2 mkture, the prodi 



molecule. We consider 
and methanol, 



Ammonia synthesis 

All proteins contain one N atom per amino acid. While N 2 is all around us, the N-N 
bond strength is 225 kcal/mole, and the transformation of N 2 into organic nitrogen is 
very difficult because the rates of its reactions are small at ambient temperature and the 
equilibrium conversion is small at higher temperatures. Fortunately, nature accomplishes 
this readily by nitrogen-fixing bacteria in the soil and in fhe ocean operating at ambient 
temperature, and fhis source of nitrogen is adequate for protein production. However, the 
large-scale production of crops and fhe waging of wars require large amounts of fertilizer 
and explosives, respectively. 

We now obtain essentialfy all this fixed nitrogen from NH3, which we leamed to 
produce early in fhe twentieth century, in a method discovered by Fritz Haber and still 
called fhe H aber process. 

The reaction that produces NH3 is 

N 2 + 3H 2 <± 2NH 3 
and the H 2 is produced by steam reforming of CH4 while the N 2 is produced by separation 
from air. This reaction has a very favorable equilibrium constant at room temperature 
(the conditions where bacteria operate using enzyme catalysts), but we do not yet know 
how to create synthetic catalysts fn fhe laboratory that are effective except at much higher 
temperatures than the catalysts employed by nature. Since fhis reaction is exothermic, fhe 
equilibrium constant for this reaction becomes very unfavorable at temperatures where 
the rate is favorable. These equilibrium considerations are illustrated in Table 3-3 and 
Figure 3-17. 

Fritz Haber and Walter Nemst worked on this problem early in the twentieth century, 
and fhey had to develop fhe ideas of thermodynamic equilibrium to figure out how to 
accomplish fhis in a practical reactor. Equilibrium in the preceding reaction can be written as 

k p nh 3 _ jmi x —( - G **\ 



>m 
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TABLE 3-3 

Equilibrium Constant and Equilibrium P NH3 versus T and P 






Pnh, 


T(°C) K eq 1 atm 


10 atm 


100 atm 



5.27 x 10 5 
0.275 x 10 3 

0. 382 

0.452 x 10" 2 
0.182xl0- 3 
0.160 x 10- 4 



From the equations developed in the previous chapter, we can find K eq at any temperature 
from standard state information on reactants and product. These are indicated in Table 3-3, 
along with the equilibrium partial pressures of NH3 starting with a stoichiometric mkture 
of H2 and N2 at pressures of 1, 10, and 100 atm. 

The equilibrium conversion of NH3 was calculated for a stoichiometric feed of N2 and 
H2 at the total pressures shovvn, These conversions were calculated by writing the number 
of moles of each species versus conversion X, taking a basis of 1 mole of N2. 





Nj 


yj 






N n2 = 3-3X - 


J-3x 3 1 - x 
E m - - - 

4- 2X 2 2 - x 






tf N _ = 1 - X 


1 - X 1 - X 






4 - 2 X ~ 2(2 - X) 






N m} = 2X 


X 






2(2 - X) 






J^Nj=4-2X 


E» = i 




These expressions ca 


n be inserted into the 


expression for the equilibrium const 


intto 


P 2 


__>to 1 


X 2 P 2 16X 2 (2- 


-X) 2 



" ^N 2 ^Ĥ 2 ^^ P 2 (1 - X)P(l - X) 3 P 3 = 27 (1 - X) 4 P 2 
The values of Pm 3 in the preceding table indicate the conditions for which NH3 
production is possible. It is seen that one must use either low temperatures or very high 
pressures to attain a favorable equilibrium. At 25°C, where bacteria operate, the equilibrium 
constant is very large and the conversion is very high, while at higher temperatures K^ 
and Pnh 3 fall rapidly. The best catalysts that have been developed for NH3 synthesis use 
Fe or Ru with promoters, but they attain adequate rates only above -300°C where the 
equilibrium conversion is -3% at 1 atm. 

Modern ammonia synthesis reactors operate at -200 atm at -350°C and produce 
nearly the equilibrium conversion (~70%) in each pass. The NH3 is separated from 
unreacted H2 and N2, which are recycled back to the reactor, such that the overall process of a 
tubular reactor plus separation and recycle produces essentially 100% NH3 conversion. The 
NH3 synthesis reactor is fairly small, and the largest components (and the most expensive) 
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Figure 3-17 Plol oi equilibrium conversion X t versus temper- 

alure i'or ammonhi suilhesis slarlim> \vilh stoichiomelrie leed. 
WMle the _equilibrium is favorable at ambient temperature (where 
bacteria fk N2), the conversion rapidly falls off at elevated tern- 
perature, and commercial a.mmonia svnihesis reactors operate 
with a Fe catalvst at pressures as high as 300 atm to attarn a high 
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are the compressors, which must compress the N^ and H2 to 200 atm. [How can NH3 easily 
be separated from N2 and H2?] 

The equi]ibrium conversion X t versus temperature and pressure for stoichiometric 
feed is shown in Figure 3-17. 



Nitric acid synthesis 



1 



Nitric acid is one of the largest volume commodity chemicals. It is used in fertilizers, in 
nitrate salts, and in nitrating organic molecules. It is also an important oxidizing agent for 
organic chemicals because it is a liquid whose products are only N2 and water: so disposal 
problems of byproducts are minimal. Nitric acid was produced only from animal wastes 
before the twentieth century, but Wilhelm Ostwald showed that it could be produced by the 
direct oxidation of NH3 over a Pt catalyst, and essentially all industrial HNO3 is now made 
by the Ostwald process. 

Nitric acid is produced by the oxidation of NH3 in air at pressures up to 10 atrn over 
a Pt catalyst to produce NO, followed by further air oxidation and hydration to produce 
HNO3. This is a two-step process with water scrubbing to remove HNO3 from N2 and 
excess air. Since over 90% of the NH3 fed into the process is converted into HN03, we can 
describe this process qualitatively as the overall single reaction 



NH 3 4 



alfhough fhe kinetics and 1 
several distinct reactors, 



20 2 -► HNO3 + H 2 

ĵ far from simple, and the process is carried c 



f -0 2 - 

hH 2 0- 



N0 2 
2HN0 3 
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the sum of which is HNO3 formation from NH3. We will leave for a homework problem 
the sketching of a flow diagram of a nitric acid plant. 



Methanol synthesis 

Here the reaction is 

CO + 2H 2 -► CH3OH, AH R = -22 kcal/mole 
This reaction is also strongly exothermic, and the equilibrium yield of CH3OH decreass 
as the temperature is increased. 

AG° R \ 



,, fcH 3 OH ( 

K eq = ——5- = exp 



RT . 



We will leave for a homework problem the calculation of the equilibrium conversion 
of methanol versus temperature and pressure. Figure 3-18 is a plot of the equilibrium 
conversion versus temperature. 

This process has many similarities to NH3 synthesis. The pressure is not as high for 
acceptable conversions, and modem methanol plants operate at -250°C at 30-100 atm and 
produce nearly equilibrium conversions using Cu/ZnO catalysts with unreacted CO and H2 
recycled back into the reactor. 

Methanol is a major chemical intermediate for production of acetic acid and the 
gasoline additive methyl-t-butylether (MTBE). It is an ideal fuel for several types of fuel 
cells, and there is discussion of using pure methanol as a replacement for gasoline. Therefore, 
methanol may soon become an even more important chemical. 



Toluene nitration 

If toluene is heated in HNO3 (made by the oxidation and hydration of NH3, which is 
produced by the Haber process as discussed previously), the toluene is oxidized and nitrated 



CO+2H 2 <*CH30H 




X e v( 







lemperature li 
rtth stoichic 



the equilibrium is favorable at ambient tem- 
perature, the conversion rapidlv decreases at 
higher temperature, and industrial reactors op- 
erate vvith a Cu/ZnO catalyst at pressures as 
highaslOOatm. 
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CH 3 C 6 H 5 + 2HN0 3 -+ CH 3 C 6 H 4 N0 2 + H 2 + N0 2 
This is a fairly simple reaction to run in a flask, but the reaction is far from simple because 
there are in fact many minor products. [This reaction is not balanced because there are several 
other products.] First, there are three isomers of nitrotoluene, called ortho, meta, and para. 
In this reaction there is very little meta isomer, and, because of steric considerations, mostly 
the para nitro isomer is formed; so in some sense this is a single reaction. 

The next problem with this reaction is that the mononitro compound can add suc- 
cessive nitro groups to produce the di- and trinitro toluenes in the reactions. Fortunately, 
the rate coefficients for adding the second and especialb/ the third nitro groups are much 
smaller than for adding the first; so mononitrotoluene can be made with good efficiency by 
simply heating toluene in nitric acid (Figure 3-19). 

We will retum to these reactions later in connection with polyurethanes because one 
monomer in polyurethanes is toluene diisocyanate, and the first step in its synthesis is the 
production of dinitrotoluene. 

Another use of these reactions is in the production of amines, for example, the 
formation of aniline from benzene. The benzene is first nitrated in nitric acid, and then 
in another reactor the nitrobenzene is reduced to aniline with H2 (another use of Hz) in the 
reactions 

C 6 H 6 + 2HN0 3 -+ C 6 H 5 N0 2 + H 2 + N0 2 

followed by 

C 6 H 5 N0 2 + 3H 2 -> C 6 H 5 NH 2 + 2H 2 

Note that 2 moles of HNO3 and 3 moles of H 2 are needed for each mole of aniline produced 
from benzene. [Why are 4x moles of H 2 required for fhe entire process?] 

Finally, we note that the product of adding 3 nitro groups to toluene is something 
one never wants to make unintentionally. [Why?J We will consider these reactions later in 
Chapter 10 in connection with accidents and disasters. 

The reactions discussed here are all examples of neariv single reactions that have 
considerable fndustrial importance. However, fhe cheniical reaction engineering of fhem is 
not simple because fhe pressure, temperature, and reactor type must be carefully designed 
for successful operation. We must be aware of equilibrium considerations, heat release, and 
fhe possibility of undesired reactions, or we can have very unpleasant results. We note finally 
fhat most of fhese reactions in fact use catalysts to provide a high rate at low temperatures. 
The nitration of toluene and its reduction with H 2 can be carried out wifhout catalysts, but 
the first reaction involves aqueous and organic phases, while the second involves gaseous 
H 2 and liquid organic. Thus fhese reactions involve multiple phases. We never promised 
fhat interesting processes would be simple. 

!: h r:~5 CH 3 CH 3 CH 3 CH 3 

.N0 9 
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STAGED REACTORS 



These examples all involve multiple reactors with separations between reactors and new 
feeds added in each stage. As an example of the nitration of toluene, starting with CH4, we 
write the steps as 

CH4 -* CO + H 2 ->■ H 2 -»■ NH 3 -»• NO -». N0 2 -* HN0 3 -»■ DNT 
Each arrow indicates a single reaction step (frequently with several reactors), and after 
every reactor stage the products are separated, reactants are recvcled, and new feed is added 
for entry into the next reactor stage. In Table 34 we summarize each of these processes. 

Thus in this example, the prod&t indicated is fed into the next stage, where it is 
reacted with other species (H 2 0, N 2 , 2 , toluene). Different temperatures and pressures are 
usually used in each stage to attain optimum performance of that reactor. For example, NH3 
synthesis requires very high pressure (200 atm) and low temperature (250°C) because it is 
an exothermic reversible reaction, while NH3 oxidation operates at lower pressurse (-10 
atm) and the reaction spontaneously heats the reactor to -800°C because it is strongly 
exothermic but irreversible. Formation of liquid HNO3 requires a temperature and pressure 
where liquid is stable. 

For single and multiple reactor stages we sketch reactors and separation units as 
shown in Figure 3-20. We assume a frrst reactor running the reaction 



in a first chemical reactor followed by a second reactor running the reaction 

B + C^D 

in a second reactor so that the overall process would be 

A + B^ D 

with C an intermediate in the staged process. 

As a final example of staged reactors, we show in Figure 3-21 the reactions 
production of polvurethane from CH4 and toluene. 

In considering these complex multistage processes, the ideas discussed early i 
chapter are still applicable. We need to consider each reactor using the principles de: 
in this chapter, but we need also to consider the separation and recycle components 



icribed 
Df the 



TABLE 3-4 

Typical Operating Conditions of the Reactions i 



CH4+H 2 0->CO +3H 2 
CO + H 2 0-*C0 2 + H 2 

3H 2 + N 2 -> 2NH 3 

NH 3 + f0 2 -»NO + §H 2 

no + ±0 2 -» N0 2 

3N0 2 + H 2 -> 2HN0 3 + NO 

2HN0 3 + toluene -> DNT 

co+H 2 ^CH 3 OH 
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Figure 3-20 Sketch of a single-stage reactor with producl separalio 
reacui.nts 1'rom Ihe 1'iiM Mace are \eparaledandrecycled imo ihc 1'iiM re 
reactants and fed into a second stage. 
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process. These aspects can in fact dominate the economics of a chemical process. We also 
must consider multiple reactions because none of the above reactors produces exclusively 
the desired product, and this will be the subject of the next chapter. AU these reactor stages 
require different heat management strategies, and most of them use catalysts. Therefore, 
we cannot design these reactors in defail until we consider these aspects in the following 
chapters. 



"THE MAJOR CHEMICAL COMPANIES 

The major petroleum and chemical companies have basically defined chemical engineering, 
as their origins and growfh have coincided wifh this discipline. Table 3-5 lists the top 
chemical companies in the world in 1995. 

Some of these companies are mostly or exclusively chemical companies, and several 
are primarily petroleum companies with a small percentage of their sales from chemicals. 
Some are very old (DuPont), and others are fairly new (Huntsman Chemical). 

By many accounts, this situation is changing as pefroleum companies become oil 
commodity traders rather than refiners and chemical companies attempt to produce com- 
modities wifh as litfle research and development as possible. 

Nevertheless, it is important for the chemical engineer to see how fhese industries 
have evolved in order to see how the discipline might or should continue to evolve in the 
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TABLE 3-5 

Top 20 U.S. Chemical Companies Listed by 1995 Sales; (Sales in Millions 

of Dollars) 3 



1. Dow Chemical 




$19,234 


2. DuPont 




1 8.433 


3. Exxon 




11.131 


4. Hoechst Celanese 




7,395 


5. Monsanto 




7,251 


6. General Electric 




6.628 


7. Mobil 




6,155 


8. Union Carbide 




5.8S8 






5,655 


10. Occidental Pctrolcum 




5,410 


1 1 . Eastman Chemical 




5,040 


12. BASF 




4,847 


13. Shell Oil 




4,841 


14. Huntsman Chemical 




4,300 


15. ARCO Chemicals 




4,282 


16. Rohm andHaas 




3.884 


17. ICI Americas 




3,824 


18. Chevron 




3,758 


19. Allied Signal 




3.713 


20. W. R. Grace 




3.663 


a Data from Chemical and Enginee 


ng Nem, Ĵu 


ne 24, 1996. 



future. Every companv strives to find a "market niche" in which it can make a product 
cheaper than its competitors. This can be through finding cheaper raw materials, making 
more valuable products, or keeping competitors out by patent protection and by other means 
such as buying out a competitor who has a better process. 

The major themes we consider are the evolution of ra\V materials from coal to 
petroleum to gas, and the evolution of chemical intcnncdiates in chemical processing. The 
key organic chemicals have been acetylene from 1900 to 1940, ethylene from 1940 to the 
present, and probably ethane in the near future. Simultaneously, H2SO4, HNO3, CI2, and 
NaOH have been the major chemicals used in processing organic molecules, and there is a 
great effort and need to replace them with chemicals that do not leave solid residues such 
as CaSŬ4 and salt, liquid residues such as organic chlorides and sulfates and sulfites, and 
vapor residues such as HCl, SO„ and NO,. There is now a trend to replace the oxidizing 
agents HNO3 and CI2 by direct oxidation with O2. 

We will briefly trace the evolution of chemicals production through three of the largest 
U.S. chemical companies and the German cartel. We will see that each of these companies 
can be basically defined through a single chemical: DuPont by HNO3, Union Carbide by 
acetylene, Dow Chemical by CI2, and BASF by the dye industry. 



DuPont Started as an Explosives Company 

DuPont is the oldest chemical company in the United States and perhaps in the world. It 
was started in the eighteenth century when E. I. DuPont came to the United States from 
France to set up an explosives business to sell gunpowder to the Army. The founders were 



The Major Chemical Companies 129 



searching for a site for a plant where reactors could blow up without offending neighbors, 
and they found a spot on the bank of the Brandywine river near Wilmington, Delaware. 

Gunpowder was discovered by the Chinese many centuries ago, but they used it 
primarily for fireworks until it was imported to the West and used to blow up casfles and 
then to propel projectiles. Explosives are solids that are endothermic with respect to their 
decomposition products. [We will consider the explosions of solids more in Chapter 10.] 
Typically explosives contain fuel atoms (C, H, and S) in close proximity to oxygen atoms 
(as nitrates and perchlorates) so that they will react to form CO2, H2O, and SO2, but 
only (one hopes) when intentionally ignited. Another class of exothermically decomposing 
solids is azides, and they are frequently used as igniters or fuses to heat up conventional 
explosives. 

Gunpowder is simply a mbcture of charcoal, sulfur, and potassium nitrate. Carbon 
and S react with in the nitrate, and the N in the nitrate also releases heat in converting to 
N2 (the K combines with something to form the smoke). The reactions are approximately 

S + C + 2KN0 3 -»• C0 2 + S0 2 + K 2 + N 2 + -O2 

Charcoal is made from wood ashes, sulfur is mined, and potassium nitrate (called Chilean 
saltpeter) was mined from dry cliffs on the coast of Chile, where fish-eating seabirds had their 
nests and restroom facilities. Over many centuries, this source accumulated in layers many 
feet thick, and this was adequate for all nitrate needs until the end of the nineteenth century 
when deposits began to deplete faster than birds could replenish them and transportation 
and purification (odor is just part of the problem) kept costs high. 

Other explosives, discovered in the nineteenth century, were nitroglycerine, a liquid 
that is absorbed in a solid to make dynamite, and nitrocellulose, a solid that produces less 
smoke (smokeless powder). They are made by heating glycerine and cellulose with nitric 
acid, a process that adds nitro (— N0 2 ) groups. Another important explosive is trinitrotoluene, 
made by heating (very carefully) toluene in nitric acid, 

CH 3 C 6 H 5 + HNO3 -»• CH 3 C 6 H 2 (N0 2 ) 3 + H 2 + NO, 
Alfred Nobel in Sweden developed this process for manufacturing and selling TNT, became 
extremely wealthy in the process, and donated some of his wealth to establish prizes for 
important inventions in science and peace (but that is another story). 

In manufacturing these explosives potassium nitrate rapidly became the most difficult 
and expensive chemical to obtain. Seabird droppings and subsequent leaching and bacterial 
reactions on the coast of Chile concentrated nitrogen compounds that were originally created 
by plants that fix N 2 to form amino acids using special enzymes, but this production rate is 
difficult to increase. Fritz Haber in Germany discovered the process to fix nitrogen to form 
ammonia in the first decade of the twentieth century, and about the same time Wilhelm 
Ostwald, also in Germany, found how to convert it to NO and then to HNO3. (These are 
other important and interesting stories.) 

The DuPont company rapidly saw that HNO3 was the key in making cheap explosives, 
all of which need nitrates and nitro compounds, and they rapidly became the largest 
producers of HNO3. World War I was a good period for DuPont, but the explosives business 
is inherently cyclical (fortunately), and dynamite and fireworks have limited markets. 
Therefore, DuPont began to explore other uses of cellulose, a raw material for smokeless 
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powder. They found that it could be hydrolyzed to form a gel that could then be used to 
make celluloid, a solid polymer used in shirt collars and corset staves, which were important 
fashion items in the late nineteenth century. Then they found that it could be spun into fibers. 
A related natural polymer is cellulose acetate, which they called rayon, and DuPont rapidly 
evolved from explosives into primarily a texfile company. 

The major textiles before the 1920s were wool (animal hair), cotton (a seed pod), 
and silk (a protein used for making cocoons). The silk spider also had a clever device in 
its abdomen for expelling a gel in a sac through a spinneret where reacfions wifh air made 
a solid fiber with a uniform cross section. DuPont took this idea in spinning hydrolyzed 
cellulose into rayon fibers and scaling-the process up far beyond the needs of spiders. 

In the 1920s and 1930s DuPont research and engineering was supporting these 
processes and trying to make syntheticjibers that had properties similar to wool, cotton, and 
silk so they could make money by replacing these natural products. A theoretical chemist 
at the DuPont Experimental Station in Wilmington, Delaware named Wallace Carrnthers 
was examining the flow properties of these large molecules used in products like rayon and 
wanted to make some molecules that were more uniform than natural hydrolysis products. 
Since he knew organic chemistry, he was aware fhat organic acids, alcohols, and amines can 
be combined to form larger molecules in esters and amides. If he used molecules with two 
functional groups, fhen fhe product formed would continue to react wifh other molecules, 
and a linear polymer wifh very large molecular weight could be formed. The discovery of 
linear organic polymers was undoubtedly the most important invention in chemistry in the 
first half of the twentieth century. 

The first product fhat DuPont commercialized was polyamide, to which fhey gave 
the trademark Nylon. These polymers can be made from a diamine and a diacid or from 
an amino acid (the silk spider). (Remember fhat proteins are just polypeptides, which are 
polyamides formed from amino acids; so fhe DuPont scientists were only adapting and 
scaling up nature's process.) 

DuPont needed large amounts of amines and organic acids, and again their experience 
with HNO3 was crucial. HNO3 contains fhe needed N atom fhat can be added to hydro- 
carbons to make the nitro compound and fhen reduced to the amine. Nitric acid is also a 
good oxidizing acid that will selectively oxidize organic molecules to carboxylic acids. The 
major polyamide of DuPont was made from hexamethylene diamine [H^NfCHa^NH^] 
and adipic acid [HOOC(CH2)4COOH]. Each of these contains 6 carbon atoms, and fhe 
product is called Nylon 66. Anofher is an amino acid made from caprolactam, called Nylon 
6. [We will discuss later how these molecules can be made cheaply.] Clofh made from fhese 
products was very strong, and DuPont introduced it in World War II for use in parachutes 
and tents. After the war fhey introduced it as Nylon stockings, and the importance and 
acceptance of synthetic organic polymers by consumers was established. 

DuPont had trouble in finding a suitable polyester, because esters of most diacids and 
dialcohols hydrolyze too easily. Clofhing fhat dissolves in the rain or washing machine is 
clearly not very satisfactory. However, Imperial Chemical Industries (ICI) in England, a 
company almost as old and large as DuPont, found the best one, polyethylene terephthalate, 
which they sold to DuPont, and PET is still fhe most important polyester. 

DuPont no longer sells explosives, and they produce nitric acid only for intemal 
consumption in making other chemicals. However, fhey leamed these technologies from 
their origins in explosives. 
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Union Carbide started as a calcium carbide company 

Union Carbide had its origin in South Charieston, West Virginia, early in the twentieth 
century. The company was an amalgamation of several companies, one that made carbon 
electrodes and another that made organic chemicals. This relationship started because one 
of the best ways to make many chemicals was to start with acetylene, and carbon was 
initially crucial in its production. 

Acetylene has a triple bond that makes it quite reactive, and therefore it can be reacted 
in many ways to make many small organic chemicals. For example, by adding two water 
molecules one can make ethylene glycol. The goal of much of chemicals synthesis is to 
fmd a single raw material and a selective process to make one product from one reactant 
without having to separate the "dog's breakfast" of products that result from most chemical 
processes. Acetylene was the first of these chemicals. It was discovered in the nineteenth 
century that acetylene is produced with high yield by a surprising route: by adding water 
to the product of fusing limestone and charcoal. When these are heated, they form a stable 
solid, calcium carbide 

2CaC0 3 + 4C -* Ca 2 C + 3C0 2 
When water is dripped over this solid, it forms acetylene with almost quantitative yield, 

2Ca 2 C + 8H 2 -> C 2 H 2 + 4Ca(OH) 2 + 3H 2 
This process had its first application in lamps because both water and Ca 2 C can be stored 
easily and the lamp power can be varied by the water drip rate. It became natural therefore 
that a carbon company and an organic chemical producer should combine resources. 

While acetylene is a good chemical intermediate, Ca 2 C must be formed by heating 
to high temperatures or in an electric arc, and its synthesis is very energy intensive. Also, 
acetylene is a very dangerous molecule to store because its decomposition 

C 2 H 2 -> 2C S + H2 
liberates 54 kcal/mole of heat; so, once ignited, acetylene is violently explosive. (Union 
Carbide did not want to compete with DuPont in the explosives business, especially with 
this chemical.) 

In the 1930s it was discovered that the pyrolysis of alkanes produced large quantities 
of olefins. This pyrolysis process is not very selective, but the costs of separation were 
cheaper, and scaleup was simpler and safer in making ethylene rather than acetylene; so 
during the 1940s ethylene and other small olefins replaced acetylene as the major building 
block in chemical synthesis. We will consider the reactions and reactors used in olefin 
synthesis from alkanes in the next chapter. 

The Union Carbide Corporation has always been a leader in production of small 
organic chemicals, and now it does so largely by using olefrns as its starting material rather 
than acetylene. Still the Carbide in the name remains from its acetylene origins. 

Dow Chemical started as a chloralkali company 

Herbert H. Dow founded the Dow Chemical Company in 1897 as a chloralkali company. 
He found that there were extensive brine wells near Midland, Michigan, and started a small 
company there to produce bromine, chlorine, and caustic soda (NaOH) there. 
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Chlorine has always been produced by electrolysis, and it is still the only major chem- 
ical process using electrolysis besides electroplating. It is produced by the stoichiometric 

NaCl + H 2 -»■ NaOH + -Cl 2 + ^H 2 

This reaction has a very small equilibrium constant, but by dipping carbon electrodes in 
concentrated solutions and withdrawing the gaseous Cl 2 and purifying the NaOH, two 
valuable products could be made rather cheaply because of the large AG between anode and 
cathode in an electrochemical cell. Electrochemical reactors will be discussed in Chapter 9. 

A chloralkali business should be located either near cheap salt or near cheap electricity, 
and much of the chemical industry in this country started near Niagara Falls because of 
the cheap hydroelectric power there. Most of these industries have left this area, and the 
polluted Love Canal is one of the few remnants of this industry. 

Dow Chemical found that the NaOH and Cl 2 they produced were essential interme- 
diates in synthesis of many chemicals, and Dow rapidly expanded into production of many 
organic chemicals. However, they remain the largest user of chlorine in chemical synthesis. 

Dow Chemical is now a major producer of vinyl chloride. This was initialfy made by 
adding HCl to acetylene (the Union Carbide intermediate), 

C 2 H 2 + HCl -> C 2 H 3 C1 

but now it is made by adding Cl 2 to ethylene 

C 2 H 4 + Cl 2 -► C 2 H 3 C1 + HCl 
Another chemical intermediate made from Q 2 and NaOH is hypochlorous acid, 

NaOH+Cl 2 ^HOCl + HCl 
Hypochlorous acid is a strong oxidizing agent, and it is the dominant bleaching agent, for 
example, in Chlorox and in the paper industry. 

HOCl has another application in adding Cl and OH to olefins, 

C 2 H 4 + HOCl ->H0C 2 H 4 C1 
this is called ethylene chlorohydrin. This molecule can easily be heated and made to 
eliminate HCl to form ethylene oxide, 

H0C 2 H 4 C1 -> C 2 H 4 + HCl 
and this molecule readily reacts with water to form ethylene glycol, 

C 2 H 4 + H 2 -> H0C 2 H 4 0H 
used in antifreeze and polyester. 

The direct oxidation of ethylene to EO by 2 has now replaced the chlorohydrin 
process entirely because it is cheaper and involves less byproducts, but propylene oxide (a 
monomer in polyurethanes) is still made by the chlorohydrin route. 

Chlorine has been a major intermediate in the chemical industry throughout the 
twentieth century, both because of its oxidizing power and ability to add Cl to molecules. 
The major drawback in chlorine is the need to dispose of it after the process, and in EO 
production more than 2 pounds of salt must be disposed of for every pound of ethylene 
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glycol produced. Polyvinyl chloride (PVC) is an important chemical that contains Cl, and 
there is considerable movement among environmentalists to eliminate PVC completely as 
a plastic so that no HCl will be emitted in the incineration of plastics. 

Three chemicals fhat contain chlorine and have received much attention for the past 
few decades are PCBs, dioxin, and Freon. Polychlorinated biphenyls are inert molecules 
formerly used as heat exchangers such as transformer coolants. Dioxin is a byproduct of the 
defoliant 2,4-D (Agent Orange). Freons are mainly used as working fluids in refrigerators. 
Dioxin is toxic (although its toxicity to humans is under debate), as are PCBs, and Freons es- 
cape into the stratosphere, where they catalyze the destruction of ozone (discussed in Chap- 
ter 8). Serious concerns with these chlorine-containing chemicals have led to strong incen- 
tives to replace chlorine as an intermediate in chemical svnthesis and as a chemical product. 



The English and German chemical industries 
started as dye companies 

The origins of the chemical industries as we know them came first from England and then 
from Germany. The Industrial Revolution originated in England, and coal and steel were 
its fuels. As coal was turned into coke by heating it in retorts (large closed pots), the gases 
driven off were rich in chemicals, originally regarded as just smelly off-gases, but gradually 
regarded as molecules that could be collected and separated into useful chemicals. 

One of the most valuable classes of fhese chemicals was dyes. While the idea seems 
quaint to us today, dyes have always been much desired and expensive chemicals for our 
ancestors. (Salt has an even older and richer history.) Chemicals that turn clofhing from 
brown and gray into bright colors have always been attractive to humans, and we are willing 
to pay dearly for colored clothes. Purple has been the symbol of royalty in the West, and 
red-orange is a comparable symbol in China. In the West this goes back to the Bible, where 
Lydia was a "seller of purple" in Thyatira in Asia Minor whom Paul encountered in the 
book of Acts and who became the first European convert to Christianity. This was the dye 
called indigo, which was obtained from the ink produced by a sea animal. The value of dyes 
was comparable to fhat of gold in the ancient and into the fairly modem world. 

The products of coal tar distillation and extraction contained fractions that were 
brightiy colored. These were mostiy polyaromatic molecules containing N=N bonds that 
contained chromophores that absorbed Mght in the visible. Several companies were soon 
started to produce and sell these products. Very quickly organic chemists in England and 
Germany began to develop techniques to synthesize these compounds, and this market was 
important in the development of svnthetic organic chemistry in the late nineteenth and early 
tvventieth century. 

One of these companies was Badische Anilin und Soda Fabrik or BASF (translatcd 
as Baden-Baden Aniline and Soda Ash Company) in the town of Ludwigshaven in the 
Rhine valley of Germany, which combined the synthesis of aniline dyes and alkalis in early 
products and in their name. 

The Rhine and the Ruhr valleys (the Ruhr was a coal producing center in nineteenth- 
cenfury Germany) rapidly became the center of chemical production, as many companies 
joined in the production of many chemical products. The synthesis of NH3 was begun here 
by Fritz Haber at Karlsruhe and Bosch at BASF in 1910. The large-scale production of 
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acetylene was initiated there. The production of synthetic fuels was also developed in this 
region by this company in the production of synthesis gas and its subsequent conversion to 
methanol and to diesel fuel (the Fisher Tropsch process). 

In the 1930s Adolph Hitler combined these companies into a cartel called I G 
Farben (Farben means colors) that rapidly dominated prewar chemical production and 
then produced Germany's chemicals, munitions, and synthetic fuels during World War II. 
After the War, in an effort to control the power of this conglomerate, the Allies split I G 
Farben into three separate companies: BASF, Bayer, and Hoechst, which specialized in 
commodity chemicals, pharmaceuticals, and fine chemicals, respectively. These companies 
have continued to grow since the war so that now fhe three of them are the top three chemical 
companies in the world. 

REACTOR DESIGN FOR A SINGLE REACTiON 

We have now developed the basic ideas of continuous chemical reactors, and we have 
solved these equations for a single reaction in an isofhermal reactor. Given f(Cj), we solve 
the equations 

C }0 - Cj + XVjr{Cj) = 
for fhe CSTR or 

dC; ,^ \ 

u^- = vjr(Cj) 
dz 
for the PFTR to obfain C A (l) m one °f mese idcal reactors. 

Since we can also write fhe species balances in terms of a single reactant species A, 
we actually usually solve fhe equations 

C Ao ~CA=rr(Cj) 

The solution of one of these two equations is all there is to fhis chapter. The subject 
will become more complicated, but if you can work problems such as these, you should 
have little problem as the applications become more interesting. If you can't, you will be 
in trouble. We suggest that you should not simply memorize these two equations but fhat 
you should rafher be able to derive them or at least "feel" fheir meaning. 

Most industrial processes are in fact staged operations where separation units between 
reactors are used to separate fhe desired intermediate product from reactants and from ofher 
products before feeding it to fhe next stage, where other reactants are added to form another 
product. 

The next chapter on multiple reactions in fact uses almost fhe same equations, but now 
we have to replace v,-r in these equations by J^ V/.-r,- ; so, if you understand these equations, 
the next chapter will be simple (sort of). 



NOTATION 



The other aspect of fhis chapter with which all students need to be familiar is the notation 
used. We intentionally keep fhis as simple as possible so that the structure of fhe problems 
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we deal with are not confused by extensive svmbols. We summarize here the quantities that 
we will use throughout the book. 

Concentration 

We always use C, in moles per liter (or in moles per cubic decimeter or 1 kilomole/m 3 for 
the SI purist) as the only unit of concentration. The subscript j always signifies species, 
while the subscript i always signifies reaction. We use j as the species designation and 
species A as the key reactant. For gases the natural concentration unit is partial pressure Pj , 
but we always convert this to concentration, Cj = Pj RT, before writing the mass-balance 
equations. Conversion X means the fraction of this reactant that is consumed in the reactor, 
Ca = Cao( 1 ~ X)> but we prefer to use Ca rather than X and find the conversion after we 
have solved the equation in terms of Cx. We cannot use this unit of density of a species when 
the density of the fluid varies with conversion, but we prefer 'to do so whenever f 
because the equations are simpler to write and solve. 



Reaction 

We always use r to signify the rate of a single reaction £\ VjAj and n to signify the rate 
of the ith reaction in the reaction set ^ ; - Vij Aj , i = 1 , 2, . . . , R. The rate r is a positive 
quantity, and the reaction rate must be defrned along with a specified reaction stoichiometry. 



Reactor 

Reactors have volume V. Continuous-flow reactors have volumetric flow rate V, and 

constant-density reactors have residence time X = V/v. Until Chapter 8 

reactors are either completely mixed (the CSTR) or completely unmixed (the PFTR). 



Flow rates 

The molar flow rate of a species in a flow reactor is Fj = vCj. The batch reactor is a 
closed system'in which v = 0. The volumetric flow rate is V, while thelinear velocity in a 
tubular reactor is u. We usually assume that the density of the fluid in the reactor does not 
change with conversion or position in the reactor (the constant-density reactor) because the 
equations for a constant-density reactor are easier to solve. 

The defrnitions of the most used quantities in this book are therefore as follows: 



Cj concentration of species j, usually in moles/liter 

Vj stoichiometric coefficient of species j in the reaction ^ Vj Aj 

Ca concentration of key reactant species with stoichiometric coefficient v^ = — 1 

Pj partial pressure of species j, Pj/RT = Cj for ideal gases 

X fractional conversion of key species A, defined as Ca — Cao( 1 — X) if density constant 

V reactor volume, usually in liters 

v volumetric fiow rate, usually in liters/time 
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Fj molar flow rate of species j 

subscript o always signifies reactor feed parameters 

L length of tubular reactor 

U average velocity in plug-flow tubular reactor 

X residence time in a reactor, defined as T = V/v for a c 

as T = L/u for PFTR 

r reaction rate of a single reaction in moles/volume time 

/",■ reaction rate of the ith reaction in a multiple-reaction sy 

k reaction rate coefficienl 

kf reaction rate coefficient for the fonvard reaction in a 

reversible) 

kb reaction rate coefficient for the back or reverse reaction 

kj reaction rate coefficient for the ith reaction 

n order of an irreversible reaction 

tfl: order of a reaction with respect to species j 

Tf rate of forward reaction 

r\g rate of back reaction 



At your favorite fast food joint the french fries are made by filling a basket with potatoes and 
li| >in lli m i hol nin il oi \ i bl fat foi 4 min and then diaimng them for 4 min. Every 
hour the small pieces that fell out of the basket are scooped out because they burn and give 
a bad taste. At the end of the 16 h dav the fat is drained and sent out for disposal because at 
longer times the oil has decomposed sufficiently to give a bad taste. Approximately 2 pounds 
of potatoes are used in 10 gallons of oil. 

(a) Why is a baich process usualh prelcrrcd in a restaurant? 

(b) Desisn a continuous process to make 1 lon/dav of french 1'rics. keeping e\actly the same 
conditions as above so they will taste the same. Describe the residence times and desired 
flow patterns in solid and liquid phases. Include the oil recycling loop. 

(c) How might you modify the process to double the production rale irom that pecified for the 
same apparatus? What experiments would you have to do to test its leasibilitv? 

(d) How would you design this continuous process to handle varying load demands? 
Note: Creation of a continuous process such as this would eliminate jobs for a million teenagers. 



: An irreversible first-order reaction gave 95% conversion in a batch reactor in 20 min. 

(a) What would be the conversion of this reaction in a CSTR with a 20 min residence ti 

(b) What residence time would be required for 95% conversion in a CSTR? 

(c) What residence time would be required for 99% conversion in a CSTR? 

(d) What residence time would be required for a 95% conversion in a PFTR? 

(e) What residence time would be required for 99% conversion in a PFTR? 



3.3 Calculate the ratio of residence times in CSTR and PFTR for the /jth-order irreversible reacl 
s of 50, 90, 99, and 99.9% for n = 0, i, 1, 2, and -1 for C Ao = ' °- 

n gave the following data in a batch experiment. 



What residence tii 
starting with the s< 



would be required for 95% conversion at 80°C in a pressurized CSTR 
: initial composition? In a PFTR? In 3 CSTRs in series? 



3.5 Calculate the reactor volumes required to process 100 liter/min of 3 molar / 
reaction A -> 2B for PFTR and CSTR reactors. 

(a) 90% conversion, k = 2 min" 1 

(b) 99% conversion, k = 2 mole liter-' min^ 1 

(c) 99.9% conversion, k = 2 mole liter-i min" 1 

(d) 90% conversion, k = 2 min-' liter mole-' 

(e) 99.9% conversion, k = 2 min" 1 liter mole-1 



3.6 Set up the above problems if the feed is pure A 
at 100 atm. 



landB 



v ideal gases, and the re 



3.7 An aqueous feed conlaininp rcaclant A i f mole/liten cnt 
with fhe reaction 2A ->■ B, r (mole/liter min) = Q,2C, 

(a) What feed rate (liter/min) will give an outlet 

(b) Find the outlet concentration of A (mole/liter) for a feed rate of 0.1 liter/min. 

(c) Repeat this problem for a stirred reactor. 



a 2 liter plug-flow reactor and r 
of C A = 0.1 mole/liter? 



at C Ao = 2 moles/liter at a feed rate F 
a varietv of products. The kinetics of the 



3.8 An aqueous feed containing reac 
mole/min decomposes in a CSTR 
are represented by 

A4 2.5B, r = 10 C A (moles/liter min) 

(a) Find the volume CSTR needed for 80% decomposition of rcaciani ,1. 

(b) Find the conversion in a 30 liter CSTR. 

(c) What flow rate will be required to produce 100 moles/min of B at 80% 



3.9 An ester in aqueous solution is to be saponified in a conlimioiis rcactor system. Batch exper- 
inicnis sho\\cd ihai ihc rcaction is first order and irreversible, and 50% reaction occurred in 
8 min at the temperauire rcquired. We need to process 100 moles/h of 4 molar feed lo 95'}; 
conversion. Calculatc ihc reacioi volumes rcquired for this process in 

(a) a PFTR, 

(b) a CSTR, 
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(c) two equal-volume CSTRs, 

(d) four equal-volume CSTRs. 

3.10 The aqueous reaction A —> products has a rate r = 2C A /(1 + C A ) 2 (rate in moles/liter min), 

and is to be carried out in a conlinuous rcaclor svstem. We need to process 100 moles/h of 2 
molar feed to 90% conversion. Calculate the reactor volumes required in 

(a) a PFTR, 

(b) a CSTR, 

(c) two equal-volume CSTRs. 

(d) Use plots of 1/r versus conversion to show these results. 

(e) What is the ideal combination of reactors for total minimum volume for this reaction? 

(f) Show how you would solve problem (e) analytically. Set up equations and indicate the 
method of solution. 

3.11 We have a 100 gallon tank of a product that now conlains small parliclcs ihal must be removed 
before it can be sold. The product now has 10 4 particles crTT 3 , and it is only acceptable for sale 
if the particle concentration is less than 10 2 particles cm-s. We have a filter that will effectivelj 
remove all particles. 

(a) At what rate must the product be pumped through the filter to make the product acceptable 
within 2 days if the tank is mixed and the filtered product is continuously fed back into the 
tank? 

(b) At the pumping rate of part (a) how long will be required if the filtered product is placed in 
a separate tank? 

(c) Repeat parts (a) and (b) assuming thc 1'iltcr onK rcniovcs ')()' < of thc particles on each pass. 

3.12 (a) Solve for x(C A ) and C A ix) for the reaction A ->. B + 2C, r = kC A in 1 atm constant- 

pressure CSTR and PFTR reactors if the feed is pure A and A, 5, and C are ideal gases at 
100°C. 

(b) Repeat with a feed at the same C Ao but with 20 moles of an inert ideal gas solvent per mole 
of A. 

(c) Repeat with an aqueous feed at the same C Ao . 

3.13 Find C a (t), C b (t), and Cc(t) for the liquid reaction A + B -> C with r = kC A C B in a PFTR 
and in a CSTR with Cco = for C A o = Cgo and for C A o = 2Cgo- Why do the solutions look 
so different? 

3.14 (a) Find C a (t) and C B (r) for the liquid reaction A -► B with r = kC A C B in a PFTR and a 

CSTR with a feed of C Aa = 2 moles/liter and C Bo — with k = 0.2 liters/mole min.. 

(b) Why cannot thus reaction be carried out in a PFTR with this composition? 

(c) What modification would be required in a PFTR to give finite conversion? 

3.15 Sketch 1/r versus C Ao - C A or X for A -> products for the reactions r = kC A , kC 2 A , k, and 

k/C A . sh ow the relative residence times of PFTR and CSTR graphically. 

3.16 Sketch 1/r versus C Ao - C A or X for A ->■ products for the reactions r = kC A /{\ + KC A ) for 
C A q = 2, k = 0.1 min~', and K = 1 liter/mole. From this graph find r for 90% c 



(a) aPFTR, 

(b) a CSTR, 

(c) 2 equal-volume CSTRs, 

(d) the optimal combination of reactors in series. 

3.17 An irreversible first-order reaction gave 80% conversion in a batch reactor in 20 min. 

(a) Calculate the total residence time for this conversion for CSTRs in series for 1, 2, 3, and 4 

equal-volume reactors. 

(b) What- rcsidcncc linic uill bc rcquircd lor a verv largc number of equal-volume CSTRs? 
What is fhe limit of (1 + kx)~ n in fhe limit n -> co? 

3.18 (a) What is the optimum combination of ideal reactors for fhe reaction A -» B if it is 

autocatalytic with r — kC A C B and C A = C Ao , C Bo = O? What is the intermediate 
l betvveen reactors? 



(b) Solve for 90% conversion if C Ao = 1 mole/liter and k = 0.25 liter/mole n 



3.19 [Computerl In fcrnicntation proccsscs sugar (A) is convcrled to ethanol (C) as a byproduct of 
veasl (B) reproduction. In a simple model we can represent this process as 

A -»■ B + 3C, r = kC A C B 

Starting vvith 10 «eight pcrccnt sucrose (C12H22O11) in water and assuming tliai half ol thc 
carbon aioms in ihc sucrose arc comerted into cthanol (thc above sioichioineirv). find ihc timcs 
rcquircd to producc 3.5 ucight pcrccnl alcohol ( V-i sucrosc remaining) for iniiial conccniraiions 
of yeast of 0.00001, 0.0001, 0.001, and 0.01 molar. It is found that 2 h are required for this 
conversion if the initial yeast concentration is maintained at 1 molar. Assume that the density 
is that of water. 

3.20 Consider the reaction A — > 48, ' = kC A , with A and B ideal gases in a constant-pressure 

reactor and a feed of pure A with v = 10 liter/min, k = 0.1 liter/mole min, and C Ao = 0.05 
moles/liter. 

(a) Find an expression for C,(X). 

(b) Find V for 80% conversion in a CSTR. 

(c) Find V for 80% conversion in a PFTR. 



3.21 The gas-phase reaction A —> 3B obeys zeroth-order kinetics with r = 0.25 moles/liter h a 
200°C. Starting with pure A at 1 atm calculate llic time for l )5' < of the A to be reacted away in 

(a) a constant-volume batch reactor, 

(b) a constant-pressure batch reactor. 

Calculate the reactot volume to proccss 10 moles/h of A to 1 

(c) a constant-pressure PFTR, 

(d) a constant-pressure CSTR. 

(e) Calculate the residence times and space times in these n 



3.22 One hundred moles of A per hour arc availablc in conccntration of I tnolc/ iitcr by a previous 
process. This stream is to be reacted with B to produce C and D. The reaction proceeds by the 
aqueous-phase reaction, 
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A + B -> C + D, k = 5 liters/mole h 

The amount of C required is 95 mole/h. In extracting C from the reacted mixture A and B are 
destrovcd: hcncc recyclin;j of unuscd reacianis is not possible. Calculate tlic optimuni reactor 
size and type as well as feed composition for this process. 

Data: B costs $1.25/mole in crystalline form. It is highly soluble in the aqueous solution and 
even when present in large amounts does not change the concentration of A in solution. Capital 
and operating costs arc $0.015/h litei for mixed-flow reactors. 

3.23 One hundred gram moles of B are to be produced hourly from a feed consisting of a saturated 
solution of A (C Ao = 0.1 mole/liter) in a mixed-flow reactor. The reaction is 

A+ B, r= 0.2(h-')C A 

The cost of reactant at C Ao = 0-1 mole/liter is $A = $0.50/mole A 

Tiie cosl of rcactor includine installation. auviliarv cqiiipiiicnt. instruiiicntation. overhead. labor. 
depreciation, etc, is $m = $0.01/h liter. 

Vvhai reactor size, feed rate, and conversion should be used for optimum operations? What is 
the unit cost of B for thesc conditions if unreacted A is discarded? 

3.24 Suppose all unreacted A of the product stream of the previous problem can be reclaimed and 
brought up to the initial concentration C^ = 0.1 mole/liter at a total cost of $0.125/mole A 
processcd. With lliis rcclaimcd A as a recycle stream, find the new optimum operating conditions 
and unit cost of producing B. 

3.25 fComputerl Plot C A {t) and C B (t) in the reaction A -► B for r = 2C A /(\ + 4C A ) 2 for 
C Ao = 0.1, 1, and 10, C Bo = for times displaying up to 99% conversion. 

3.26 Consider the reaction A -> B, r - 0.15 (mint) C A in a CSTR. A costs $2/mole, and B sells 

for $5/mole. The cost °f the operating the reactor is $0.03 per liter hour. We need to produce 100 
moles of B/hour using C Ao = 2 moles/liter. Assume no value or cost of disposal of unreacted 



(a) What is the optin 

(b) What is the cash flow from the process? 

(c) What is the cash flow ignoring operating cost? 

(d) At what operating cost do we break even? 

3.27 Figure 3-22 show s possible r versus C Ao — C A curves. What reactor or combinatton of n 

\\ill civc thc shortcst total rcsidcncc timc ibr a liigh c 



3.28 Find an expression for the 

2A -» B, 
with A and B idcal aascs stariing \\itli pure ,- 

(a) in a CSTR, 

(b) in a PFTR. 

3.29 Find an expression for the 




i and B ideal gases sl 
a CSTR, 
a PFTR. 



3.30 Find an expression for the c 



2A- 



in a CSTR with A and B ideal 

(a) no diluent in the feed, 

(b) 1 atm of inert diluent, 

(c) 9 atm of diluent, 

(d) 99 atm of diluent. 

(e) Compare the volumes required for 90% 



using the c 



it-densit\ appro.\imatio 



with those predicted 



3.31 Find an expression for the 



>2B, 



--kC\ 



in a CSTR with A and B ideal gases starting with A 

(a) no diluent in the feed, 

(b) 1 atm of inert diluent, 

(c) 9 atm of diluent, 

(d) 99 atm of diluent. 

(ei Conipare the \olunies required lor W/< conversion in lhe.se 
using the constant-density approximation. 



lor 



with those predicted 



is to be carried 
stage the reacti 
for 90% 



n a series of reactors \\ itli separation ol unreacted />' bclueen stages. At each 
oes to 50% of the equilibrium composition. How many stages are required 
of the initial A for k = 0.2 miir ', K tq = 1 if 



(a) all B is extracted betwcen stagcs. 

(b) 50% of B is extracted between stages. 
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(c) Find T with complete extraction if the reactors are CSTRs. 

(d) Find T if the reactors are PFTRs. 

3.33 (a) Find an expression for Vi and V2 and the intermediate concentration Ca\ f° r tne reaction 

A -+ B, r =kC A 
in 2 CSTRs to produce a minimum total volume for specified Cao w & C a1- 
(b) Repeat for tl CSTRs in series. 

3.34 Methanol is made by the reaction 

CO + 2H 2 -> CH3OH 
Plot the equilibrium conversion versus temperature at pressures of 1, 10, 30, 50, 100, and 200 

atm for temperatures from 300 u> K00 K iisiiig thc i'ollowing data. 

AG° 29i = -24.32 kJ/mole 

Afl^, = -90.64 kJ/mole 
Compare with the figure in the text. 

3.35 A reaction A — ± products is known to obey the rate expression r = kC\. Using two 50 liter 

CSTRs in series, it is found that with a feed of 2.0 moles/liter, it is found that after the first 
reactor Ca = 1 -0 moles/liter and after the second Cao = 0.3 mole/liter. 

(b) What volume PFTR will be required to obtain 90% conversion for this reaction at the same 

fced ratc'.' 

3.36 A certain cquipnicnl calalog lisls CSTRs as costing 

$CSTR = 1000 + 100V 1/2 
and PFTRs as 

$PFTR = 50 ° + 100V 
where $ is in dollars and V is in liters. 

(a) Why might the cost of a chemical reactor be roughly proportional to its surface area? For 

what reactor geometnes might the costs of chemi il 1 ictoi h ive these dependences on 
their volumes? How should the cost of a spherical CSTR depend on its volume? 

(b) At what volume will the costs of a CSTR and PFTR be equal in this catalog? 

(c) We find that a 1000 liter PFTR will process 500 moles/h of a reactant in a first-order reaction 
to 90% conversion. How does the cost of this reactor compare with a CSTR for the same 



(d) Rcpeat tliis calctilation for processing 1000 molcs/b lo 90', 

3.37 A 10,000 gallon holding tank receives an aqueous byproduct effluent stream from a 

chemical process. The tank is well mixed and drains into a river. The tank receives 2400 
pallons/day of a certain byproduct that decomposes in the tank with a rate coefficient of 0.2 
h-'. 

(a) What fraction of the byproduct from the process enters the river? 

(b) Al this llou rate what size tank would be required to react 99% of the byproduct before 



i from a batch 
river. A batch 

process is recvcled cvery 8 h, and in the cleanup of the n .'. loi 10(10 g illon aic iapidly drained 
into the tank at the end of each batch run. The byproduct decomposes in the tank with a rate 
coefficient of 0.2 h" 1 . 

(a) What fraction of the byproduct from the process enters the river? 

(b) Al this discharge rate uhal size lank uould be i'cquired to reacl W , : ol thc bvproduct before 
entering the river? 

3.39 Yogurt is produced by adding a small amount of finished yogurt to fresh milk in a process whose 
kinetics can be described approximaiel\ as 

A^2A, r=kC A 

It is found that with a certain culture the concentration of product in fresh milk doubles in 8 h. If 

Ihe process is slartcd b\ adding ?' / of finished vogurl to milk. hou long is required to preparc 
a batch of yogurt? 



3.40 A certain drug is melabolizcd such mal its concentration m the bloodstreain halves everv 4 li. li 
the drug loses its effectiveness when the concentration falls to 10% of its initial c< 
how frequently should the drug be taken? 



3.41 We wish to produce ')(:<; 



C Ao = 2 moles/liter, and n may be 1,2, 



(a) Find x required in single PFTR and CSTR reactors for these values of n. 

(b) Find the conversions in single PFTR and CSTR reactors for t = 10 min for these values 



3.42 We wish to produce 909i 



:s of moles, liters, and minutes), Cao = 2 moles/liter, and n may be 1,2, 
wo equal-volume CSTR reactors for 



(b) From a Ijr plot solve these problems graphically by counting squares. 

(c) Find T and the intermediate conversion in an equal-volume PFTR+CSTR. 

(d) Find T and the intermediate conversion in an equal-volume CSTR+PFTR. 



3.43 We wish to produce l )0'< 

A -4- B, r= kC A C B 

\\ilh k 1/4 (units of minutes. moles, and liters). 

(a) Find T in the best single reactor for C Ao = 2, C Bo = 0. 

(b) Find T in 2 equal-volume CSTRs. 

(c) Find the reactor volumes for rr 
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3.44 We wish to produce 90% 

A -> B, r = kC A C B 
uith k =1/4 (units ol miiuitcs. moles, and liters). 

(a) Find T and Cg where PFTR and CSTR give equal X for C Ao = 2 — Cb< 

(b) What are the best two-reactor combination and optimum Cg for 

3.45 The reaction A — > B, r = kC A is to be run in continuous reactors with C Ao = 3 moles/liter, 

k = 2 mint, v = 5 liters/min. 

(a) At 50% conversion what volume CSTR is required? 

(b) At 50% conversion what volume PFTR is required? 

(c) We need to produce 100 lb/h of B. If B sells for $2.00/lb, A costs $0.50/lb, and we discard 

unused A at no cost, what is the cash flow of the process? 

(d) If the effluent from the CSTR is fed into a second equal-volume CSTR, what is the overall 



3.46 Find an expression for C An for a reaction r = kC A in n equal-volume CSTRs in series for fl up 
to 4. Repeat for zeroth-order kinetics. 

3.47 Calculate the total reactor volumes to process 4 liters/min for the reaction A —> B, r = kC\ 

for Cao = 2 moles/liter with k = 0.5 liter/mole min for 

(a) a single CSTR, 

(b) a single PFTR, 

(c) two equal volume CSTRs in series, 

(d) a CSTR followed by a PFTR, with equal volumes. 

(e) a PFTR followed by a CSTR, with equal volumes. 

3.48 Calculate the total reactor volumes to process 4 liters/min to 90% conversion in two equal- 

volume CSTRs for the reaction A ->• B, r = kC\ for C Ao = 2 moles/liter with k = 0.5 (in 
units of moles. liters, and min I for n = 0, 1, and 2. 

3.49 An empty CSTR of volume V is started up by filling it at flow rate v with aqueous reactant ai 
Cao mat undergoes the reaction A — ► B, r — kC A . The exit pipe from the reactor is at the top 
of the tank, so that no fluid flows out of the tank until the reactor is full. 

(a) Describe C A (t) in thc tank bcibrc ii 1'ills. assuniinp continuous mi\ing \vithin the reactor. 

(b) Describe C A (t) as ihc rcactor approaches steady state. 

3.50 Pure water is flowing through a PFTR with residence time T, and at time t = flow is switched 
to a reactant at C Ao at the same flow rate with the reaction A ->• B, r = kC A . 

(al Find C A (t) ai thc rcactor c\it. [Tliis problcm is quitc simplc.] 
(b) Find C A (t) in a CSTR. [This problem is quite difficult.] 

3.51 We have run the reaction A ->■ B in a 10 liter bench-scale steady-state CSTR and find that with 
a flow of 0.5 liters/min thc conccntration ol ,4 goes Irom 0.2 to 0.1 moles/liter. 



e CSTR will be required to produce 100 lb/h of B from this feed composition a 
if its molecular weight is 80? 
(b) Assuming a first-order irreversible reaction, vvhat size CSTR will be required to produce 



100 lb/h of B if the r< 



o C A = 0.01 moles/liter? 



Chapter 



MULTIPLE REACTIONS IN 



^T CONTINUOUS REACTORS 



We noted earlier that chemical engineers are seldom concerned with single-reaction 
systems because they can always be optimized simply by heating to increase the 
rate or by fmding a suitable catalyst. [You don't need to hire a chemical engineer 
to solve the problems in Chapter 3]. Essentially all important processes involve multiple 
2 the problem is not to increase the rate but to create a reactor configuration 
; the production of desired products while rmnirnizing the production of 
undesired ones. 

In this chapter we consider the performance of isothermal batch and continuous 
reactors with multiple reactions. Recall that for a single reaction the single differential 
equation describing the mass balance for batch or PFTR was always separable and the 
algebraic equation for the CSTR was a simple polynomial. In contrast to single-reaction 
systems, the mathematics of solving for performance rapidly becomes so complex that 
analytical solutions are not possible. We will first consider simple multiple-reaction systems 
where analytical solutions are possible. Then we will discuss more complex systems where 
we can only obtain numerical solutions. 



THE PETROCHEMICAL INDUSTRY 



In Chapter 2 we sketched the processes by which petroleum is refined and polyester is made 
from petroleum fractions and natural gas liquids. In Chapter 3 we sketched the history of the 
major petrochemical companies and looked at several important single-reaction systems. In 
this chapter we will consider the evolution of feedstocks and intermediates in the petroleum 
and chemical industries. 

Recall that the petroleum refining industry involves multiple reactions because crude 
oil contains an almost infrnite number of molecules, and almost the same number of product 
molecules is produced by each of the reactors we described in Chapter 2. However, in a 
sense the petroleum refrning industry is simply a sophisticated "cooking" of large molecules 
to crack them down to smaller molecules. 
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The chemical industry typically involves much more high technology but smaller 
reactors because one usually desires to produce a single molecule as an intermediate to make 
a particular product. These molecules usually can be sold for a much greater price than gaso- 
line; so the extra value added in the petrochemical processing industry justifies the increased 
sophistication and cost of these reactors. The costs of separating the desired product from 
reactants and undesired products can dominate the economics of petrochemical processes. 

Even more than the petroleum industry, the petrochemical industry defrnes the 
chemical engineering profession. The evolution of this industry has produced the changes 
in the country's needs for engineers and continues to evolve and employ most chemical 
engineers. The raw materials used in chemical synthesis have made the transitions 

coal — > petroleum — y natural gas 
and the major chemical intermediates have made the transitions 
acetylene — > olefins — »■ alkanes 
The transition from petroleum to light alkanes as direct chemical feedstocks is still in 
progress. 

In the previous chapters we described the history of the petroleum and chemical 
industries through the evolution of the companies that produce these feedstocks and 
intermediates. In this chapter we describe the highlights of these transitions and the chemical 
reactors that have implemented them. 



Coal 

As with fuels, the feedstocks for chemicals in the nineteenth century were primarily derived 
from coal, and coal was important in the refining of ores. 

Copper and bronze (Cu, Sn, and Zn) can all be recovered from thefr sulfide and oxide 
ores by simply heafing to sufficiently high tempcratures. 

CuO -> CU + \0 2 
and the Copper and Bronze Ages began when our ancestors learned to make fires sufficienth/ 
hot to run these reaction processes by construcfing kilns and blowing air fhrough fhem. Iron 
oxide is too stable to be reduced by heating alone, and the Iron Age needed fhe discovery 
of carbon as a reducing agent. In the eighteenfh and nineteenfh centuries the iron and steel 
industries necdcd largc quantitics of cokc, which is made by pyrolyzing coal to remove 
volatile components and leave nearly pure carbon (coke). This is oxidized to CO, which is 
used to reduce iron oxide in the reaction 

Fe 2 3 + 3C0 -► Fe + 3C0 2 



These smelting reactions are gas-solid reactions whose principles will be considered in 
Chapters 9 and 12. 

The volatile components from coal pyrolysis are primarily small hydrocarbons and 
oxygen-containing molecules. By adding H 2 and limited 2 and while heating coal, these 
products incorporate considerable atoms into fhe volatile products to form alcohols, 
aldehydes, ketones, and acids. However, these products consist of many molecules that 
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must be separated into pure components by distillation or extraction, and these separations 
are expensive for commoditv chemical production. 

Alumina (AI2O3) cannot be reduced to aluminum metal by any direct chemical 
reaction, and Al was almost an unknown metal until the twentieth century. [How is aluminum 
(widely used in cans, foil, and automobile and airplane parts) produced from bauxite, its 
oxide ore?] 

Petroleum became the primary source of hydrocarbons for chemical feedstocks, be- 
ginning in about 1850 with the discovery of easily extracted crude oil in eastem Pennsvlvania 
and in the Ural mountains of Russia. The gases from the primary distillation of crude oil and 
the light products from FCC, catalytic'reforming, and hydroprocessing are ideal mixtures 
of C 2 to Cg alkanes that can be used to make many chemicals. Petroleum products are also 
cleaner than those from coal, producing no ash and less sulfur. 

Aeetvlene first became the primary intermediate molecule in chemical synthesis in 
the early twentieth century. As noted previously, the triple bond in acetylene is ideal to add 
one or two small molecules. For example, addition of one mole of water produces vinyl 
alcohol, 

C 2 H 2 + H 2 -> C2H3OH 

and addition of two water molecules yields ethylene glycol, 

C 2 H 2 + 2H 2 -»• HOC2H4OH 

Addition of HCl yields vinyl chloride 

C2H2 + HCl ->• C 2 H 3 C1 
and addition of Cl 2 yields ethylene dichloride 

C 2 H 2 + Cl 2 -> C1C 2 H 2 C1 
Addition of a molecule across a triple bond yields a molecule that still contains a double 
bond and is therefore reactive, Polvmerization of vinyl chloride yields polyvinyl chloride 
(PVC). 

Acetylene can be produced by pyrolysis of coal and by fuel-rich combustion of 
alkanes, a process that also produces soot or carbon black, the major ingredient in automobile 
tires. Acetylene can also be made with nearly stoichiometric efficiency by decomposing 
calcium carbide, CaC, which is produced by pyrolyzing limestone and coke, 

CaC03 + C -► CaC + C0 2 
Calcium carbide is a stable solid that reacts with water to form acetylene 

2Ca 2 C + 8H 2 -> C 2 H 2 + 4Ca(OH) 2 + 3H 2 
This was first bumed for miners' lamps, but acetylene was soon recognized as a valuable 
chemical intermediate. [Recall that Union Carbide started as a company that produced 
acetylene from CaC.] 

Acetylene production is a fairly complex and dirty process because it involves 
processing solids. It was discovered in Germany in the 1920s that acetylene can also be 
made by pyrolyzing petroleum in an oxygen-deficient flame. Although this process also 
produced large amounts of soot, it was cleaner and could be scaled up to produce larger 
quantities of acetylene than from coal. 



However, although acetylene is an excellent feedstock because two molecules can 
be added across the triple bond, it is intrinsicallv hazardous because acetylene can sponta- 
neously decompose 



C 2 H 2 -»■ 2C S + H 2 , 



A/# 



: -54 kcallmole 



a very exothermic reaction that releases heat and will explode in a confined < 
This reaction can occur unpredictably in stored C2H2. While stabilizers that scavenge free 
radicals make acetylene safer to handle (tanks of acetylene used for welding torches contain 
liquid acetone to make it safer), acetylene is intrinsically a rather dangerous feedstock to 
use in large quantities. 



OLEFINS 



Before we develop the equations for dealing with multiple-reaction systems, we consider a 
very important reaction system that is the largest and most important petrochemical process 
outside the petroleum refinery, the olefins industry. 

In the 1930s ethylene began to replace acetylene as the primary chemical intermediate, 
and by the end of the 1940s the transition from acetylene to ethylene as an intermediate was 
nearly complete. Ethylene is much safer to store and handle, and ethylene now is by far the 
largest-volume organic chemical produced (80 billion pounds per year worldwide). 



Steam cracking 

Olefms are now made primarily by a process called Steam cracking in which alkanes 
reacted homogeneouslv (cracked) at high temperature. With ethane, the ove 
are primarily 



C 2 H 6 ^C 2 H 4 + H2 


ethylene 


C2H6 — > C2H2 + 2H2 


acetylene 


C 2 H 6 + H 2 -+ 2CH 4 


methane 


3C 2 H 6 -> C 6 H 6 + 6H 2 


benzene 


C 2 H 6 -+ 2C S + 3H 2 


coke 


while for n-butane we can write 




C 4 H 10 ->• C 4 H 8 + H 2 


butylene 


C 4 H 10 -> C 4 H 6 + H 2 


butadiene 


C 4 H 10 -* 2C 2 IU + H 2 


ethylene 


C 4 H 10 ->• C 3 H 8 + CH4 


propylene 


C 4 H 10 -» 4C S + 5H 2 


cokc 


These are just a few of the many products, and the reactic 


ns are by no means 



e equafions imply. These reactions occur by homogeneous free-radical chain reactions, 
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which we will consider later in this chapter and in Chapter 10. Free-radical reactions make 
many products with little control of selectivity. 

Figure 4-1 shows the components in a tvpical steam cracking olefins plant. The reactor 
to accomplish these reactions must be operated at high temperature and low pressure because 
equilibrium in steam cracking is unfavorable at lower temperatures and higher pressures. 
Since steam cracking is very endothermic, extra process heat must be supplied. Recall that 
NH3 and CH3OH synthesis reactions were exothermic and produced an increasing number 
of moles. We therefore wanted to run these processes at as low a temperature as possible 
to attain a favorable equilibrium yield, and we needed to design a reactor with efficient 
cooling to avoid overheating. With an endothermic process, the strategy is reversed: We 
need high temperature and low pressure for maximum olefrn yield. 

Modem steam cracking reactors use 4-in. steel tubes 100 ft long in a tube furnace 
heated to -850°C. Pressures are approximately 2 atm (sufficiently above 1 atm to force 
reactants through the reactor), and residence times are typically 1 sec. Water (steam) interacts 
very little with the hydrocarbons by homogeneous reactions, but more water than alkane is 
typically added to reduce coke formation. 

Water reacts with carbon on the walls of the tube by the reaction 

C s + H 2 -* CO + H 2 

which is called steam gasification. This reaction cannot completeh/ eliminate carbon, which 
inevitably deposits on the reactor walls. Carbon deposition on the tube walls of this reactor 
eventually requires the shutdown of the reactor so air can be blown through the tubes to 
remove the coke in the reaction 

C s + 2 -> co 2 

Typically, steam cracking reactors operate from 10 to 40 days between coke removal cycles. 

Thus we see from these examples that almost all the important chemical reactions in 
the petroleum and chemical industries require the skilled processing of feedstocks 
specific products. These industries are based on the successful handling of sir 
reaction systems involving an almost infrnite set of chemical reactions. 

All companies have conducted considerable research and development 1 
processes, and they have also developed reactor simulation programs to predict the behavior 
of these comphcated plants. The low cost producer will be the company that has the most 
efficient process. This requires optimizing the reactor, and this in turn requires understanding 
i and their engineering. 
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Mass Balances 



MASS BALANCES 



In this chapter we consider how we should design chemical reactors when we want to 
produce a specific product while converting most of the reactant and minimizing the 
production of undesired bvproducts. It is clear that in order to design any chemical 
process, we need to be able to formulate and solve the species mass-balance equations in 
multiple-reaction systems to determine how we can convert reactants into valuable products 
efficiently and economicalh/. 

As developed in Chapter 2, for any multiple-reaction system we write 



ZvtjAj = 0, 



r i, 



*"=1,. 



where the rate of each reaction is r,-. We now write the mass balances in batch, PFTR, and 
CSTR just as we did for a single reaction. 

For a batch reactor with multiple reactions the mass-balance equation on species j 



dN, 



*T,Vij« 



volume it becomes 



--Evijri 



For a PFTR, the substitution dt — > dz/u transforms the batch reactor equation into 
the PFTR mass-balance equation, 



J C J - 



Evur, 



t constant density. 

For a CSTR the transient mass-balance equation i; 



= v(C j0 - Cj) + V y. VijVi 



and for steady state this becomes 



Cj - C jo = tE VijTi 



i ignoring any mole number changes 
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Note that for multiple-reaction systems we can simply substitute ^2 ; V; j r/ for VjT in 
the mass-balance expressions for a single-reaction mass-balance equation. The difference 
with multiple reactions is that now we must solve R simultaneous mass-balance equations 
rather than the single equation we had with a single reaction. 

CONVERSION, SELECTIVITY, AND YIELD 

For multiple reactions we are not only interested in the conversion but also the selectivity to 
form a desired product and the yield of that product. In fact, selectivity is frequently much 
more important than conversion because we can always increase the conversion by using 
a larger reactor, a lower flow rate, or a higher temperature, but poor selectivity necessarily 
requires consumption (loss) of more reactant for a given amount of desired product, and 
separation of reactants and products and disposal costs increase markedly as the amount of 
undesired product increases. 

Simple reaction systems 

In the following sections we will consider in detail only two sets of reactions, the parallel 
reaction system A ->. B andA -> C, and the ser/es reaction system A -> B -> C. These 

are prototype reactions for most reaction systems, and their characteristics show many of the 
features of any complex reaction system. The characteristics of these simple reactions are 

1. There is a single reacfant A, 

2. There are two products B and C and we usually want to produce B and minimize C, 
and 

3. The stoichiometric coefficients of all species are unity. These stoichiometries require 
that, if we feed pure A, it must react to form either 6 or C. Therefore, the loss of A is 
equal to the gain in B and C, 

N Ao -N A = N B + N C 

or with constant density 

Cao ~Ca= Cb + Cc 
These relations assume that there is no B or C in the feed, Cbo = Cc = °- witn ttns simple 
stoichiometry the definitions become simpler compared to more complex sets of i 

Conversion 

As before, we define conversion as 



loss of reactant 
feed of reactant 
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X A = 


JV^o - N A F Ao - F A 


N Ao F Ao 


tuation 


V or v constant) this becon 




C Ao - C A 
Xa = 

<~-Ao 





For a single n 



n this was called the fractional conversion X (or Xa), a number between 



zero and unity, because in a single reacti 
the progress of the reaction (we used Ca 
there is not always a single speci( 
there is frequently a most valuable 
by conversion Xj we mean the fractional 



[ there is always a single variable that describes 

' X). For multiple reactants and multiple reactions 

to all reactions to designate as A. However, 

which to base conversion. We emphasize that 

of reactant species j in 



Selectivity 

There are several common definitions of selectivity, but we will use simply the formation 
of the desired product (species j) divided by the formation of all products, all based on 
moles, 



amount of desired product j formed 



amount of all products formed 



This is a number that goes from zero to unity as the selectivity improves. We can use the 
number of moles Nj, chosen on some basis for each species such that we divide each Nj by 
its stoichiometric coefficient to normalize them. For a steady-state flow system the molar 
flow rates Fj are appropriate. 

If many products are formed, we sometimes have many possible definitions such as 
one based on carbon products, hydrogen products, a particular funcfional group, etc. It is 
also common to base these on weights or volumes if these are measured quantities in a 
particular process. Another and quite different definition is to take the ratio of particular 
desired and undesired products, a quantity that goes from zero to infinity; this definition 
becomes ambiguous for other than simple reaction sets, and we will not use it here. 

Note also that selectivity becomes more complicated in systems where densities and 
mole numbers change. The above definition is straightfonvard once a suitable basis is chosen 
(such as moles of reactant Na or molar flow rate Fa ), but in terms of concentrations 
and partial pressures one must be careful in substituting these quantities in the preceding 
equation. 

If we can identify a reactant A on which to base the selectivity, then we can define 
the selectivity as 

N B F B 

B ' N Ao - N A F Ao - F A 

as long as loss of one mole of A can form one mole of B. 
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If the system is also at constant density, this can also be written 

and, for the A -* B ->• C or A ->■ B, A -* C systems, the selectivity to form B becor 



Sb ~- 



C B + C C 



Yield 

We also need to express the yield Yj with multiple reactions. This is generally the arr 
of the desired product formed divided by the amount of the reactant fed, 



while the selectivity is the amount of the desired product formed divided by the amount of 
the reactant that has been reacted. For reactant A and product B with one mole of B formed 
per mole of A reacted, the yield is given by the expression 
v N B F B C B 

where the last equality assumes constant density. 

Note finally that the yield is always the selectivity times the conversion, 



Since the conversion is based on a reactant species, the yield is based on a specific product 
and a specific reactant. 

For our A -» B -> C and A -> B, A -► C reaction systems, species A is the 
reactant, species B is the desired product, and C the undesired product, and there is no 
change in number of moles (— l>i_ = V\ B = —V2B = V7.C = 1)> so these e xpressions 
become particularly simple, 

v _ Cao — Ca 



Cb + Cc = Cao — Ca 



Feed recycle 



We need to complicate these definitions further by noting that the above definitions are the 
perpass yield of a reactor, If unreacted A can be recovered and recycled back into the feed, 
then the overall yield of the reactor plus the separation system becomes the single-pass 
selectivity of the reactor because no unreacted A leaves the reactor system. 
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Note that with separation of reactants from products and recycle of reactant back to 
the feed, the conversion of the reactant approaches completion, X A —> 1 (Figure 42). The 
yield of a reactor with complete feed recycle therefore approaches the selectivity, Y B —> Sg. 
Again, note that in this situation we are describing not just the reactor but the reactor plus 
separation combination. 

In addition to recycling reactants back into the reactor, there are several other "tricks" 
to keep reactants in the reactor and thus attain higher conversions and yields. Among these 
are formation of vapor-phase products from liquid or sohd feeds and the use of membranes 
that pass products but retain reactants. We will discuss the integration of reactor-separation 
systems in Chapter 12. 



Production rate 

Another quantity we need to defme is tr 
mean the amount of the desired produc 
in moles/time. If species A is the key r 



: rate of production of a given product. By this we 
produced by the reactor per unit time Fj, usually 
actant and species B is the desired product, then 



= Y B F Ao = S B X A F Ao 



We frequently want to know the production rate of a process in mass per time of 
a product (tons/day, pounds/year, etc), and these are obtained simply by multiplying the 
molar production rate Fg by the molecular weight of that species. 

Profit 



The final (and ultimately the most fmportant) quantity we need to specify in any chemical 
reactor is the profit from a process. The cost ($/time) of reactant A is % A F Ao , while the price 
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of product B is $ s F B , where $^ is the price per mole of species j, such as listed in prices 
taken from the Chemical Marketing Reporter in Chapter 2. 
The rate of profit from a process is 



profit = 22 v j$j Fj ~ 5Z v Ai ^jo ~ f lxe d costs — operating costs 



Detailed economic considerations are the subject of process design courses, where you will 
learn about net present value, cash flow, and rate of return. Here we are concerned only with 
technical aspects of design such as achieving maximum production of a particular product 
with minimum reactor volume or designing a reactor with minimum heat input required. 
The costs associated with these options and separation costs before and after the reactor 
obvioush/ must be included to achieve maximum profit in a chemical process. 



COMPLEX REACTION NETVVORKS 



The definitions in the previous section are simple for simple stoichiometry, but they become 
more complicated for complex reacfion networks. In fact, one frequently does not know the 
reactions or the kinetics by which reactants decompose and particular product form. The 
stoichiometric coefficients (the v^) in the preceding expressions are comphcated to write 
in general, but they are usually easy to figure out for given reaction stoichiometry. 
Consider the i 



2B + C 
C + D 



A 

2A 
A + 2C->E 

i define selecfivities of 

_ \C B 
ifi - f T^ 



{{Cao-Ca) 
however, species C i: 



formed in the first t\ 



c Ao - 



and lost in the third; so the definition of Sc i s ambiguous but would probably be defmed a 

Sc = 

although _c could perhaps be negative if C 
dominated. 

A simple example of 
mefhane to make syngas, 



: fed 



lmportant 

CH4 + \0 2 -»■ CO + 2H ; 



rcactor and the third reaction 
network mentioned is fhe oxidation of 





Series Reactions 


CU 4 + 20 2 ^C0 2 + H 2 


combustion 


CO + H 2 ^C0 2 + H 2 


water gas shift 


CH 4 + H 2 -* CO + 3H 2 


steam reforming 


CH 4 + C0 2 -* 2C0 + 2H 2 


C0 2 reforming 


these as 




A + 2B -+ £ + F 




C + F->-£ + Z) 




A + F-+C + 3Z) 




A + E -» 2C + 2D 




eps in the overall desired reaction 





A + \B^C + 2D 
It is seen that A and B are written as reactants only, but all reactions are in fact reversible; 
so all species in this reaction netvvork are both products and reactants. 

We could write species mass-balance equafions (S = 6 in this example) on any such 
reaction sequence and solve these (R = 4 are inseparable) to find Cj(z), and in most 
pracfical examples we must do this. However, fhere are two simple reaction netvvorks fhat 
provide insight into fhese more complex nefvvorks, and we will next consider them, namely, 
series and parallel reacfion nefvvorks (Figure 4-3). 



SERIES REAC710NS 



The simplest sets of reactions involve series or parallel first-order irreversible 1 
We will first consider these cases because they have simple analytical solutions and are 
useful prototypes of more complicated reaction sets. These can be considered in the energy 
diagrams similar to those we discussed in fhe previous chapter for single 
The reactants must cross energy barriers to form products. For se 
intermediate is formed that can then further react, while for parallel 1 
can react by alternate pafhways. The activation energy of the first reaction is E\, while Ihe 
activation energy of the second reaction is E 2 . A smaller energy barrier can be expected 
to result in a higher reaction rate, alfhough different preexponential factors can also affect 



Irreversible first-order reactions in a PFTR 

For the reaction system A — > B — >• C we write the reactions in fhe standard form 



B->C, r 2 = k 2 C B 

For a batch reactor or PFTR the mass balances on A, B, and C are 
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dC A 
dx 


= ~T\- 


-k\C A 














dC B 

17 


= +n- 


-r 2 = +k\C A - 


kiC B 












dCc 

Ar 


= +r 2 


- +hC B 







These come from simple application of the mass-balance equation dCj /dx = ^Zj v ij r i> 
which you should verify. Differential equations always need initial or boundary conditions, 
and for the batch reactor these are the initial concentrations of A, B, and C. For this system, 
the feed may be expected to be pure A, so C A = C Ao and C Bo = Cc = 0- 

We need to solve these equations to obtain CA(t) , C B ( x )> and Cc(x). It can be seen 
by inspection that the first equation is independent of the others, so it can be solved by 

ing variables to yield 



C A (x) = C Ao e~ k ^ 



We next solve the second equation by substituting C A (x) to obtain 

—f~ B +k\C A -k 2 C B 

= +hC Ao e- kir -k 2 C B 
This is a function of C B and X only, but it is not separable. However, it can be written a 

^+k.Cs^hC^e-^ 
dx 
This equation is Hnear in C B . 

The linearfirst-order ordinary differential equation has the standard form of 
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which has an integrating factor 

p « = [p(x')ŭC 

to yield the solution 

y(x) = y exp[-F(x)] + [ q(x') exp{-[/>(x) - P(x')]} dx' 

Our equation is a simple form of this expression because P(x) = — k 2 T, and the 
solution becomes 



Cfl(T) = c ^^rr (e ^ 1T - e ~* 2T ) 



We could substitute this Cg (t) into the differential equation for Cc and s 
solve. However, this is not necessary since the concentrations are related by 

C Ao ~ C A = Cb+ Cq 



C c (r) = C Ao -C A -C B 

= C Ao -C Ao e- k ^-C. 



'k 2 -k x 
*i , _, 
^k^ 



.(*-*•* __-***) 

--,->.,) 



These expressions give the concentrations C A , Cb, and Cc versus residence time 
T. These are plotted in Figure 4-4 for different values of kij k\ ■ It is convenient to plot a 
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Figure 4-4 CA, C B , and C c versus k\ r for 
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dimensionless time k\ X because this gives a single curve for Ca f° r an Y k\ , m< ^ me onr y 
variable in the plot is £ 2 / k\ 

For k\ = k 2 the preceding expressions cannot be used because they become indeter- 
minate (zeros in numerator and denominator). We will leave the derivation of the relevant 
equations as a homework problem. 

When k 2 j k\ -4 co, then C B remains small, and the reaction svstem A — » 6 — > C 
actual]y looks like the single reaction A — y C, r = k\ Ca, and fhere is no evidence of fhe 
intermediate 6 in fhe reaction because it immediateh/ reacts to form C. We will discuss series 
S wifh large rate coefficients later in fhis chapter in connection with mechnisms of 



Reversible series reactions in a PFTR 



A <± B, r\ = kn C A - h\ C B 

B ^C, r 2 = k 2 C B 
These are almost identical to fhe irreversible series reactions solved previously except fhat 
now fhe first reaction is assumed to be reversible. The mass-balance equations for A, B, 
and C are 

^ . -k f \C A + k h \C B 

ax 

-~ = +kf\C A - k bl C B - k 2 C B = +k f \C A - (* bl + k 2 )C B 

d -^=+k 2 c B 

dx 
The first two equations are functions of C A and C B only, but now fhe frrst equation is 
coupled to fhe second because it contains C B and the second contains C A . Thus we must 
solve fhe two equations simultaneously. This is generalh/ a more complicated problem fhan 
for a single frrst-order differential equation. However, note fhat both of these equations are 
linear inCAand Cfi. 

Elementary courses in differential equations show that fhe equations 



Tt =n + h 

can be solved by differentiating the frrst equation wifh respect to t again and substituting 
for y and its derivative to yield fhe single second-order differential equation 

£±-( a +8)^ + (a6~py)x = 
dt l dt 

This is a second-order differential equation wifh constant coefficients. A solufion of fhe 

forni 
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x(t) = C\e u ' + C 2 e Xir 
satisfies this differential equation with coefficients C\ and C 2 , which must be determined 
from initial conditions. The coefficients k j and X 2 , called the eigenvalues of the equation, 
are the solutions of the quadratic of the coefficients 

k 2 - (a + 8)k + (a8 - py) = 
which has two roots 

ki,k2-\{(f*+&)±u* 5) 2 + 40y] ]/2 } 

[These derivations are simple applications of material that was covered in lower- 
division math courses, although you may not remember it (or want to remember it). We 
have derived evervthing you wi]l need from this material so that you can solve any problems 
like these without referring to your math text.] 

Returning to our problem, we let C\ = X,Cb = y, — &fi = CK, ^bl = $, &fi = Y< and 
8 = —k b \ — k 2 . Thus the general solution becomes 

C A = C\e^'+C 2 e X2 ' 



Initial conditions are C A = C Ao and C B = Cc = at T = 0. Also at X = 0, 
dC A /dr = -k n C Ao 

Substitution and elimination of the coefficients C\ and C 2 yields 

C A = T^T-m + *fiV X " - (A, + kn)e x *] 

A.2 - All 

k 2 - m 

Cc =C Ao - C A - C B =7^Vd -^'-^') 

k 2 -k\ 

assuming C Bo = C Co = 0. Note that if we set k B \ - 0, we obtain the solution we derived 
for the irreversible series reactions. 

We can next solve the series reactions where both reactions are reversible 

d S± = -k n c A+ k \C B 

-~ =+k n C A - (k b \ +k a )C B + k b2 C c 

—j^- =+k a C B - k b2 C c 
Now we see that we appear to have three coupled first-order ordinary differential equations 
with C c apparentiy coupled in the second and third equations. However, we can eliminate 
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C c by the stoichiometric relation C c = C Ao — C A — Cg to form two simultaneous linear 
equations, which can be solved as above. 

For zeroth-order reaction steps, we still have linear equations, but for ofher orders 
of kinetics we have nonlinear simultaneous equations, which generalfv have no closed- 
form analvtical solutions. We must solve fhese sets of equations numerically to find C A (x), 
C B (r),andC C (T). 

Series reactions in a batch reactor 

We do not need to repeat these derivations for the batch reactor, because all expressions 
derived are simplv translated from PFTR to batch by replacing fhe residence time T by 
the reaction time t, alfhough fhese times have quite different meanings. Students have 
probably worked out fhe previous derivations for fhe batch reactor in courses in chemical 

kinctics 



Series reactions in a CSTR 

For fhe reaction system A — > B — » C we again write the reactions in our sfandard form 
A ->■ B n = kiC A 

B^C, r 2 = k 2 C B 

For fhe CSTR the mass balances on A, B, and C are 
C Ao -C A =xk x C A 
C B -C Bo = r(kiC A -k 2 C B ) 
Cc - C C o = +rk 2 C B 
l C B o = Cco = 0. These expressions come from simple apphcation of the CSTR 
-balance equations Cj — C j0 = £ ( . Vyr,- for species A, B, and C. These algebraic 
can be simply solved to yield 



r Cao 

CA -\Tk^ 








k\C Ao x 


" (1+^T)(1+^ 2 T) 


hk 2 C Ao x 2 


c (\+k x x){\+k 2 x) 



These solutions are plotted in Figure 4-5 for the CSTR. These curves exhibit a monotonic 
decrease for C A , a maximum for C B , and a monotonic increase for Cc, j ust as in a PFTR. 
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Example 4.1 We wish to produce B in the reaction A — >■ B in a continuous reactor at 
v = 4 liter/min with C_ = 2 moles/liter. However, we find that there is a second reaction 
B — >■ C that can also occur. We find that both reactions are first order and irreversible with 
jti = 0.5 min- 1 and k 2 = 0.1 mkr 1 . Find r, V, C B , S B , and Y B for 90% conversion of A. 



This is the same example A — > B of the previous chapter, but now there i 
second reaction B — >■ C, so these are series n 
PFTR. Apphcation of this equation yields 



V = vt = 4 x 4.61 


= 18.4 liters 


Therefore 




Cb(t) = C A o7-^V(e- t,r - ^) 





M fe-Jfcl 



0.5 
'■6.4 



x (e°' 5<4 ' 61 _ e -0.1x4.61) _ 133 moles/Uter 



so that 

C B 1.33 _ 

'Cao-Ca 1-8 " 

C Ao 2 
CSTR. Application of these equations yields 

_ C Ao - C A 2.0 - 0.2 



s B 

Y B = - 



1 = (JfcOO =0.5xtt2= — 
so that 

V = 4 x 18 _ 72 liters 
Substitution in the other equations yields 

fclCApt 0.5 x 2 x 18 

Cb (1 + JtiT)(l+ife_r) =d + 9)(1+ 1.8) 
Therefore S B = 0.64/1.8 = 36% and Y B = 0.64/2.0 = 32%. 
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As expected, the CSTR requires a longer residence time for this conversion. It also give 
much lower selectivity and yield to the intermediate product because we have chosen i 
residence time far too long where much of the B formed has reacted on to form C. 



Maximum yield of B in PFTR 

The selectivity of formation of £ 



this reaction system is defrned 


C B 


C b 


C B .+ C c 


= Cao — Ca 


Y B = 


C b 

Cao 



It is clear from the plots of Figure 4-5 that Cg increases to a maximum and then decreasc 
as t increases. Thus, if species B is desired, there is an optimum residence time to maximiz£ 
Cb in a PFTR. We can find this time and the maximum value of Cb , Cb max> by differentiatinj 
Cb (t) with respect to T and setting the derivative equal to zero, 

dx k 2 - 

[This seems like we have just differentiated the equation we previously integrated, but we 
are now trying to find the maximum of the integrated function.] 
This algebraic equation can be solved to yield 



-(-kie- klT + k 2 e- k2T ) 



k x e klT mk 2 e 



-hx 



Substituting this residence time back into the expression for Cb yi e lds 
kl hl(h-h) 

CBmsn. — Cao T~ 



Cao 



■sr 



The maximum value of the selectivity Sb is 1 at a conversion of zero, because initialb/ 
no C is being formed, but the conversion of A and the yield of B are zero. If C is desired, 
then the reactor should be operated at long residence time to attain complete conversion. 



Maximum yield of B in series reactions in CSTR 

We can calculate the value of T max and CBma\ j ust as we did previously for the PFTR and 
batch reactors, by setting dCsldr = and solving for Cb and T, 
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kik 2 C Ao x 



^L = o = ^iCao _ k 2 C Ao x 

dt (\ + k r X)(\ + k 2 x) (\ + k l T) 2 (\+ k 2 T) (1 + k t T)(\ + k 2 T) 2 

k x C Ao / _ _i_ £ 2 T \ 

= (1 + *ir)(l+ * 2 r) V (1+ k\T)~ (\ + k 2 x) ) ~° 



The tenns in the large parentheses must be equal to ze 
yields the surprisingh/ simple expression 



, and after clearing of fractions this 



Substitution back into the expression for Cg yields 

hc Ao 



(k^ + k^) 2 



so the maximum yield of B is given by 



C Ao (k\' 2 +k 1 2 /2 ) 2 



[Note how much simpler this problem is to solve in the CSTR than in the PFTR (Figure 
4—6), where we had to solve simultaneous differential equations. The CSTR involves only 
simultaneous algebraic equations; so we just need to find roots of polynomials.] 

It can be easily shown that the maximum of Cb is greater in the PFTRthan in the CSTR. 
Here we see an important principle. In any series process with posifive-order kinetics where 
we want maximum selectivity to an intermediate, the PFTR will give a higher selectivity 
with the same kinetics than will the CSTR. We can see the reason for this quite simply. 
In the PFTR or batch reactor there is only A initially; so initialfy only B is being created. 
Only as B builds up does it react further to form C. In the CSTR at a particular j there is 
only a single composition of A, B, and C; so B is always reacting to form C, and therefore 
B does not build up to as high a maximum as in the PFTR or batch. [Does this argument 
make sense?] 
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jj ]Example 4-2 We wish to produce B in the reaction A — > B in a continuous reactor at 
: V - 4 liter/min with Cao = 2 moles/liter. However, we fmd that there is a second reaction 
B — > C that can also occur. We fmd that both reactions are first order and irreversible with 
i, Jti = 0.5 mirr 1 and k 2 = 0.1 min- 1 . Find r, V, S B , and Y B for mcvcimum yield of B. 



This is the same example A — > B of the previou; 
choose t for a maximum yield of B. 
PFTR. Application of the equation given yields 
/n(* 2 /*i) ln5_, n . 



*max = 



fe-Jti 



0.'/ 



C A = C ko e~ hx = 2e -2 = 0.27 moles/liter 
) that the maximum yield is 



C A o 



The other quantities are 



V = VI = 4x4 = 16 liters 
Cao l 



CSTR. Application of these equations yields 



ihk 2 yi T 0.05V2 

k\C Ao 



<*r + *n 2 

0.5 x 2 
= (0.5 1 / 2 ' O.l 1 / 2 ) 2 



= 0.95 moles/liter 



= 0.62 moles/liter 



Y B = 
S B = 



4 x 4.47 - 17.9 n 
Cfima* 0.955 



Series Reactions 1 

As expected, the CSTR requires a longer residence time for maximum yield of B . 
It also gives lower maximum selectivity and yield to the intermediate product than 
aPFTR. 



Series reactions with other kinetics 

We have solved A — > B — > C for frrst-order irreversible kinetics, and for more complex 
kinetics the procedure is identical except that the expressions become more difficult to solve 
except for zerpth-order kinetics. 



zeroth-order kinetics. 



For a PFTR or batch n 



for oth 




expressions, ] 


et us consic 


er 




A ->• B, 


r\ = 


h 






B -¥ C, 


r 2 = 


k 2 




ictor the 


mass 


balances 


on A 


B, and C 




dC A _ 

dt ~ 


-h 


C A 


>0 






= 


o, 


C a = 









dC B _ 

dt 


+h 


-h, 


c A 


> 0, C B > 





dC B _ 

dt 


-h 


C A 


= 0, C B > 




= 


0, 


C B = 









dC c 

At ~ 


+ki 


Cb 


>0 










These equations can be simply integrated to yield 

C Ao -C A =Tk u C A >0 

C B = T(jfe,-fe 2 ), c A >o 

= C/?,c A -*o - rk 2 , C A - 
C c = +rk 2 , C B >0 
Note that with zeroth-order kinetics the rate of formation of a species goes to zero when 
the concentration of the reactant forming is goes to zero. We write C B ,CA^-0 to indicate the 
value of C B when C A goes to zero because after that time no more B is being formed. You 
should plot these functions and compare them with curves for first-order kinetics. 

For the CSTR the mass-balance equations for these kinetics for C B o = Cco = are 



Ca 


= rh, 


c A > 







c B 


T(*l 


-fe), 


c A 


>0,Cb 




Cb,c a 


^o - rk 2 




c A -0 



c B > 
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These are immediately explicit expressions for C A , Cb< ana " Cc. However, note that, in 
contrast to first-order kinetics, they are identical to the expressions we obtained for the 
PFTR, as expected for any zeroth-order processes. 

We can now begin to formulate the general principles of the choice of PFTR and 
CSTR for optimum yield of an intermediate in irreversible series reactions. 






>ptu, 



n residence 



optnv 



2. The PFTR will always give a higher maximum yield of an intermediate if 
obey positive-order kinetics. 

For zeroth-order kinetics the maximum selectivities are identical, and for negative-order 
kinetics the CSTR will give a higher maximum selectivity. [What type of reactor will be 
better if one reaction is positive order and fhe other negative order?] 



PARALLEL REACTIONS 



Irreversible first-order reactions in a PFTR 

Here we consider the reaction set A -> B, A — ► C, which we write in our standard form 
A -> B, ri= hC A 

A-+C, r 2 = k 2 C A 

These look similar to series reactions, but the solution is quite different. In a PFTR or batch 
reactor the mass-balance equations are 

dC A . 
dx 

dC B 



dx 



■■ -k x C A -k 2 C A 
-- +kC A 



d ~^=+hc A 

dx 
The first is uncoupled and separable to yield 

C A (r)^C Ao e~^ +k ^ | 

Thus C A (x) can be substituted i 



) the second equation 

dx 
which can be separated and integrated to yield 



Similarh/, the third equatioi 



kt + ki 
l be integrated to yield 
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Cc(r) = C Ao - 



-(1-<T< 



rt2)r ) 



when C Bo = Cco = ° 

These are plotted in Figure 4-7 d I le (k\ + ki)T for different 

values of ki/k\ ■ Note here that it is convenient to plot the dimensionless time as (k\ + ki)x , 
which gives a single curve for C A , irrespective of k\ and k 2 . 

The selectivitv to form B is defined as 



C B + C c 
and substituting for these concentrations we obtain 

so that ,Sb is independent of conversion if both reactions are first order. 



Parallel reactions in a batch reactor 

We do not need to repeat the derivation of A — » B —*■ C for the batch reactor because the 
transformation dl = dz/u — > t immediately transform the results predicted for the PFTR 
to the batch reactor. 



Parallel reactions in a CSTR 

Next we consider parallel first-order irreversible 
equations with C Bo = C Co are 

C Ao -C A -r(k\ + h)C A 

C B = rk\C A 

C c = rk 2 C A 
Since there are two reactions, only two of these equations a 
is a function of C A alone and can be solved to yield 



i independent. In fact, the frrst 




Figure 4-7 CA, C B ■ and C c \ 

1.0, and 10. The selectivity to 
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(k 1 + k 2 )x 



(k 1+ k 2 )t 



(k 1+ k 2 )x 



Figure 4-8 Ca,Cb, and Cc versus (itl+fa)* for Parallel reactions A ~+B, A -+ C in a CSTR. Plots shown are for k 2 /k x = 0.1, 
l.O. and 10. The selectivity to S and yield ot B are indepen i i i i n ivities and yields 

are the same for both PFTR and CSTR, but the CSTR requires a longer T for a given conversion. 



', solving for C A , we obtain 



Cao ~ C A 

(*i + k 2 )C A 
c Ao 



1 + (Jfc, + * 2 )t 



Substitution in the other equations yields 



rk x C Ao 



" 1 + (*i + h)x 



' \ + (k x +k 2 )T 



;us T are plotted in Figure 4-8. The selectivitv to S is 

s c B h 

B C B + C c =k x +k 2 
which is identical to the expression for the PFTR. Thus we see that for parallel irreversible 
first-order reactions the residence time required for a given conversion is smaller in a PFTR, 
but the selectivitv is identical in the PFTR and the CSTR. These are compared in the PFTR 
and CSTR in Figure 4-9. 




(k 1+ k 2 )T (k 1 + k 2 )t 

Figure 4-9 Comparison of Ca, Cg, and Cc lor parallcl firsi-ordcr n 
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Example 4-3 We wish to produce B in the reaction A ->• B in a continuous reactor at 
V = 4 liter/min with C Ao = 2 moles/liter. However, we find that there is a second reaction 
A -> C, which can also occur. We find that both reactions are first order and irreversible 
with k\ = 0.5 min -1 and & 2 = 0.1 min"" 1 . Find x, V, Cb, Sb, and Yb for 90% conversion 
ofA. 

This is the same example A — > B of the previous chapter, but now there is a 
second reaction A — > C, so thesc arc parallcl r 
PFTR. Application of these equations yields 
1 , C Ao i 



*i +k 2 C A 0-5 + 0.1 
so that 

V = VT = 4 x 3.84 = 15.4 liters 
Therefore 

CM-C-ĥ + fcC-^-) 

0.5 
= 2 x — [1 - exp(-0.6 x 3.84)] = 1.50 moles/liter 



S B - Q » =-^ = ^=^=83% 
B C Ao -C A ki+k 2 0.6 1.6 

CSTR. Application of the preceding equations yields 

... C Ao -C A 2.0-0.2 ir _. 



= (*! + feJC^ = 0.6 x 0.2 



Substitution in the other equations yields 

Cr = t — T&1C4— — = : = 1.50 moles/liter 

^ B 1 + (ĥ +^2)T 1 + 0.6 x 15 

Therefore, 5 B = 1.5/1.8 = 83% and Y B = 1.5/2.0 = 75%. As expected, we 
obtain the same selectivity and yield for the CSTR and PFTR for these kinetics, 
but the CSTR requires a longer residence time. 



Parallel reactions with other kinetics 

For other kinetics and for reversible reactions the expressions of course become more 
complex to solve. Let us first examine the situation with different order kinetics for two 
irreversible reactions such as 



72 Multiple Reactions in Continuous Reactors 



A -> B, n= k\C m> 

A^C, r 2 = k 2 C m A 2 
which is identical to the previous example except the orders are not unity but are rather rtl\ 
and m 2 . 

For the PFTR or batch reactor the equation for A is 

-£- = -k\C mi - k 2 cT 

dx 
which is still separable. For the CSTR the equation for A is 

C Ao -C A = r(k l C A i + k\C mi ) 
which is a polvnomial in C A . 

Let us consider a simple example of this with m\ = 1 and m 2 = 2. We must solve 
the PFTR equation using partial fractions. The solution for the CSTR is a quadratic, 

C Ao -C A =r(k\C A+ k 2 C 2 A ) 
whose solution is 

r _ c Ao -c A 

k\C A + k 2 C 2 A 
This is a quadratic equation in C A , which can be solved to yield the expression 
_ , , -(\ + k\r)±[(\ + k\r) 2 + Ak 2 rC Ao ] 1 ' 2 

Ca(x) - Wr 

For these reactions in a PFTR the mass-balance equation becomes 
fi 

dC A 



f dC A 

J k\C A+ l 



- hC 2 A 
which must be solved by partial fractions or numerically. 



I Example 4-4 Calculate the selectivities of forming B in CSTR and PFTR reactors at 90% 
■ conversion of A starting with C Ao = 4 moles/liter in the parallel reactions 

j A -> B, n = Jti = 2 

j a ._> C, r 2 = k 2 C A = C A 

j where rates are in moles/liter min. The first reaction that produces B is zeroth-order in 
\ C A and is the desired one, while the reaction that produces C is first order in C A and is 
undesired. 

| For the PFTR the mass-balance equation for A is 

| _£___*!_ k 2 C A = -(2 + CA) 

• dr 
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which can be integrated to yield 

x= Jj^=ln±^ = _2±± = ln ±=0.92_. 
J 2 + C A 2 + C A 2 + 0.4 2.4 

c A0 

The mass-balance equation for B is 

C fi = 2t = 1.83 moles/liter, C A > 

Thus the selectivity to B in a PFTR for this 



Sb =~ 



c Ao 


-2t 


\ + 


T 


2t 




CaoT 


-2r 2 



" C Ao - C A = 4.0 - 0.4 
For the CSTR we write the mass-balance equations as 

C Ao -C A = t(2 + C A ), C a >0 

C B = 2r, C 4 > 

Cc = tC a , O > 

This gives 

C A -- 

c B = 

CC - l + r 
until all A is consumed. The residence time is 

r C Ao -C A _ 4~ŭ.4 _3J 
2 + C A 
This gives 

C B = 2t = 3 moles/liter 
Thus in a CSTR we obtain the selectivity 

C B 3.0 

" B /-■ _s* - i n — n a 



From this example we see that the CSTR requires a longer residence time for the 
required 90% conversion (it must since the kinetics are positive order), but the CSTR gives 
a higher selectivity to B. One can always design for a larger reactor, but the A that was 
converted to C is a continual loss. Thus the CSTR is the clear choice of reactor in selectivity 
for this example, where we wanted to favor a lower-order reaction rather than a high-order 
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Differential and total selectivity 

The calculation of selectivities becomes more complicated for other than these simple 
examples. Some of the features controlling selectivity can be seen by considering the 
differential selectivity. 

If there is a single reactant A on which we can base the conversion and selectivity, 
then we can defrne a dijferential selectivity Sj and integrate it to obtain the total selectivity. 
Consider the following relation where B is the desired product 

dC B _ dC B _ 

SB = dC B +dCc = dC A 
which is the rate of forming B divided by the rate of loss of A. The total selectivity in a 
PFTR can be found by writing this as 

dC B = Sb dC A 
and integrating along the reactor to obtain 



C B = - I s B dC A 

C Ao 

Cao — C A = Cao — Ca J 

c Ao 

ible reactions with orders m \ and ni2 this 

Ck Ca k r m, 

Cb = 'J ni~r~2 dCA = ~l hC m ĵ + A k2CT 
c A0 c A0 

:egral becomes 

c c A jfc, it, 

J k\ + K2 ki + h. 



For two parallel irreversible reactions with orders m \ and m^ tbis becomes 
ri r, 



dC A 



Cm 
If n%\ — IŬ2, men the integral becomes 



and S B ~ k\ /{k\ + k^), as we derived previously for first-order parallel 
If ni\ = and ni2 = 1, this expression becomes 

k\ + k 2 C Ao 



c '"-/m 



-dC A = 



: x + k 2 C A k 2 k_ + k 2 C A 

c Ao 
and the selectivity is 



C Ao - C A , k 2 (C Ao - C A ) h + k 2 C A 
We can generalize this by plotting the s B versus C Ao — Ca. 



C Ao" C A 



C Ao" C A 



Parallel Reactions 175 




C Ao" C A 



Figure 4-10 Differential selectivity Sb versus conversion Cao — Ca for situations 
order and where the desired reaction has a higher order. The overall selecttvity Sb ii 
The overall selectivity in the CSTR vvill be higher thanin (he PFTR if the desired re 



Example 4-5 Consider the parallel 
ft:; A -> B, n = AC A 

m A^C, r 2 =2C 2 A 

i ( . i Cao = 2 molesAiter. Determine the selectivities in PFTR and CSTR versus the 
conversion. 



We could solve the equatior 

sclectivitv. 



s B = - 



■ the differential 



AC A 



r\+r 2 ~ AC A + 2C 2 A = 2 + C A 

This gives s B = 0.5 at C A = 2 (no conversion), S B = 0.67 at C A = 1 (50% 
conversion), and Sb = 1 at C A = (complete conversion). Since s^ increases 
with conversion, the CSTR \vrll give a higher selectivity (Sb = s b ) than a PFTR 
(Sg is the average of sg). These are plotted in Figure 4-10. 



S B in a CSTR is s B evaluated at the exit conversion. In a PFTR S B is the average of 
S B between C Ao an d Ca, which is the area under the s B versus C A o ~ Ca curve divided by 
C Ao — C A . The CSTR always requires a longer r for a given conversion. 

This graphical construction illustrates the comparison in selectivity of CSTR and 
PFTR. If s B is an increasing function of conversion, then the CSTR gives a higher selectivity 
for a given conversion than a PFTR (but with a larger reactor required). 

For our example, S B is favored more in the CSTR as the conversion increases. Again 
this is seen simply because the entire process in the CSTR occurs at the final conversion 
where C A ls smallest; so less C is produced compared to the PFTR. 

All these arguments require a single reactant A on which to base the calculation of 
selectivity. For more complex situations we can still determine how the selectivity varies 
with conversion in PFTR and CSTR, but calculation of the selectivity requires complete 
solution of the mass-balance equations. 
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s c O.g 



Cah-Ca 



Example 4-6 Consider the 



Figure 4-11 Plol ol cliiiurcnlia] 1 u h s c I™ the evtmple 
of three reactions in parallel. If C is desired, the CSTR gives a 
larger Sc, and this occurs whei ! i raled C r - \ 

mole/liter. 



= k\ 
'- k 2 C A 
-- hC\ 



What is the best single ideal PFTR or CSTR to produce B, C, and D? Do S B ,S C , and S D 
increase or decrease with conversion? 



B, which has the lowest order, then a CSTR is preferred 
wi]l give the highest yield. 

D, which has the highest order, then a PFTR is preferred 
will give the highest yield. 
If we want to optimize the reaction to produce C, which has intermediate reaction 
order between B and D, then we have to solve the problem completely. 



Solve these equations for all species versus T in a PFTR and a CSTR for k\ = 2, & 2 = 4, and 
& 3 = 2. Which would be the best reactor to produce C for different C Ao m ^ conversion? 



Shown in Figure 4-11 is a plot of Sq versus C Ao - C A . It is seen that s B has a 
maximum at C A = 1 and decreases to zero at complete conversion. 
Thus for this example the CSTR will give the higher selecfivity to C for up to 
50% conversion, but if the conversion is above 50%, the PFTR gives a higher 
selectivity, as well as requiring a shorter X . 



MULHPLE REACTIONS VVTIH VARIABUz DENSITY 



Previously in this chapter we have implicitly assumed that the density of the fluid did not 
change as the reaction proceeded. In our parallel and series reactions, A -^ B, A —>■ C, 
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and A — > B — > C, the number of moles is obviously constant; so the problems can always 
be worked in terms of concentrafions. 

When fhe density varies, we need to find another variable to express the progress 
of a reaction. Earlier we defined fhe fractional conversion X for a single reaction, and in 
fhis chapter we defined the conversion of a reactant species X A f° r reacfant A and Xj for 
reaction j. For the conversion in a reaction we need a different variable, and we shall use 
Xj (bold type), with the index i describing fhe reaction. We will first work our series and 
parallel reactions with these variables and fhen consider a variable-density problem. 

We define fhe conversion of reactant A as 



, c Ao - c A 



e choose a basis N A o m d define 



where fhe volume occupied b 
an be written as 

Cj = C j0 + C Ao J^ VijXi 



For a constant-density system where fhe volume occupied by fhe number of moles chosen 
for the basis is consfant, this can be written as 



Parallel reactions 

Consider fhe reactions 

A ->.B, n= k\C A 

A -» C, r 2 = k 2 C A 
From stoichiometry wifh pure A at C Ao initially we can write fhese species in fractional 
5 Xj and X 2 as 



Cb = C Ao Xi 
Cc = C Ao X 2 

Note fhat for fhese parallel reactions X A = Xi +X2 because A is lost fhrough bofh reacfions. 
Since C A must be greater fhan zero, X A must be less fhan 1, and fherefore < Xi + X2 < 1- 
This is a consequence of fhe fact that A can react to form eifher B or C. 
In a CSTR the mass balances on the fhree species become 

C Ao c* = C Ao (Xi + X 2 ) = t(n + r 2 ) = x{h + k 2 )C Ao (\ - Xj » X 2 ) 

C B = C Ao Xi = xr\ = xhC Ao (\ - Xi - X 2 ) 

C c = C Ao X 2 = xr 2 = xk 2 C Ao (\ - Xi - X 2 ) 

Eliminating C Ao from these equations, we obtain 
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which can be solved to obtain 



i+X 2 = 


x(h 


* *2)d " 


-XI 


-X 2 ) 


Xi = 


xr\ 


= xk\(\ 


-Xi 


-X 2 ) 


x 2 = 


xr 2 


= TJfc 2 (l 


-X! 


-X 2 ) 


111 

Xj 


1 


T/fcl 






+ tk l + 


T* 2 








xk 2 







These values of Xi and X 2 ( 
the expressions 

Ca'- 



1 ~ 1 + xki + xk 2 

n be inserted into the expressions for C A , Cb, an d Cc to give 



■■c Ao a- 

CaoXi 



•Xi-X 2 ) = 
C Ao xk\ 



c Ao 

i- rfci + T* 2 



Cc = C Ao X 2 



h xki + xk 2 
C Ao xk 2 
h xk\ + xk 2 
derived previouslv (they had better be c 



These are the same expressions we derived previously (they had better be or we made a 
error somewhere) using concentrations directly. We note that the method just used, where 
we solved in terms of Xi and X 2 , is more complicated and subject to mathematical mistakes 
than from just solving the original equations in terms of C A , Cg, and Cq direcdy 



Series 

Consider i 



reactions 



= k\C A 
-- k 2 C B 



Now the stoichiometric relations ; 
with C Bo = Cc = are 



; the 



5 of Xi and X 2 starting 



C A = C Ao (l - X!) 

C B - Q (Xi - X 2 ) 

C c = C Ao X 2 
Note that these are quite different than for parallel reactions. In this reaction system X A = X 
because A is lost only through the first reaction. Also, in this reaction system Xi — > 1 and 
X 2 — >• 1 when the reaction goes to completion. 
In a CSTR the mass-balance equations are 

C Ao -C A = C Ao Xi = n = t*iC Ao (1 - Xi) 

-C B = -C Ao (X x - X 2 ) = r(r, - r 2 ) = x[(hC Ao (\ - Xj) - k 2 C Ao (Xi - X 2 )] 
-C c = ~C Ao X 2 = xr 2 = xk 2 C Ao (Xi - X 2 ) 
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Cao can be eliminated from these equations to yield 
Xi= rJfci(l-Xi) 
X 2 -Xi=t[(^(1-Xi)-^(Xi-X 2 )] 
-X 2 = t£ 2 (Xi - X 2 ) 
Again, these can be solved for Xi and X 2 and substituted back into C A , C b , and Cc to 
obtain the same results we obtained previously. 

For both parallel and series reactions we have not derived these equations in the 
PFTR. This involves writing equations such as dX\/dt = . . . and solving the differential 
equations for Xi and X 2 . This would be uninstructive because the answers are identical to 
those derived without using these variables (assuming no mistakes). 



Variable-density series reactions 

Consider next the reactions 



where all species ai'e iclcal gas 
Now the mass density \ 
2 moles of C when the reacti 
CSTR mass-balance equation 
density versions of the reacto 



A-+2B, r x = kiC A 
2B -> 2C, r 2 = k 2 C B 
es with no diluents and Cb — Cc = 0. 
'aries with conversion because 1 mole of A is converted into 
on system goes to completion. Therefore, we cannot use the 
s, C; — Cj = X J2 Vijfi, and we need to use the variable- 



We therefore need to v 
give 



Fjo-Fj^r^VijniCj) 
z the mass balances in terms of a basis ^o moles initially. These 

N A . N Ao (\ - Xj) 
N B . 2iV Ao (X! - X 2 ) 
N c - 2^V Ao X 2 

J]n-JV Ao (1 + Xi) 
Note that here the Nj are quite different than for series reactions because of the V\ B = +2, 
Vi B = -2, and v 2 C = +2- The volume occupied by these species is given by the expression 

v= V (l+Xi) 
(Recall that in this equation V is the volume containing N moles of fluid, not the reactor 



i 



; the concentrations of these species a 



c -0±-r l 
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N B X t -X 2 

N C _ X 2 

c c _ — -c. 0TT ^- 

In a CSTR the mass-balance equations are 

F Ao -F A = F Ao Xi = Vk x C A = VhC Ao ^± 

1 +x 1 

-F B = -F Ao Oii - X 2 ) = V(hC A - k 2 C B ) 

= y(hc Ao ^-vhc Ao ^±) 

V 1 +xl 1 +xl ) 

-F c = -F Ao X 2 = Vk 2 C B = V^Caoj^ 
Solving these equations for the reactor volume V, we obtain the expressions 
v _. X t (l + X_ X t (l + Xi) 

v = F *°ĉ^xĵ-- Vo ^xT 

., , (Xi - X 2 )(l + X x ) 

v - v ° l^% 

.. X 2 (l + Xi) 

These equations can be solved for Xi and X 2 , and these can be inserted back into the 
expressions for C A , C B , and Cc, such as 

c -c { ~ Xl 

In these equations Xi and X 2 are found by solving a quadratic equation; so the solutions 
are not simple, even for these simple kinetics. 

It is evident that for multiple reactions with variable density, we rapidly arrive at 
rather complex expressions that require considerable manipulation even to formulate the 
expressions, which can be used to calculate numerical values of the reactor volume required 
for a given conversion and selectivity to a desired product. 

REAL REACTION SYSTEMS AND MODEUNG 

We have considered several simple examples of multiple reaction systems. While the 
simplest of these systems have analvtical solutions, we rapidly come to situations where 
only numerical solutions are possible. 

However, the ideas in the examples given are still very useful in dealing with more 
complex problems because simple examples with analytical solutions allow us to estimate 
reactor performance quickly without resorting to complex numerical solutions. Further, 
the kinetics of the complete reactions are frequently unknown, or, if rate expressions are 
available, there may be large errors in these rate parameters that will make even the complete 
solution approximate. This is especially true for surface-catalyzed reactions and biological 
reactions, where the rate expressions are complex with fractional orders and activation 
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energies that vary between catalyst or enzyme batches. Also, activation and deactivation 
processes can cause time-dependent reactor performance. 

Therefore, complex processes are frequently simplified to assume (1) a single reaction 
in which the major reactant is converted into the major product or for a more accurate 
estimate; (2) simple series or parallel processes in which there is a major desired and a 
single major undesired product. The first approximation sets the approximate size of the 
reactor, while the second begins to examine different reactor types, operating conditions, 
feed composition, conversion, separation systems required, etc. 

Thus there are enough uncertainties in the kinetics in most chemical reaction processes 
that we almost always need to resort to a simplified model from which we can estimate 
performance. Then, from more refined data and pilot plant experiments, we begin to refine 
the design of the process to specify the details of the equipment needed. 

In almost all examples of designing a process for which detailed experience is 
not available from a previous operating process, the reactor and separation systems are 
overdesigned with 10 to 100% margins of error compared to actual predicted performance. 
This allows the engineer a margin of safety in engineering predicfions used for economic 
evaluations. The added benefit of conservative design is that, if the process operates at or 
above esfimations, the process can deMver added capacity, which really makes the engineer 
look good. The clever engineer needs to have a design that is conservative enough to work 
at predicted performance with high probability but bold enough to beat fhe competition. 

At some point in most processes, a detailed model of performance is needed to evaluate 
fhe effects of changing feedstocks, added capacity needs, changing costs of materials and 
operations, etc. For this, we need to solve the complete equations wifh detailed chemistry 
and reactor flow pattems. This is a problem of solving the R simultaneous equations for S 
chemical species, as we have discussed. However, fhe real process is seldom isothermal, and 
the flow pattem involves partial mixing. Therefore, in formulating a complete simulation, we 
need to add many additional complexifies to the ideas developed fhus far. We will consider 
each of fhese complexities in successive chapters: temperature variations in Chapters 5 and 
6, catalytic processes in Chapter 7, and nonideal flow patterns in Chapter 8. In Chapter 8 we 
will retum to fhe issue of detailed modeling of chemical reactors, which include all these 
effccts 

APPROXIMA7E RATE EXPRESSIONS FOR 
MULTIPLE-REACTION SYSTEMS 

We have gone about as far as is useful in fmding closed-form analytical solufions to mass- 
balance equations in batch or continuous reactors, described by fhe set of reactions 

t, Vi jAj=0, i = l,...,R, ri = k {i YlCĴ {ij -k bi Y\CĴ bii 

Let us summarize fhe general procedure we would follow for an arbitrary reaction system. 
For fhe batch or PFTR we write S first-order differential equafions describing each of fhe 
S species. We then eliminate as many equations as possible by fmding S — R suitable 
stoichiometric relations among species to obtain R irreducible equafions. Sometimes some 
of these are uncoupled from ofhers so that we may need to solve smaller sets simultaneously. 
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For the CSTR we have S algebraic species mass-balance equations. We can eliminate 
S — R of these to obtain R irreducible algebraic polvnomials in R of the S species which we 
must solve for Cj, and again we frequently do not need so solve them all simultaneously. 

However, for more than a few reactions and with reversible reactions, we rapidly 
reach a situation where only numerical solutions are possible. While numerical solutions 
can easily be found with differential equation solvers or computer programs that find roots 
of simultaneous polvnomials, note that these are only simulations for a given set of ks and 
Cj s: We have to specify all rate coefficients and initial compositions and let the computer 
plot out the values of C/ (t) or C/ (t). This is quite unsatisfactory compared to an analytical 
solution because we have to reevaluate the solution for each set of ks and Cj S, whereas 
with an analvtical solution we just need to plug in the values of ks and C/ S. 

We repeat the argument that, even if we are going to obtain numerical solutions to a 
problem, we still need to pose a proper mathematical problem for the computer program to 
solve. A problem involving two equations with three unknowns cannot be solved with the 
most sophisticated computer problem. Even worse, with an ill-posed problem, the computer 
may give you answers, but they will be nonsense. 

SIMPLIFIED REAC710NS 

There is another difficulty with exact solutions of complex 
don't want to know all the Cj (t ) , just the important reactants 
reaction systems there are many intermediates and minor 
very small and unmeasured. 

Therefore, we need to find approximate methods for simultaneous reaction systems 
that will permit finding analytical solutions for reactants and products in simple and usable 
form. We use two approximations that were developed by chemists to simplify simultaneous 
reaction systems: (1) the equilibrium step approximation and (2) the pseudo-steady-state 
approximation. 

Equilibrium step assumption 

Here we assume simply that some reaction steps remain in thermodynamic chemical 
equilibrium throughout tlie process. The validity of the approximation relies on the fact 
that both the fonvard and the reverse reaction steps for the reaction assumed to be in 
equilibrium are very fast compared to others. 

We will work out these approximations for the series reactions 
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A^C, r(C A ) 

Thus we search for the approximate solution for the single nonelementary reaction A -> C, 
which proceeds through the reaction intermediate B in the two preceding rea 
of course know the exact solution in batch, PFTR, and CSTR. This will allow 
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the approximate solutions. As before, 
PFTRas 



—7 = +k n C A - k M C B - k 2 C B = +k n C A - (k b i +k 2 )C B 



which has the solution derived previously. 

In the equilibrium step assumption, we assume that the first reaction remains in 
thermodvnamic equilibrium, which gives 

r\ =k{\C A -k M C B = 
This equation can easily be solved for C B , 

r kfi r 
C B = i—C A 
k b i 
We now write the approximate reaction as the rate of forming species C, the product, 

d Sl = r = r 2 = k 2 C B ^C A =k eŭ C A 
dt kbi 

Therefore, the equilibrium step assumption gives an approximation for the rate, 

A -> c, r = k tff C A 

which is a first-order irreversible reaction, but now the "effective rate coefficient" k e g is 
given by 

k n k 2 

hs= ~kbT 

a combination of rate coefficients of the elementary steps. 

Note carefulh/ the logic of this very simple derivation. We want an overall rate r for the 
single reaction in terms of C A by elirninating the intermediate C B in the two-step reaction. 
We did this by assuming the first reaction in the exact two-step process to be in equilibrium, 
and we then solved the algebraic expression for C B in terms of C A and rate coefficients. 
We then put this relation into the second reaction and obtained an expression for the overall 
approximate in terms of the reactant species alone. We eliminated the intermediate from 
the overall expression by assuming an equilibrium step. 

We can use this approximation for many complex reaction systems by assuming 
many steps to be in thermodynamic equilibrium. Whether or not the expression is a good 
approximation to the exact expression of course depends on the values of particular rate 
coefficients. 

Pseudo-steady-state approximation 

Next we consider the same reaction system, but now we do not assume that the frrst reaction 
is in thermodynamic equilibrium but rather that the concentration of the intermediate species 
6 does not change during the reaction or that dC B /dt = 0, 
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dt 

We set this rate equal to zero, which is what we would do if this reaction were in steady 
state (no B being formed or reacted), which emphatically is not the case, since B is the 
intermediate in forming C, the major product. 

The steady state in the preceding equation gives an algebraic equation relating C^ 
and C B , 

c kn C 

Proceeding as before, the approximate rate of the overall reaction to form C from A is 
^£ = r = r =kC ***a C 

dt 2 2 B ^ + fc 2 A 

which looks almost identical to thc cxprcssion assuming thcrmodvnamic equilibrium in 
step 1 except for the extra term & 2 in the denominator. Thus the pseudo-steady-state 
approximation on this reaction yields the approximate solution 



hs -, —r- 

= ki + k 2 

Nitric oxide oxidation 

The first example we will use as an application of the equilibrium step approximation and 
pseudo-steady-state approximation is the reaction 



NO + -0 2 -> N0 2 



This is a very important reaction because it converts NO from engine exhaust into the brown 
NO2, which oxidizes hydrocarbons in the atmosphere into aldehydes, peroxides, and other 
noxious pollutants. The reaction occurs homogeneously in air. This reaction obeys the 
empirical rate expression 

r = kC m Co 2 
One might expect that this is an elementary reaction because the reaction agrees with 
the stoichiometry (after mulliplving all coellicients in tlie preceding cxpression by two). 
However, one pecuharity of this reaction is that the rate actually decreases with increasing 
temperature or has a negative activation energy, an unreasonable situation for an elementary 
process. 

The reaction actually occurs by a succession of bimolecular reaction steps, one 
possible set being 

NO + NO ^> N 2 2 , n = k\ c 2 N0 ~ ki C N2 o 2 
N 2 2 + 02 -»■ 2N0 2 , r 2 = lc 2 Cn 2 o 2 co, 
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These are two elementary bimolecular reaction steps, the sum of which is the oxidation of 
NO to N0 2 , 

NO + NO + 2 -► 2N0 2 

Let us begin by assuming that the first reaction is in thermodynamic equi]ibrium, 
n = &flC N0 - kbiCCN 2 o 2 = o 
Solving this expression for the intermediate N 2 2 , we obtain 

r h ' r> 

i-n 2 o 2 = ■; <-no 
*bl 
The rate of forming NO2 is the rate of the second reaction 



= 2r 2 = 2£ 2 C N2 o 2 C Ŭ2 = 2fc 2 — C N0 C 02 



which agrees with the experimentally observed rate expressidn. 

Let us next apply the pseudo-steady-state approximation to see if it agrees with the 
experimentally observed rate. We write the mass balance on Cn 2 o 2 > 

-7-^- = +7*1 — 7*2 = £fl C N0 - £mCn 2 2 — ^ 2 C N2 o 2 Co 2 = 

We now solve fhis expression for Cn 2 o 2 to yield 

r k Jl 

C ^ = k bl + K 2 C 02 G ° 
Now the rate of formation of N0 2 is given by 

r =r 2 = /c 2 Cn 2 o 2 Co 2 = k 2 - , ^ C NO Co 2 

Thus we see that the pseudo-steady-state approximation gives orders of fhe reaction as fhe 
fhermodvnamic equi]ibrium approximation, fhe only difference being fhe definition of the 
rate constant 

fceff = k 2 — 
kb\ 

in fhe equilibrium step approximation and 



h« = h T 



k M + k 2 Co 2 

in the pseudo-steady-state approximation. There is an extra term in the denominator of the 
pseudo-steady-state approximation expression. If jtbi » k 2 Co 2 , then fhe expressions are 
identical by the two approximations. However, if k b \ <3C k 2 Co 2 , then the pseudo-steady-state 
approximation gives the rate expression 

r =k f ]C m 
which predicts different orders (zeroth order in 2 ) and a rate constant of M\ . 

Thus both approximations predict rate expressions that agree with experimental data 
as long as fhe second term in fhe denominator of fhe pseudo-steady-state approximation is 
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Decomposition of acetaldehyde 

Acetaldehyde decomposes homogeneously at temperatures of several hundred degrees 
Celsius to produce methane and carbon monoxide, 

CH 3 CHO -► CH 4 + CO 

and the rate of this reaction is empirically found to be | order in acetaldehyde, 

r = &[CH 3 CHO] 3/2 

? + C, but it is clearly not an elementary reaction 

;ystem that involves the major steps 
CHO, r\=k\[A\ 

CH 3 CO, r 2 =fc 2 [CH 3 ][A] 
CO, r 3 = £ 3 [CH 3 CO] 
£ 4 [CH 3 ] 2 
In words, we describe the process as initiated by the decomposition of acetaldehyde 
to form the methyl radical CH 3 and the formyl radical CHO. Then methyl attacks the 
parent molecule acetaldehyde and abstracts an H atom to form methane and leave the acetyl 
radical CH 3 CO, which dissociates to form another methyl radical and CO. Finally, two 
methyl radicals combine to form the stable molecule ethane. 

This is a set of four elementary reactions (unimolecular or bimolecular processes 
obeying first- or second-order kinetics). Examination of these four steps shows that they 
do involve the reaction of acetaldehyde (called [A] for convenience) and that methane is 
formed by step 2 and CO by step 3. If we add steps 2 and 3, we get 

A ->■ CH 4 + CO 
but this occurs by a sequence of two steps. 

Note also that we form products CHO and C 2 H 6 , which are not the products we said 
were formed. These species are minor products (no more than 1% of the amounts of CH4 
and CO), which can be ignored and perhaps not even measured. 

This reaction system is an example of a chain reaction, which we will consider in more 
detail in Chapter 10. However, here we will just use the pseudo-steady-state approximation 
to find the approximate rate expression above. The only reactant is acetaldehyde, and 
there are six products listed: CH4, CO, CH 3 , CH 3 0, CHO, and C 2 H 6 . The first two, CH 4 
and CO, are the major products; C 2 H 6 is a stable but minor product. The other species, 
CH 3 , CH 3 CO, and CHO, are free radicals that are very reactive and never build up to high 
concentrations. 

To show that the above rate expression can yield this rate expression, let us apply the 
pseudo-steady-state approximation on [CH 3 ] and [CH 3 CO] and see what it predicts. Mass 
balances on all species yield, 
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d[A} 



= -£ 1L A]-Jt 2 [A][CH 3 ] 



= ki[A\ - £ 2 [CH 3 ][A] + fc 3 {CH 3 CO] - 2fc 4 [CH 3 ] 2 



1 = +£ 2 [CH 3 ][A] - £ 3 {CH 3 CO] 



- = +fc 3 [CH 3 CO] 



4CH 4 ] 



+£ 2 [CH 3 ][A] 



dt 
^[C 2 H 6 ] 



= +kr[A] 



- +h[CE 3 f 

These are batch reactor or PFTR mass-balance equations on all seven species we identified 
in our mechanism. The reader should verify each term, particularlv the signs and the factor 
of 2 in some terms. 

We will use the pseudo-steady-state approximafion on [CH 3 ] and on [CH 3 CO]. These 

^[CH 3 ] 



rf[CH 3 CO] 



= h[A] - jt 2 [CH 3 ][A] + * 3 {CH 3 CO] - 2fc 4 [CH 3 ] 2 = 
= +£ 2 [CH 3 ][A] - & 3 {CH 3 CO] = 



We want to solve explicitly for these species concentrations to obtain an expression in terms 
of [A] alone. Examining this equation, we see that we can add them to obtain 

(t,M/-2£ 4 [CH 3 ] 2 = 
Now solving for [CH 3 ], we obtain 

[CH3] = (^) 1/2[A]1/2 
Next, recognizing that the overall rate of reaction is the rate of loss of [A], 

d[A] 



di 



-Jfci[A]-* 2 [A][CH 3 ]=-*i[A]-* 2 



/ k,\ l ' 2 



Finally, assuming that the second term is much larger than the first (we will consider why 
later), we obtain for the overall rate 

/ k,\ 1/2 

'-*>{£) lAfn 

so fhat we predict 2 order kinetics with an effecfive rate coefficient k = ki (*i/2* 4 ) ' . 
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Phosgene synthesis 

Phosgene is a key intermediate used in synthesis of many chemicals, a major one being 
toluene diisocyanate, a monomer in polvurethanes. Phosgene is made from chlorine and 
carbon monoxide through the overall reaction 

co + Cl 2 -> COCI2 
Hovvever, the rate of the reaction is empirically found to be 

r = £[C0][C1 2 ] 3/2 
so the reaction is clearly not elementary and must consist of several steps. The mechanism 
is thought to be 

Cl 2 <± 2C1, n = k n [Cl 2 ] - k b \ [Cl]* 
co + Cl <± COCl, r 2 = Aa[CO][Cl] £ b2 [COCl] 
COCl + Cl* <± COCI2 + Cl, r 3 = k n [COCl] [Cl*] - k h3 [C0C1 2 ][C1] 
In words, we describe the process as initiated by the dissociation of the chlorine 
molecule to form two chlorine atoms. The reactive chlorine atom then adds to CO to form 
another radical carbonyl chloride. This species is reactive enough to abstract a Cl atom from 
the chlorine molecule to form phosgene and produce another chlorine atom. 

Phosgene is produced in the third reaction, and the rate of its formation is given by 

r =r 3 = fe[COCl][Cl 2 ] - £ b3 [COCl 2 ][Cl] 
However, this expression is not very useful because it is written as functions of two radical 
intermediates, [COCl] and [Cl], as well as the product [COCl 2 ] and one reactant {Cl 2 ]. We 
need a rate expression in terms of the reactants and product only 

r=r( L CO],[Cl 2 ],[COCl 2J ) 
To do this, we will use the above approximate methods to eliminate the intermediates in 
terms of the major species. 

We first write the mass-balance equations for all five species, 

^Q =-r 2 = -*q[CO][C1] + ^ b2 [COCl] 

J_li = _ ri _ r3 _. _^n [Cl 2 ] + k bi [Cl] 2 - fe[COCl][Cl 2 ] + ^ b3 [COCl 2 ][Cl] 

d[Cl] , . 

-^ r - = +2r 1 -r 2 +r 3 
dt 

= 2k n [Cl 2 ] - 2fc bl [Cl] 2 - fe[CO][Cl] + £ b2 [COCl] + %[C0C1][C1 2 ] - jt b3 [COCl 2 ][Ci:i]i 



d[C ° Cl2] = r 3 = fe[COCl][Cl 2 ] - jt b3 [COCl 2 ][Cl] 

We could solve these equations numerically for specific values of the ^S and initial 
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conditions. Note that we have written the mass balances as in a batch reactor. Replacing 
t by t, we have tho relevant equations in a PFTR, and we could easily write them for a 
CSTR. However, the solutions would not be very instructive because they are just numerical 
solutions, which we would have to solve separately for each set of initial conditions and 
assumed ks. We want a solution in terms of reactants and products alone. 

To do this we assume that steps 1 and 2 are in thermodvnamic equilibrium or 

n = k a [CIJ - jfe bl [Cl]' = 

r 2 = Jk,2[C0][Cl] - *b2[COCl] = 
We can easily solve these algebraic equations for the concentrations of the intermediate 



.00 



\l/2 

[Cl 2 ] 1/: 



^-^IM-U^) [CO][Cl2]V2 

Thus we have used the equili8rĥim step apprd&matferl to find expressions for the interme- 
diates in terms of reactants and products. 

We can now write the rate of the fonvard reaction in terms of these species alone, 



r = r 3 = Jfeo[COCl][a 2 ] 

= % K£) V2[co][ci2]3/2 



which agrees with the experimentally determined rate expression. We will leave the r 
rate expression for a homework problem. 



REAC710N MECHANISMS 



All reactions occur by collisions between molecules or by collisions of molecules with 
surfaces. We will consider reactions at surfaces later, but here we consider fhe theory 
of homogeneous reactions. We will not attempt a quantitative or thorough description of 
reaction mechanisms but will only describe fhem in enough detail to be able to see how the 
engineer can control fhem. These colhsions occur as sketched in Figure 4-12. 

®-«r© ®-®-® ®x ./® 

®-®-® 9^9 ® 

bimolecular reaction unimolecular reaction surface reaction 

enzyme reaction 

n steps involving collisions of two reactantsA andB.of A with an inert M, or 
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Theory of unimolecular reactions 



cannot react. Thus processes s 
A-+ B 



» B + C 



do not involve simplv the molecule rearranging its structure by itself. Rather, collisions of 
molecule A with other molecules (either another A molecule, a product, or an "inert") are 
necessarv for reaction. 

This is because there is a potential energv barrier for isomerizafion or dissociafion 
that can only be overcome by adding energy tO-the appropriate bonds. Let us consider as 
prototypes the isomerization of cyclopropane to propylene 

cyclopropane — >• propylene 
and the hydrogenolysis of propane to methane and ethylene 

C 3 Hg -*■ CH4 + C 2 H 4 
In both reactions a C-C bond must be broken and C-H bonds must be broken and H atoms 
moved to other C atoms. 

This requires sufficient energy inserted into the relevant bond vibration for the bond 
to break or for bonding locations to move. C-C and C-H bond energies in stable alkanes 
are greater than 80 kcal/mole, and these processes are very infrequent. As we will see 
later, hydrocarbon decomposition, isomerization, and oxidation reactions occur primarily 
by chain reactions initiated by bond breaking but are propagated by much faster abstraction 
reactions of molecules with parent molecules. 

Consider the dissociation of a molecule A-B, a process whose heat of reaction AHr 
is Dab, the dissociation energy of AB. We can regard this as a chemical reacfion 

AB -» A + B 
or in our usual notation as the reaction A — > B -t C. On a diagram of energy versus the 
A-B distance, d^B, this might look as shown in Figure 4-13. The activation energy for bond 
breaking will be equal to /S.H R if there is no maximum in the £"(^ B ) curve. However, if 
there is a maximum, then E > A Hr. We expect that this reaction is probabh/ endothermic, 
but it is possible that the dissociation reaction is exothermic if the dissociated state A + B 
has a lower energy than A B. 

Any energy well between atoms or fragments has vibrational levels because vibrations 
are quantized. The excitation of the A-B bond therefore occurs by excitation of vibrational 
states to sufficienth/ high energies that the bond is broken. The AB molecule is colliding 
with other molecules in gas or lkjuid states and exchanging energy with colliding neighbors. 
If there are two states E\ and Ei, then the ratio of populations (concentrations) of these two 
states on average is given by the Boltzmann factor 

d / E 2 -E { \ 



Reaction Mechanisms 191 




and if there is a ladder of stE 
state to the top of the barrier ii 



from the ground vibrational 



P (E) : 



RT 



This argument shows simply where the Arrhenius temperature dependence of reaction 
rates originates. Whenever there is an energv barrier that must be crossed for reaction, the 
probabilitv (or rate) of doing so is proportional to a Boltzmann factor. We will consider the 
value of the pre-exponential factor and the complete rate expression later. 

Returning to our A-B dissociation process, the vibrational levels of the molecule can 
only be excited by collisions with other molecules. Consider the energy transfer of molecule 
A by collision with other A molecules as a chemical reaction 



► A + A*, 



= kC\ 



We have transformed species A into species A* by colliding with other A molecules that 
remained unchanged except that they must have lost the energy gained by forming A*. 
We write the reaction A — > B as the sequence 



A + A^±A* + A, 



n= k n C\- 
■- k 2 C A * 



^mCaCa* 



with the first being reversible and the second irreversible. 

Thus our unimolecular isomerization reaction actualh/ occurs by a sequence of steps 
and is therefore a multiple-reaction system! We need a simplified expression for the overall 
rate of this rate in terms of C A alone because A* is an intermediate whose concentration 
is always very small just as for the free-radical intermediates and dimers in the previous 
examples. 

Applying the pseudo-steady-state approximation to A* we obtain 



— — — n - r 2 - k n C 2 A - kbi C a Ca* 
a be solved for C ' a* to yield 

C A *=-, 



k 2 C A < = 



knCj 



k M C A + h 
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Now the rate of forming B is r 2 \ so vie can write 

r 2 = k 2 C A * — fe; 



knC\ 



k M C A +k 2 

This looks quite complicated because it does not even seem to obey first-order kinetics. 
However, we quickly recover a simple expression by simply assuming that k M C A 3> k 2 to 



r 2 ■■ 



k n k 2 



Thus we have the mechanism of a first-order elementary reaction as being proportional t 
C A and having a rate coefficient 



The activation energy of this process is predicted to be E{\ + E 2 — Em . Although we call this 
an elementary reaction, it still proceeds through intermediate states of different vibrational 
and electronic energy. 



COLUSION THEORY OF BIMOLECULAR REACTIONS 

We consider the rate of the bimolecular reaction 

A + B -> products, r = kC A C B 

and we want to find an expression for k and to assure ourselves that the process should be 
first order in C A and Cb ■ We write this reaction rate as 

r = [rate of collision of A and B] x [probability of reaction upon collision] 
The rate of collision of gas molecules is given by gas kinetic theory. Molecules have 
an average kinetic energy given by the expression 

E„ n = IrT = - 2 MŬ 2 

where M is the molecular weight, R is the gas constant per mole, and Ŭ is the square of 
the average thermal velocity of the molecule. The average velocity from kinetic theory of 



(ODT \ 1/2 
—— ~ 50,000 cm/sec 
jrM / 

for N 2 at 300k. [Do not confuse the speed of thermal motion of a molecule ŭ with u the 
speed that a molecule travel down a PFTR.] 

From the kinetic theory of gases we find that the frequency \>AB °f w A molecule 
colliding with a B molecule is 

v A b = -%ŭoabCb 

in units of collisions per time. The quantity a A B ls called the collision cross section, an area 
that is approximately the area of a molecule rc d\ g , where d A g is roughly the average radius 
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of the molecules (assuming them spheres). The density of A molecules ii 
gas law 



Now putting all these together, we obtain a rate of collision of A with E 
[rate of collision] = v AB C B 



PaPb 
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a collision r 



^^-PaPb 

- {RT) 2 rArB 




(SRT/nM) 1 ' 


^d\ Bi 


(RT) 2 




(8RT\ ]/2 


4bCaC 


a second-order re 





This is the maŭmumpossible rate ofbimolecular reaction, the collision rate of the molecules 
that can react. We must multiply this by a probability of reaction in the collision; so actual 
rates must be less than this. We know that the units of k should be liters/mole time, and, 
since velocity is in length/time and cross section is in area/time, the units are correct if we 
make sure that we use volume in liters, and compute the area of a mole of molecules. If the 
molecular weight is 28 (air) and the temperature is 300 K, then we have 
k (2) ^ 10 ii uters/mojg sec 

By collision theory this is the maximum rate of a bimolecular reaction, because we 
must multiply this value by the probability that reaction will occur during the collision (a 
number less than unity). Thus we predict from collision theory that the pre-exponential 
factor k in a bimolccular rcaction should be no larger than 10 liters/mole sec. 



ACTIVATED COMPLEX THEORY 



The next more sophisticated theory of bimolecular reactions is called activated complex 
theory, which assumes that the collision of A and B forms a complex (AB)* and that the 
rate of the reaction depends on the rate of decomposition of this complex. We write this as 

A + B <± (AB)* -> products 
The intermediate (A B)* exists at the transition between reactants A and B and the products. 
It exists at the top of the energy barrier between these stable species as sketched in Figure 4- 
14. hi activated complex theory one assumes that the reactants are in thermodynamic 
equilibrium with the activated complex, 

[(AB)*] 



A + B 



t(AB)*, 



Kr.n = - 



l(A)][(B)] = 



-MURT 
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Sincc 

AG* = AH R - TAS* 
this equi]ibrium composition is given by the expression 

__ [(AB)*] -AG*JRT _ AS/R-AH R /RT v -AH R /RT 

Ke "-[(A)][(B)1 = € ~ e 6 

The quantity AH R in this expression is the energy barrier E in Figure 4-14. 
The rate of the overall reaction is therefore 

r = k'[(AB)*] = k' K eq [(A)][(B)} = k'K e- E/RT [(A)][(B)] 
This gives a rate coefficient k = k'K , where these quantities can be calculated from 
statistical thermodvnamics (which we shall not do here). [It can be shown from statistical 
mechanics that k' = kT / h, where k is Boltzmann's constant and h is Planck's constant,] 

Statistical-mechanical theories 

The most accurate theories of reaction rates come from statistical mechanics. These theories 
allow one to write the partition function for molecules and thus to formulate a quantitative 
description of rates. Rate expressions for many homogeneous elementary reaction steps 
come from these calculations, which use quantum mechanics to calculate the energy levels 
of molecules and potential energy surfaces over which molecules travel in the transition 
between reactants and products. These theories give 

r = kT Q* e/RT 

h Q a Qb 
where the Qs are partition functions for the species. 

These theories may have been covered (or at least mentioned) in your physical 
chemistry courses in statistical mechanics or kinetic theory of gases, but (mercifully) we 
will not go through them here because they involve a rather complex notation and are not 
necessary to describe chemical reactors. If you need reaction rate data very badly for some 
process, you will probabh/ want to find the assistance of a chemist or physicist in calculating 5 
reaction rates of elementary reaction steps in order to formulate an accurate description 
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Reactions in liquids, on surfaces, and by enzymes 

Here the problem of formulating a reaction rate expression is much more difficult because 
there are many atoms involved, and consequently the statistical mechanics and quantum 
mechanics are much more complex. We will consider the forms of rate expressions for 
surface- and enzyme-catalyzed processes in Chapter 7, but fundamental theories are usually 
not obtainable. 

For all these types of reactions the rates must be obtained empirically under conditions 
as close to conditions of the industrial process as possible, but caution must be used in 
interpreting these rates. 

DESIGNING REACTORS FOR MULTIPLE REACTIONS 

For a single reaction in an isothermal reactor the design principles involved primarily the 
reactor configuration for minimum residence time. This generalh/ favors the PFTR over the 
CSTR for positive-order kinetics. However, the CSTR frequently is less costly and easier 
to maintain, and one or more CSTRs can frequently be preferred over a PFTR. 

When selectivity and yield of a given product need to be maximized, the design 
issues become more complicated. While minimum t is frequently desired, it is usually more 
important to obtain maximum selectivity to a desired product and minimum selectivity to 
undesired products. For simple series and parallel reaction systems, we can fairly easily 
summarize the choices. 

For series reactions with an intermediate desired, there is always an optimum r for 
maximum yield, and the PFTR gives a higher maximum yield if both reactions have positive 
order, while the CSTR gives a higher maximum yield if the reactions are negative order 
(a rather rare occurrence). For series reactions with the final product desired, the PFTR 
requires the shorter time and gives less intermediate for positive-order kinetics. 

For parallel reactions both reactor types give equal selectivities if the orders of both 
reactions are the same, and the CSTR can be preferred even though its t would be longer 
because it may be less expensive. The CSTR is preferred for parallel reactions whenever the 
desired reaction has a lower order than the undesired reaction, while the PFTR is preferred 
(for both yield and t) whenever the desired reaction has a higher order. 

Most multiple-reaction systems are more complicated series-parallel sequences with 
multiple reactants, some species being both reactant and product in different reactions. 
These simple rules obviously will not work in those situations, and one must usually solve 
the mass-balance equations to determine the best reactor configuration. 

Staged reactors 

In practice, most industrial processes are staged with multiple reaction processes and 
separation units as sketched in Figure 4-15. V A is the key raw material and E is the 
key product, it is clear that many factors must be included in designing the process to 
maximize the yield of E. The effectiveness of the separations are obviously critical as well 
as the kinetics of the reactions and the choice of reactor type and conversion in each reactor. 
lf separauons are perfect, then the yields are equal to the selectivities, so that the overall 
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desired produel Band the undesired prodnelC. The desired productBis dren ^:>i inlo a seeond reactor, where 
anolher reaetani D ma\ be added io make a desired produel E and an undesired produei F, vvhich are furlher 
separated. 



yield in the process of making E from A is the product of the selectivity on making B in 
the first stage and the selecfivity in making E from B in the second stage. 

These considerations are only valid for isothermal reactors, and we shall see in fhe 
next two chapters fhat fhe possibility of temperature variations in fhe reactor can lead to 
much more interesting behavior. We will also see in Chapter 7 fhat wifh catalvfic reactors fhe 
situation becomes even more complicated. However, these simple ideas are useful guides 
in fhe choice of a chemical reactor type to carry out multiple-reaction systems. We will 
still use fhese principles as fhe chemical reactors become more complicated and additional 
factors need to be included. 



Write the 


reactor mass-balance equations that m 


ast be solved for the methane oxidati 


system, 








CH 4 + 20 2 -> C0 2 + H 2 0, 


r\ = k\ C C h 4 cc, 




CO+H 2 O^C0 2 + H 2 , 


r 2 = knCcoCMjO — k^C coi Cu 2 




CH 4 + H 2 O^CO+3H 2 , 


ri . h Cch, Ch 2 o 




CH 4 + C0 2 -> 2C0 + 2H 2 , 


?4 = h C C h 4 C C o 2 


described 


in the text for a feed ot CH 4 and 2 : 




(a) in a 


batch reactor, 




(b) in a 


CSTR, 




(c) in a 


PFTR. 




These re 


action rates are vvritten in very simple 


form. In all industrial processes ca 


used to 


ncrease rates and selectivities, and the 


rate expressions are more complex 


indieatei 






Write the equations to be solved for the reactio 


nset 



i i 

c E -»■ F 

assuming all reactions are first order and irreversible 

(a) in a PFTR, 

(b) in a CSTR. 

(c) Solve these equations for C/(t). [Partial credit will be givi 
some situations.] 



for setting up the equatioi 



4.3 Findr,S s ,andy B for 9093 

(a) A -»• B, n = 0.50 
A^C, r 2 = 0.1C A 

(b) A -> 5, n = 0.5C A 
B ->• C, r 2 = O.lCg 

4.4 Find t, S fl , and F B for 90% 

(a) A -> B, n= 0.5C, 
A ^ C, r 2 = O.IC 

(b) A -> B, n = 0.5C, 
B ->■ C r 2 = O.lCi 

4.5 Solve for Ca, C«, and Cc vel 



Problems 
aPFTRforall jtsinmin- 1 



a CSTR for all ks ir 



a CSTR for k\ = 2 moles liter-1 tnin ' and fc 2 = 



4.6 Find T and Sb at 90% 

previous problem. Which 



in a PFTR and in a CSTR for C Aŭ 
type is better? 



will a PFTR or a CSTR g 



A ->. B, 
A -» C, 
e the better selectivity to B for 



feC r I 



(c) « 



4.8 Ethanol is to be oxidized t< 



■taldehyde in aqueous solution. Thc aldehvde can further oxidize 

c acid. uhich can decarbo\vlate lo mcthane. Thcrc is an e\cess of 2 in tlic sohilion: so 
s are first order in the organics and irreversible. 

(a) Write out the species mass-balance equations to be solved in PFTR and CSTR reactors. 

(b) Find C,(t) in PFTR and CSTR. 

(c) For Cao = 0-1 mole/liter, find the optimum residencc tinies. conversions. and sclcctivitics 
to acetaldehyde in PFTR and CSTR. The rate coefficients with a certain catalyst are 1 .0, 
0.1, and 0.2 min~', respecthelv. 

i I i n i ii i i ii )iifi iu im ll i ill c\ ii ite pioducts and recycle unused 
ethanol. What is the best reactor? 

(e) What reactor size is required if we need to produce 100 moles/h of acetaldehyde? 

(f) Ho\\ vvould vour ans\\er change if thc sccond rcaction step \verc sccond ordcr? 

4.9 Consider the 



. 
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A -> C, r 2 = k 2 C A 

A-¥ D, r-i = k 3 C 2 A 

(a) What is the best reactor to produce B, C, and D? Do S B , Sc, a n d 5fl increase or decrease 

with conversion? 

(b) Solve these equations for all species versus r in PFTR and CSTR for k\ = 8, k 2 = 8, and 
kĵ = 2 in approprialc units vvith time in minutes and C Ao — 4 molcs/litcr. 

(o Piot tlic diiTcrcntial sclcctivity sc versus C A and use this plot to determine Sc in PFTR and 

CSTR versus conversion. 
(d) What would be the best single reactor to produce C for different C Ao an d conversion? For 

what situations would multiple reactors give the best selectivitv to C? 

4.10 Find X A , S' B , Y b , and F B in a PFTR and in a CSTR for the reactions 

A->B, r,= kiC A i 

A -► C, r 2 = k 2 C A 

with k\ = 2 liter mole -1 min -1 , k 2 = l mirr ', v = 20 liters/min, V = 100 liters, and C Ao = 4 

molcs/litcr. 

4.11 (a) Develop expressions for X A , S B , Yb, and F B in a CSTR and in a PFTR for the 



B ->. C, r 2 = k 2 C\ 

(b) For the CSTR find numerical values for these quantities for k\ = 2 min~ ] , k 2 = 0.2 liter 
mole-1 min - ', D = 20 liters/min, V — 100 liters, and C Ao — 4 molcs/litcr. 

4.12 We want to isomerize a species A to form B in liquid solution. The rate for this process is 

r\ = k\ Ca. However, A can also dimerize to form a worthless and unreactive species C with 
a rate /-, = k\C\. Calculate the yield of B in a CSTR and in a PFTR if 90% of A is reacted if 
C Ao = 2 molar, k 2 0.2 liter/mole min, and k\ = 0.1 min - '. How might conditions be altered 
to improve the performance of a tubular reaction? 

4.13 For the parallel reactions A -» B, r\ = k\ C A and A -> C, r 2 = k 2 , calculate the residence time 
and selectivity and yield of B in PFTR and CSTR for C Ao = 2 moles/liter, k\ — 5 min H , and 
k 2 = 1 mole liter-1 min -1 at 50, 90, 95, and 99% conversion of A. Note the tradeoff between 
conversion and selectivity in the two reactors. 

4.14 You find that a process and reactor that you don't know much about gives a higher selectivity 
to the desired product at higher conversion. 

(a) If the process involves parallel reactions, what can you say about the kinetics? 

(b) If the process involves series reactions, what can you say about the kinetics? 

(c) Would the above processes give bettei selectivitj in a mixed or an unmixed reactor? 

4.15 [Computer] Plot C, (t) versus jk, % for the reaction A -> B ->. C in a PFTR for 
(a) First-order irreversible reactions with k 2 /k\ = 0.1, 0.3, 1, 3, 10. 



(b) First-order reversible reactions with fc 2 / k\ ~C\. 1, 0.3, I, 3, 10 and equilibrium 

= 2.0. 

(c! Repcal (a) ibr sccond-order kinctics ibr all steps. 
(d) Plot (by hand is OK) C B max and r max versus jt 2 , Jti for part (a). 

4.16 [Computer] Plot C/(r) versus kz for the polymerization process A\ -> Ai -» A? ->• A4 -> 

. . . — > Ai — > • • • t0 J : — 20 for all /i-- equal if ail reactions are first order and irreversible with 
rate coefficient k, 

(a) in a CSTR, 

(b) in a PFTR. 

Note: This is a prototype of polymerization reactions and reactors that will be considercd further 
in Chapter 11. 

4.17 Ethylene oxide (EO) is made by passing ethylene and oxygen over a promoted silver catalyst 
in a nuillitubc rcactor with cach lube 20 ii lonp and i in. in dianictcr. Tlie lccd is 0.2 atm ol 
2 , 0.6 atm of C2H4, and 2.0 atm of C0 2 . At 50% 2 conversion the selectivity to EO is 80% 
[based on carbon, S E o = Ceo/(Ceo + 2Cco 2 )J at 270°C at a reactor residence time of 1.2 SĈC 

>. Illl llk I. I "I 1 1 K I -I • '• llU I ('( ); .lll.i H-O. \I1CI lllv IC.Kl.-l lllv I I I I .. . .11.1. II ... .1 III HjO .111.1 

enough CO2 is stripped in caustic to maintain the recycled product at this composition after 
adding makeup ethylene and oxygen. 

(al Skclcli the flov diagram ol llic proeess and calculatc ilie parlial pressures altcr thc reaclor 
and before and after the EO stripper (which also removes all water) assuming no pressure 

(b) What are the makeup flow rates of ethylene and oxygen? 

(c) The reaction to form EO is 1/2 order ii 
number changes, calculate the rate cons 

(d) How many tubes must be used to produce 200 tons/day of EO? 

(e) Experiments show that at 300°C the 2 conversion is 60% and the selectivity is 70%. 
Calculate the number of tubes required to produce 200 tons/day of EO at this temperature. 

4.18 The reaction NO + 2 — > N0 2 could proceed through the elementary steps 

NO + 2 ■£ NO3 

N0 3 + NO -> 2N0 2 
rallier llian llic meehanism described in the text. Show that this mechanism can predicl 
r = kClf Co 2 , which is identical to the expression derived in the text. Ftow might you determine 

e\perimenially \\hicii nicclianism is correct? 

4.19 (a) Show that a unimoleenlar reaciion shoulcl obe\ seeond-orcler kinelics as ihe pressure goes 

(b) Show that a termolecular reaction such as NO oxidation to N0 2 should obey second-order 
kinetics as the pressures go to zero. 

4.20 The parallel first-order reactions A -> B, A -4- C have activation energies of 8 and 10 
kcal/mole, respectively. In a 1 liter batch reactor at 100°C the selectivity to B is 50% and 
the conversion is 50% in a reaction time of 10 min with C Ao - 1 mole/liter. The solvent is 
water and the reactor can be pressurized as needed to maintain liquids at any temperature. 
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(a) Wha( temperature and reactor volume are required to produce 90% selectivity to B at 90% 
conversion in a CSTR usinc a feecl of 2 molar A at a flow rate of 10 Hters/min? 

(b) Vvhat tcnipcraturc and rcaclor volume arc rcquirccl io proclucc ')()'.,- selectivilv to C at 9() r -< 
conversion in a CSTR using a feed of 2 molar A at a flow rate of 10 liters/min? 

(c) Vvhat tciiipcraturc ancl rcactor volume are required to produce 90% selectivitv to B al 9095 
conversion in a PFTR using a feed of 2 inolar A at a flow rate of 10 liters/mitl? 

(dl What tcnipcratnrc and rcactor volunic arc ivuuuvd to prodncc 90 r -i selectivitv to C at 9() r -< 
conversion in a PFTR using a feed of 2 molar A at a flow rate of 10 liters/min? 

The first-order series reactions A —> B,B —> C have activation energies of 8 and 10 kcal/mole, 
respectivelv. In a 1 liter batch reactor at 100°C the selectivitv to B is 50% and the conversion is 
50% in a reaction time of 10 min with C^ = 1 mole/liter. The solvent is water and the reactor 
can be pressurized as needed to mamiain liquicls ai anv temperature. 

I 1 I 1 U II I l H I I I I I I 11 I 1 I l! (' 1 II I I B I I 

conversion in a CSTR using a feed of 2 molar A at a flow rate of 10 liters/min? 
(b) What temperature and reactor volume are required to produce 90% selectivity to C at 90% 
conversion in a CSTR using a feed of 2 molar iata flow rate of 10 liters/min? 

ici What tcmpcrature and reactor volume are required to produce 90% selectivitv lo fj al 90' < 
conversion in a PFTR using a feed of 2 molar Aata flow rate of 10 liters/min? 

uh Whal tcmpcraturc and rcactor volume are rcquirccl lo proclucc 90 r /< selectivitv to C ai 90'.' 
PFTR using a feed of 2 molar A at a flow rate of 10 liters/min? 



4.22 Consider the reaction sequence 

A % B % C ^ D 

h l k s i k b \, 

E F G 

vvith all rcactions first order and irreversible. 

(a) Find C,(t) for all species in a CSTR. 

(b) Find Cj (r) for all species in a PFTR. 

(c) Find Se in each of thcse rcactors. 

(d) Find Sq in each of these reactors for very long residence times. 

4.23 (a) What is the overall yield of product in a sequence of n steps if each of the n reactors has the 

samc seleclivitv S ancl conversion X il unconvertecl reacianl after each stage is cliscarclcd? 
(b) Whal is the overall yield of product in a sequence of n reactor steps if each reactor has the 

same selectivity S and conversion X if unconverted reactanl after each stage is recycled? 
(C) What is the overall yield of a six-step process in which each step has a yield of 0.8? If the 

ravv malcrials cosl $0.10/lb, what must the products sell for to obtain a positive cash flow? 
(d) Suppose that this six-step process can be replaced by a three-step process. What per step 

yield would be necessary to achieve the same overall yield? Why might the three-step 

process be preferred even if its overall yield is less than the six-step process? 

4.24 We wish to produce ethylene by the oxidative dehydrogenation of ethane. Over a suitable 
catalyst the reactions and rates are found to be 

C 2 H 6 + l/20 2 ->• C 2 H 4 +H 2 0, n = ^iC C2 h 6 C 02 

C 2 H 6 + 7/20 2 ->• 2C0 2 + 3H 2 0, r 2 = * 2 Cc 2 h 6 C 02 



Problems 
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The reaction is to be run at 1000 K, where it is found that Jfc, = 9 1/mole sec and k 2 = 1670 P 
/mole2 sec. The feed pressures are .f^ffc — 2 atm ' A) 2 — 1 atm > an ^ ^N 2 = 4 aim. The pressure 
is conslanl and llic rcaclion is to ha\e a residence linic sucli tliat thc prodtict contains 0.05 atm 
ol O2. Assuinc ihai tlicrc is sulficient diluenl ihat iltc densit\ rcinains consianl. 

(a) Will a PFTR or a CSTR give a higher ethylene selectivity? 

(b) Will a PFTR or a CSTR require the longer residence time? 

(c) Caldulate the selectivities to ethylene on a carbon atom basis in PFTR and CSTR for this 
2 conversion. 

(d) Set up the problem to calculate the residence times required in PFTR and CSTR. [This 
illustrates how complex multiple-reaction systems can become and why thc selcctivitv 
formula is useful.] 

4.25 Yttrium 90, which has a half-life of 64.2 h, is produced from the fission product strontium 90, 
which has a half-life of 27.5 years. How much Y-90 will be presetit after 1 week from a sample 
of pure Sr-90 in a closed container? • 



4.26 We wish to produc 



.uioii s\stcm 
A 4 B, 
A -> C, 



-- k 2 C A 



A costs $ 1 .20/lb, B sells for $2.50/lb, and C costs $0.50/lb to dispose. Assume that unreacted 

A can be recvcled into thc rcactor at no cost. 

(a) Wli;tt ivia.tion bctucen thc A'.s \\ill gi\e a positisc cash llo\\ il thc reactor and operaling 
costs are ignored? 

(b) What relation between the ks will give a 30% profit on sales if the reactor and operating 
costs are ignored? 

4.27 We have a ten-step process to produce a product from a reactant, and each step has an 80% 

yield. What must be the yield of each step in a three-step process to obtain improved 
before we worry about lower reactor and separation process costs? 

4.28 On a triancular diagrain of C A ,Cb, and Cc sketch trajeclories (nol detailed plots) in th 
A -+ B -■> C and also in the reactions A ->■ B, A -*■ C for the following 

(a) k\ = 2k 2 , irreversible, series, PFTR, 

(b) k\ = 2k 2 , irreversible, series, CSTR, 

(c) k\ = 2k 2 , k\ = 0.5k\, k' 2 = ti.5k 2 , series, PFTR, 

(d) k\ = 2k 2 , k[ = 0.5k u k' 2 = 0.5/t 2 , series, CSTR, 

(e) k\ = 2k 2 , irreversible, parallel, PFTR, 

(f) k\ — 2k 2 , irreversible, parallel, CSTR, 

(g) k\ = 2k 2 , k[ = 0.5k\,k' 2 = 0.5fe, parallel, PFTR, 
(h) k\ = 2k 2 , k[ = 0M\, k' 2 = 0.5k 2 , parallel, CSTR. 

4.29 On a triangular diagram of Ca, Cb , and Cq sketch trajectories (not detailed ploti 
A H> B, A -> C for T\ = k\, r 2 = 0.5k\C A in PFTR and CSTR. 



4.30 In the cross-flow n 
A is introduced a 
selectivity and in 



a species B is introduccd ai several places in 
jntrance as sketched in Figure 4-16. What n 
s by this flow situation? 
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^ 



t t t t 



hFigure4-16 
duced at several 



: Jt, 

-- k 2 C A 



n a CSTR with a re 



(a) What'arc thc sclcctivit\ and 






n and feed in a CSTR with T = 



(b) What are Ŭ 

(c) What t anc 

(d) Give short i 



■ if c Ao 



1 mole/lite 



and sclcctivity in this rc 
wiU give 99% selectivity in a CSTR? 
why the trends in each of the above situations should be expected. 



A-*C, r 2 =k 2 C A 

give 67% selectivity to the desired product B at 75% conversion of A in a CSTR with a reaction 
time of 1 min with C Ao — 2 moles/liter at a temperature of 400 K. It is found that Et = 5 
kcal/mole and E 2 = 10 kcal/mole. At what temperature will Sr be 95% for t = 1 min and 
C Ao = 1 moles/liter in a CSTR? 

4.33 Consider the 



A -> D, r-i = k-iC\ 
with B the desired product. 

(a) How would you describe this reaction set? 

(b) Should one use a PFTR or CSTR, and is there an optimui 
depends on the relative ks.] 

(c) Find Cj <T) in PFTR and CSTR if r 3 = k 3 C A . 



4 Consider the liquid-phas( 






n rcsidcncc tinic? |Thc 



A -+ C, r 2 = k 2 C\ 

(a) Will a PFTR or CSTR give a shorter residence rime for the si 

(b) Find an expression for t in a CSTR in terms of k u k 2 , and C Ao , and C A . 

(c) Find Sb an d Yg in a CSTR witli ratcs in molcs/liter h, k\ = 4 and k 2 —\ (in appropriatc 
units) and C Ao = 2 moles/liter if the reaction is to be run to 90% conversion of A. 
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4.35 As discussed in the text, the reaction of CO and Cl 2 to form phosgene obeys the rate expression 
r = kCcoC^. 

(a) Find an expression for Ccoci2 versus T in a CSTR for stoichiomctric iced assumim.' conslanl 
density. 

(b) Find an cxprcssion for Ccocb versus T m a PFTR for stoichiometric fecd assuming constant 
dcnsitv. 

(c) Repcat llicsc calcnlations (or at least set them up) for pure feeds with no diluent assuming 
all species are ideal gases. 

4.36 Some of the raw matcrials in liianuiactiiring polvurelhanes (irom TDIC and EG monomer) are 
Cl 2 and HN0 3) which are used to prepare the TDIC monomer. 

(a) Assuiiiiiii' ail stasies in processinp. llic monoincr arc 100' , : ciTicicnt. ho\\ nianv tons of salt 
are used to prepare a ton of PU? 

(b) Assuming that the HNO3 i s derived from ammonia, which is prepared by steam reforming 
of methane, how many tons of CH4 are required per ton of PU if all stages are 100% 
efficicnt? 

(c) Rcpcat thc abovc calculations assuining that each stage is 90% efficient. 

4.37 In nitric acid synthesis from methane the synthesis of H2 has a yield of 90%, NH3 90%, NO 
90%, N 2 5 90%, HNO3 90%. What is the yield of HNO3 synthesis from CH 4 , and how many 
pounds of CH4 are required to produce a pound of HNO3 ? 

4.38 It is desired to produce B in the series reactions A->B-4C, r\ = &, C A , r 2 = k 2 C B , in two 

cqual-\olume CSTRs in scrics. Find expi'essions lor ihc optiinuin rcsidcncc iimc and maxiinuin 
yield of B. Find expressions for the optimum residence time and maximum yield of B for a 
large number of CSTRs '" series. 



4.39 We wish to optimize the selectivity to B from A in the n 
A ->• B, r= kC A 

A-^C, r = JfcCj 

with k ~ 1/4 (units of moles, liters, and minutes and Ca = 2 moles/liter. 
Calculate S B and Y B in a CSTR for X A = 0.99, 0.90, and 0.5. 

4-40 We wish to optimize the selectivity to B from A in the reactions 

A -> B, r= kC A 

A-+C, r = kC\ 

with k= 1/4 (units oi molcs. liiers. and miiHitcs and C^ " ; molcs/litcr. 

Calculate S B and Y B in a PFTR for X A = 0.99, 0.90, and 0.5. 

4.41 We wish to optimize the selectivity to B from A in the reactions 
A -S> B, r-kC\ 

A^C, r= kC A 

with k = 1/4 (units of moles, liters, and minutes and C Ao '-• moles/liter. 
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(a) Calculate S B and Y B in the optimum single reactor for X A =0.99, 0.90, and 0.5. 

(b) What combination ol two CSTRs will give the optimum S B for these conversions? 

4.42 The reaction to form NO 

N 2 + 2 -» 2N0 

in high-lemperalure conibustion proccsscs is Ihoughl to procccd by thc eleinentar\ stcps 

O 2 ^20, r ht = k,C 02 ~k,Cl 

N 2 + O -* NO + N, r pl = jt pl C N2 C 

2 + N -+ NO + 0, r p2 . £ p2 Co 2 C N 

Find a reasonable reaction rate for r (N 2 , 2 ). 

4.43 The gas-phase dehydrogenation of efhane to ethylene 

C 2 H 6 -+ C 2 H 4 + H 2 

proceeds through the elementary reaction steps 

C 2 H6 + H^C 2 H5 + H 2 
C 2 H 6 ^± C 2 H 5 + H 
C 2 H 5 -» C 2 H 4 + H 

(a) Identify the initiation. propacation. and termination steps. 

(b) Find a reasonable expression for r (CcjHŭ)- 

(c) Thc bond enerev ol ethane is 104 kcal/mole, and Ihc propaeation stcps ha\c \cry lo\\ 
activation energies. What is the approximate activation energy of this reaction? 

4.44 Using the mechanism for phosgene synthesis 

co + Q:, ^t COCl 2 
discussed in fhe text, find fhe rate expression predicted for the reverse reaction. 

Show that this expression consistent with thermodvnamic equilibrium in this reaction. 

4.45 Consider fhe reaction system 

with k\f = 100, k\b = 100, ki f = 1, k 2b = 1» where we start with P ure A - and B is the desired 

(a) What are Sg and Yg for a very long residence time? 

(b) Estimate S B and Y B in a PFTR for t = 0.02. Do not solve the equations. 

(c) What reaction-separation scheme will give 100% yield of B? 

(d) Reactant A can also react directly to form C with rate coefficient kĵ = 0.1. What is k' 3 l 

4.46 Consider the reaction system 

A^± B^tC^: D^ A 
with k x = 1, k\ = 0.1, k 2 = 1, k' 2 = 1, h - 0.1, k' 3 - 0.1, h = 10 in a continuous reactor. 
(a) What is k' A l 



(b) Estimale the optimum Sd and Yu obtainable. starting with pure A. 

(c) Estimate the optimum Sc and Yc obtainable, starting with pure A. 

4.47 Suppose you need to produce B in the 



with k\ = 1 h-1 and k 2 = 0.1 h"' Find S s ,y B , and r in CSTR and PFTR re 

yield of B. Calculate these from the formulas in the text and check your answers with the figures 

in the text. 

4.48 The expressions in the text for the series reactions A -» B ->• C cannot be used if k\ = ki 

because tiie e.Kpressions become degenerate (zeros in nunierator anJ. denominator). Sol\e for 
C A (t), C b (t), and C C (t) for these reactions in PFTR and CSTR for k\ = k 2 . Note that these 
expressions are simpler than the general expressions. 

4.49 Our plant produces a chemical A, which is not toxic, but which slowly hydrolyzes in H2O to 

form a highly toxic substance B. This chemical B is slowly oxidizes in air to form a harniless 
cliemical C. 

(a) Describe tlie concentrations ui a river downstrcam from our plant for a steady leak of A of 
2 ppm in the river if k\ = 0.002 and k 2 = 1000 with both ks in liter/mole h. The river flows 
in plug flow at 5 mph, and the saturation concentration of O2 in water is Co, = 1.5 x 10 . 
Assume that O2 is replenished as fast as it is consumed. 

(b) How far downstream will the toxic chemical reach a maximum? 

(c) Tlie intermediate B is highly toxic to fire ants and boll weevils, but only moderately toxic 
to humans. How might we market this product as a pesticide with interesting properties? 
How and under what conditions should this chamical A be applied? Monsanto makes an 
herbicide Roundup with similar properties. 

4.50 Our plant produces a chemical A that is not toxic but slowly hydrolyzes in H2O to form a highly 
to\ic substance />'. Tliis cliemical A also slowly oxidizes in air to form a hannless cliemical C. 

(a) Describe the concentrations in a river downstream from our plant for a steady leak of A of 
2 ppm in the river if k\ - 0.002 and k 2 = 1000 with both ks in liter/mole h. The river flows 
in plug flow at 5 mph, and the saturation concentration of O? in vvater is Cq 2 = 1.5 x 10 . 
Assume that O2 i s replenished as fast as it is consumed. 

(b) The intermediate B is highly toxic to fire ants and boll weevils, but only slightly toxic to 
humans. How miahl ue niarkel this producl as a pesticide with inleresling properties? How 
and under what conditions should this chamical A be applied? 

4.51 Consider the 





A -> C, 


r\ =y 
r 2 = 6C A 




A~> D, 


ri= C\ 


\\ ith rates in moles/liter 1 


nin and concentra 


ions in mole/liter. 


(a) What type of reactor 


and what conver 


sion will give the 


C Ao = 2 moles/liter? 






(b) Calculate the maximu 


m selectivity and 


yield obtainable to 



;electivity to C for 



Multiple Reaction: 



(c) Repeat these calculations if B or D are the desired produc 

4.52 Consider the parallel reactions 

A -+25, n= k\C A 
A -> 3C, rz = ^C 
where all species are ideal gases with no diluent. 

(a) Write expressions for Cj (Xj). 

(b) Find Cj (t) in a CSTR. 

(c) Set up expressions for x(Cj) in a PFTR. 



4.53 We wish to produce B in the reaction A -> B t t \) = 5 liter/min with 

Ca ='4 moles/liter. However, we find that there is a second reaction B -> C that can also 
occur. We find that both reactions are first order and irreversible with k\ = 1 .0 min" 1 and 
k 2 = 0.1 min" 1 . Find T, V, C B , S B , and Y B for 95% conversion of A in a PFTR and in a CSTR. 



4.54 We wish to produce B in the reaction A — >• B in a continuous reactor at V = 5 liter/min with 
Cao = 4 moles/liter. However, we find that there is a second reaction B -> C that can also 
occur. We find that both reactions are first order and irreversible with k\ = 1.0 min -1 and 
fc 2 = 0.1 min 1 . Find r, V, S B , and K B for maximum yield of B in a PFTR and in a CSTR. 



4.55 We wish to produce B in the re; 
Ca — 4 moles/liter. However, 
occur. We find that both 
Jt 2 = 0.1min-i.FindT, V, C t 



tor at v = 5 liter/min with 
find that there is a second reaction A -4- C that catl also 
are first order and irreversible with k\ = 1.0 min -1 and 
and Y B for 95% conversion of A in a PFTR and in a CSTR. 



4.56 We wish to produce B in the reaction A ->■ B in a continuous reactor at v = 5 liter/min with 
C Ao = 4 moles/titer. However, we find that there is a second reaction B ->■ C that can also 
occur. We find that both reactions are second ordci and itre\ eisible with k\ = 1 .0 liter mole-t 
min" 1 and k 2 = 0.1 liter mole" 1 min- 1 . Find r, V, C B , S B , and Y B for 95% conversion of A in 
a PFTR and in a CSTR. 



4.57 We wish to produce B in the reaction A -+ fi m a continuous reactor at V = 5 liter/min with 
C Ag = 4 moles/liter. However, we find that there is a second reaction B — > C that can also 
occur. We find that both reactions are second order and irreversible with k\ = 1 .0 liter mole-t 
min -1 and k 2 — 0.1 liter mole-t min -1 . Find T, V, 5 B , and Y B for mmdmum yield of 5 in a 
PFTR and in a CSTR. 



Chapter D 

^&NONISOTHERMAL REACTORS 



We have thus far considered only isothermal reactors in which we specified the 
temperature. However, real reactors are almost always and unavoidably operated 
nonisofhermally. This is because (1) reactions generate or absorb large amounts 
of heat and (2) reaction rates vary stronglv with temperature. 

In fact, we usually want to operate exothemic reactions nonisothermally to take 
advantage of the heat release in the reaction to heat fhe reactor to a temperature where 
fhe rates are higher and reactor volumes can be smaller. However, if the temperature is too 
high, equilibrium limitations can limit the conversion, as we saw previously for NH3 and 
CH3OH synthesis reactions. 

Small lab reactors are frequently fhermostatted, either by contact with the surround- 
ings (a small beaker on a bench) or by placing them on a hot plate or in an oven. This is 
because in a lab reactor fhe wall area (where heat transfer occurs) is usually large compared 
to fhe reactor volume (where reaction heat is generatcd). 

However, the large reactors encountered in industry are usually so large that it is 
impossible to thermostat the reactor at a fixed temperature fhat would be independent of 
the reactions and conversions. Further, it is frequently desired to use the heat release from 
exothermic reactions to heat the reactor above the feed temperature to attain a higher rate. 
On the ofher hand, one of the greatest problems in exothemic reactions is that of overheating 
if the heat generated is too large. 

The temperature dependence of reactions comes from dependences in properties such 
as concentration (Cj = Pj/RT for ideal gases) but especially because of fhe temperature 
dependence of rate coefficients. As noted previously, fhe rate coefficient usually has the 
Arrhenius form 



k(T) = k e 



-E/RT 



if we ignore the small temperature dependence in the pre-exponential factor. 

One important reason to consider the nonisothermal reactor is because it is the major 
cause of accidents in chemical plants. Thermal runaway and consequent pressure buildup 
and release of chemicals is an ever-present danger in any chemical reactor. Engineers must 
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be intimately acquainted with these characteristics in designing and operating chemical 
reactors. 

Chemical reactors may look similar to other units of chemical processing and some- 
times they behave similarly, but the nonisothermal chemical reactor has nonlinearities that 
never occur in nonreacting systems. 



HEAT GENERATION AND REMOVAL 



We first need to develop energy-balance equations for these reactors. Shown in Figure 5-1 
is a sketch of a generalized reactor with heat flows indicated. Heat flows into the reactor 
with the reactants and out with the products. Reaction generates or absorbs heat, depending 
on whether the reactions are exothermic or endothermic. Any stirring and friction generate 
heat. Finally, heat is transferred through walls in heat exchange. In a CSTR the temperature 
in the reactor is equal to the temperature at the exit, but in any other reactor the temperature 
and conversion are functions of position in the reactor. 

A reactor will be isothermal at the feed inlet temperature T if (1) reactions do not 
generate or absorb significant heat or (2) the reactor is thermostatted by contact with a 
temperature bath at coolant temperature T . For any other situation we will have to solve 
the energy-balance equation long with the mass balance to find the temperature in the 
reactor. We therefore must set up these equations for our mixed and unmixed reactors. 



Thermodynamics of a flow system 



Before we develop the energy balances for our reactors, it is worthwhile to define some 
quantities from thermodynamics because the energy balances we need are thermal energy 
balances. We begin with the First Law of Thermodynamics, 

dU=dq-dw 
where U is the internal energy per mole, q is the amount of heat added to the system per 
mole, and w is the work done by the system per mole. For a flow system, pressure-volume 
work is done in flowing a fluid through the system, 



where w s is i 
through the : 



dw = d(PV) + W s 
vork that may be done by the syst 



i. Since the enthalpy is defined 



H o -v oP(A>o T o * 




^ H = vpCpT 
= FC D T 



Q = UA C (T-T C ) 
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dU = dV + d(PV) 
an energy balance on a flow system becomes 

dH=dq-dw, 
These are the fundamental thermodynamic equations from which we can develop our energy 
balances in batch, stirred, and tubular reactors. 

In thermodynamics these quantities are usually expressed in energy per mole (quan- 
tities in bold), while we are interested in the rate of energy change or energy flow in energy 
per time. Fof these we replace the molar enthalpy H (cal/mole) of the fluid by the rate of 
enthalpy flow H in a flow system. 

For the energy balance in a flow system we therefore assume that we can make an 
enthalpy balance on the contents of the reactor. We can write the rate of enthalpy generation 
AĤ in any flowing or closed system as 

AĤ = Ĥ -Ĥ 

j j 

where the first term on the right is the rate of enthalpy flow into the system and the second 
is the enthalpy flow out of the system. 

Heat generated by reaction 

Our major concern is the heat generated or absorbed by the chemical reactions that occur 
in the reactor. If H, is the molar enthalpy of a chemical species, then the heat of a chemical 
reaction is defined as 

J^VjHj = -AH R 

If a reaction is exothermic, then the reaction generates heat, which tends to increase 
the reactor temperature, while if a reaction is endothermic, the reaction absorbs heat, which 
tends to cool the reactor. 

Heat removal and addition through reactor vvalls 

Heat can be removed from or added to a reactor through heat exchange across the walls. 
For an integral reactor we write the rate of heat removal from the reactor Q as 

Q = UA C (T - T c ) 
In this equation, U is the heat transfer coefficient in energy per area A, per temperature 
difference (don't confuse this U with the intemal energy U), and A, is the area across which 
heat exchange occurs between the reactor at temperature T and coolant at temperature T c . 
We want to define Q as the rate of heat removal as a positive quantity; so Q will be positive 
if T > T c . If T <c T c , heat flows into the reactor; so the reactor is being heated. We could use 
Tj, as the heating temperature, but since the cooled reactor is the more interesting situation, 
we shall use T c as the temperature of the fluid, which is exchanging heat with the reactor. 
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dQ= U(T -T c )dA c 
as the heat flow through an element of reactor wall area dA c between the reactor at T and 
coolant at T c . 



Shaft work 

Any stirring within the reactor will generate heat, and we call this term W s . We omit 
gravity and kinetic energy terms in the energy balance because these are usually very small 
compared to the other terms in the energy balance in a chemical reactor. 

Note that we call this term positive when work is done on the system, just as we make 
Q positive when heat is removed from the reactor. Thus the signs on W s and Q are opposite 
to those of dq and dw, in the thermodvnamic equations. We are always interested in shaft 
work done by a stirrer on the reactor fluid, and we are usually interested in cooling rather 
than heating. Therefore, we carry these sign conventions so that we can be sure of the signs 
of these terms. 

Heat flow with fluid 

The other mode of heat interchange with the surroundings in a flow reactor is by inflow and 
outflow of heat with the fluid entering and leaving the reactor. If the fluid is flowing into 
the reactor with volumetric flow rate y and has a heat capacity per reactor volume pC po 
or with total molar flow rate F with a heat capacity per mole C p0 (vvritten in bold), then 
the rate of enthalpy flow into the reactor is 

Ĥ = v pC po T = F C p0 T 
and the enthalpy carried out is similarh/ 

Ĥ = vpC p T = FC P T 
where the quantities with subscript o represent inflow and without the subscripts those in 
the outflow. The total molar flow rate F is the sum of the molar flow rates of all species 
F = L F i • The enthalpy per mole of fluid H = C p T, so that multiplication of H by the 
molar flow F rate gives H, or H = FH. The reference state of enthalpy where H = 
is arbitrary, and we always write enthalpy changes; so the above expression is adequate 
(assuming that C p is independent of T). 

For liquid water and for aqueous solutions we will assume C p = 1 cal/g K, and, since 
the density p of water is -1 g/cm 3 , we have pC p = 1 cal/cm 3 K or pC p =1000 cal/liter K. 
To estimate the heat capacity of gases, we will usually assume that the molar heat capacity 
C p is \ R cal/mole K. There are thus three types of heat capacity, the heat capacity per 
unit mass C p , the heat capacity per unit volume pC p , and the heat capacity per mole C p . 
However, we will use heat capacity per unit volume for much of the next two chapters, and 
we use the svmbol pC p for most of the equations. 

Another approximation we frequently make in simplifying the energy balance is that 
the molar heat capacity, which might be approximated as 
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is independent of temperature and composition, so that we can assume C p0 = C„ and 
p C p0 = pC p . Thus we continue the approximation fhat all thermal properties of the fluid 
in a reactor are constants that are independent of composition and temperature. We can 
easily modify these to be more accurate, but for most preliminary calculations in chemical 
reactors, these approximations make fhe equations much simpler. 

In fhe above expressions we used symbols in bold for fhermodynamic quantities per 
mole to show how these fhermodynamic relations are used to develop the energy balance. 
We will not use fhem elsewhere except for A H R , which is the heat of reaction per mole (but 
will not be written in bold). 



ENERGY BALANCE IN A CSTR 



We first derive the energy balance in a CSTR. For the mass balance in a consfant-density 
reactor we wrote an integral balance on the rate of change of the number of moles Nj of 
species j in the reactor to obtain 

dNj dCj 

-J-V--l = V ( Cj -CD + V Vj r 

dNj dCj ,„ A 

for single and multiple reactions, respectively. (We follow our custom of ignoring density 
changes so that V is a constant and Cj is an appropriate species density unit.) For fhe 
steady-state CSTR we set the time derivatives equal to zero and obtained mass balances on 
species j as in the previous chapters 

Cj - C j0 = tvjr 

Gj - C J0 = t £ v,jr, 

For fhe corresponding energy balance in a CSTR we write an analogous expression 
[accumulation of heat] = [heat flow in] — [heat flow oufj 

+ [heat generafion by reaction] — [heat removal to surroundrngs] 
The last term is not present in the mass balance (unless the reactor leaks), but heat can be 
carried in and out not only wifh flow but also by heat transfer through the walls. An enfhalpy 
balance on fhe contents of fhis CSTR gives 

Jl = pC p V ^ = vpC p (T -T) + V{-Mi R )r - UA C (T - T c ) + W s 
~ = pCpV ^- - vpC p (T ~Z') + V J2(-AH Ri ) ri - UA C (T - T c ) + W s 
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for single and multiple reactions, respectively. Heat transfer occurs across the walls of the 
reactor with A, the wall area across which heat transfer occurs (the subscript c stands for 
cooling). 

Each term in the preceding equations has units of energy/time. Note the signs on each 
term indicating that heat is removed or added to the reactor. We preserve the minus sign 
on A Hr because we are more interested in exothermic reactions for which A Hr < 0. The 
student can recognize each term on the right side from the steady-state enthalpy balance we 
derived in the previous section from the thermodynamics of a steady-state flow system. 

For steady state in the CSTR we set dH /dt = and divide each term by vpC p to 
yield steady-state energy balance 

_ _ -AH R UA C , 

T-T = r ——r -f (T - T c ) 

pC p vpC p 



for single and multiple reaction systems, respectively. We have omitted the W s term from 
these expressions because, even for very vigorous stirring, this term is usually small 
compared to the other terms in the energy balance. 



ENERGY BALANCE IN A PF1R 



For the PFTR we wrote the mass balance on species j by writing a shell balance between 
position z and % -\- dz. After letting dz — > we obtained the expressions 



dC: 

U ^z~- 



2> 



for single and multiple reactions, respectively. 

For the energy balance we make a similar differential balance on the enthalpy flow 
between z and z + dz for a tube of length L and diameter D as sketched in Figure 5-2. In 
steady state this energy balance is 

A,= tube area 

^~A r = coolant area 



Ĥo =v oP(P P T o W \_ZA_Z J " =V P C P T 



l-ignre 5-2 Lncrv.s bulance in a PFTR. A shcll balancc is madc 011 an clcmcnl ol" volumc dV between Z ai 
Z + ^ 2 ' Species flow Fj and enthalpy flow m and out of this element of volume are balanced by spectes and energy 

i i etl b\ reaction 
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= [uA t pC p T] z - [uA t pC p T] z+dz + A t (-AH R )r dz - Up w (T - T c ) dz 
In this expression A t is the cross-sectional area of the tube (ttD 2 /4 for a cylindrical tube); 
so the volume dV of this element is A t dz. Heat transfer occurs across the external wall of 
the tube, which has area dA c (subscript c stands for coolant), so that 

dA c = p w dz 
where p w is the perimeter length of the wall of the tube (jt D for a cvlindrical tube). The 
heat transfer rate in this element is 

dQ = U Pvi dz(T -T c ) 
Next we assume that the fluid density and the tube diameter are the same at z and 
Z + dz to obtain 

= A t upC p (T z - T z+dz ) + A t (-AH R )r dz - Up w (T - T c )dz 
Finalh/ we take the limit as dz — > 0, 



The energy-balance equation after dividing by dz is 
dT 



uA tP C p y~ = A t V(- AH Ri )r t - U Pw (T - T c ) 
dz ~[ 

for single and multiple reactions, respectiveh/. Division by A t pC p yields 

dT -AH R Up w 



„ - . -(T-Tc) 

dz pC p pC p At 

dT _^ -&H Ri U Pv , rj 

" d * h pC ? ' pc ? At 

for single and multiple reactions, respectively. 

Batch reactor 

For a single reaction in a nonisothermal batch reactor we can write the species and energy- 
balance equations 

dt 

Vpc/4; = V(-AH R )r - UA C (T - T c ) 



i 
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-T c ) 



dT^___H*_ UA C 
dt ~ pc/ VpC p 
We can also obtain these expressions from the energy-balance equation for the steady- 
state PFTR by simply transforming dz/u — > dt with A,/ V replacing /? W /A t . The solutions 
of these equations for the batch reactor are mathematically identical to those in the PFTR, 
although the physical interpretations are quite different. 



Assumptions 

In deriving these equations we have made many assumptions to keep them simple. We have 
assumed constant density so that we can use concentration as the composifion variable. We 
have also assumed that the parameters in these systems are independent of temperature and 
composition. Thus parameters such as AHr, pC„, and \J are considered to be constants, 
even though we know they all depend at least weakly on temperature. To be exact, 
we would have to find fhe heat of reaction, heat capacity, and heat transfer coefficient 
as functions of temperature and composition, and for the PFTR insert them within the 
integrals we must solve for temperature and composifion. However, in most situafions 
these variations are small, and the equations written will give good approximations to 
actual performance. 

In this chapter and in Chapter 6 we will usually solve these equations assumfng a single 
first-order irreversible reaction, r = 1((T)Ca- Other orders and multiple reactions could of 
course be considered, but fhe equations are much more difficult to solve mathemafically, 



and the solutions are qualitatively the same. We will see that fhe solutions 


with these simple 


kinetics are sufficicnfh/ complicatcd tliat we do not want to consider n 


lore complicated 


kinetics and energy balances at the same time. 




There are many interesting problems in which complex chemistry 


in nonisothermal 


reactors interact to produce complex and important behavior. As examples 


the autocatalytic 


reaction, A —> B, r = IcCaCb, i n a nonisothermal reactor can lead to 


some quite com- 


plicated properties, and polymerization and combustion processes in noni 


ofhermal reactors 


must be considered very carefully in designing these reactors. These ar 


3 the subjects of 


Chapters 10 and 11. 





EQUA710NS 1D BE SOLVED 

For the nonisofhermal reactors we i 
simultaneously. 



1 to solve the mass- and energy-balance equations 



CSTR 

For a single reaction fn a steady-sfate CSTR the mass-balance equation on reactant A and 
temperature T give the equations 
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-AHff UAr 

— F J -r(C A ,T)-—r(T-T c ) 

pC p vpC p 



These are two coupled algebraic equations, which must be solved simultaneoush/ to 
determine the solutions Cj(x) and T(t). For multiple reactions the R + 1 equations are 
easilv written down, as are the differential equations for the transient situation. However, 
for these situations the solutions are considerablv more difficult to find. We will in fact 
consider theaolutions of the transient CSTR equations in Chapter 6 to describe phase-plane 
trajectories and the stability of solutions in the nonisothermal CSTR. 



PFTR 

For a single reaction in a steady-state PFTR the mass-balance equations on species A and 
the temperature are 



7^ = -r(Cx,r) 



dT_ 

1 dz ' 



'-^-r(C A ,T)-^(T-T c) 

pC p pC p A t 



These are first-order ordinary differential equations that have two initial conditions at the 
inlet to the reactor, 



C A - C Ao 






itz = 



We have to solve these two equations simultaneously to find C A (z) and T(z) versus position 
z or at the exit L of the reactor, C A (L) and T (L). 

These are two simultaneous differential equations with two initial conditions for 
a single reaction. For R simultaneous reactions we have to solve R + 1 simultaneous 
differential equations with R + 1 initial equations because there are R independent masS- 
balance equations and one temperafure equation. 

These equations look innocuous, but they are highly nonlinear equations whose 
solution is almost always obtainable only numerically. The nonlinear terms are in the rate 
r (Ca, T), which contains polvnomials in C A , and especially the very nonlinear temperature 
dependence of fhe rate coefficient k(T). For first-order kinetics fhis is 

r(C A , T) = k e- E/RT C A 
and it is the factor g~ E l RT fhat is most nonlinear and creates the most interesting mafhe- 
matical and physical complexities in the nonisotbermal reactor. 

We will find that the solutions of fhe algebraic equations (CSTR) or diffcrcnfial 
equations (PFTR) can be very complicated. However, we must examine fhese solutions in 
some detail because they reveal some of fhe most important features of chemical reactors. 
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For a single reaction in the CSTR we solve two algebraic equations 
F\(C A ,T) = 
Fi(C A , T) = 
which are generally polvnomials in Ca and exponentials in T. While algebraic equations are 
generallv simpler to solve than differential equations, these algebraic equations sometimes 
yield multiple roots, which indicate multiple steady states in CSTRs. This will be the subject 
of fhe next chapter. 

In fhis chapter we consider mainly fhe plug-flow reactor. For the PFTR we solve fhe 

dC A „,_ _, 



along wifh the inlet condition 

C A = C Ao , T= T , atz = 

Since dC a/&Z an( ^ d T/dz are fhe slopes of fhe funcfions Ca(z) an d T(z), they must 
be unique at z = and at all z. Therefore, in contrast to the CSTR, fhe PFTR can exhibit 
only a single steady state. 

HEAT REMOVAL OR ADDITlON 70 MAINTAIN 
A REACTOR ISOTHERMAL 

One of the first considerations in a reactor is fhe heat load fhat is necessary to control fhe 
temperature. It was implicit in all fhe previous chapters on isofhermal reactors fhat fhe 
reactor was somehow fhermostatted to maintain its temperafure at fhat specified. For fhis 
case we did not have to solve the energy-balance equation, but we do need to consider fhe 
heat load 

Q = UA C (T - T c ) 
to maintain the reactor temperature at T. 

' Example 5-1 Consider fhe reaction A ->• B, r = kC A , k m = 0.05 mirT 1 , AH R = -20 
•j kcal/mole in a 10 liter reactor with C^ = 2 moles/liter and f =300 K. At what rate must 

hcat be removed to maintain the reactor isofhermal at 300 K for 

(a) a batch reactor at 90% conversion? 

i This is an isofhermal reactor wifh r = 0.05C.4. If batch, fhen 

Ca = C Ao e~ k ' 
Q(t) = V(-AH R )kC A (t) 
= V(-AH R )kC Ao e- kt 
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*Q(t) 



Q(z) 

l t t t | 



hQ(t) 



4 IS= 



4 b- 



Figure 53 Plut of reactoi c m u tioi ind Q necessary to i 



i batch reactor, CSTR, and PFTR 



= 10 x 20 x 0.05 x 2 x ĉ -0 ' 05 ' 
= 20 e' 005 ' kcal/min 



(b) a CSTR at 90% conversion? 
In a CSTR 



Q(x) = V(-AH R kC A 

= 10 x 20 x 0.05 x 0.2 = 2 kcal/min (constant) 



ir except that t is replaced 



' (c) a PFTR at 90% conversion? 



In a PFTR the ansvver is identical to that in a ba 
byT, 

Q(z) = 20 e -° ^/" kcal/min 
Note, however, that the significance of heat removal or addition (Q positive or 
negative) is quite different vvith the batch reactor, requiring a heat removal that 
varies in time, the CSTR requiring a constant heat removal rate, and the PFTR 
requiring a heat removal rate that varies with position z in the reactor. These are 
sketched in Figure 5-3. 



If this reaction were endothermic, we would have opposite signs to those shown in 
the previous example, because we would have to add heat to the reactor to maintain the 
process isothermal rather than cool it. 

Note that the batch reactor requires programming Q(t), and the PFTR requires either 
a very high U A, [to remain at T(z)] or programming Q(z). The CSTR operates with a fbced 
Q because T is uniform throughout the reactor for given conditions, and for steady-state 
operation Q is independent of time. Therefore, the CSTR is usually much simpler to design 
for stable heat removal. This is another attractive feature of the CSTR: It is much easier to 
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maintain constant temperature in a CSTR reactor than in a batch or PFTR because the heat 
load required is not a function of either time or position in the reactor. We will see later 
that the CSTR has even higher heat transfer characteristics when we consider that stirring 
increases convective heat transfer so that U is frequently higher in a CSTR 

We still must use a PFTR in many chemical processes, and we must then determine 
how to program the cooling or heating to attain a temperature profile in the reactor close 
to that desired. The subject of this chapter is the proper temperature management to attain 
desired operation of a PFTR. In the next chapter the nonisothermal CSTR will be considered 
specifically. 
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The mass- and energy-balance equafions must be solved numerically in the general situation 
where heat is transferred to or from walls. There are three terms on fhe right side of the 
energy equation, heat flow wifh reactants and products, reaction heat, and heat transfer 
through walls. However, the adiabafic reactor is a special case where we need to solve only 
one equafion for a single reaction. 

The adiabatic reactor is also an important limiting case of real reactors. As we have 
noted previously, the isofhermal reactor (previous chapters) is a limiting case where fhe 
energy equation can be ignored. This situation occurs in practice whenever heat transfer 

Q = UA C (T - T c ) 
is so large that the reactor temperature T is maintained isothermal at T = T c . 

The ofher limit of real reactors is where fhe heat removal term is not infinite but 
instead is negligible. We call case where Q~Othe adiabatic reactor. For wall cooling, A, 
is proportional to V 1 / 2 for a tube and to V 2 / 3 for a spherical reactor. Since heat generation 
is proportional to V and cooling is proportional to A„ cooling becomes more difficult to 
maintain as the reactor becomes larger, and, as noted, large reactors frequendy must be 
operated adiabatically. 

Another reason why calculations of the adiabatic reactor is important is for safety. 
Suppose we have a reactor operating in a stable fashion with cooling. What happens if 
the cooling is suddenly stopped? The limit of this situation is the adiabafic reactor, and 
the engineer must always be aware of this mode because it is the worst-case scenario 
of any exofhermic reactor. Note that if AAr > 0, we must supply heat to maintain fhe 
reactor temperature, and loss of heat will cause fhe reactor to cool down and fhe rate will 
decrease safely. 

Adiabatic CSTR 

Here fhe mass- and energy-balance equations are 
C Ao C A =tr(C A ,T) 

)r(C A ,T) 



'&> 
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We still have the r(C A , T) factors in both terms, but note that they are identical in both 
energv- and mass-balance equations. Therefore, r (CA, T) may be eliminated between them 
by dividing the second equation by the first to yield 



-T = t- 



)C Ao X 



Note the sign on terms in these equations. T increases as a reaction proceeds (Ca decreases) 
if AHr is negative (reaction exothermic), as we know it must be since reaction is then 
generating heat. For an endothermic reaction T decreases as a reaction proceeds. 

To simplify the appearance of these equations, we will find it convenient to define a 
new variable 

, _ -AH R C Ao 



pc P 



so that the previous equation becomes 



T-T = JX 
This has exactly the same significance as the preceding equation, but the constants are 
grouped in J, which has the units of temperature and will be positive if the reaction is 
exothermic. 



Adiabatic PFTR 

Here the equations are 



u d£± 

dz 



-r(C A ,T) 



dz \ P C P ) 
The right-hand sides both contain r; so we can divide the first equation by the second to 
yield 

dT ( -AH R \ 

dC A \ pC p ) 

The right-hand side is constant (assuming AHg and pC p are independent of T and 
composition); so we can integrate this single differential equation between T = T and 
C A = C Ao at z = to T and C A at position z. This gives 



T - T = i 



-AH R \ 

pc P ) 



{C Ao - C A ) = 



. pc P j 



c Ao x = JX 



i identical expression a 



5 obtained for the adiabatic CSTR. 
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We can generalize this for any reactor since we assumed nothing about r (C A , T). The 
preceding relation is true for any single reaction in any adiabatic reactor, no matter what the 
kinetics or reactor flow pattern. This simple relation between C A or X versus T is plotted 
in Figure 5-4. 



Example 5-2 Find C Ao - C A versus T for a reaction with AHr = -20 kcal/mole, pC p = 
1000 cal/liter K, T =300 K, and C Ao -4 moles/liter in an adiabatic reactor. What is the 
temperature if the reaction goes to completion? 



The previous equation 



pc P , 



1000 
= 380 - 2QC A 
Thus T is 300 K initialh/ and 380 K if the reaction goes to completion, and this 

\vould be truc in any adiabatic reactor. 



This reaction is in aqueous solution. Why might bad things happen if this reactor were 
operated with C Ao = 5 moles/liter? 



Throughout this chapter (and throughout this book) we will make the frequently 
unstated assumption that AHg and pC p are independent of temperature and composition. 
They are of course dependent on T because C p of each species depends on T. Each species 
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of course has a different heat capacity, but we will unless stated othenvise assume that these 
can be ignored. The actual value of AHr is computed through the relation 

AH R = AH; 298+ [jliVjCpjdT 



j^M 



where AH^ 2 % ls tne heat of reaction in standard state at 298 K, and C p j is usually written 
as a polvnomial in T. It is frequently a good approximation to assume that AHr = AH^ 2 98' 
which is equivalent to having all heat capacities constant. We also assume that the average 
heat capacity of the fluids is independent of composition, especially when reactants are 
diluted with solvent. The mathematics becomes more complex if we have to include these 
factors, although the principles remain the same. 

Multiple reactions 

For multiple reactions similar arguments hold. For multiple reactions in the CSTR in which 
A is a reactant (v A = -1) in all reactions, we can write 

C Ao -C A = C Ao £x,=r£r,- 

pC p (r-r ) = 5^(-A// R ,)r; 
Therefore, division of the second equation by the first equation yields 

In these expressions we have defined the total conversion of A i 
conversion in ; " 



Only if A is a reactant in all reactions (y iA — -1) can this simple relation be written in 
terms of X,- . In the previous chapter we also used conversion to describe a reactant spec/es 
such as X A , but this definition of X; refers to the conversion of the ith reaction. 

Solutions 

For the adiabatic reactor we have a unique relation between T and conversion. We can 
therefore solve for T and eliminate it from the mass-balance equation. For the CSTR the 
mass-balance equation for a single first-order irreversible reaction 



C Ao ~C a =X r(C A , T) = X k(T)C A 
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We can eliminate T in k(T) to obtain 

C Ao ~C A =r k C A ex P (- R[Tŭ _^ H J Cp)iCAo . CA)] ) 

This is a single equation in C A and T. It is not easy to solve explicitly for C A (r), but it can 
easily be solved for t(C A ), 



k(T)C A 



(C Ao - C A )/C A k exp 



R[T -(AH R /pC p )(C Ao -C A )]) 



Therefore, this problem can be solved simply by determining values of r versus values of 
C A for specified values of constants. 

In the adiabatic PFTR the differential equation is 



dx ° v V R[T ~ (AH R /pC p )(C Ao - C A )]J 

i be separated and integrated to yield 



ĵmrr-h^A 



R[T - (AH R /pC p )(C Ao - C A )]J 



This expression must be solved numerically, but it 
can be integrated directly rather than two simultar 



a single integral expressior 
; differential equations. 



Example 5-3 Plot C A (x) and T (x) for the reaction A -> B, r = k(T) C A in an adiabatic 

PFTR for E = 30 kcal/mole, k = 2.6 x 10 20 min- 1 , AH R = -20 kcal/mole, pC p = 1000 
cal/liter K, T = 300 K, and C Ao = 2 moles/Uter. 



This is the same 
at 300 K, but r 



jction we used in the previous example, because k —0.05 min 
/ the temperature varies. The preceding equation becomes 



1 k(T)C A 



dC A 



J Ca x 2.6 x 10 20 exp{(-15000)/[300 - 20(2 - Ca)]} 

We can easily integrate this equation numerically to frnd the sblutions for the 
PFTR. We can also solve the algebraic equation for the CSTR. We will solve this 
problem numerical]y using a spreadsheet in the next example, but in Figure 5—5 
we just plot the solutions X(r) and T(t). 
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Figure 5-5 Ca and T versi 
in an adiabatic PFTR. The ti 
minutes. 
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d compare C\{t) for the adiabatic reactor with the solution for the 
r maintained isothermal at 300 K. For the isothermal PFTR, the solution is 



-& 



C,(t) = 2e-°' 05T 
These solutions Ca(t) are plotted in Figure 5-6. Several features of these curves are worth 
noting. First, the adiabatic reactor requires a much shorter % to attain complete conversion 
than does the isothermal reactor. Second, the shapes of the curves are quite different, 
with the isofhermal reactor exhibiting the standard exponential decay but the adiabatic 
reactoi exhibitin tn ci < ation in rate as fhe reaction proceeds because the temperature 



For the adiabatic CSTR 
Cao 



have to solve fhe equatii 
(C Ao -C A )/\k C A exp 



R[T - (&H R /pC f 



' p )(C Ao -C A )])\ 



Ca , 2.6 , 10 20 exp 
This is also plotted in Figure 5-7. 



300 - 20(2 -C A )J 



224 Nonisothermal Reactors 




Figure 5-6 Ca versus T or 7 in an isothermal 
PFTR maintained at 300 K and in an adiabatic 
PFTR starting at T a = 300 K. 



T (min) 




Figure 5-7 Ca mul T utmis t in an adiabatic CSTR. The unusual 
shapes of these curves will require considerable examination in this 
Chapter and in Chapler 6. Residence time is in minutes. 



Note several features of these solutions. First the Ca(t) and T(t) solutions have 
5 Ca decreases for the exothermic reaction) for the 
n any adiabatic reactor. If we plot Ca ~ Ca versus T 
5-8, because, by the previous arguments, this must be 
n any reactor as long as parameters do not depend on 
ote that the CSTR in this example requires a shorter 
than a PFTR. Third, note that the CSTR exhibits 
ige of r. This situation is physicalfy real and wi]l be 



identical shapes (but T 
adiabatic reaction in these 
from these solutions we obtain Figui 
a straight line for any single reactior 
temperature or composition. Second, 
residence time for a given 
multiple values of Ca and T for 
the subject of the next chapter. 



[ PFTR 
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ctors of Figure 5-7. For the CSTR the point 



While the straight-line graphs of the adiabafic trajectories in the X-T plane appear 
similar for CSTR and PFTR (but fhey are different curves), fheir significance is quite 
different. For fhe PFTR fhe graphs can be fhought of as plots of concentration and 
temperature versus position in fhe reactor, while in fhe CSTR % = V/v is fhe residence 
time for a particular set of feed conditions. In fhe CSTR fhe solutions C A (t) and T(t) 
are fhe locus of solutions versus residence time. This difference has great significance for 
fhe CSTR, and, as we will see, it suggests fhat sometimes states on fhese curves are not 
s but are in fact unstable. 



Other reactions 



We have used fhe first-order irreversible reaction as an example, but fhis is easy to generalize 
for any reaction, irreversible or reversible, with any kinetics. In a PFTR fhe mass-balance 
equation for an arbitrary reaction becomes 



J r(C A , T) . J 



dC A 

r^(C A ) 



where we define r a d (Ca) as fhe n 



s C A wifh the temperature varying as fhe 



The 1/r plot 



return to fhe graphical construction we developed in earMer chapters for isofhermal 
., because for nonisofhermal reactors r is still the area under curves of plots of 1/r 

versus C Ao — CA. For fhe first-order irreversible reaction in an adiabatic reactor l/r a( j is 

given by 



r, d (C A ) C A k exp{-E/R[T + (-AH/pC p )(C Ao - C A )]} 
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Example 5-4 For the irreversible first-order reaction with parameters in the previous 
example, calculate r in adiabatic PFTR and CSTR from a table of l/r versus C A . 



s C Ao ~ CA from the equatior 



r iŭ (C A ) C A k cxp{-E/R[T + (-AH/pC p )(C Ao - C A )]} 



C A x 2.6 x 10 20 exp{-15000/[300 + 80(2 - Ca)]} 
We can calculate values of r using a simple spreadsheet as shown in Table 5-1. 
The previous figures of C A and T versus x were obtained from the first and second 
columns of this spreadsheet for the TS in the last two columns, because from the 
previous equations, we see that 



f dC A ^ AC A 

rpFrR= c i Ic~ A ^TĈ- A 

c Ao - C A 
CSTR = k(T)C A ) 
These values of 1/r are plotted versus C Ao — C A m Figure 5-9. The recfangle; 
have areas indicated in Table 5-1. The sum of these areas is an approximation to 
the residence time in an adiabatic PFTR because 



" r,K ~J r_(CJ---kC A 

Cao 

The last two columns show Tpfxr and TcstrI so one can simply read C A (t) and 
T(t) from Table 5-1, and, since this is the same problem worked previously, the 
previous graphs can be plotted simply from this spreadsheet (see Figure 5-10). 



TABLE 5-1 

Spreadsheet Solution for Adiabatic PFTR and CSTR 



1/r Area Tpftr Tcstr 

\/kC A &C A /kC A Z AC A /kC A (C Ao - C A )/kC A 





8 304 


0.097 


0.174 


5.14 


1.15 


1.15 1 


15 




6 308 


0.184 


0.294 


3.40 




1.83 1 


36 




4 312 


0.343 


0.480 


2.08 


0.416 


2.24 1 


25 




2 316 


0.630 


0.757 


1.32 


0.264 


2.51 1 


06 




320 






0.876 


0.175 


2.68 


876 


n 


8 324 


2.04 


1.63 


0.614 


0.123 


2.81 


737 


n 


6 328 


3.58 


2.15 


0.465 


0.U93 


2.90 


651 


n 


4 332 


6.21 


2.48 


0.402 


o.osn 


2.98 


64 


n 


2 336 


10.6 


2.13 


0.470 


0.094 


3.07 


84 


n 


340 


18.0 





00 


00 


co 


co 



Adiabatic Reactors 



Figure 5-9 Plot of 1/r 

example. It is seen thatr 
ihai \jr has a strong m 
three possible steady 
(dashed rectangles). 
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Eulefs method solutions of differential equations 

The \/r solution is in fact just an Euler's method approximation to the integral for the 
PFTR, in which one approximates the integral as a summation. The calculation is not very 
accurate because we used a 0.2 moles/liter step size to keep the spreadsheet small, but it 
illustrates the method and the identitv between Euler's method and a spreadsheet solution. 
Thus we see that for nonisothermal reactors this \/r versus Ca ~ Ca curve is not 
always an increasing function of conversion as it was for isothermal reactors even with 
positive-order kinetics. Since the \/r curve can have a minimum for the nonisothermal 
reactor, we confirm the possibility that the CSTR requires a smaller volume than the PFTR 
for positive-order kinetics. This is true even before the multiple steady-state possibilities are 
accounted for, which we will discuss in the next chapter. This is evident from our 1 /r plot 
for the PFTR and CSTR and will occur whenever r has a sufficienth/ large maximum that 
the area under the rectangle is less than the area under the curve of \Jr versus Cao ~ Ca- 

Reversible reactions 

The nonisothermal behavior of reversible reactions is especially interesting because the 
equilibrium composition is temperature dependent. Recalling our description of reversible 
reactions, we wrote for the rate expression 

r = n r b = k(T) fĵ C™" - k'(T) jĵ Cp 

and we noted that near equilibrium the reaction kinetics become elementary and that the 
rate coefficients are related to the equilibrium constant by 

W) = ^-^ ~ K eq (T) = e-^' RT = K e~^ RT = \\C^ 

We will find it convenient to use X rather than Ca as the composition variable for a single 
reaction and consider C& e and ^e as me corresponding quantities at equilibrium. For an 
endothermic reaction A H R > and X e increases with T, while for an exothermic reaction 
AH R < and X e decreases with T. 

Since our goal is frequently to attain a high conversion in a reactor, the relation of 
equilibrium to reactor temperature is obviously important. 



Example 5—5 A chemist obtained the kinetic data in the previous example. [Rumors are 
circulating that he started out in chemical engineering but failed thermodvnamics and never 
had a course in reaction engineering.J He says that he made a slight mistake and the reaction 
is not quite irreversible but the equilibrium conversion is actually 0.95 at 300 K. He doesn't 
think this will be a serious error. Is he correct? 

We need to calculate the rate versus temperature and the equilibrium conversion 
versus temperature. From the requirement that the rate must be consistent with 
equilibrium, we have 

AH, = E - E' = -20 =30-50 
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! given at 300 K, • 



Therefore, since 
complete rate expression, 

r = 2.6 x 10 21 exp(-30,000/7?r)C Ao (l - X) 
- 3.9 x 10 34 exp(-50,000/ RT)C Ao X 
and the equilibrium conversion is given by the expression 

K^ = 6.7 x 10~ 14 exp(+20,000//?r) = — ^ 
This gives equilibrium conversions in the table: 



determine k' and the 



These data are plotted in Figure 5-1 1. Thus we have a very serious problem if 
this reaction is reversible because the adiabatic reactor trajectory intersects the 
equilibrium curve at a low conversion. For these kinetics, equilibrium limits the 
process to a very low conversion at high temperatures. 
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We need 
at C Ao , > 
CSTR)to C A ,X, and T 

For this we will find 
in a phase plane of X ve 
dependences but instead 



the solutions of the n 
T and proceeding ( 



ctor mass- and energv-balance cquations, starting 
>ntinuously in a PFTR and discontinuously in a 



trajectories of C a (t) or X(r) and T(t) 
Thus we do not examine exphcitly the time or position 
the trajectory followed as the reaction proceeds. 
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We need to follow r(X, T), and a convenient way to do this is to map out lines of 
t r in the X-T plane. At equilibrium r = and we have X,(T), which is a curve 
going from X = at low temperature to X e — 1 at high temperature for an endothermic 
reaction and X = 1 at low T and x« = at high T for an exothermic reacfion. 

We can plot lines of constant r for any single reaction, but for simplicity we consider 



r(X, T) - k e~ E/RT C A - k' e- E '' R1 \C Ao - C A ) 

= k e- E ' RT C Ao {\ - X) - k' e- E 'l RT C Ao X 



At r = o this gives 



. [^] . 



[Qt] 1 - 
sily be plotted. 



^o_ e -(E-E')IRT _ ^ e -AH/RT 



l Example 5-6 For the example discussed plot lines of 
ithe X(T) plane. 



r for r = 0, 1, 10, 100 ii 



We have to solve these equations numerically, and the solutions are shown in 
Figure 5-12. 
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TRAJECTORIES OF VVALL-COOLED REACTORS 



: trajectories on these graphs. Two of these ar 
vertical line at temperature T c for the isothermal (JJ A — ¥ 00) i 
staiting at T with slope (— Ca AH / pC„)~^ for the adiabatic re; 



straight lines: a 
d a straight line 



Possible trajectories 



In Figure 5-1 3 are plotted the possible trajectories for the exothermic reaction. These are 
the limiting cases of the trajectorv in a wall-cooled reactor, and any wall-cooled reactor 
will have a trajectorv between these two straight Mnes. The trajectory cannot go above the 
equilibrium curve X,(T). For an adiabatic reactor the curve stops there, and for finite UA, 
the curve finishes at X e at T c . 

For an endothermic reaction we assume that the reactor is heated rather than cooled 
so that T c > T . (We are now usually heating so we should write 7h rather than r c .) 
Since AHg > 0, the slope of the adiabatic curve is also negative, and the equilibrium 
conversion is the reverse of that for the exothermic reaction. The corresponding regime of 
possible trajectories for an endothermic reaction is shown in Figure 5-14. This situation is 
generally uninteresting because we usually want to heat an endothermic reactor as hot as 
practical because the rate and the equilibrium conversion both increase with temperature 
(see Figure 5-1 5). 

However, for exothermic reactions we see that we have a tradeoff between high initial 
rates at high temperature and high equilibrium conversion at low temperature. We therefore 
seek an optimum where the initial rate is sufnciently high to require a small size and the 
equilibrium conversion is acceptable. For an exothermic reaction in a tubular reactor there 
is therefore some optimum program of T , T c , and geometry for a given reactor with given 
kinetics and feed. 

These arguments do not hold in a CSTR because the conversion and temperature jump 
discontinuously from X = 0, T = T to X, T in the reactor and at the exit. Trajectories are 
continuous curves for the PFTR but are only single points for the CSTR. We will examine 
this in more detail in the next chapter. 



Fiv.mo 5-1 ' Possible region ol' Irajectories lor cxolbermic re- 
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Figure 5-14 Possible region of trajectories ior endothermic and 
for reversible reaclions uirtiin ai iced lenipcraiure T with heating 
from fhe wall at temperature 7"h- Trajeetories must be in fhe shaded 
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Figure 5-15 Pos-dble Irajectories for different amounts of wall 
heating for an endothermic reversible reaelion. starting at feed 
lemperalure T \\ilh heatimi from llie wall al temperalnre 7],. 



Finally we sketch the possible trajectories that might be follovved in an exothermic 
reaction in a cooled reactor. The trajectory starts at the feed condition of Ca — Cao, X = 0, 
T = T , and when x goes to infmity, the trajectory will end up at T c at the equilibrium 
composition X,. Sketched in Figure 5-16 are three trajectories. 

We distinguish betvveen four types of trajectories of these curves: 

(a) Nearly adiabatic. If UA, is small, then the reaction first follows the adiabatic trajectory 
up to X e at the adiabatic temperature, and then it moves along the equilibrium curve 
out to T c . This is not efficient because the rate will be very small near X,. 

(b) Optimal trajectory. If we choose UA, coptimallv, we initially trace the adiabafic curve 
(maximum T and therefore maximum rate) out to where fhe rate is a maximum. Then 
the temperature falls as conversion increases to finally wind up at X e and T c . 

(c) Moderate cooling. Here fhe cooling is enough fhat the temperature does not increase 
strongly but rises nearly isofhermally unfil the rate slows enough that fhe temperature 
cools back to T c as X approaches 1. 
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Figure 5-16 Possible trajectories for an exothemic reversible re- 
action, starting at feed temperature T with cooling from the wall at 

temperature T c . 




T - 



(d) Strong cooling. 

(e) Nearly isothermal. If UA, is large, then the reactants immediately cool down to J c and 
the reaction proceeds up to X e at temperature T c . This curve gives a high conversion, 
but the rate should be slow because the temperature in the reactor is low. 



In designing a wall-cooled tubular reactor, we want to operate such that the trajectory 
stays near the maximum rate for all temperatures. Thus for an exothermic reversible reaction 
the temperature should increase initially while the conversion is low and decrease as the 
conversion increases to stay away from the equilibrium constraint. One can easily program a 
computer to compute conversion and T versus r to attain a desired conversion for minimum 
T in a PFTR. These curves are shown in Figure 5-17 for the three situations. 

Another way of visualizing the optimal trajectory for the exothermic reversible 
reaction is to consider isothermal reaction rates at increasing temperatures. At T\ the 
equilibrium conversion is high but the rate is low, at Ti the rate is higher but the equilibrium 
conversion is lower, at 73 the rate has increased further and the equilibrium conversion is 
even lower, and at a high temperature T4 the initial rate is very high but the equilibrium 
conversion is very low. 

These four isothermal trajectories are shown in Figure 5-18, a long with plots of r 
versus X and plots of l/r versus X. It is seen that the minimum residence time in such 
a reactor is one in which the temperature decreases to maintain the lowest 1/r as the 
conversion increases from to 1. 



EXOTHERMIC VERSUS ENDOTHERMIC REACTiONS 

It is interesting to note that the exothermic reversible reaction A ^> B is identical to the 
same endothermic reversible reaction B +h A. This can be seen by plotting X versus T and 
noting that the r = equilibrium line separates these two reactions. In the reaction A^fi 
the rate in the upper portion where r < is exactly the reaction B ^t A. We defined all rates 
as positive quantities, but if we write the reaction as its reverse, both r and AHr reverse 
signs. This is plotted in Figure 5-19. 
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Figure 5-18 Illustration of lsothermal tra- 
jectories for an exothermic reversible reac- 
tion. At the lowesl temperature the rate is 
low but the equilibrium conversion is high, 
while at the highesl lemperature the initial 
rate is high but the equilibrium conversion 
is low. From the \jr versus X plot at these 
temperatures, it is evident that T should de- 
crease as X increases to require a minimum 



Ti T 2 T 3 T, 



OTHER TUBULAR REACTOR CONFIGURATIONS 



Multiple reactors with interstage cooling 



g several adiabatic n 



; the problem of low X e with adiabatic operation by 
s with cooling between reactors. Thus one runs the first reactor 



Other Tubular Reactor Configurations 



Figure 5-19 Plot of X versus T for an exother- 
mic reversible reaction A ĵt B. The upper por- 
tion of this curve where r < can be regarded 

as Ihe endolhennic reversible reaclion li ~£t A if 
the sign of r is reversed or if X is replaced b\ 




up to near the maximum rate, then cools and runs the second reactor up to near 

at that temperature, and continues through successive reactors and heat exchangers until a 

satisfactory conversion is attained. 

The reactor configurations and possible trajectories for three adiabatic reactors with 
interstage cooling are shown in Figure 5-20. 

There are several examples of exothermic reversible reactors where interstage cooling 
is practiced. One is methanol svnthesis from syngas 

CO + 2H 2 -► CH 3 OH, AHr = -25 kcallmole 

As discussed in Chapter 3, this reaction is reversible at 250°C, where the commercial 
reactors are operated, and it is common practice to use interstage cooling and cold feed 
injection to attain high conversion and extract reaction heat. Another important reaction is 
the water-gas shift, used to prepare industrial H2 from svngas, 




Figure 5-20 Trajectorie! 



: X versus T plane for three r 
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CO + H 2 -► C0 2 + H 2 , AH R = -10 kcal/mole 

This process is typically run with two reactors, one at ~800°C, where the rate of the K 
is high, and the second at ~250°C, where the equilibrium conversion is higher. 

We have discussed these reactions previously in connection with equilibrium lim- 
itations on reactions, and we will discuss them again in Chapter 7, because both use 
catalysts. These reactions are very important in petrochemicals, because they are used 
to prepare industrial H 2 and CO as well as methanol, formaldehyde, and acetic acid. As 
noted previously, these processes can be written as 

CH 4 -> CO + H 2 -> CH3OH ->■ HCHO 

->• CH3COOH 
All steps except the first are exothermic, all reactions except HCHO synthesis are reversible, 
and all involve essentialfy one reaction. Energy management and equilibrium considerations 
are crucial in the design of these processes. 

Jacketed PFTR 

The cooled TR is frequently operated with a cooling jacket surrounding the reactor in a 
tube-and-shell configuration. This looks simply like a tube-in-shell heat exchanger, typically 
with catalyst in the tube to catalyze the reaction. 

A major example of this reactor is ethylene oxidation to ethylene oxide (EO) 

C2H4 + ^0 2 -+ C2H4O 

C2H4 + 30 2 -> 2C0 2 + 2H 2 

As noted in Chapter 2, the heat release in the second reaction is much greater, so that much 
more heat is released if the selectivity to EO decreases. For world-scale ethylene oxide 
plants the reaction is run in a reactor consisting of several thousand 1-in-diameter tubes 
-20 ft long in a tube-and-shell heat exchanger. Heat transfer is accomplished using boiling 
recirculating hydrocarbon on the shell side to absorb the reaction heat. This heat transfer 
method assures that the temperature of the tubes is constant at the boiling point of the fluid. 

If the coolant flow rate is sufficiently high in a jacketed reactor or if boiling liquid 
is used as the heat transfer fluid, then T c is constant, as we have assumed implicitly in the 
previous discussion. 

However, with finite flow rate in the jacket, the coolant may heat up, and we must now 
distinguish between cocurrent and countercurrent flows. While it is true that countercurrent 
operation gives better heat transfer for an ordinary exchanger, this is not usually desired 
for a tubular reactor. Heat is generated mostly near the reactor entrance, and the maximum 
amount of cooling is needed there. In countercurrent flow, the coolant has been heated 
before it reaches this region, while in cocurrent operation, the coolant is the coldest exactly 
where the heat load is greatest. Thus cocurrent operation reduces the hot spot, which can 
plague cooled tubular reactors with exothermic reactions. 

Illustrated in Figure 5-21 are possible temperatures of reactor and coolant versus 
position z for cocurrent and countercurrent operation. 



Other Tubular Reactor Configurations 




■T c ) 

rgy balance c 



the coolant 



A major goal in wall cooling is to spread out the hot zone and prevent very high 
peak temperatures. High peak temperatures cause poor reaction selectivity, cause carbon 
formation, deactivate catalvsts, and cause corrosion problems in the reactor walls. CociUTent 
flows spread out the hot zone and cause lower peak temperatures, but many additional design 
features must be considered in designing jacketed reactors. 

Temperature profiles in jacketed reactors can be examined rather simply by writing 
the energy balance on the coolant and on the reactor. In analogy with the energy-balance 
equation in the PFTR 

JT _ -AH U Pw 

we assume that the coolant also obeys plug flow; s 
becomes 

c dz pC pc Al 

We have of course omitted any heat generation by reaction in the coolant, and we 
have defined the corresponding quantities for the coolant with the subscript c. Note also that 
we have reversed the sign of the heat-removal term because whatever heat is transferred 
from the reactor must be transferred into the coolant. 

The student should recognize these problems with the jacketed reactor as similar to 
those encountered in analysis of heat exchangers. The only difference in chemical reactors 
is that now we have considerable heat generation by chemical reaction on one side of 
the heat exchanger. The equipment used for these reactors in fact looks very similar to 
heat exchangers, but pressures, temperatures, and catalysts must be chosen very carefully, 
and materials of construction are frequentiy more difficult to deal with in the reactive 
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Feed cooling 

A final mode of heat transfer in tubular reactors is the feed-cooled reactor, where the hot 
products from the reactor are cooled by the feed before it enters the reactor. As shown in 
Figure S-22, the cold feed in fhe jacket is preheated by fhe reaction in fhe inner tube or 
a heat exchanger is used for this purpose before the reactor. Temperature profiles for feed 
cooling are shown in Figure 5-22. 

One interesting characteristic of this type of reactor is fhat the maximum temperature 
of the products can be above fhe adiabatic temperature predicted for reactant temperatures 
before heat exchange. Heat is retained in the reactor by preheating fhe feed, and temperatures 
in some situafions can be many hundreds of degrees above adiabatic. This can be useful in 
combustors for pollution abatement where dilute hydrocarbons need to be heated to high 
temperatures to cause ignition and attain high conversion with short residence times. 



THE 7EMPERA7URE PROFILE IN A PACKED BED 



Thus far we have only considered fhe PFTR wifh gradients in the axial direction. The heat 
transfer to the wall at temperature T c was handled fhrough a heat transfer coefficient U. The 
complete equations are 

9Cj 



dt 



pc P 



dt 



+ U-VC; = DjV 2 Cj + Vjr 
- + u vr ) = k T V 2 r + (-AH R )r 



where u is fhe velocity vector, VCj and VT are the gradients of concenfration and 
temperature, respectively, and kj is fhe effective fhermal conductivity in the reactor. If 
we retain fhe plug-flow approximation, then fhese gradients are in the z direcfion only and 
we lump heat transfer in the radial direction fhrough an overall heat transfer coefficient h. 
However, heat transfer from fhe walls must occur by temperature gradients in the radial 
direction R, and fhese show up in the term 
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The Temperature Profile in a Packed Bed 



z 2 + R 8R ( dR/ 
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\ we assume that the reactor is i 
1 plug flow, then the equations 
BC A 

u ir~- 

dT 



steady state and that in the z direction the n 
br a first-order irreversible reaction become 



-kC A (z, R) 

, 1 3 f„dT\ 



« 



pC p u - - „, , 

P d Z R dR\ u„y 

ĵ solve these equations with inlet conditions 
C A - C Ao 



t z = as before. However, 
l the radial direction, 



two boundary conditions on temperature 

= ±Ro/2 



as well as additional boundary conditions on C A . F° r a tubular reactor we can solve 
these equations numerically to yield C A (z, R ) m & T(z, R)- These solutions are plotted 
in Figure 5-23. 



Figure 5-23 Plots oi reactanl and temperature 
profiles \ersus axial position 7 and radial posiiion 
X in a wall-coole<J Iribnlar reaelor. The reaelor 
can exhibit a hot spot near the center where the 
rate rs hrgh and coohng rs least. 




T(z,r) 
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The notable feature of the wall-cooled tubular reactor is that there can exist a hot spot 
near the center of the reactor and near the entrance. We saw this for the lumped model, which 
allowed only for variations in the z direction, but when radial variations are allowed, the 
effect can become even more severe as both temperature and concentration vary radially. 

If we examine the temperature and concentration profile in the radial direction for the 
plot in Figure 5-23, we obtain graphs approximately as those in Figure 5-24. 

We used the wall temperature T w in the boundary condition, and this may be different 
from the coolant temperature T c . There may be temperature variations across the wall as 
well as through the coolant. These are described through the overall heat transfer coefficient 
U, but in practice all these effects must be considered for a detailed description of the wall- 
cooled tubular reactor. 
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Find Q(t) or Q(z) necessary to maintain a 5 liter batch reactor or PFTR isotherm 
300 K for the reaction A -> B, r = kC A in aqueous solution with k = 2.0 min" 
mole/liter, A H R = -30 kcal/mole. What is the average rate of heat removal for 95% 



5.2 Calculate C A (T) and T(x) if the above reaction is r 
if the reaction activation energy is 6000 cal/mole. 



i! adiabatic PFTR to 90% 



5.3 Under what conditions would you have t( 
problem? FJow might one design a reacto 



worry about boiling in the reaction of the previous 

to process 5 niolar lced lo climinaic boilinj:? 



5.4 What is the ratio of volumes required for adiabalic and isothcrinal operation for this n 



5.5 Compare T(z) and T c (z) irajcctor 
flows. Which configuration is mi 



s of a wall-cooled PFTR with cocurrent and c 

e likely to produce more problems with a hot spot in the 




Figure 5-24 Plots of C A and T versus radial position 
R for a wall-cooled reactor. The temperature is highest 
5 lowest near the ccnlerline. 



R^ 



i reactor temperature is much more sensitive to feed temperature for feed-cooled 
tubular reactors than for tubular reactors vvith a separate cooling stream. Why? 

5.7 A tubular reactor in vvhich the feed is heated bj producl in a countercurrenl adiabatic config- 
uraiion can attain a maximum temperature much hotter than the adiabatic temperature (and in 
fact it can be infinitc). Skelch T(z) l0 show why this is so. 

5.8 [Computer] Plot C A (x) and T(x) for the reaction A ->• B, r = k(T)C A in an adiabatic PFTR 

for E = 30 kcal/mole, k = 2.6 x 10 20 min" 1 , A H R = -20 kcal/mole, />C P = 1000 cal/liter K, 
T =300 K, and Ca = 2 moles/liter. [This is the example in the text.] Repeat these calculations 
for C Ao = 0.1, 0.5, 1 .0, 2.0, 4.0, and 10.0. Wherever possible, plot C A (r) and T(t) on the same 
graphs to display the differences with initial concentration. 

5.9 [Computer] Plot C A (t) and T(t) forthereaction A+B -> C, r = k(T)C 2 A inanadiabatic PFTR 
for E = 30 kcal/mole, k = 2.6 x 10 20 liter/mole min, A H R .= -20 kcal/mole, pC p = 1000 
cal/liter K, 7" =300 K and C Ao = C Bo = 2 moles/liter. [This is the example in the text but 
with second-order kinetics.] Repeat these calculations for C^o = Cb = 0.1, 0.5, 1 .0, 2.0, 4.0, 
and 10.0. Wherever possible, plot C^(r) and T(x) on the same graphs to display the differences 
with initial c 



5.10 [Computer] Plot C A (x) and T(x) for the reaction A -* B, r = k(T)C A in an adiabatic PFTR 

for £ = 30 kcal/mole, Jfc = 2.6 x 10 20 min^ 1 , A tf s = -20 kcal/mole, pC,, = 1000 cal/liter K 
T =300 K and C Ao — 2 moles/liter. [This is the example in the text.] Repeai ihesc calculations 
for 7; =280, 290, 300, 310, 320, 330, 340, and 350 K. Plot C A (r) and T(s) on the same graphs 
to display the differences with initial T a . 

5.11 The reaction A -> B, r = kC A is carried out in an adiabatic CSTR with C Ao =2.0 moles/liter 
and T =300 K. It is found that 50% conversion is obtained with r = 4 min, and the reactor 
lcnipcrature is 350 K. 

(a) Find k at 350 K. 

(b) The reaction is in water with pC p = 10 3 cal/liter K. Find the heat of the reaction. 

5.12 [Computer] Sketch lines of r(X,T) on an X versus T plot for A -)• B assuming the reaction 

is (ai irrcversible. (b) rc\ci'siblc and endothcnnic. and (c) rc\cisiblc and c\otheniiic. 

5.13 Show that r(X, T) for A -)• B, r = k f C A - k h C B has a maximum (8X/dT) r = if the 

reaction is exofhermic but not if endothermic. 

5.14 [Computer] Plot C A (t) and T(x) in a wall-cooled tubular reactor for the liquid-phase reaction 
A ->•, k(T) = 1000 exp(-3000/T) min" 1 , AH R /pC p = 17 K liter/mole, C Ao = 1 mole/liter. 
The heat transfer coefficient is 5 min -1 . Consider a feed temperature of 300 K and different 
wall temperatures in 50 K increments starting wifh 250 K. 

5.15 (a) Sketch r versus C Ao — C A for a reversible exothermic reaction if the reactor is operated 

isofhermally at a range of temperatures where thc equilibriuin comcrsions go from high to 

(b) From l/r plots show how several isothermal PFTRs in series could achieve a higher 
conversion with a smaller total volume than a single isothermal PFTR. 

(c) Why is this generalh not an ccononiical reactor design? 
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5.16 Sketch r and 1/r versus C Ao "" C A f° r a reversible exothermic reaction for fixed T and a fairly 
low T c if the reactor 

(a) is adiabatic, 

(b) is isothermal at T , or 

(c) quickly cools to T c . 

5.17 Sketch some possible r and 1 /> versus C Aa ~ C A curves foi 
for nonisothermal operation. Show that a CSTR becomes c 

opcration. 

5.18 The reaction 

A -> B, r = k(T)C A , AAr = -25,000 cal/mole 

is to be run in aqueous solulion ai almosplicric prcssurc. 

(a) If the reactor is adiabatic and T =300 K, what is the highest C Ao for the reactor not to boil? 

(b) It is found that k at 300 K is 0.2 mirr 1 and the activation energy is 30,000 cal/mole. Calculate 
X (t ) in an adiabatic PFTR and in an adiabatic CSTR for C Ao = 2 moles/liter. 

5.19 In the preceding reaction it is found that the equilibrium constant is 0.99 at 300 K. 

(a) What is the maximum conversion attainable in an adiabatic reactor? 

(b) Calculate X(t) in an adiabatic PFTR and in an adiabatic CSTR for C Ao = 2 moles/liter. 



A -± B, r- k(T)C A , AH R = -25,000 cal/mole 
is to be run in aqueous solution in an adiabatic CSTR with T = 300 K, C Ao = 2 moles/liter, 
k = 2.0 milT 1 at 300 K, and E =30,000 cal/mole. Calculate and plot X(t), T(t), and X(T), 
1'or initial temperatures varying in 10 K increments starting at 280 K for initial conversions of 
X = and 1. Do calculations for t = 
(a) 0.3 min, 



(c) 3.0 min. 

Consider methanol synthesis from CO and H 2 with a stoichiometric feed at pressures of 10, 30, 
and 100 atm. 

(a) If the reactor goes to equilibrium. what conversions will be obtained at 250,300, and 350°C 
at each of these pressures? 

(b) If the reactor operates adiabatically, what T will give these conversions? Assume C p = jR- 

(c) How mam stagcs arc ncccssan lo givc 90 r .i comcrsion in acliabalic rcactors \\iih interstagc 
cooling to 25°C at each of these prcssurcs? 

(d) Repeat \\ith intcrsiai! n ihanol sepaiation. 

(e) What are the final temperatures expected to compress these gases isentropically to these 
pressures starting at 1 atm and 25 °C? Assume C p = iR- 

(f) Assuming that electricit) costs $0.02/kwh, what is the cost per pound of compression for 
each pressure? 



5.22 Construct a table of the reactors needed to synthesize methanol from natural gas and waler. 

Include reactions, A Hr, reactor type, heat management method, and catalyst. 

5.23 Plywood contains approximately 30% binder, which is a urea-formaldehyde polymer. Indicate 

thc reactions and sicps in its svnthcsis froni naiural gas and uater (and irecs). Appro\imately 
how many SCF of natural gas go into a 4x 8 sheet of 3/4-in. plywood? 

5.24 Consider an autocatalytic reaction A -> B, r = k(T)C A C B , in an adiabatic PFTR. This reac- 

lion lias botli chemical aiilocatalvsis. «hich can produce a laa in Ihe raie as the concentration 
of prodnct B builds up, and also thermal autocatalysis, in which the rate accelerates at the 
iemperaiti n I n uations ibr 1 nple m the text but tepl i n ilic 

kinetics bv the above expression to show how the temperature and C A vary with T. 

5.25 The oxidative coupling of methane to ethylene 

2CH 4 + 2 -> C 2 H 4 + 2H 2 0, AH R = -50 kcal/mole 
occurs in an adiabatic tube wall reactor. The feed is 90% CH4 in 2 at atmospheric pressure at 
300 K. In excess CH 4 the reaction can be regarded as 2 -^ products with a rate first order in 
Pq and the change in moles may be ignored. [Do these arguments make sense?] Assume tliai 
the heat capacity of the gases is ^R, 

(a) Find the 1 lempei ituie tf the teactton goes to completion assumtng the wall has 
negligible thermal conductivity. [Answer: «i800°C.] 

(b) Find the reactor wall temperature versus oxygen conversion X. 

(c) It is found that 909 O2 conversion occurs in a reactor with a very large wall thermal 
conductivity such that the wall is isofhermal at the exit temperature. For a velocity of 1 m/s, 

a tube diameter of 0.5 mm, and a lengih oi I n lii url 1 1 li 11 rale coefficient in 

1111 I ul in ei iln 11 ii 1 inpi ttu um tliat ili 1 inconi| ibl (n >i 

a very good assumption). 

(d) Assuming insie.nl llial the \vall iliennal conductivity is zero, show that the ci 
position z is given by the expression 

Z(X)=U jdX/\a-X)k exp 

(e) The reactive sticking coefficient of 2 has an a ctivation energy of 20 kcal/mole. Estimate 

(f) Find L for 90% conversion of O z . 

5.26 Suppose your apartment has a 50 gallon hot water heater and your shower uses 10 gallons per 
minute. The water in the tank inilially is at 120°F and the supply water is at 60°F. The heater 
has an otl-off conirol and ret|uires 1 h to heat 60°F water to 120°F. 

(a) Describe the temperature of your shower versus time asstiming ;i mi\ed tank. ianorina ilie 
effect of the heater. 

(b) What is the wattage of the heater? 

t n 11 11 i ) 1 11 li 1 1 is on continuously. 

(d) This desian is clearh iinsatisfaciorv. and mantifacturers configtirc hol \vater tanks to 
ing. How can this be done fairly simply? What is T(t) for this system? 



\R[T + 



(-AH R /NC P )X]J 
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(e) Expcnsive water heaters provide hot water continuously on demand. Sketch the reactoi 
diagram and control svslem thal \vill accomplish this «ilh no slorage rcscrvoir. What heater 
\vattagc is required to maintain your shower at 120°F? 

5.27 Derive thc mass-balance equation on species A and the energy-balance equation for a batch 

reactor of volume V with rate r(C&, T) with wall coolant area A, and heat transler coelTicient 

u. 

5.28 [Compulerl Wc havc a catalvst ihal causes thc o,\idati\c dehvdrogenation of cthane to ethylene 

C 2 H 6 + \0 2 -» C2H4 + H 2 0, AHr = -25,000 cal/mole ethane 

The process produces only ethylene in a reaction that goes to completion with a feed of 5 mole 
% C2H6 in air in an adiabatic CSTR operated at a pressure of 2 atm with T = 10 min. We fmd 
that the reaction rate is given approximately by the expression 

r = k exp(-£//vr)C C2 H 6 
with k — 1.4 x 10 8 mole/liter min and E =30,000 cal/mole. Assume constant density and that 
the heat capacity is 1 R at all temperatures and compositions. Calculate C(\u and T versus T 
in steady state in a CSTR and in a PFTR using a spreadsheet to solve the equations as discussed 
in the example in the text. Assume Cc 2 H 6 = fc 2 H 6 o(l "~ X)/RT . 

5.29 We have a catalyst that causes the oxidative dehydrogenation of ethane to ethylene 

C 2 H 6 + 5O2 -> C2H4 + H 2 0, AH R = -25,000 cal/mole ethane. 

The process produccs onl\ cth\ lcnc in a reaction ihat gocs 10 complction \\ iih a ical of 5 molc 
% C2H6 in alr in a CSTR operated at a pressure of 2 atm. 

(a) If the reaction goes to completion, how many moles are produced for each mole fed into 
the reactor? 

(b) Find an approximate expression for the temperature versus conversion in an adiabatic 
reactor with T — 350°C. Assume constant density and that the heat capacity is -r R at all 
temperatures and compositions. [Answer: T -500°C at completion.] 

(c) What is the rclationship between the space time and the residence time if the reaction goes 
to completion? 

(d) We find that the reaction rate is given approximately by the exprcssion 

r = k exp(-£//vr)Cc 2H6 
with k = 1.4 x 10 8 mole/liter min and E =30,000 cal/mole. Plot X(T) for T = 1, 3, 10, 
30, and 100 min. [This problem can be worked with a calculator and graphed by hand or on a 
spreadsheet with graphicsl. 

(e) From this graph dctermine thc conversion and rcactor tcmpcraturc Ibr thcse rcsidence limcs. 
What startup procedure would you use to attain the upper steady state for T =10 min? 

(f) From these curves plot (by hand is OK) X versus T. 

5.30 Solve (or at least set up) the preceding problem exactly, taking account of the density change 
caused by mole number changes in the reaction and to the temperatur 
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In the previous chapter we showed how nonisothermal reactors can exhibit much more 
complex behavior than isothermal reactors. This occurs basicaUy because k(T) is 
strongh/ temperature dependent. Only a single steady state is possible in the PFTR, 
but the CSTR, although (or because) it is described by algebraic equations, can exhibit even 
more interesting (and potentially even more dangerous) behavior. 

This chapter will also be more mathematical than previous chapters. We need to 
analyze these equations to find these steady states and examine their stability. Some students 
will find this mathematics more than they are comfortable with or than they want to leam. 
We assure you that this section will be short and fairly simple. The intent of this chapter 
is (1) to show how multiple steady states arise and describe their consequences and (2) to 
show how mathematical analysis can reveal these behaviors. Attempts at nonmathematical 
discussions of them makes their occurrence and consequences quite mysterious. 

We will close this chapter by summarizing the principles of designing nonisothermal 
reactors; so if you want to skim the more mathematical sections, you should still read the 
last section carefully. 

HEATGENERAHON AND REMOVAL IN A CS1R 

We solved the mass- and energy-balance equations for the CSTR in the previous chapter. 
The mass balance on species A is 

dC A 
T^-= C Ao -C A -zr(C A ,T) 

For the energy balance the terms were 

[accumulation] = [heat flow in] — [heat flow out] + [reaction heat] — [cooling] 

which for constant density gave 

. dT 
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The first teim on the right side of the equation is the rate of heat removal in the inlet and 
outlet streams, the middle term is the rate of heat generation by reaction, and the third term 
is the rate of heat removal by cooling. We usually omit the shaft work term W s in this 
equation because it is usually much smaller than the other terms. 
We next divided by VpC„ to obtain 



dt pC p vpC p 

where each term has the units of temperature. 

We want to find solutions of these equations. It will be 
balance equation dimensionless before solving it. As introduced 
we define an almost dimensionless rate of heat generation as 
_ -AH R C Ao 
pC P 
where J has the units of tempcrature. We also define a dimensionless heat transfer coefficient 



T) 



make the energy- 
the previous chapter, 



UA C 
vpCp 



to obtain a transient energy-balance equation 



r £ = w+ __£H_,-._ TJ 



Returning to the mass-balance equatior 
(another dimensionless variable) as 



Cao' 



-- C Ao X = Tr(X, T) 



We can now write the preceding energy-balance equation in terms of temperature alone as 



T -T + k(T-T c ) 



We need to examine the nature of these solutions X(T) for given inlet and reactor 
parameters. These are algcbraic equations; so aftcr cliinination of X from the mass-balance 
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equation, we only have to solve the single energy-balance equation for the reactor temper- 
ature T versus conversion X for specified fiuid, reaction, and other reactor parameters. 

This seems to be a simpler set of equations than the differential equations of the PFTR, 
but since the PFTR equations are first-order differential equations, their solutions must be 
unique for specified flow, reaction, and reactor parameters, as we discussed in the previous 
chapter. This is not necessarily true for the CSTR. 



Dimensionless variables 

Until now we have tried to keep all quantities in dimensional form so their physical 
significances can be readily appreciated. Here, however, we defme groups of parameters 
that we define as new parameters (J and k> so that the equations look simpler and will be 
easier to manipulate. 

Thus, even though each term in the energy-balance equation is now dimensionless. 
we associate each term with a term in the original energy-balance equation: (T — T )/J 
represents the heat flow out minus the heat flow in, *(T — T c )/ J represents the heat transfer 
through the walls, and X(T) represents the rate of heat generation by reaction. 

First-order irreversible reaction 

We begin by considering our old friend the first-order irreversible reaction 

A -> B, r- k(T)C A 
in the CSTR. For these kinetics the mass-balance equation, 

C Ao -C a = C Ao X = rk(T)C A0 (l - X) 
can be solved explicitly for X(T) to yield 

xm = -im_ 

l+zk(T) 

This is a sigmoidal function of T as plotted in Figure 6-1. Note that at low temperature, 
X = xk(T); so X increases rapidly with T as k(T), while at high temperature X — >• 1 as 
the reaction goes to completion. Note also that X = i when kx = 1. 

Now we substitute this expression for X(T) into the energy-balance equation to yield 
a combined energy- and mass-balance equation for a first-order irreversible reaction in a 
CSTR, 



T-T + ic(T-T c ) 


xk(T) 


J 


1 + rk(T) 



We further write this equation a 



as a short-hand description of the energy-balance equation. The right-hand side of the 
equation G(T) is a dimensionless description of the rate of energy generation, while the 



248 Multiple Steady States and Transients 
1.0 



X 0.5 







' V,., 


- 


L- kx=i 




X~kx 




_ \ 



left-hand side is the rate of energy removal. The term T — T represents the net rate of heat 

removal with the feed and exit streams, while the rest of the left-hand side is the rate of heat 

removal from the coolant. 

Thus on the left-hand side the removal term is 

om T-T Q + k(T-T c ) (1 + k)T - T - kT c 
R(T) = 1 = 1 

while the right-hand side is 



G(T) 



xk(T) 



■- X(T) 



\+xk(T) 

Again, we encourage the student to try not to become confused by the fact that all 
these terms were made dimensionless to keep them simple. However, we still associate each 
term with a particular term in the original energy balance. 



Graphical solution 



3 this equatii 
rm G(T) 



We search for the solution(s) 

T, while the heat generation i 

we will use to solve this eqi 

and look for intersections that must be the 

We do this in a plot of R(T) and G(T) v 

One can always frnd solutions of algebraic equati 
plotting F\ and Fi versus % and determining 
on the left there is only one solution x\, while for the 
solutions X\ , Xi, and Xj, 



Note that heat removal term R(T) is linear in 

k(T) and is highly nonlinear. The method 

graph of the left- and right-hand sides 

of the equation or T solutions to the CSTR. 



)f the form F\ (x) = Fi(x) by 
(Figure 6-2). For the situation 
the right there are three 



ADIABATIC CSTR 



We frrst consider the adiabatic reactor for which Q = and therefore k — 0. The left-hand 
side or heat removal R(T) is 

R(T) = (T - T )/J 
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x 1 x 2 x 3 



This is a straight line whose slope is \/J and which intersects the T axis at X = where 
T (Figure 6-3). It is evident that there may be one or three intersections of these curves 
(the large dots in the figure), and these represent one or threesteadv states in the adiabatic 
CSTR. 

We can now remove the R and G curves 
possible steady states in the reactor (Figure 6 

We solved this example for the frrst-order irreversible reaction A -> B because it 
is easy to solve. If the reactor is not adiabatic, the R(T) curve has a different slope and 
intercept, but it is still a straight line. If the kinetics are not first order but are still irreversible, 



ti only the intersections that a 
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X(T) still has the same qualitative shape, and if the reaction is reversible and exothermic, 
X(T) decreases at sufficiently high temperature as the equilibrium X decreases. We can 
generalize therefore to say that multiple steady states may exist in any exothermic reaction 
in a nonisothermal CSTR. 

The existence and properties of these steady states and their implications in the design 
of CSTRs is the major subject of this chapter. 



STABILITY OF STEADY STATES IN A CSTR 

These steady states are within the physically possible range of 7(0 < T 
X(0 < X < 1). This is in contrast to many situations in the physical 
equations have multiple roots but only one root is physically acceptable becau 
solutions are either outside the bounds of parameters (such as negative conce 
temperatures) or occur as imaginary or complex numbers and can therefore be 

Multiple solutions to equations occur whenever they have sufficient 
A familiar example is equilibrium composition calculations for other than A 
reaction composition in the reaction A^3S vields a cubic polynomial that has 
although all but one give nonphysical concentrations because thermodynamic 
(the solution for a reactor with t — » co or r — > co) is unique. 

However, even if there are three steady states, there is still the question 
a steady state is stable even if it is in the physically significant range of para 
ask the question, starting the reactor at some initial situation, will the reactor 
approach these solutions? Or, starting the reactor near one of the steady states, w 
there? To answer this, we must examine the transient eguations. 

For a single reaction in the CSTR, the transient mass- and energy-balana 
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ady states. Also, 
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vould occur if there are initial conditions in the 
S for steady state) from which the system will evolve into 
if we start the reactor at exactly these steady states, the sy 
long times if they are stable. We will look at the frrst case 
in the nonisothermal CSTR. Here 
attained, will persist. 

Consider a steady-state solution (X S T S ). This solution is stable if the system wil 
retum to it following a small perturbation away from it. To decide this, we linearize the 
equations about the steady state and examine the stability of the linear equations. First we 
subtract the steady-state version of these equations from the transient equations to obtain 



xamine stability by asking i 
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d(T - T s ) 



dt 



(T s - T) 



Cao 
+ J(r-r s ) 

C Ao 



*{T-T S ) 



Note the cancellation of the T and T c terms in the energy balance. For small deviations 
from steady state, the deviations of T and r from their steady-state values can be expanded 
in a Taylor series. [More math again.] 

Consider a function of a single variable f(x) that is not too far from f(x s ). We can 
cxpand f(x) 'about x s to give 

/w - /w = ^ + if^W + ... 

and for two variables / (x, y) this expansion becomes 



The rate for a first-order irreversible reaction can be written as 

r(X, T) = k exp(-E/RT)C Ao (l - X) 
The deviation of r from the steady-state r s may be expanded to yield 

r(X, T) - r (X s , T s ) = ^(X-X,) + ^(T -T s ) + .. 
Therefore, for the first-order irreversible reaction these derivatives are 
8r 



- = -C Ao k(T s ) 



dr 



where both derivatives are evaluated at the steady state. 

The linearized mass-balance equation therefore becomes 
dx 
T -dl" 

= -[1 + rk(T s )]x + (^*(7-.)(l - ^.) y 

= ctx+py 
where we have defined 

x = X-X s 
y = T-T s 

and have given the coefficients of x and y the svmbols a and ^. Although the coefficients 
ŭ and fi look messy, they are just constants. Similarh/, we can linearize the energy-balance 
equation to obtain an expression of the form 

<h 
dt ~~ 



= yx + Sy 
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where we will not bother to write out the coefficients y and $. 

Thus we have two simultaneous linear first-order differential equatior 



= yx + 8y 



These simultaneous first-order differential equations can be written a 
differential equation with constant coefficients, 
d 2 x " dx 



i single second-order 



di 

The general solution of this equation i 



dt 



x(t) = <V r + C 2 e- k 'l z 
The coefficients C\ and Cj w& determined from the two initial conditions. The quantities 
±A. are called eigenvalues. They are related to the coefficients through the relation 

^(a+^i^a-of+^] 1 / 2 

[Recall that the same equations were encountered earlier for the reversible A ^± B ^± C 
reaction system. However, for that example there was only one solution that had physically 
possible concentrations, and that solution was always stable.] 

The stability of x(t) is determined by whether the solution will retum back to jc s , 
y s following a perturbation. This will occur if the solutions x ~ e kt ^ r are stable, and 
this requires that the real part of X be negative. This can also be regarded as a problem 
of finding the eigenvalues of the matrix [" ^] from the Jacobean of the original linear 
equations. Solutions of x(t) can be as shown in Figure 6-5. This pair of equations is stable 
if [(« ~ S) 2 + 4fiy] > (X real). When we insert coefficients a, fi, Y, and S as defined, 
we find that when there is only one steady state, it is stable. However, when there are three 
steady states, the frrst and third are stable but the middle steady state is always unstable. 



C Ai 




in a CSTR following small pertur- 
X s . II A i'. real. Ihe solulion \vill reluni 
0. If A is complex, the system will 

! | i ilin iii \ h ih i 
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OBSERVATION OF MULTIPLE STEADY STATES 

We next examine the variations of these solutions with respect to parameters of the svstem, 
T and v. We consider the situations where we vary these parameters slowly and 
how the steady states change. 



Variation of feed temperature 

Picture a CSTR in which the feed is preheated to different temperatures T while holding all 
other feed and reactor parameters constant (Figure 6-6). In this "experiment" we assume 
that we have a prcheater of the fccd so that wc arc changing T sufficicntlv slowly that the 
reactor moves to its new steady state each time T changes with no significant transients. On 
the plot of X versus T a variation in T corresponds to moving the heat removal line while 
holding its slope constant and maintaining the heat generation curve unchanged (Figure 
6-7). As T is slowly varied, the steady-state intersections go from a single T at low T , 
through three intersections at intermediate T , to a single intersection at high T . We can 
now plot T versus T and track the solutions (Figure 6-8). As T increases, T first follows 
a line with a slope near unity, then increases discontinuously, and finally increases with a 
slope near unity. When T is decreased from high values, T is frrst retraced, but then T 
continues along the upper curve until some point where T decreases discontinuously to the 
origjnal T versus T curve. Thus, from this "experiment" in which we varied T , we see 
both discontinuitic s ind /n stei ■<• in the plot of T versus T . 



tigure 6-6 Adiabalic CSTR in vvhich feed temperature 



Figure 6-7 Heat removal curves in which J 
is increased or decreased. One or three inter- 
sections vvith X(T) indicates that one or three 
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Figure 6-S Plol of i eactor temperature T versus feed temperature 

T in an adiabatic CSTR. The amras indicaie Jbconlinuous |iimps in 
reactor temperature T. The rioinls marked are 1'rom Figure 6-7 with 
points 4 and 8 tangents of Ihe lieai seneralion and removal curves. 



T n - 



j Example 6-1 (a) Piot X(T) for the reaction A 

\ E = 30 kcal/mole, k = 0.05 at 300 K for % = 1 i 

j (b) Plot R(T) for the adiabatic reactor with these 

| T in intervals of 20 K, startirig at 300 K. 

I (c) Plot T versus T for these parameters. 



+ B,r = lcC A ,AH R = -20 kcatfmole, 
parameters for C Ao = 2 moles/liter and 



This is the example from the previous chapter, and k( T) was determined previouslv. 
X(T) is shown in Figure 6-9 for % = 1 mm. As T increases so that the curves 
move into the situation where multiple roots emerge, the system does not jump to 
them because it is already in a stable steady state. Only when T is so high that 
the heat removal line becomes tangent to the heat generation curve does the lower 
intersection disappear. The system then has no alternative but to jump to the upper 
intersection. A similar argument holds in the decrease in T from the upper steady 
state. 

Note that in this "experiment" in which we varied T , we somehow never 
reached the middle intersection but jumped from the lower steady state to the upper 
one and back again. We said previously that this middle state is unstable, and we 
see that it is never attained in a slow variation of T . 
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Figure 6-9 Plot of X(T) for t 



Example 6-2 Plot C A (r) and T(t) for the previous reaction for T = 300 K by plotting 
X(T) curves versus % and finding intersections (Figure 610). 

It is seen that multiple intersections exist for a limited range of t. For r > 1.3 min 
the reaction goes nearly to completion, while fbr r < 0.8 min the conversion is 
very small. Between these TS the system exhibits two steady states as r (or v) is 

varied. 
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Variation of other parameters 

The previous examples showed that we can attain multiple steady states in a CSTR by 
varying the feed temperature T . Many other parameters in the reactor such as y and C A o 
can also be varied, and these can give multiple steady states. 

Figure 6-11 shows a plot of X versus T for this example for 7^ =300 K and x = 1 
min. It is seen that for this situation a single low conversion steady state exists for low 
C Ao , a single high conversion steady state exists for high C Ao , and multiple steady states 
can exist for an intermediate range of C^. We will discuss these further in a homework 
problem. 

Whenever multiple steady states in a reactor are possible, we must be very concerned 
that we are operating on the desired steady-state branch. This requires a proper startup 
procedure to attain the desired steady state and suitable operation limits to make sure that 
we never exhibit a sufficiently large transient to cause the system to fall off the desired 
l branch. We will consider transients in the CSTR in the next section. 



TRANSIENTS IN THE CSTR WITH MULTIPLE STEADY STATES 

Next we consider the time dependence of Ca ani ^ T when a CSTR is started from different 
initial conditions. We solve the equations 

t^- = -X + rk(T)(\ - X) 



dt 



--T ~T+ xJk(T)(\ - X) 



We choose the reaction A -» B, r = k(T)C A , with k = 0.05 min" 1 at 300 K, E = 30 
kcal/mole, AH R = -40 kcal/mole, pC P = 1000 cal/liter K, and C Ao = 2 moles/Uter. We 
choose x = 1 min, the conditions where calculations in the previous chapter showed that 
multiple steady states exist in the steady-state CSTR. 

Figure 6-12 shows plots of C A (t) and T(t) for different initial reactor variables. We 
choose C A { = (starting the reactor with pure solvent) and also C A { = 2.0 (starting the 




Figure 6-11 Po«ible mulliple <\a.i) ■, 

abatic CSTR for variations in the feed 

Cao- F° r low Cao the conversion is low, while for 

C Ao > 2.6 moles/liier onl) llie high con\ ersion flead; 

tge of C^o.three steadv statcs 






ble. 
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Figure 6-12 Transients in the adiabatic 
CSTR for the irreversibe reaction of the pre- 
vious example. The upper panels show X(t) 
and T(t). while (he knver panel displavs X(T) 
for the same curves shown in the upper panel. 
The svstem converges on one of the stable 
steady states but never on the middle unstable 





r with pure feed). Shown are C& (0 and T(t) for different values of 7j, The solutions 



i X ls , T, s or X 3s , T 3s for long 
However, it is seen from Figure 6-1 1 fhat fhe 
stronglv wifh initial conditions. Also, there is 
conditions where the reactor temperature has a 
temperature. Note also that, even fhough fhe 



steadv state at X2 s , 72 

one of fhe two stable steady states. 

Detailed transient studies and plot 
interested in designing a nonisothermal 
night cause unacceptable 



initial conditions, it always n 



; as the reactor approaches steady state. 
le to converge to fhe steady states varies 
temperature overshoot for some initial 
much higher fhan fhe steady-state 
appears to be approaching fhe unstable 



s away from fhis s 



;h as fhese must be done whenever one is 
tor to determine how startup and shutdown 
conditions in the reactor. 



OTHER REACTIONS IN A CSTR 



We have as usual examined an almost trivial example, the first-order irreversible react 
We did this because fhe math is simple and we could easily see what can happen. For n 
complex examples the equafions become more difficult to solve. 

Other order irreversible reaction 



Consider 2A — >■ products or A -\- B — > products wifh Cao = Cg 
The mass-balance equation now becomes 

C Ao X= Tk(T)C 2 Ao (l-X) 2 
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which is a quadratic 



1±(1 + 4ktC Ao ) 1/2 



Since X < 1, we must take the smaller root, 



X(T) = 1 + 



1 - (1 + AktCao) 1 ' 



2kzX Ao 

The heat removal line is of course unchanged no matter what the kinetics, and X(T) has a 
qualitatively similar sigmoidal shape for second-order kinetics. We could continue this for 
any order irreversible reaction, and the solutions would be qualitatively similar, although 
the algebra becomes messier. 

Thercfore, we can generalize the previous discussion to say that all qualitative features 
of multiple steady states in the CSTR remain unchanged for the nth-order irreversible 
reaction as long as is obeys positive-order kinetics. We will consider zeroth-order and 
negative-order kinetics in problems. 



Reversible reactions 



For A -> B, r = lcC A - k'C B we have a similar X(T) curve 



C Ao X= zC Ao [k(T)(l-X) -k'(T)X] 



which has the solution 



X(T) 



xk(T) 



1 + z[k(T) + k'(T)l 

The shapes of these curves is plotted in Figure 6-13 for endothermic and exothermic reac- 
tions. If AH > 0, then the shape of the X(T) curve is nearly unchanged because the equilib- 
rium conversion is lower at low temperatures. but if AH < 0, then X(T) increases with T 
initialfy but then decreases at high T as the reversibility of the reaction causes X to decrease. 
However, the mulfiplicity behavior is essenfially unchanged with reversible l 



X 0.5 




Figure 6-13 Plots of X(T) for the exothermic ii 

versible (dashed curve) and revcrsible (solid curve) 
actions. If the reaction is reversible, the conversion f 
al high lemperalure. but mulliple sleadv slales are sl 
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Multiple reactions 

For R simultaneous reactions we have R different X; values and R simultaneous maSS- 
balance equations to solve along with the energv-balance equation. In the energy-balance 
equation the flow and heat removal terms are identical, but the energv generation has terms 
for each of the R reactions, 

T-T + K(T- 

_ rj:l l Jin(X u X 2 ,...,X R ,T) 
C Ao 
These R + 1 equations must be solved for Xi, X 2 , X^, ■ ■ ■ , Xr, T. For a particular set of 
reactions there may be many steady states, and in general no simple graphical or analytical 
simplifications are possible. 

For conversions with multiple reactions we encounter a problem we have escaped 
previously. In a multiple-reaction system we need a symbol for the conversion of each 
reaction and also a symbol for the conversion of each reactant. In Chapter 4 we defined the 
conversion of a species as X A f° r reactant A and as Xj for thejth reactant. If we are talking 
about the conversion of each reaction, we need a symbol such as X; for the ith reaction. We 
should therefore not use Xs for both of these quantities. However, rather than introducing 
a new variable, we will simply use Xj to specify the conversion of a species and X; to 
indicate the conversion of a reaction. We will not use these quantities enough to make this 
ambiguity too confusing. 

For A — >■ B — ► C with Cg = Cc = in a CSTR the two mass-balance equations 
are 

C Ao X x = rr, = TJfc^Aod - *i) 
C Ao (X! - X 2 ) = rC Ao kdl - X{) - rC Ao k 2 (l - X, - X 2 ) 
These give 

_ rn _ r/d 
^-Ĉ^-1 + Tifc! 

r 2 hk 2 



(1 + ikir)(l+ k 2 r) 



The energy-balance equatioi 



T-T + ^(T-T C ) = 

= 7iX, + J 2 X 2 
Solutions can be found by plotting the left-hand side and the right-hand side together 
plot of Xi + X 2 versus T. In this case Xi + X 2 versus T may appear as shown in F 
6-14. For appropriate values of the parameters, these c 
corresponding to three stable steady states. This situation will be considered in a homework 
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X 1+ X 2 




Figure 6-14 Plot of possible conversion 
Xi) versus reactor temperature T in ; 
batic CSTR with series exothermic rt 
A -> B -> C. Up to five steady statc 



T(K) 



VARIABLE COOLANT TEMPERATURE IN A CSTR 

We have thus far considered only the situation where the coolanl 
T c . This requires that the heat load from the reactor and the coo 
to maintain the coolant at constant temperature. 

The reactor configuration might look as shown in Figure 6-15 for the jacketed reactor 
and with an intemal cooling coil. If T c is not constant, we have to solve an energy balance on 
the coolant along with the mass and energy balance on the reactor, where now the coolant 
has inlet temperature T co and outlet temperature and the coolant fiows with volumetric flow 



at constant temperatu 
t flow rate are adequa 



rate t) c and has contact area A, 
These configurations are 
A„ and we will consider this ii 
reactors. We do not need to wi 
in the jacket or coohng coil is 



vith the reac 
;sentially twc 
more detail i 

xactly the sa 



reactors connected by the heat exchange area 
i a later chapter in connection with multiphase 
ilance on the coolant, but the energy balance 
ne as for the reactor except that we omit the 



The jacketed CSTR 



The jacketed reactor may be assumed to have mixed flow (either by stirring the jacket or by 
mixing through natural convection); so the jacket also obeys the CSTR equation. Therefore, 
for the jacketed reactor with a single reaction we write the three equations 




1 



Figure 6-15 Sketches of a CSTR wilh coolu 
cilher through a jacket (left) or a cooling co: 
(right). A separate energy balance must be solv( 
for the coolant temperature if the temperature 
>oling fluid T is not constant and equal t 



the coolant f( 



-' T co . 
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C Ao -C A = C Ao X = rr(X,T) 
vpC p (T -T)+ V(-kH R )r - UA C (T -T c )= 
v c pC pc (T CŬ - T c ) + UA C (T T c ) = 
Note that the heat transfer rates across the wall are the same except for the sign change. The 
residence time of the coolant in the jacket is T c = V c /v c . 

We now have to solve the three algebraic equations to find C A , T, and T c for 
given values of parameters. It is evident that the possible heating of the coolant by 
exothermic reactions provides added instabilitv to the CSTR, and makes multiple steady 
states even more likely. This occurs because the reaction heats the coolant and thus lowers 
its effectiveness in controlling the reactor temperature. 

Cooling coil 

If there is an internal cooling coil in a CSTR, the coil can exhibit a coolant temperature that 
is a function of position in the coil. Thus we should write a mass balance on the coolant, 
which is that of a PFTR without chemical reaction, 

u c C pc d J c = +UA C (T-T C ) 
F dz c 
Note that now T c is a variable that is a function of position z c in the cooling coil, while T, 
the reactor temperature in the CSTR reactor, is a constant. We can solve this differential 
equation separately to obtain an average coolant temperature to insert in the reactor energy- 
balance equation. However, the heat load on the cooling coil can be complicated to calculate 
because the heat transfer coefficient may not be constant. 

DESIGNING REACIDRS FOR ENERGY MANAGEMENT 

In this and the previous chapters we considered the effects of nonisothermal operation 
on reactor behavior. The effects of nonisothermal operation can be dramatic, especialh/ for 
exothermic reactions, often leading to reactor volumes many times smaller than if isothermal 
and often leading to the possibility of multiple steady states. Further, in nonisothermal 
operation, the CSTR can require a smaller volume for a given conversion than a PFTR. 
In this section we summarize some of these characteristics and modes of operation. For 
endothermic reactions, nonisothermal operation cools the reactor, and this reduces the 
rate, so that these reactors are inherently stable. The modes of operation can be classified 
as follows: 

Isothermal 

This mode is seldom used except for extremely slow processes such as fermentation or for 
very small reactors where the surface area for heat transfer is large enough to maintain the 
reactor thermostatted at the temperature of the surroundings. In fact, we seldom want to 
operate a reactor isothermally, because we want to optimize the temperature and temperature 
profile in the reactor to optimize the rate and selectivity, and this is most efficienth/ achieved 
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by aUowing the heat released by the reac 



Adiabatic 

This mode is easiest to achieve in large reactors, and it will be attained if heat removal or 
addition is stopped. For endothermic reactions the reactor simply shuts itself off as it cools, 
but for exothermic reactions the situation becomes much more complex and interesting. 

This is frequently the required mode of operation for fast oxidation reactions because 
the heat release is too fast to provide efficient heat exchange. Most combustion processes 
are nearly adiabatic (your home furnace and your automobile engine), and many catalytic 
oxidation processes such as NH3 oxidation in HNO3 synthesis are nearly adiabatic. 

Some endothermic reactors are operated nearly adiabatically. Fluidized catalytic 
cracking (FCC), which was described in Chapter 2. is adiabatic in the sense that, when the hut 
catalyst is mixed with the cold gas oil in the riser reactor, the reactions are sufficiently fast (a 
few seconds residence tfme fn the riser section) that little heat is lost and the fluid and catalyst 
cool strongly as they flow up the reactor pipe. The fnlet temperature of the regenerated 
catalyst determines the temperature profile fn the reactor, and the endothermicities of the 
different cracking reactions also will have a strong effect on the temperature profile within 
the pipe. The regenerator of the FCC is also nearly adiabatic, and the exothermic burning 
of carbon from the spent catalyst heats the catalyst back up to the desired temperature to 
enter the reactor. A key feature of FCC is that the entire reactor-regenerator combination 
is nearly adiabatic. The heat needed for the endothermic cracking reactions in the reactor 
is supplied by the exothermic combustion reactions in the regenerator. The heat is carried 
from reactor to regenerator, not by conventional heat exchangers through reactor walls but 
by heat carried in the flowing catalvst It is clear that the reactor engineers who designed and 
continue to improve FCC must be very concerned with the mass and heat flows throughout 
the reactor. We repeat our comment that FCC is the most important and probably the most 
complex chemical reactor in our discipline. 



Interstage heating or cooling 

The next sfmplest reactor type is a sequence of adiabatic reactors with interstage heating 
or cooling between reactor stages. We can fhus make simple reactors with no provision for 
heat transfer and do the heat management in heat exchangers outside the reactors. 

This mode is used industrially for exothermic reactions such as NH3 oxidation 
and in CH3OH synthesis, where exothermic and reversible reactions need to operate at 
temperatures where the rate is high but not so high that the equilibrium conversion is 
low. Interstage coolfng is frequently accomplished along with separation of reactants from 
products in units such as water quenchers or distillation columns, where the cooled reactant 
can be recycled back into the reactor. In these operations fhe heat of water vaporization and 
the heat removed from the top of the distillation column provides the energy to cool the 
reactant back to fhe proper feed temperature. 

Endothermic reactions can also be run with interstage heating. An example we have 
considered previously is the catalytic reforming of naphtha in petroleum refrning, which 
is strongly endothermic. These reactors are adiabatic packed beds or moving beds (more 
on these in the next chapter) in which fhe reactant is preheated before each reactor stage. 
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In the most used current version of catalvtic reforming, several moving beds are arranged 
verticallv with the catalyst moving slowly down the reactors as the reactant moves upward. 
BeHveen stages, the reactant is diverted into a furnace, where it is heated back up to the 
desired temperature and returned to the reactor. The catalyst moves too slowly for it to carry 
significant heat as in FCC, but it is circulated slowly (perhaps 1 week residence time) so 
that it can be withdrawn at the bottom of the reactor (the entrance of the reactants) and the 
carbon burned off before the catalyst is returned to the reactor. These reactors operate at H2 
pressures of 10-50 atm; so the engineering of catalytic reforming processes with moving 
catalyst is also fairly complex. 

Reactor heating or cooling 

The obvious way to heat or cool a chemical reactor is by heat exchange through a wall, 
either by an external jacket or with a cooling or heating coil. As we discussed previously, the 
coolant energy balance must be solved along with the reactor energy balance to determine 
temperatures and heat loads. 

The CSTR has obvious virtues in heating and cooling because the fluid can be stirred 
to promote heat transfer. Thus better heat management can be obtained with minimum heat 
transfer area. For example, the cooling coil is excellent for heat management in the CSTR, 
but wall cooling is the only means of heat transfer in the PFTR. Note, however, that a coiled 
tube in a tank could be regarded as a heat exchanger coil for a CSTR if the reaction occurs 
in the tank or as a wall heat exchanger for a PFTR if the reaction occurs within the tube. 
Most of the reactors we deal with are in fact catalvtic; so the previous examples would have 
catalyst either within or outside of the coil. 



PRtitttJEMS I 6.1 Show that the reactions A -> B -» C can exhibit up to five steady states in a CSTR. How 
j many of these are stable? 

: k in an adiabatic CSTR if the reaction is 



6.3 A second-order reaction A + B — > 2C is taking place 111 the liquid phase in a continuous-flow 
stirred flask of 1 capaut» 1 1 I 1 << nŭ tions of both A and B are (20/3) g mole/1 and the 
flow rate 100 cm 3 /min; their heat capacity is 6.50 cal/l°C and the flask is partially immersed in 
a balh ( n l 1 \Vi_C ' 1 U the 
steady-state conditions by plotting the fractional conversion of A against temperature. Assume 
k = 33 x 10 9 exp(20,000/RT)£/mole min, SH R = 20 kcal/mole, and T = 17°C. 

6.4 In the preceding problem use your graph to estimate the feed temperature at which an operating 

1 mp ! Un ju ip 11 1 1 in )! otl er thii in 1 li th 1111 Vvhat uld be th 111 1 nitti ' 

of this jump in temperature? 

6.5 The aqueous reaction A -4- B, r = kC A is to be run in an adiabatic reactor to ' 
The rate constant is 

*(min-')=10 IO *- 92ao/7 ' 

The heat of reaction is -20,000 cal/mole. The solution is pressurized to rer 

temperatures. Assume t = 1 min and To = 300L 

(a) For what C Ao could multiple steady states occur in a CSTR? 
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(b) If C Ao = 4 moles/liter and t 



6.6 Plot X(r) versus T for the aqueous reaction A -> products, r — kC A , A Hr — -20 kcal/mole, 
fc = 0.05 min" 1 at 300 K, E=30 kcal/mole in an adiabatic CSTR for T = 0.5, 1.0, and 2 min. 
Use this graph to determine the range of residence times for multiple steadv states in a CSTR 
for C Ao = 2 and T = 300 K. 

6.7 Find the range of feed concentration and residence time in which the reaction A -> B with 

T 2Ca/( ' + C A ) \\ill e\hibit niultiple slead\ slaies. A sraphical procedure is suggested. 

6.8 Show thal llie inlemiediate sleadv state in a CSTR will always be unstable by considering the 
slopes of the heat generation and heat removal curves. 

6.9 For the exothermic reactions A ->• B ->• C in an adiabatic CSTR the total conversion (Xi +X 2 ) 
versus T curves might look as shown in Figure 6-14. 

(a) From the graph determine for what values of T this system could exhibit five steach states. 

(b) How many of these steady stales are slable? 

(c) Sketch T versus T for this situation. analogous to Figure 6-8. 

(d) Whai startup procedtire or procedures could you use to attain the intermediate stead\ state 
in order to maximize production of B? to maximize production of C? 

6.10 For the adiabatic PFTR of Problem 6.5 with T c = 250 K, find T and C A versus r for T varying 
from 300 to 600 K in 50 K steps. What must be T if the reactor temperature is not to exceed 
500°C? 

6.11 Plot X(s) versus T for the aqueous reaction A ->■ products, r = kC A , AH R = -20 kcal/mole, 
k = 0.05 mirr 1 at 300 K, E = 30 kcal/mole in an adiabatic CSTR for x = 0.5, 1.0, and 2 min. 
Use tiiis graph Ibr the follouinc problems. 

(a) For an adiabatic CSTR with C Ao = 2 moles/liter and T =300 K, what are the steady-state 

comersions and temperatures Ibr each of Ihese residence tinies? 

(b) What is the maximum C& that will produce only a single steady state for any T for each 
of these residence times? 

(c) For r = 1 min, plot T versus T for an experiment where T is varied to pass up and down 
through the multiple-steady-state region. 

6.12 A reaction A — > products with unknown kinetics gave the following rate data in an adiabatic 

PFTR with C Ao - 1 mole/liter. 



UO" 3 

xl0" 3 



1 x 10~ 2 
1 x 10- 2 
1 x lO" 3 



Problems 2 

(a) From a graph of these data (by hand is OK), plot X(t) in the PFTR. 

(b) Plot X(t) for this reaction in an adiabatic CSTR with the same volume and flow rate. 

(c) Estimate the range of r where multiple steady states can occur in this adiabatic CSTR. 

6.13 Analyze the following statement: An adiabatic CSTR usually gives a shorter residence t: 
than a PFTR for the s; 



I 



6.14 Consider the reaction A ->• B -*■ C in an adiabatic CSTR reactor with the first reaction 
exothermic and the second reaction endothermic. How many steady states can this system 
exhibit? 

6.15 fComputcr] We ha\c a catalvst ihat causes thc o.vidative dehvdrogenatioii of cthane to ethylene 

C 2 H 6 + i0 2 -> C 2 H 4 + H 2 0, A H R = -25,000 cal/mole ethane 

The process produces only ethylene in a reaction that goes to completion with a feed of 5 mole 
' ' CiHf, in air iii a reaclor opcrated at a pressure of 2 atm. We find that the reaction rate is given 

appro\iinaielv b\ thc e.vpression 

r = k exp(-E/RT)C Cl „ 6 
with k = 1.4 x IfJ 8 mole/liter min and E — 30,000 cal/mole. Assume constant density and 
that the heat capacity is | R at all temperatures and compositions. 

(a) Calculate X(r) and T(t) in a steady-state adiabatic PFTR with T = 350°C. 

(b) Calculate X(r) and T(t) in a steady-state adiabatic CSTR with T = 350°C. 

6.16 [Coiiiputcrl Wc have a catalvst thal causcs llic o\idati\e dehvdrogenation of cthane to ethylene 

C 2 H 6 + ±0 2 ->. C 2 H 4 + H 2 0, AH R = -25,000 cal/mole ethane 

The process produces only ethylene in a reaction that goes to completion with a feed of 5 mole 
'■i C2II0 in air 111 an adiabaiic CSTR operated at a pressurc oi" 2 aini «ith % = 10 rnin- We find 
that the reaction rate is given approximately by the expression 

r = k exp(-E/RT)Cc 2 n 6 

with k = 1.4 x 10 8 mole/liter min and E = 30,000 cal/mole. Assume constant density and 
that the heat capacity is | fi at all temperatures and compositions. 

(a) Calculate and plot X(t) and T(t) with T = 350°C and r = 10 min, starfing initially (; = 0) 

with X = or 1 and Tj between 200 and 1000°C in 50°C intervals (34 runs). 

(b) Plot these trajectories on the X(T) plane. 

6.17 Butadiene and ethylene react to form cyclohexene with purc ctiuiniolar fccds at a feed tem- 

pcraturc of 520"C in a 100 liicr continuous rcactor opcrating ai 1 aini. Thc rcaction may be 
considered irreversible and first order in each reactant with a rate cocificicnt 

^(liter/mole sec) = 6.2 x 10" 7 exp(-l4,000/T) 
The heat of the reaction is -30,000 cal/mole, and the heat capacity pC p of the fluid is 0.10 
cal/liter K, and both may be assumcd iiidependenl of tcmpcraturc. 

(a) Write out this reaction. 

(b) What is the reactor temperature versus conversion? 



Multiple Steacly States and Tiansients 



(c) Calculate the space time necessary to convert 10% of the butadiene to cyclohexane in a 
CSTR operating at 525°C. You may assume thal tlic densitv does nol cliange significantly 



(d) Calculate the space time to convert 10% of the butadiene to cyclohexene in an adiabatic 

CSTR ibr7J) = 52() C. You nia> assunic ilial thc densiiv does nol change sigiiificantl\ sincc 



(e) Calculate the space time to convert 10% of the butadiene to cyclohexene in a PFTR 
maintained at 525°C. You may assume that the density does not change significantlv sincc 
llic conversion is lou. 



(f) [Computer] Calculate the space time to convert 10% of the butadiene to cyclohc\cnc n 
an adiabatic PFTR with T =520°C. You may assume that the density does not change 
significantly since the conversion is low. 

(g) Set up the preceding problems exactly taking into account the density change with conver- 



6.18 A CSTR is used to carry out the aqueous reaction 

A -> B, r= kC A 

with C Ao = 8 moles/liter, T = 300 K, pC„ = 1000 cal/liter K, k = W> e - 6m/T , AH R = 
15,000 Cal/mole. 

(a) What residence time is required to achieve 50% conversion in a CSTR operating at 300 K? 

(b) If the flou ratc inlo llic reactoi is 100 liter/min, what is thc hcal removal rate to maintain 
the reactor isothermal at 300 K for 50% conversion? 

(c) In an adiabatic reactor what will be the outlet temperature at 50% conversion? 

(d) What residence time is required for 50% co e o d abatic CSTR? 

(o Vvhai conversion can \ve obtain in an adiabatic reaeior if the teiiiperatnre is nol to e.vceed 
fhe boiling point of water, 370 K? 

6.19 Consider the preceding reaction system to be run in two adiabatic CSTRs operated in series 

\\ith intersiage cooling. 

(a) If the temperature in each reactor is 370 K, calculate the residence times and conversions 

(b) For a flow rate of 100 liter/min, what is the heat load on the interstage cooler? 

6.20 Consider the burning of a spherical carbon particle of radius R in air at temperature T with 

an air concentration Ca - The temperature of the particle is T and the air concentration at the 
particle siirfaee is T. The rate of the process is k m C a (' n appropriatc units). [We will consider 
these processes in more detail in Chapter 9, but even without knowing much about what is going 
on, you should be able to answer these questions although the problem doesn'1 look niueh like 
an adiabatic CSTR.J 

(a) Write the mass and energy balances for an oxidizing particle to show that it can exhibit 
multiple steady states if mass transfer limited. [Find Ca ~ C a = ■ ■ an d T —■ T = . . .] 

(b) Find an e.vpression ior AT. 

6.21 Figure 6-1 1 shows the steady states in an adiabatic CSTR for several different values of Ca 
for the example worked previously with T = 300 K 



(a) Sketch X versus Cao ^ d T versus C Ao for this 

(b) For what values of Cao w ' u rnultiple steady 

[empcrauires? 

(c) How could you start up this adiabatic CSTR to 

s uhere iiiree stead\ slales exisl? 



t and what will be the r 
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CATALYTIC REACTORS 
AND MASS TRANSFER 



Most real reactors are not homogeneous but use catalysts (1) to make reaction 
occur at temperatures lower than would be required for homogeneous reaction 
and (2) to attain a higher selectivity to a particular product than would be attained 
homogeneously. One may then ask whether any of the previous material on homogeneous 
j has any relevance to these situations. The answer fortunately is yes, because the 
ne equations are used. However, catalytic reaction rate expressions have a quite different 
^aning than rate expressions for homogeneous reactions. 



CATALYTIC REACTIONS 



Catalysts are substances added to a chemical process that do i 
of the reaction but that cause the reaction to proceed faster 
faster than others. 

We distinguish between homogeneous and heteroger 
catalysts are molecules in the same phase as the reactant 
and heterogeneous catalysts in another phase (usually solids 
desired reaction). Acids, bases, and organometallic complexe 
ous catalysts, while solid powders, pellets, and reactor walls . 
catalysts. 

Catalysts provide an alternate path for the reaction to occur. If the catalyst provides 
a lower energy barrier path, this rate enhancement can be described on a potential energy 
diagram (Figure 7-1). The energy barrier for reaction (the reaction activation energy) is 
lowered from £homog to E cat by the use of an appropriate catalyst, and this will enhance the 
reaction rate. If the selectivity to form a desired product is more important than reactivity 
(which is usually the case), then a catalyst can provide a lower barrier for the desired 
reaction, leaving the undesired reaction rate unchanged. The search for this active and 
selective catalyst in biology or in chemical synthesis is perhaps the central goal in most 
biological and physical sciences research. 



it enter into the stoichiometry 
r make one reaction proceed 

ous catalysts. Homogeneous 
(usually a liquid solution), 
whose surfaces catalyze the 
are examples of homogene- 
e examples of heterogeneous 

:cur. If the 
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multiple reactions 



By far the most efficient catalysts are enzymes, which regulate most biological reac- 
tions. Biological catalysts are without question the most important catalysts (to us) because 
without them life would be impossible. Enzymes are proteins that may be either isolated 
molecules in solution (homogeneous) or molecules bound to large macromolecules or to a 
cell wall (heterogeneous). We have not yet leamed how to create catalysts with nearly the 
efficiency and selectivity of nature's enzyme catalysts. We will consider biological reactors 
at the end of this chapter as the example of the most efficient chemical reactor possible. 

Catalysts can strongly regulate reactions because they are not consumed as the 
reaction proceeds. Very small amounts of catalysts can have a profound effect on rates 
and selectivities. At the same time, catalysts can undergo changes in activity and selectivity 
as the process proceeds. In biological systems this regulatory function determines which 
reactions should proceed and in what regions of the body. In industrial reactors the search 
for active catalysts and the prevention of their deactivation during operation consume much 
of the engineer's efforts. Promoters and poisons of these catalysts (called cofactors and 
inhibitors in biology) play a dominant role in all catalytic processes. 

We should be clear as to what a catalyst can and cannot do in a reaction. Most 
important, no catalyst can alter the equilibrium composition in a reactor because that would 
violate the Second Law of Thermodvnamics, which says fhat equilibrium in a reaction is 
uniquely defined for any system. However, a catalyst can increase the rate of a reaction 
or increase the rate of one reaction more than anofher. One can never usi 
take a reaction from one side of equilibrium to anofher. The goal in reacti 
is typically to frnd a catalyst fhat will accelerate the rate of a desired react 
fhe residence time allowed in the reactor, fhis reaction approaches equilibrii 



a catalyst to 
1 engineering 
n so that, for 
i while ofher 



undesired reacfions do not. Attempts to violate the laws of thermodvnamics always lead to 
failure, but many engineers still try. 

The first complication wifh catalytic processes is fhat we need to maintain fhe catalyst 
in fhe reactor. Wifh a homogeneou 1 . catalyst (catalyst and reactants in the same phase), the 
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only method to reuse the catalyst is to separate it from the products after the reactor and 
recycle the catalyst into the feed streams shown in Figure 7-2. Much more preferable and 
economical is to use a heterogeneous catalyst that is kept inside the reactor such as in a 
powder that is filtered from the product or as pellets packed in the reactor. 

Nature also prefers this method by keeping enzymes within cells, on cell walls, or 
adsorbed ("bound") on large molecules, which are said to be immobilized. We therefore 
need to consider carefully the binding of catalysts on supports. The creation of structures 
and configurations of catalyst, support, and reactants and products to facilitate mass transfer 
and to provide access of reactants to the catalyst are essential features in designing a reaction 
system that has appropriate mass transfer characteristics. 



Mass transfer 

After reactivity and selectivity, the next complication we encounter with all catalytic 
reactions is that there are essential transport steps of reactants and products to and from the 
catalyst. Therefore, in practice catalytic reaction rates can be thoroughh/ disguised by mass 
transfer rates. In fact, in many industrial reactors the kinetics of individual reactions are 
quite unknown, and some engineers would regard knowledge of their rates as unimportant 
compared to the need to prepare active, selective, and stable catalysts. The role of mass 
transfer in reactions is therefore essential in describing most reaction and reactor systems, 
and this will be a dominant subject in this chapter. 

Mass transfer steps are essential in any multiphase reactor because reactants must 
be transferred from one phase to another. When we consider other multiphase reactors in 
later chapters, we will see that mass transfer rates frequently control these processes. In this 
chapter we consider a simpler example in the catalytic reactor. This is the first example of 
a multiphase reactor because the reactor contains both a fluid phase and a catalyst phase. 
However, this reactor is a very simple multiphase reactor because the catalyst does not enter 
or leave the reactor, and reaction occurs only by the fluid reacting at the catalyst surface. 



CATALYTIC REACTORS 



The packed bed reactor 



The most used industrial reactor is the catalytic packed bed reactor. This is typically a tank 
or tube filled with catalyst pellets with reactants entering at one end and products leaving 
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iature's very clever versions of a packed bed 
>f this chapter. Enzymes on surfaces catalyze 
or, although the geometry, flow pattem, and 
and efficient than any reactor that engineers 



at the other. The fluid flows in the void space around the pellets and reacts on and in the 
pellets as illustrated in Figure 7-3. 

[Human organs such as the liver are 
reactor, which we will consider at the end 
reactions in blood flowing through this rea 
reaction selectivity are much more comple> 
can design.] 

The fluid in a packed bed reactor flows from one end of the reactor to the other; sc 
our first approximation will be to assume no mixing, and therefore the mass balance on the 
fluid wffl be a PFTR, 

dC: 



dCj 






Here u is an average velocity of the fluid flowing around the catalyst particles. The total 
reactor volume is Vr, but this is a sum of the volume occupied by the fluid and the volume 
occupied by the catalyst V ca talysb 

V R = Vfluid + Vca,al y s, 

These can be related by the relations 

Vfluid=«V R 
Vcatalyst = (l-£)V R 
where V R is the volume of the reactor, £V R is the volume occupied by the fluid, and £ is 
the voidfraction or the fraction of the reactor volume occupied by the fluid. In a tubular 



Figure 7-3 Packed hed reaclors. which may be 
ii sinde bed. man\ Hibcs. or a simile lube filled 
ttitlr caliiKsl pellets. Mulliluhe le-aclors alknv ef- 
acienl heal transta for exothermic or endothermic 
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; will call u the velocity that would ( 
; formally correct but not always useful, becaus 



ccur in the empty tube. These definitions 
5 in many situations the velocity will vary 

with position in the reactor. 

We have to solve the PFTR mass-balance equation to find C: (z), but the first issue is 

exactly what form we should use for r or r^ in the mass-balance equations. This is a major 

topic of this chapter. 



The slurry reactor and the fluidized bed reactor 

The other major type of catalytic reactor is a situation where the fluid and the catalyst are 
stirred instead of having the catalyst fixed in a bed. If the fluid is a liquid, we call this a 
sluriy reactor, in which catalyst pellets or powder is held in a tank through which catalyst 
flows. The stirring must obviously be fast enough to mix the fluid and particles. To keep 



catalyst particle sizt 
another liquid that 
'e call the reactor ar 



; in a slurry reactor must be sufficiently 
; stirred to maintain high interfacial area 
emulsion reactor. These are shown in 



the particles from settling oui 
small. rf the catalyst phase i: 
for reaction at the interface. 
Figure 74. 

If the fluid is a gas, it is difficult to stir solid particles and gas mechanically, but this 
can be simph/ accomplished by using very small particles and flowing the gas such that 
the particles are lifted and gas and particles swirl around the reactor. We call this reactor a 
fluidized bed. 




^4 



catalyst 

catalyst 
recycle 
reactor 

Figure 7-4 Nlurn reaclor (lelt.) for \\ell-mi.\ed gus-solid reactions and fhudized bed reaetor (centcr) loi liquid- 
solid reactions. At the right is shown a riser reactor in which the catalyst is carried with the reactants and separated 
and returned to (he I I I l I < 1 R model, while the 

fluidized bed is described by the PFTR or CSTR models. 
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The moving fluid in these reactors is frequently well rnked within the reactor; so the 
mass balance on reactant species A is that of a CSTR, 



Cao -CA = rr 



Riser reactor 

A variant on the fluidized bed is the riser reactor. In this reactor the flow velocitv is so high 
that the solids are entrained in the flowing fluid and move with nearlv the same velocity as 
the fluid. The solids are then separated from the effluent gases at the top of the reactor by a 
cyclone, and the solids are returned to the reactor as shown in Figure 7-4. The FCC reactor 
is an example where the catalyst is carried into the regenerator, where carbon is burned off 
and the catalyst is heated before returning to the reactor. 

The flow profile of this reactor is incompletely rnked, and in the limit there is no 
mixing at all to yield the PFTR, 

dC A = 
dz 
with Ca = Cao at Z = 0- Th us the riser reactor behaves identically to the packed bed 
reactor (a PFTR) with suitable modification of the definition of r , 
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SURFACE AND ENZfME REACTION RATES 

We will develop the rest of this chapter assuming that the catalyst is in a solid phase with 
the reactants and products in a gas or liquid phase. In Chapter 12 we will consider some of 
the more complex reactor types. called multiphasc reactors. wherc cach phasc has a specific 
residence time. Examples are the riser reactor, the moving bed reactor, and the transport 
bed reactor. 

In catalytic reactors we assume that there is no reaction in the fluid phase, and all 
reaction occurs on the surface of the catalyst. The surface reaction rate has the units of 
moles per unit area of catalyst per unit time, which we will call r". We need a homogeneous 
rate r to insert in the mass balances, and we can write this as 



-= - 



Vvolume/ 



where now r is a "pseudohomogeneous rate" in units of moles/volume time, and (area/ 
volume) is the surface area of catalyst per volume of reactor. We need to find the value of 
(area/volume) in order to find r in terms of r" to describe any catalytic reactor, but we will 
just write out this ratio rather than defme separate symbols for it. 

Suppose we have a packed bed reactor filled with pellets with surface area S„p c per 
unit volume of pellet (units of cm-i, for example). Here we define Sq as the surface area 
per unit weight of catalyst (area per gram is a common set of units) and p c as the density of 
a catalyst pellet. We therefore have 
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/ area \ 
Vvolume/ ~ 



^gPc 






= S gPc (l - s) 



because S g p c is the surface area of the catalyst based on pellet volume. 

The pellets leave a fraction £ unoccupied as they pack into the reactor: so the fraction 
1 — g is occupied by the catalyst. The pellet is usually porous, and there is fluid (void space) 
both between catalyst pellets and within pellets. We measure the rate per unit area of pellet 
of assumed geometrical volume of pellet so we count only the void fraction external to 
the pellet. 

For the packed bed reactor we now solve the PFTR equation to yield 




It is more common to specify not the catalyst surface area per unit volume of pellet (we 
frequently have a problem in determining the pellet volume and s), but rather its area per unit 
weight of catalyst. We then measure its rate per weight of catalyst r 1 (units of moles/weight 
time) rather than its rate per unit area of catalyst r". The pseudohomogeneous rate r is now 



\ volume / 



"Pc" 



e the PFTR equati 



Vr = s_L = _ f ______ f__i 

u J r(C A ) ~ J p c r' 



Cao 

Note that, if we measure the rate per weight of catalyst, we do not need to worry about the 
packing of the catalyst in the reactor (determined by s) but just the density of the catalyst 
p c in weight/volume. 

We summarize the rates we need in a catalytic reactor in Table 7-1. We always need 
r to insert in the relevant mass-balance equation. We must be given r» or f as functions of 
Cj and T from kinetic data. 



POROUS CATALYST5 



If the rate is proportional to the surface area, we want a catalyst with the highest f 
area to attain the highest rate with minimum total reactor volume (high S g ). This is 



TABLE 7-1 

Homogeneous and Surface Reaction Rates 
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achieved by formulating the catalyst as a powder, which is then pressed into porous pellets 
that are packed into the packed bed reactor. These porous pellets can be powder grains 
which are compressed into a pellet or a porous network prepared by drying a slurry or a gel 
as shown in Figure 7-5. 

Our emphasis here is not on catalyst preparation and structure, but we need to describe 
briefly the preparation and properties of several major catalysts: amorphous silica, y- 
alumina, zeolites, activated carbon, and supported metals. 

Amorphous silica (SiO^) can be prepared with very high surface area by precipitating 
silica from an aqueous silicate solution (a gel) and drying the precipitate. Silica gels have 
surface areas up to -500 m 2 /g, and they are widely used as supports for catalysts. These 
particles are generally noncrystalline and are typically monodisperse spheres that are packed 
into a pellet with gases migrating through the voids between these spheres. 

High-area aluminas (AI2O3) can be easily prepared by precipitating alumina from 
aqueous solution and drying and heating as for silica. This material is crystalline, and the 
major phase is called y-alumina with a surface area up to -200 m 2 /g. Alumina forms a 
porous network as the water is removed. 

A pellet is typically composed of grains of these porous materials, and gases migrate 
both between grains and within the porous network inside the grains. Alumina prepared in 
this way has surface sites that are acidic, and alumina and alumin osilicates are widely used 
as hydrocarbon cracking catalysts and also as supports for noble metals. These alumina 
catalysts are generally crystalline, but they form different crystal structures than the most 
stable a-alumina (corundum or sapphire), which has a very low surface area and little 
catalytic activity. 

■ lit I ilumiri isili tes) are crystalline clays that can be either natural minerals or 
prepared synthetically by crystaliizing silica and alumina solutions. Zeolites have regular 
pore sizes because they are crystalline, and this offers the possibility of "engineering" 
catalyst geometry by preparing a particular crystal to catalyze reactions with shape selec- 
tivity. There are many zeolite crvstals, some occurring naturally in clays and some created 
synthetically in the laboratory. These zeolite materials can be used as catalysts by themselves 
as acidic catalysts, by ion-exchanging cations that have catalytic activity, or by depositing 
salts that decompose to form metal particles within the zeolite structure. 

Carbon is one of the easiest materials to prepare with high surface area, and this is 
simply done by partially burning an organic material such as wood or coconut shells to 
volatiMze and pyrolyze the organic components and leave behind a porous carbon. The 
cellular structures of the wood fiber are left intact to attain very high surface areas, up to 
500 m 2 /g of charcoal. Thus ten grams ofsuch a catalyst has an area greater than afootball 
field\ Activated carbons are the easiest and cheapest solids to prepare with high surface 
areas, and they find wide use as adsorbents and as supports for catalytically active metals 
and oxides. Since carbon reacts rapidly with oxygen, charcoal catalysts can only be used in 
the absence of 2 . [Why?] 

Figure 7-5 Porous catalyst pellets consist- 

ing of spheres or grains pressed together into 

spheres or cylinders. Reactants must diffuse 

into the pellet in the space between spheres 

or grains and products must drtruse out of the 

pellet for reaction to occur. At the nght is shown ^ ,, 

a monohth catalyst m whtch a ceramic is coaled 

with a wash coat (gray) ot porous catalvst. 
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Supported noble metal catalysts (Pt, Pd, Ag, Rh, Ni, etc.) are an important class of 
Depositing noble metals on high-area oxide supports (alumina, silica, zeolites) 
disperses the metal over the surface so that nearly every metal atom is on the surface. A 
critical property of supported catalysts is that they have high dispersion (fraction of atoms 
on the surface), and this is a strong function of support, method of preparation, and treatment 
conditions. Since noble metals are very expensive, this reduces the cost of catalyst. It is fairly 
common to have situations where the noble metals in a catalyst cost more than $100,000 in 
a typical reactor. Fortunately, these metals can usually be recovered and recycled when the 
catalyst has become deactivated and needs to be replaced. 

Powders of these materials are first prepared and then formed into spherical pellets in 
a ball mill or into cylindrical pellets by extruding a paste. A catalyticalfy active component 
such as a noble metal or a multivalent oxide is then frequently added to one of these porous 
supports by depositing ions from salt solution and heating to dry and decompose the salt. We 
are then interested not in the total surface area of the pellet but the area of the catalytically 
active component. 

Thus most catalysts consist of porous catalyst pellets that may be spherical, cylin- 
drical, or planar and have a characteristic size chosen for desired reactor properties, as we 
will consider later in this chapter. In most situations reaction occurs throughout the porous 
pellet, not just on its external surface. 



Example 7-1 Consider a silica gel catalyst that has been pelletized into spherical pellets 
4 mm diameter. The surface area is measured to be 100 m 2 /g, and the density of silica is 
3 g/cm 3 . Find the ratio of the area of the catalyst to the external surface area of the pellet. 

The volume of a pellet is V p = |jr# 3 = ^fO.2 3 = 0.0335 cm 3 , and the external 
area of a pellet is A, = 4n R 2 = 4;r0.2 2 = 0.502 cm 2 . Each pellet weighs 0.10 g; 
so the surface area of one pellet is 10 5 cm 2 = 10 m 2 . Thus the total area of the porous 
pellets is 2 x 1 5 greater than the external area of the pellet. 



Find the surface area of 1 liter of these pellets. 

If pellets are packed in a cubic configuration, then there are (2.5 x 10 ) catalyst 
pellets per liter. The external area of packed spheres in 1 liter is 8 x 10 m 2 . The 
internal area of these porous pellets is 1.6 x 10" m 2 = 1.6 x 10 5 km 2 for 1 liter 
of pellets, an almost unimaginably large surface area! 



TRANSPORT AND REACTiON 



When a catalytic reaction occurs on the surfaces within a catalyst pellet in a packed bed, 
there are inevitably concentration gradients around and within the pellet. We have thus far 
considered only the overall variation in concentrations as a function of distance along the 
direction of flow z in the reactor. However, in order to account for the variations around 
and within catalyst pellets, we now need to find Cj(x, y, z) rather than just Cj(z). Stated 



Transport and Reaction 277 

differently, we need ultimately to reduce Cj (x, y, z) to Cj (z) to solve for the performance 
of the reactor. This is a major task in describing any catalytic reactor. 

Length scales in the reactor 

It is important to note that we need to consider several length scales in attempting to describe 
catalytic reactors. The reactor is on the order of 1 meter diameter and length, the pellet is 
typically 1 cm diameter, the pores within the pellet are 0.1 mm (10~ 4 m) or smaller in 
diameter, and catalyst particles might be 100 A or 10~6 m in diameter, and the reactant 
molecule might be 3 A or lO^ 1 " m in diameter, as shown in Figure 7-6. 

It is very important for us to understand the different length scales with which we 
must be concemed. We need to consider all scales in developing a picture and model of 
overall reactor performance. We proceed in the reverse order of Figure 7-6 

catalyst particle — >■ catalyst pore — >• pellet -> reactor 
In the reactor we are interested in the position in the bed z or height of the bed L, in the 
pellet we are interested in the position x in the pellet with radius R, in the pore we are 
interested in distance x down the pore diameter d pore , and on the walls of the pore we are 
interested in reactions on the catalyst particle diameter £/ pa rticle- 

Gradients in the reactor 

We are also concemed with gradients in composition throughout the reactor. We have thus 
far been concerned only with the very small gradient dCj/dz down the reactor from inlet to 
exit, which we encounter in the species mass balance, which we must ultimately solve. Then 
there is the gradient in C; around the catah/st pellet. Finally, there is the gradient within the 
porous catalyst pellet and around the catalytic reaction site within the pellet. As we consider 




Figure 7-6 Different size scales in a packed bed catalytk 
catalyst pellets. diffusion within pores of pelle 
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each of these, we assume that all gradients on larger distance scales are negligible. Then we 
finally find expressions in which each of these gradients is eliminated in terms of the rate 
coefficients and mass transfer coefficients and geometry parameters. Figure 7-7 illustrates 
these reactant concentrations around and within pellets. 

To summarize the goal of this section, we must start with the microscopic description 
of the catalytic reaction, then consider diffusion in pores, and then examine the reactant 
composition around and within the pellet, in order finally to describe the reactor mass- 
balance equations in terms of z alone. The student should understand the logic of this 
procedure as we go from micrscopic to macroscopic, or the following sections will be 
unintelligible (or even more unintelligible than usual). 



Transport steps 



There are essential transport steps for reactants to get to the surface for reaction and for 

products to escape. These can drastically alter the reaction rate, and the engineering to 

handle these effects is a major part of catalytic reaction engineering. 

Consider first the unimolecular reaction 



A —*■ products, r" = Ic"Cas 
catalyst surface. We write the surface ree 



isfy the dimensions of ; 



which occi 

using units of k" (length/time) 

(moles/volume). 

The steps that must be involved in a catalvtic reactic 
Figure 7-8. Reactant A\, in the bulk of the flowing fluid m 
layer over the pellet at the external surface of the pellet. It i 
within the pellet to find surface sites where it adsorbs and 



ction rate coefficient as k" , 
" (moles/area time) and C^s 

on a surface are shown in 
t migrate through a boundary 
ist then migrate down pores 
;acts to form B, which then 



the process to wind up in the flovving 



fluid, where it is carried out of the r< 




; 7-7 Reactant concentration profiles in directionx. 
is perpcndicular to the flow direction z expecte 
iverporous catalvsl pcllcls in a packed becl 01 sluirj 
'. External mass transfer and pore diffusion produc 



Transport and Reaction 



I-igure 7-8 Elemenlar_\ sleps Ihat must occur 
in a catalytic reaction on a surface. All catalytic 

processes involve Iransporl Ihrough a boundan 
laver. adsorplion. siuface diffiision. reaelion. and 



flovving 
fluid 



boundary 
I a y e r 



-f 



i profiles of reactant near and in a catalyst particle 
might look as illustrated in Figun 7-9 

For the reactant to migrate into the particle, there must be a concentration difference 
between the flowing bulk fluid C^b, me concentration at fhe external surface Cas, m ^ me 
concentration within the pellet Ca(x). We write the concentration within the pellet as Ca(x), 
indicating that it is a function of position x, which will be different for different geometries, 
as we will consider later. 

To repeat, we don't know and can't measure the gas-phase concentrations near the 
catalyst surface. We therefore have to eliminate them from any expressions and write fhe 
mass balances as functions of bulk concentrations alone. 



reaction limited 
pore diffusion limited 




f i_m 7-9 R\ ii ii i' i i ii i i ii | iniis catalyst pellet 

conttol, extemal mass transfer control, and pore diffusion control. Each of these situations 
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The overall problem 



Our task is to vvrite r"(C A \y), tnat ^ to eliminate C As an d C A (x) in terms of reaction rate 
and mass transfer parameters. The second task is to eliminate all distances except z, th e 
position in the direction of flow the reactor. Thus we will frnally arrive at the equations we 
have solved previously for PFTR or CSTR, which we have considered in previous chapters. 
The major issue is exactly what these averaged macroscopic quantities mean in terms of 
microscopic parameters in the catalytic reactor. 



MASS TRANSFER COEFFICIENTS 



Here we review some of the correlations of convective mass transfer. We will find that many 
reactors are controlled by mass transfer processes; so this topic is essential in describing 
many chemical reactors. This discussion will necessarily be very brief and qualitative, and 
we will summarize material that most students have encountered in previous courses in mass 
transfer. Our goal is to write down some of the simple correlations so we can work examples. 
The assumpfions in and validity of particular expressions should of course be checked if one 
is interested in serious esfimations for particular reactor problems. We will only consider 
here the mass transfer correlations for gases because for liquids the correlations are more 
complicated and cannot be easily generalized. 

If there is a difference in concentration of species A between two locations 1 and 2 
in a flowing fluid, the mass transfer flux J A of species A is given by the expression 

Ja = k mA (C A i - C A 2) 



?ly the definition of the mas 


s transfer coefficient k m , and the subject of 


ses is to find suitable correlat 


ons in order to estimate k mA (units of length/ti 


lass transfer coefficient is in 


tum defined through the Shenvood number, 


[convective 
Shr = 


mass transfer rate] k mA l 



[diffusive mass transfer rate] D A 

where £ is a characteristic length in the system and D A i s th e diffusion coefficient of molecule 
A. We therefore find k m A by first computing the Shenvood number and using the equation 
Sh e D A 

to frnd k m . 

We next summarize Shenvood numbers for several simple geometries. 

Flow over a flat plate 

For flow over a flat plate of length L the flow is laminar if Re t < 10 5 , and 

Sh L = 0.66 Re^ /2 Sc 1/3 
where the Revnolds number is 



and the Schmidt Sc number (no relation) i 



Mass Transfer Coefficients 



Sc= — 
D A 

with v the kinematic viscosity and Da th e diffusivity of species A , both of which have units 
of lengfh 2 /time. For gases we usually assume that Sc=l, and we sometimes omit it from 
expressions for Sh. 

ff Re/, > 10 5 , then the flow is turbulent and the Shenvood number is described 
through the correlation 

Sh L = 0.036 Re£ 8 Sc 1/3 
Flow over a sphere 

Flow over a sphere is an important geometry in catah/st spheres, liquid drops, gas bubbles, 
and small solid particles. In this case the characteristic length is the sphere diameter D, and 

Sh D = 2.0 + 0.4 (Rejf + 0.06R4 /3 )Sc - 4 

In the limit of slow flow over a sphere Sho = 2.0, and this corresponds to diffusion to 
or from a sphere surrounded by a stagnant fluid. When the sphere diameter is sufficiendy 
small, Re becomes sufficiently small that Sho = 2.0 in many common situations of flow 
around spheres. 

Flow through a tube 

In this case the characteristic length is the tube diameter D. For Reo < 2100, the flow is 
laminar and 

sh D = !j 

This expression is appropriate for sufficient distances from the entrance of the tube that the 
laminar flow profile is fully developed. If Rep > 2100, the flow becomes turbulent, and 
the most used correlation is 

Shz) = 0.023 Re° D 8 Sc 1/3 

Flow over a cylinder 

Here the transition from laminar to turbulence depends on position around the cylinder. A 
simple correlation for Re D < 4 is 

Sh D = 0.98Re^ 3 
Many other expressions have been found to correlate data for different situations. 

Tube banks and packed spheres 

There are many correlations for these geometries, bofh of which are important for mass 
transfer in chemical reactors. Tube banks could be catalyst wires or tubes in a reactor over 
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which reactants flow, and packed spheres are a common geometry of catalyst particles in a 
packed bed over which reactants flow. 

Heat transfer 

Convective heat transfer rates Q are given by the relation 

Q = hA{Ti - T z ) 
with A the area and h the heat transfer coefficient defined through the Nusselt numbcr 

M M 

Nu£ = — 
k T 
where kj is the thermal conductivity of the fluid. For gases the Shenvood and Nusselt num- 
bers are nearly identical, Sh=Nu, because the Lewis number is given by Le = Nu/Sh =k T / 
Da = 1; so all the above correlations for Sh can also be used for Nu. 

In the previous chapters on tempcrature variations in reactors, we needed heat transfcr 
coefficients h to calculate rates of heat transfer within the reactor. For a more detailed 
examination of temperature variations, we must use Nusselt number correlations similar to 
those developed here for mass transfer. 

Liquids 

For liquids the situation is more complicated for all these flow geometries, and mass and 
heat transfer coefficients cannot be found from the same relations. One major difference 
with lkjuids is that Sc, Pr, and Le are frequendy not close to unity so they cannot be 
ignored in these expressions. Correlations developed for heat transfer in gases are frequently 
not directly applicable to mass transfer for lkjuids. One should find suitable sources of 
correlations for any particular fluid and geometry if accurate estimations of mass and heat 
transfer rates are needed. 

Natural convection 

Gravity and natural convection can play an important role in determining flows and mass 
and heat transfer in many chemical reactors. Whenever there are large temperature gradient, 
one may expect natural convection. Also, if there is a density change caused by the chemical 
reaction (whenever there is a change in the number of moles and especially when H2 is 
a reactant or product), then the density may change with conversion sufficiently to cause 
natural convection to overcome the forced convection impressed by pumping the fluids 
through the reactor. These phenomena are correlated through the dependences of Sh and 
Nu on the Grasshof number, as described in texts on mass and heat transfer. 

In multiphase reactors we frequently exploit the density differences between phases to 
produce relative motions between phases for better contacting and higher mass transfer rates. 
As an example, in trickle bed reactors (Chapter 12) lkjuids flow by gravity down a packed 
bed filled with catalyst, while gases are pumped up through the reactor 
flow so that they may react together on the catalyst surface. 



External Mass Transfer 



DCIERNAL MASS IRANSFER 



We first consider the situation where reaction occurs only on the external surface of a pellet. 
The simplest example is that of a nonporous pellet so that only the external surface is 



Reactant molecules mu 
react. In steady state there c 
require that 



:t to the surface to find the catalytic sites on which to 
t be any accumulation on the surface, and therefore we 



[rate of transport to surface] = [rate of reaction at surface] 
For a frrst-order irreversible reaction on a single spherical pellet of radius R the total rate 
of reaction on the external surface of the pellet is 

4ĵT R 2 k mA {C Ab - C As ) = An R 2 r" = An R 2 k"C As 
This says simply that the rate of reaction on the pellet with surface area Ajl R~ is equal to 
the rate of mass transfer from the bulk fluid to the surface. We call k mA the mass transfer 
coefficient of reactant species A and note that it has the dimensions of length/time, the same 
dimensions as k". 

It is a fundamental fact that in steady state nothing is accumulating anywhere around 
the catalyst and therefore these rates must be exactly equal. 

Now from the preceding we can immediately solve for C A $ to obtain 



C A b 



n eliminate C A $ from the rate expression and solve for the rate to yield 



3 that the reaction rate has an effective rate constant 



We now examine limiting cases of this expression. 
ff k" « k mA , then 



so the reaction is proportional to C A b with a rate coefficient k". This situation is said to be 
n liinitcd. 
However if k mA « k", then 
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so the reaction is proportional to C A \, with a rate coefficient k mA . This case is said to be 
mass transfer limited. The quantity k mA J k" is dimensionless, and the reactor performance 
depends strongly on whether this ratio is greater or smaller than unity. 

Thus we frnd situations where either k" or k mA vanish from the expression, and the 
larger quantity disappears. We call these either reaction limiting (k m A large) or mass transfer 
limited (k" large), but also note that both rates are always exactly equal in steady state! The 
key idea is that if a rate coefficient is large, the concentration difference is small. The 
1 profiles expected in these cases are shown in Figure 7-1 0. 



PORE DIFFUSION 



In the preceding example we assumed that reaction occurred on the external surface so we did 
not have to be concerned with diffusion within the catalyst pellet. Now we consider the effect 
of pore diffusion on the overall rate. We have to do considerable mathematical manipulation 
to find the proper expressions to handle this, and before we begin, it is worthwhile to consider 
where we are going. As before, we want the rate as a function of bulk concentration C Ab , 
and we need to know the rate coefficient for various approximations (Figure 7-1 1). 

The basic problem is that the rate is a function of position x within the pellet, while we 
need an average concentration to insert into our reactor mass balances. We first have to solve 
for the concentration profile Ca (x) and meri we eliminate it in terms of the concentration at 
the surface of the pellet Ca& w d geometry of the pellet. We will find that we can represent 
the 



= k"C As ri 



where diffusion effects are handled through an effec 
of rate coefficients and geometry of the catalyst. 




reaction limited 

kmA 



ii conlrol (k m y?> k") nnu l'or 



Pore Diffusion 



a porous catalyst pellet 
where surface reaction 
controls and where pore diffusion con- 




Single pore 

First we consider a single pore of length l and diameter d v . The walls are uniformly reactive 
with r" = k"C A ( x )- The concentration at the pore mouth (x = t) is C As and me en d of the 
pore is assumed to be unreactive so that dCA/dx — at x = 0, as sketched in Figure 7-12. 
A shell balance between x and X + dx vields 



[net flux in a 
= Lrate 



xj - 



[net flux out at x + dx] 
iction on wall between x and x + dx] 



or for a frrst-order reaction 



dC A \ *d p 2 (dC A \ j A .„„ 

« y-dT) x ' -T Da KdT) x+dx = ~ nd * dx kCA 

where the terms on the left represent the fluxes of A at x and at x + dx and nd 9 dx is the 
wall area of the cvlinder between x and x + dx. Now letting dx — >• and dividing by dx 

\ iclds 

dx* -Ddv CA ~ XCA 
where we have defined 



We next need to solve this second-order differential equation subject to the boundary 
conditions 

C A = C As , atx = i 

dC A 

~=0, atx =0 
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Figure 7-12 Reaclani coiiccmralion pronlcs dovvn a single catalyst pore of length l and diameter d v with a 
caiahuc reachon occurring on the walls of the pore. The concentration is Cas at tne P ore mouth. X = l, and the 

e and there is therefore no flux of 



d 2 C A _ 
dx 2 ' 



x 2 c A 



has the general solution 

C A = C x e kx + C 2 e- lx 
where C\ and C2 are constants to be determined from boundary conditions. At X = t the 



solution becomes 



C As = Cie u + C 2 "' 



il = x(Ci - c 2 ) = 



Therefore, C\= Ci, and the solution becomes 



C A (x) . C As ^ 



^ir = c ^* , 



We now have found C A (x), but this isn't useful yet because C A is a function of position X 
within the pore. To find the average rate within the pore we must integrate the rate along 
the length of the pore 



actual rate = nd p j k"C A (X) dx 



We want to compare this to the r; 



in the pore if the 
= [area] x r" = ncL Ik" C< 
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remained at Cas, 



As 



because the area of the wall of the pore is Jtdpl 

The ratio of these rates (actual rate/ideal rate) is the fraction by which the rate is 
reduced by pore diffusion limitations, which we call r\, and this is the definition of the 
effectiveness factor, 



for the single pore r\ is found from the relation 

_ 7ld v ĵ^ =0 k"C A (x)dx 
V ~ nd r lk"CAs 

f cosh kx dx 



(j) = U 



\d r Dj 



There is a lot of mathematical manipulation in these steps which the student may (or may 
not) want to verify. 

Thus the rate of reaction in a porous catalyst is equal to the rate if the concentration had 
remained constant at Cas multiplied by r), r" = k"CAs>l- We navc defined thc dimcnsionless 
quantity <f> which is called the Thiele modulus. This function is plotted on linear and log-log 
plots in Figure 7-13. 

The limits of r\ i 



«1, 


IJ = 1 




no pore diffusion limitation 


= 1, 


n = 


0.762, 


some limitation 


»1, 


n = 


1/0, 


strong pore dillusion hmitation 



Thus we can say that if the Thiele modulus is much less than unity, there is no pore diffusion 
effect on the reaction rate because the reactant concentration remains at Cas down the pore, 
but if the Thiele modulus is much greater than unity, then the rate is proportional to 1/0 
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Figure 7-13 Plots of effecti\ cnos laclor r/ \ersus Thielc modulus <j> ior dilTusion n 
a porous catahsl pellel. ()n .1 log-loc plol the eflecmcness Taclor is scen to give i) = 



because Ca decreases strongly within the pore so that the overall rate is much lower than 
if the concentration remained as Ca s - 

Honeycomb catalyst 

The single cylindrical pore is of course not the geometry we are interested in for porous 
catalysts, which may be spheres, cylinders, slabs, or flakes. Let us consider first a honeycomb 
catalyst of thickness 11 with equal-sized pores of diameter dp, as shown in Figure 7-14. 
The centers of the pores may be either open or closed because by symmetry there is no net 
flux across the center of the slab. (If the end of the pore were catalytically active, the rate 
would of course be slightly different, but we will ignore this case.) Thus the porous slab is 
just a collection of many cylindrical pores so the solution is exactiy the same as we have 
just worked out for a single pore. 



Porous catalyst slab 

Consider next a slab of thickness 21 but containing irregular pores, such as would be 
obtained with a foam or a pressed pellet of spheres with the voids between the spheres the 
channels down which the reactant must travel. If these pores had an average diameter dp 
and length t, we would have exactly the problem we have just solved. If these are irregular, 
we replace length and diameter by averages containing the total surface area in defining the 
Thiele modulus, but the solution is othenvise the same, 



(W\ 



Figure 7-14 Struclure and concentration pro- 
files for a planar porous calahM. uhich conld 
have straight (honevcomb) or tortuous pores. 
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For the single straight cylindrical pore the surface-to-volume ratio was 4/d p , but for a porous 
catalvst slab, this ratio is Sgfo, where Sgfo is the catalvst surface area per unit volume of 
catalyst, as defined previoush/. 

Porous spheres and cylinders 

For a spherical pellet we must find Ca(R), where R is a radius within the pellet, which has 
total radius R,. Then we proceed as before to find r\. For a sphere the shell balance is set 
up in spherical coordinates to yield 



-,{**%)■ 



This equation has the solution 



ff sinh XR 

where sinh is the hyperbolic sine. This expression for concentration gives 
__ 3 (j) coth - 1 



as the effectiveness factor for a porous catalyst sphere, and the Thiele modulus <f) is now 
defined as 

For a long cylindrical pellet, the differential equation describing Ca versus radius 
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This equation can be integrated, but it gives a fairlv complicated expression for Ca(R)- Th e 
effectiveness factor for a cvlinder is given by the expression 
2 7,(0) 

" = <P h(<t>) 
where / and I^ are modified Bessel functions. 

Thus we have expressions for the effectiveness factor for different catalvst geometries. 
The Thiele modulus can be computed from catalvst geometry and surface area parameters. 
The characteristic size is 21 for a porous slab and 2R for a cylinder or sphere. While 
the expressions for t](<j)) appear quite different, they are in fact very similar when scaled 
appropriately, and they have the same asymptotic behavior, 

t}= 1, <£«1 

r) = 0.8, <p = 1 

r\ = \/4>, <p » 1 

Thus we can in general write for the pseudohomogeneous rate of a catalytic reaction 
in a reactor with porous catalyst pellets 

r = r id eal/?(0) 

where rjdeal ls ^ e rate ^ ^™ 1 v °l ume if there is no pore diffusion influence on the catalvtic 



7EMPERA7URE DEPENDENCE OF CATALY71C REACTION RATES 
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ion rates, 
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mal mass transfer 
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r m (area/volume^fc^C^b^, pore 


diffusion limited 






by 


It is interesting to consider the temperature dej 
these limiting expressions, which are contained 


Dendence of the re; 
in the effective n 


lCtion rates predicted 
ite coefficients. The 



true surface reaction rate coefficient has the temperature dependence 
k"(T) _ ^e-E/RT 

with k' Q ' the usual pre-exponential factor and E fhe reaction activation energy. 
transfer coefficient has only a weak temperature dependence, typically varying a 
the pore-diffusion-limited case the effective rate coefficient is 

k"r i *kr/<t>~k"/V' 1 ' 2 = lc ,n ' 2 ~e- E ' 2ST 
Thus the reaction-limited case has a strong temperature dependence with activ; 
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E, the mass transfer limited case is nearly temperature independent, and the pore diffusion 
limited case has an activation energv E/2. 



Rate-limiting step 



Temperature dependence 



energy £ 

11 E/2 



As the temperature is varied in a reactor, we should expect to see the rate-controlling 



step vary. At sufficienth/ low temperature the 
overall rate is reaction limited. As the temperature : 
controUing (Da is nearly independent of temperature), and ; 
extemal mass transfer might limit the overall process. Thus ; 
might look as shown in Figure 7-15. 



coefficient is small and the 
pore diffusion next becomes 
sufficiently high temperaturc 
plot of log rate versus \/T 



THE AIJTOMOTIVE CATALYTIC CONVERTER 



The largest market for chemical 


reactors by far 


s the automotive catalytic converter 


(ACC), 


both 


in number of reactors in 


xistence (many 


million 


sold per year) 


and in am 


ount of 




mts processed (millions of 


tons per year). 


There a 


re >50 million 


automotive 


catalvtic 




rters operating (or at least 


existing) throughout the 


world, and everyone own 


s one if 


heor 


she has a car less than 10 years old. 












We begin by considering 


the engine and 


exhaust 


system of an 


automobile 


( Figurc 


7-16 
















The engine is basicalh/ a 


batch reactor [what is 


the reaction tit 


ne?] in which the 


combustion reaction 













C 8 H 18 + 



» 8C0 2 + 9H 2 



occurs. This is a strongh/ exothermic reaction that attains a high temperature and pressure 
and is converted into mechanical energy (with -10% efficiency). As we will consider in 
Chapter 10, this is a complex chain reaction that forms an explosion within the cylinder. In 
addition to CO2 and H2O, combustion processes produce small amounts of CO and partially 



Ficur. 



7-15 Plotsofr 



1/T. We expect the u 

1/T plot as the reaction process goes trom reaction 
limited al lo\v leniperaUire. porc diffusion limilcd al 
intermediate temperature, and external mass transier 
limited at high temperature. 
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Figure 7-16 A highly simphtted sketch ot an lomobil n in nd ilalvtic converter i 

i i i I I I aiter llic aulon \ i i i Ii i I con 

wall reactoi m which a nobl i 1-nnpi lated \\ash coat on an extmded ceramic monolith c 



burned hydrocarbons such as smaller alkanes, olefins, and oxygen-containing hydrocarbon 
molecules such as aldehydes. Finally, these combustion processes produce NO at high 
temperatures because the free radicals react with N2 from air to produce equilibrium in the 

rcaction 



N 2 



r- 2 <± 2NO 



which was one of fhe first reaction examples we considered in this book. The NO remains at 
nearly thermodynamic equilibrium in this reaction until the temperature falls to ~ 1300°C, 
where it remains "frozen" as the combustion gases cool. 

Thus the engine of an automobile produces approximately 5% of various hydrocar- 
bons, 1% of CO, and 0.1% of NO. These gases are major pollutants in urban areas, and 
clean air regulations require that they be removed to approximately 0.2, 0.05, and 0.03%, 
respecfiveh/. 

The purpose of the converter is to reduce unburned hydrocarbon emissions to 4 g/mile, 
CO to 40 g/mile, and NO to 0.4 g/mile. (The mixed units are fhose in several Federal Clean 
Air Acts, which mandate these maximum emissior 
more stringent, and lower levels are mandated to 
fhe country. 

The ACC is a stainless steel cylinder 3 in. : 
exhaust gases pass before fhey enter the muffler 
extruded ceramic honeycomb structure with square pores 0.5 mm in diameter through 
which gases pass. The walls of these pores are coated with porous y-Al 2 03 on which Pt, 
Pd, and Rh are deposited, along with several catalyst promoters such as cerium oxide. The 
residence time in the ACC is -0.05 sec, because the volume of gas that must be processed 



5.) In Cahforni 
be required ir 



;ral years fhroughout 



ater and 1 ft long through which 
ailpipe. The cori 
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and the volume of the converter that will fit under an automobile will not permit use of 
longer times. Consequently, engineers must devise a chemical reactor that will achieve 
-95% conversion of these pollutants within these very short residence times. 



Modern 
,t of the entire 
The desired 



contain approximately $30 of these precious metals, and the retail 
$200, most of which is the stainless steel reactor. 
OXidation of hydrocarbons and CO, 



C„H 2 « + : 



-0 2 -> nC0 2 



1 



- 1)H 2 



-0 2 3 C0 2 

Removal of NO is a reduction process, which occurs mostly through the reaction with CO 

NO + CO -+ hi 2 + C0 2 
It would be simpler if NO could be decomposed through the reaction 

no _► 1n 2 + -0 2 

but this reaction is far too slow under conditions of the ACC. 

We have discussed NO, pollution from combustion previously, and we will consider 
pollution and environmental modeling later in Chapter 8. These are situations where we 
need chemical reactors to eliminate the pollutants we have made in other reactors. 

The major problems in the engineering the ACC are the facts that (1) they must operate 
under transient conditions and (2) customers treat different cars very differenth/. The feed 
and catalyst temperatures vary widely, from ambient temperature upon startup (which can 
be -30°C in Minnesota) to >500°C during high-speed desert or mountain driving. 



j essential 
. This has led 
; accomplished 



Three-way catalysts 

Since the oxidation reactions require 2 while NO reduction requires CO, 
that the gases entering the ACC be at nearly the stoichiometric compositior 
to the "three-way catalyst" in which oxidation and reduction processes an 
simultaneously by maintaining the air-fuel mbcture near stoichiometric. 

The first requirement in developing the ACC was to control £ 
contemporary cais this is maintained at precisely the 19: 1 stoichiometric ratio for all engine 
loads, using an exhaust 2 sensor that controls the fuel injection system. The composition 
and location of the catalyst within the reactor are also crucial to proper design. 

The problem of a "window" of operation where oxidation and reduction reactions 
occur simultaneously requires that the air-fuel ratio be carefully controlled so that the 
conversions of all species remains high. This is shown in Figure 7-17. 

Thus hydrocarbons and CO are products of incomplete combustion, which occurs 
primarily when the engine (and the catalyst) are cold. NO, is produced primarily by free- 
radical reactions with atmospheric N 2 in the high temperatures (2500°C) within the engine 
cylinders. The overall reaction can be written as 



N 2 + \o 2 -> NO 
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0=1 

%fuel 



Figure 7-17 Conversions of hydrocarbons, CO (C 
NO tion reactions), and NO (reductioi 

v X fuel ratio. The engine should operate i 

ratio to obtain maximum coiiversions in all reactions, and 

cars are tuned to operate within this \vindinv oi composiiion 

(dashed lines). 



which we discussed as our first example in Chapter 2. The equilibrium concentration ( 
NO in air is negligible at room temperature, but the composition becomes "frozen" ; 
about 1300°C where the equilibrium composition of NO in air is -100 ppm. <j) = 1 is the 
stoichiometric composition for complete combustion. 



Startup 

Most of the hydrocarbons and CO are emitted during startup while the engine is cold and 
operating inefficientiy, while most of the NO, is emitted during high-speed driving, where 
free radicals decompose N2. 

The catalyst has very low activity during warmup until the catalyst temperature attains 
-200°C. Since the oxidation reactions are exothermic, the catalyst provides heat, which 
further heats the catalyst and increases the rate. Therefore, the ACC can exhibit multiple 
steady states, where the catalyst has essentialh/ no activity until a certain temperature where 
the catalyst ignites. This is described as lightoff, and a good catalyst system has a low lightoff 
temperature. Lightoff characteristics are sketched in Figure 7-18. 



: of activity as the 
ons to at least 50,000 miles). 
1 aging because the inactive 



Aging 

Probably the major problem in designing the ACC is the 
catalyst ages (law requires performance within tight specifical 
Rapid activation of the cold catalyst in startup is related t 
catalyst generates less heat. 

Aging results in sintering of the metal clusters, their dissolution into the support, and 
their burial by accumulating solids such as Pb (from leaded gasoline) and phosphates (from 
lubricating oil). Rapid activation requires rapid heating by the exhaust gases. The converter 
actualh/ exhibits a lightoff ignition (multiple steady states driven by the exothermic oxida- 
tion reactions) as it heats up, and active catalysts rapidly lightoff to >200°C, when the feed 
gases reach 100°C. 

There is great interest in new ACC designs that will heat up more rapidh/ upon startup. 
Small mass catalysts, close coupling to the hot exhaust temperature, and electrical heating 
of the catalyst are all being developed. 

The gases move down the monolith ceramic cells of the ACC in plug flow with the 
noble metal catalyst deposited on the walls. This reactor is therefore a PFTR with catalyst 



The Catalytic Wall Reactor 



Figure 7-18 Since the reactions in the ACC are 

slrongh e\othcrmic. ihe catahsi can e\hibilmul- 
tiplesleash states as thc caialvst siKklenlv lights 
off as the car is started and Ihe iemperalure nses io 
the ignition temperature, which then causes a raprd 
increase in temperauire. 
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THE CATALYTIC WALL REACTOR 



Next we consider a tubular reactor with no homoge 
with a rate r" (Figure 7-19). 

This problem may look at first to be the sa 
pore, but this situation is quite different. In the si 
diffusion down the pore, while in the tube wall 
down the tube. 



teous reaction but a wall that is catalvtic 

ne geometry as for diffusion in a single 
tgle pore we had reaction controlled by 



Figure 7-19 Sketch of a catalytic tube wall 
with gases flowing down the tube and reaction 
ring oir the walls of the tube, which are coated v 
wash coat of calalvsi (dohl. 
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-(A/vy 



The mass-balance equation on C A is simply 
dC A 
U lĥ'- 

Here [A/ V) is the wall area per unit volume of the tube. For a cvlindrical tube the area per 
unit volume is 4/d. The mass balance for the reaction A — > B, r" = k"C As , in a cylindrical 
tube wall reactor is therefore 



AC A 



Ak" 



t-Ca 



The solution with Ca = Cao 



C A (z) = C Ao exj 



i^) 



which predicts the usual exponential decrease of reactant with distance down the tube, just 

as for homogeneous reaction. For a tube of length L this expression becomes 

/ Ak" L\ 
C A (L) = C Ao &p (- — - 



(-"•) 



= C Ao exp 

Note the different ds in these problems. While d always signifies diameter, D i 
reactor diameter (or diameter of a cylinder or sphere because that notation is used in mas 
transfer rather than the radius R), d is the diameter of a single pore, and d is the diameter 
of a single tube in a tube wall reactor. 

There are a number of examples of tube wall reactors, the most important being the 
automotive catalytic converter (ACC), which was described in the previous section. These 
reactors are made by coating an extruded ceramic monolith with noble metals supported 
on a thin wash coat of y-alumina. This reactor is used to oxidize hydrocarbons and CO ti 
CO2 and H2O and also reduce NO to N2. The rates of these reactions are very fast after 
warmup, and the effectiveness factor within the porous wash coat is therefore very small 
The reactions are also etemal mass transfer limited within the monolith after warmup. W 
will consider three limiting cases of this reactor, surface reaction limiting, extemal mas 
transfer limiting, and wash coat diffusion limiting. In each case we will assume a first-order 
iiTcversible reaction. 



Reaction limiting 



If the process 
expression, 



. limiting, the composition is given directlv by the preceding 
Ak" 



C A (z) = C Ao exp 



{-^) 



Mass transfer limiting 

In this case the amount of catalyst within the washcoat is irrelevant (as long as there is 
enough to make the process mass transfer limited), and the rate is controlled by the rate of 
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C A (z) = C Ao exp( 



mass transfer radially across the tube to the external surface of the wash coat where reaction 
occurs rapidly. In this limit the reactant concentration falls to near zero at the wall and the 
rate is controlled by the mass transfer coefficient in the tube. If species A is limiting, we 
replace k" by k mA to obtain 

If the flow is laminar (Red < 2100 in a straight tube), then the Shenvood number is 
| and the mass transfer coefficient is given by the expression 
_ Sh d D A _ 8 D A 
mA ~ d ~ 3 d 
The effective rate coefficient should be given by the expression 



1 + k"/k m 



Z should be given by given by 



C A (z) = C Ao exp\ 



In the mass-transfer-limited i 
the expression 

4Sh,D A \ ( 32D A \ 

Note that, since k m depends on the tube diameter d, the dependence of the conversion on 
d is different for reaction- and mass-transfer-limited cases. If the flow is turbulent, the 
Shenvood number is given by the correlation Sh^ = 0.023Re^ 8 Pr 1 / 3 , which predicts a 
different dependence on the tube diameter. 



Porous catalyst on tube wall reactor 

In the previous section we considered the situation where there was a film of catalyst on the 
wall of the tube, so that the surface area was the geometric area of the tube wall. Another 
common situation is where a porous catalyst film is coated on the walls of the tube as shown 
in Figure 7-20. Finally we consider the case where the gas-phase concentration is uniform 
across the cross section of the tube and mass transfer rates are large, but C A falls within the 
layer of porous catalyst on the wall. The thickness of the film is £, and the surface area of 
the catalyst per unit volume of catalyst is S g p c . If we assume that l is much less than the 
tube diameter, then 

US ŭ p c 



catalvst t 
reactor volume 



Figure 7-20 Sketch of tube wall reactor 

a porous calalvst i'ilm oi' ihicknessf on \v 
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reaction-limited, mass-transfer-limited, 
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This is exactly the situation we considered previously for diffusion in porous catalysts; so 
we multiply r" in the porous wash coat by the effectiveness factor r\ to obtain 

because we simply need to multiply the rate for the reaction-limited case by the effectiveness 
factor r\. If the thickness of the porous catalyst layer is small compared to the diameter of 
the pore, then we have a planar porous catalyst geometry so that r\ = (tanh (j))/(p, where 
now (f> is based on the thickness of the catalyst layer on the walls of the tube. 

LANGMUIR-HINSHELVVOOD KINETICS 

We have thus far written unimolecular surface reaction rates as r" = kC^s^ assuming that 
rates are simply first order in the reactant concentration. This is the simplest form, and we 
used it to introduce the complexities of external mass transfer and pore diffusion on surface 
reactions. In fact there are many situations where surface reactions do not obey simple rate 
expressions, and they frequendy give rate expressions that do not obey simple power-law 
dependences on concentrations or simple Arrhenius temperatures dependences. 

Surface reactions are in principle multistep processes, and previously we saw how 
diffusion to the surface of a porous pellet or diffusion within the pores of a pellet can lead 
to rate expressions with rate coefficients much different than k". However, so far all were 
first order in the reactant partial pressure. 

Another reason for describing surface reaction kinetics in more detail is that we need 
to examine the processes on a microscopic scale. While we are interested primarily in the 
macroscopic description of catalytic reactor behavior, we cannot do this intelligently until 
we understand these processes at a molecular level. 

Densities of molecules on surfaces 

We will need to describe concentrations of species in the gas or liquid above the catalyst 
surface as well as adsorbed on the surface. 

Densities of molecules adsorbed on surfaces are in moles per unit area, which we 
wiH give the svmbol rij for species j. Typical units of rij are moles per cm 2 . There is a 
maximum density fij of molecules packed in a two-dimensional layer on a flat surface 
when all molecules "touch" or reach liquidlike or solidlike densities. We call this density 
a monolayer, whose density is approximately the inverse of the square of the molecular 
diameter, which is less than 1 x 10 15 molecules/cm2 for all molecules (Figure 7-21). We 
will frnd it convenient also to defrne a coverage of adsorbed molecules as the fraction of 
the monolayer density 6j, 



a quantity that is zero for a "clean" surface and unity for a "sarurated" surface. 

Another convention in catalytic reactions at surfaces is to use the partial pressure Pj 
rather than the concentration C, in describing densities in the bulk phase above catalyst 
surfaces, although there are of course many situations where the reactants and products are 
in the liquid phase. These are simply related for ideal gases by the expression Cj = Pj/RT. 



r-Hinshelwood Kinetics 



clean surface partially covered monolaver 

e A =o e A =i/2 e A -5/8 

e B =o e B =i/8 e B =3/8 



Therefore, we confess that in this section we violate a principle of this book i 
5 promised that we would only use concentration as a variable throughout. 



Reactions of NO on noble metals 



Some of the important reactions in contemporarv technologv involve NO„ which is a 
designation of N2O, NO, and NO2, and was one of the first examples in this book. The 
formation of these molecules in combustion processes is a major source of air pollution, 
and the catah/tic oxidation of NH3 to NO on Pt surfaces is used to produce nitric acid, 
a major industrial chemical. The decomposition of NO, to N2 is a major process in the 
automotive catalytic converter. 

We will use catalvtic reactions of NO to illustrate surface reaction rates. 



Unimolecular reactions 

NO will decompose on noble metal surfaces at sufficientiy high temperatures to form N2 
and O2 in the overall reaction 



The elementary steps in this reaction are thought to be 
NO + S <Z NO-S 
NO-S + S <± N-S + O-S 
2N-S -* N 2 + 2S 
20-s «> 2 + 2s 
The species in this sequence are gas molecules NO, N2, and O2 and adsorbed NO, atoms, 
and N atoms, which we designate as NO-S, N-S, and O-S, respectively. In fact, this reaction 
sequence is not effective in decomposing NO, even though the equilibrium is favorable in 
the presence of O2 (air), and it is necessary to use the bimolecular reaction of NO with CO 
to remove NO from the automobile exhaust. 

Consider a surface-catalyzed unimolecular reaction A, —* B g with A and B gases 
with partial pressures P^ & and P# s above the catalytic surface and coverages $a and Og on 
the surface. The elementary steps and their rates for a simple unimolecular reaction might be 
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A, ĈAs, r = r aA - r ŬA 

As -+ fi s , r" = r R 

B s ->■ 5 g , r = r dB - r aB 

A g ^B g 
where the subscripts g and s refer to gas and adsorbed molecules. Another way of writing 
these steps is 

A + S^iAS 
AS H> BS 
BS^ B + S 
A^ B 
where in this notation A and B are gas molecules, S is a surface site, and AS and SS are 
adsorbed species. 

Catalytic reaction cycles 

These elementary steps add up to give the overall reaction A — > B. It is instructive to 
consider these steps as a cyclic process in which the surface site is S, AS, BS, and back to 
S. This cycle is illustrated in Figure 7-22. We will encounter similar cycles in chain reactions 
in combustion and polymerization processes in Chapters 10 and 11 where a chemical species 
acts as a catalyst to promote the reaction around a closed cycle. 

In these expressions r^'- is the rate of adsorption of species j, which for A may be 
written as A + S — > AS, where A is the gas-phase molecule, S is an empty site on the 
surface, and AS is the adsorbed molecule. We can consider adsorption as a bimolecular 
chemical reaction that is proportional to the densities of the two "reactants" A and S to give 

r» A = kiP A O s 
with k^A me adsorption rate coefficient of species A, and the two densities are as defined 



A 



BS AS 

Y 

c 

unimolecular surface reaction bimolecular reaction 

Figure 7-22 CalaKlic tvcle m vvhich reacumt A adsorbs on a vacant surface site S to form tr 
vvhich reacts to form BS. The product B then desorbs to form the original vacant site S, which allovvi 
i)nv:c-.v lo conliriue indelimtely ln a cycle. 
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The surface coverage of empty sites [S] is the fraction of total sites (densitv [S ]) not 
occupied by adsorbed molecules. Since the surface is assumed to saturate when A = 1, 
then9 s = 1 -0 A , or 

< A -KP A (\-e A ) 

If species A and B compete for the same site, then 6$ = 1 ~ 8 A — 6g to give 

r: A -k ŭ P A (\-6 A -6 B ) 
The rate expression r'J is the rate of desorption, which can be regarded as the 
elementary reaction AS — » A + S, which should have the expression 

'"d = ^dA 6 A 
Note that the units of ks in these expressions are somewhat unusual units in that they must 
be consistent with r" (molecules/area time), P A (Torr), and 6 A (dimensionless). 

The surface reaction rate r'L is assumed to be a unimolecular chemical reaction 
A 5 — >■ B S, which has the rate expression 

4=k R B A 
with k R the surface reaction rate coefficient. We have arbitrarily written the first and third 
steps as reversible (adsorption and desorption) and the surface reaction step as irreversible. 
We now proceed to write rate expressions for all species and solve them. Mass balances 
on adsorbed A and B yield 

-— = k, A P A (\ -6 A - B ) - k AA 6 A - k R 6 A 

■~jf-+k t BpB(\-e A -0 B )-k ŬB 6 B + k R e A 
The terms and their signs come simply by applying the formula dCjjdt = J^ v ij r i f° r $A 
and 9 B . 

We assume that no species are accumulating and therefore the derivatives of coverages 
with respect to time are zero. 

These are two algebraic equations in P A , Pb,6 a , and #g. They can be solved exactly 
to eliminate A and B for this simple case to give 

kuK' A P A 

R 1+ K' A P A + K' B P B 

where K' A = k aA /(k AA + k R ) and K' B ■=. k a s/(kŭB + k R ). We put primes on the Ks because 

they are similar to quantities Kj, which will be the adsorption-desorption equilibrium 

constant. We already see that our rate expressions are not simple power-law expressions. 

For any more complicated rate expressions the equations become polynomials in 
coverages and pressures, and the general solution is uninstructive. As we saw for any 
multistep reaction with intermediates whose concentrations we do not know and that may be 
small (now we have surface densities rather than free radical concentrations), we want to find 
approximations to eliminate these concentrations from our final expression. The preceding 
solution was for steady state (a very good approximation for a steady-state reactor), but the 
expression becomes even simpler assuming thermodynamic equilibrium. 
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Adsorption-desorption equilibrium 

If the reaction step is slower than the rates of adsorption 
then we can assume thermodynamic equilibrium in adsorptic 
This gives 



and desorption of A and h 
\ and desorption of A and l 



= 



-h B p B (\-e A -9 B ) 

exactly equal to the reaction 



= k aA P A (\ -6 A - b ) - h A 6 A = k iB 9 t 
In fact the differences between adsorption and desorption ar 

rate; the pss approximation requires that r a and r^ be individually much greater than Tr. We 
now have two equations from which we can solve explicitly for 9 A . This gives 

K A P A 
VA 1 + K A P A + K B P B 

K A = K A /k ŬA 
K B = Ks/kis 
> B is zero, we can neglect the adsorpfion of B, and the adsorption isotherm i 



wherc 



\+K A P A 



This is called a Langmuir adsorption isotherm for a species A, and the function 9 A ( P A ) is: 
shown in Figure 7-23. The KjS are the aclsorption-desorption egitilibriuni eonstants for' 
species A and B. By historical convention we call these the adsorption isotherms. Before: 
we proceed let us note fhat this is a true fhermodynamic equilibrium relation so fhat 
,-Ea/RT 



K A = K oA e 
where K oA is fhe pre-exponential factor and E A is the heat of adsorpti 



historical convention we define fhe "heat of adsorptior 
the adsorption process is exothermic. 



of A. Again by 
quantity even though 



2 7-23 Langmuir isotherm of coverage 8 A versus K A Pa a« «1 

)f reaction r" for a ummolecular surface-catalyzed reactic m 



KaPa "*" 
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Measurement of adsorption-desorption equilibrium 

The relation A (P A ) is called the adsorption isotherm. It is used to determine surface areas of 
solids and catalysts as well as to determine the adsorption-desorption equilibrium constant 
K A . This is measured by determining the amount of a gas that can be adsorbed by a known 
weight of solid, as shown in Figure 7-24. 

The results of N A versus P A are analyzed by an equation first derived by Bmnauer, 
Emmet, and Teller, and the resultant isotherm is called the BET isotherm. Typically one 
measures the amount of N2 adsorbed for a particular pressure at 78 K (the boiling point 
of N2 at a pressure of 1 atm) as sketched in Figure 7-24. There are several regimes of an 
adsorption isotherm. At low densities the density increases linearly with pressure. When the 
density approaches one monolayer, the surface saturates. As the pressure approaches the 
saturation pressure of the gas, bulk condensation of liquid OCCUFS. This condensation can 
occur preferentially in pores of the solid due to capillary condensation, and the amount 
of gas and pressure where this occurs can be used to determine the pore volume of 
the catalyst. 

Langmuir-Hinshelvvood kinetics 

We can now write the Langmuir-Hinshelwood rate expression for this unimolecular reaction 



>"/? = k R 8 A = 



k R K A P A 



\+K A P A + K B P B 




VQ 



Figure 7-24 Adsorption equilibrium apparatus to determine adsorption isotherms and 

From ihe •.aturation oi a sample ofknou n \veit\hl. the surface area ean be determine 
molecule is known. (Adsorbed molecules are dots.) 



of catalysts. 



Catalytic Reactors and Mass Transfer 

which is the prototype expression for the simplest surface-catalyzed reaction. We sometimes 
further simplify this rate expression by assuming that the product B desorbs immediately 
(equivalent to saying that Kg Pg = 0) to give 

_ k R K A P A 

rR l+K A P A 

We see that in this simplest possible rate expression we could have for a unimolecular 

catalytic reaction there is no simple power-law dependence on partial pressures (Figure 

7-25). 



Approximate rate expressions 



We are interested in obtaining approximate rate expressions that do have power-law 
dependences on partial pressures. We are interested in writing these rates as 



^eff 



= *rfr n p j m ' = *o,eff exv(E tH /RT) f[ Pp 
i 
j is the order of the r 



i \vith 



where & e ff, fc ,eff, £ e ff ^ effective parameters and i 
respect to species j. 

Since there are three terms in the denominator, we recover a power-law expression if 
one of these terms is so large to be able to neglect the others. 

If 1 » K A P A , Kb Pb, th™ ttris expression becomes 

r R = k R K A P A 
so we recover first-order kinetics in Pa. However, the reaction rate coefficient k" = k R K& 
or the rate coefficient is the actual k R multiplied by the adsorption-desorption equilibrium 
constant! 

h° K A P A » 1, Kb P r , then the expression becomes 

r R = k R 
The reaction rate coefficient is now k R , but the reaction is zeroth order! 
FinaUy if K R Pb 3> 1 , K A Pa, then the expression becomes 

r R = k R K A K- l P A /P B 



A ->products 
® 

® 
\ 



<1,r"~Py 



M,r"~P A u 





e A ~i 




m A ~0 


/m A =l 
A«1 





unimoleculai miiU calal cd 
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so the reaction is first order in P A but is negative order in P B even though we assumed an 
irreversible reaction! The reaction rate coefficient is now k'' fi = k R K A Kr ' 



Mechanism 

Why do we obtain such complex rate expressions for such a simple process? The answer 
is found simply in the 1 — $ terms we added in the adsorption rate expression. We said 
that the density of adsorbed molecules could never exceed one monolayer because that was 
the maximum density with which molecules could be "packed." The rate is assumed to be 
always proportional to the coverage of species A, 

r R = k R d A 

When the pressure of A is sufficiently low, its coverage is much less than one monolayer 
and 6 A = Ka Pa to gi ye first-order kinetics. As P A increases and Q A approaches unity, 
the coverage stops increasing [0 A = K A P A /( 1 + Ka P A )ll so the reaction becomes zeroth 
order in P A as B A — > 1, where r# = k R . Finally if the product B is sufficiently strongly 
adsorbed to build up a sufficient coverage, then adsorbed B blocks the adsorption of 
A (9 A = Ka Pa/Kb Pb)> and me rate becomes first order in P A but negative order in 
the product B. 

Adsorption of inerts 

Consider next the situation where an additional molecule is in the system that does not 
participate in the reaction but strongb/ adsorbs on the same sites occupied by A and 6. One 
can easily show that the coverage of A is affected by this species as 
K A P A 
° A 1 + K a P a + K b P b + K c P c 
where K c is the adsorption equilibrium constant of C. Now if K C P C 3> 1, then K A , K b , 
then $ A = K A P A /K C Pc), and the rate becomes 

„ k R K A P A 

rR = ^y c 

The rate therefore becomes reduced by species C (as P~ ), and the effective rate coefficient 
\sk"=k R K A /K c . 

This shows that the "inert" C can strongly inhibit the unimolecular reaction of A, 
both by creating a rate inversely proportional to its partial pressure and by reducing the rate 
coefficient. Analysis of the coverages shows the cause of this. Species C blocks the sites 
on which A must adsorb to react, and lowers its coverage to a small value. This species is 
therefore a "poison" for the reaction. 

It is a common phenomenon to find that apparenth/ innocuous species that do not 
participate in catalytic reactions can strongh/ poison or inhibit catalytic reactions. As 
examples, sulfur compounds are severe poisons for most catalysts, and the lead formerh/ 
added to gasoline as an antiknock agent completely "kills" the catalyst by covering its 
surface sites. 
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Temperature dependence 

We next consider how surface reaction rates should vary with temperature. Since the rate 
coefficients are groups of reaction and equilibrium constants, one expects that they are 
different for different limiting cases. 

The reaction rate coefficient varies as 

k R = k oR exp(-E R /RT) 
and the adsorption equilibrium constants are 

Kj = K j0 exp(+Ej/RT) 
where E R is the activation energy for the surface reaction and Ej is the heat of adsorption 
of species j. We use £ rather than AHj because, as noted previously, it is a convention to 
define the heat of adsorption as a positive quantity. In the above expression Ei is a positive 
quantity and K: decreases with increasing temperature (coverages decrease as temperature 

We can summarize the cases and parameters expected in the four cases in the table, 
which indicates all the orders and activation energies that may be expected for the Langmuir- 
Hinshelwood model. Note particularly how activation energies vary by subtracting or adding 
heats of adsorption to E R (a high activation energy implies a low rate). Subtracting a heat of 
adsorption will increase the rate considerabh/, while subtracting a heat of adsorption by the 
presence of a poison will decrease a rate, perhaps enough to make it negligible by adding 
a "poison." 

Returning to our example of NO decomposition, we need to make only slight 
modification of these equations to fit experimental results. The product molecules N2 and 
O2 adsorb dissociatively in the step 

2 + 2s <± 20-s 
which has a rate 

r - r,- r d ■ * a ^o 2 d - 9 - #n - #no) 2 - k d e 
With adsorption-desorption equilibrium we set r = and solve for O to obtain the 
adsorption isotherm of oxygen assume #jv = 9^o = and 



1 -r * 0i r Q V2 

so the normal K P of a nondissociated species is replaced by (K P)^ 2 for a dissociated 

TABLE 7-2 

Effective Rate Coefficients for Catalytic Reaction 

Approximation k^' ff £ e ff Pressure dependence Coverages 

\»k a p a ,k b p b k R K A e r ~e a p+' e A ,e B «i 

K A P A »\,K B P B k R E R P Ŭ A A =1 

K B P B »\,K A P A k R K A /K B E R -E A + E B P+ : P~ : B = 1 

K c Pc large k R K A /K c E R -E A + E B Pf p c ' 9 c = l 
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species. If nondissociated NO competes for sites with O2 and with dissociated N2, then the 
isotherm for NO becomes 



#no = 



KnoPnO 



1 + AnO OJO + A F 2 + K N ^N 2 

i of NO decomposition should therefore be 
-A„*o(l-<fco-*-fc)- k^^L 



At sufficiently high temperature the denominator is unity because all coverages are low. 

r = k R K m P N0 

while at low temperature the K Q P Q term in the denominator dominates to give a rate 

_ A;ftA"NQpNO 

r - „l/2 p ]/2 
A ^0 2 

Here we see that the rate is strongly inhibited by adsorbed oxygen, which blocks sites for 
NO to adsorb into. This is the reason that NO cannot be decomposed in a unimolecular 
process at moderate temperatures in the presence of O2. 



Bimolecular reactions 



NO must be decomposed by bimolecular reactions to keep the product oxygen from blocking 
the surface sites on which NO must adsorb. In the automotive catalytic converter the NO in 
fact reacts with CO, which is another pollutant reduced in combustion. The reactions may 
be written as 

NO + S «± NO-S 

CO + S <t CO-S 

NO-S + CO-S^lN -S + CO2-S 

2N-S ->• N 2 + 2S 
CO2-S <± C0 2 + s 
This is a simple example of a bimolecular surface reaction, which we will use to illustrate 
bimolecular reactions. 

Consider an irreversible bimolecular reaction 



of gas molecules A and B, which o 
reaction we will assume to be 



a surface to form a gas C. The r; 



r" = k R 9 A 9 B 



our task is to write this rate as a function of partial pressures. 
We assume that the elementary steps are 
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A g ^A s , 



c s «± c e , 



= r R 

= r&c - r&c 



A, + B g -> C g 
Alternatively, writing these steps as "reactions" between A and 6 molecules and surface 
sites S, the elementarv steps become 

A + S^tAS 
B + S^tBS 
AS + BS-+CS 
CS^C + S 



A + B^ C 
Now, as for the unimolecular reaction, we could also write the mass-balance equations 
for $a,$b, and Q c and solve the algebraic equations for the rate in terms of partial pressures. 
However, for fhese expressions we obtain a quadratic equation whose solution is not very 



rnstead we assume adsorption-desorption equilibrium (r, — r& » r R ), and wril 
Langmuir isotherms. These are exactly as for equilibrium among three adsorbed species ii 
the unimolecular reaction 

a K A P A 



l + K A P A + K B P B + K c P c 
with similar expressions for B and 6 C . 

The reaction rate can now be written as a function of partial pressures to yield 



r" = k R e A e B = ( 


kvKiKvP.Pn 


l + K A P A +K B P B +K c Pc) 2 



Note that the denominator contains the square of the denominators in the 8 denominator for 
bofh A and B . We fherefore have a more complex function of partial pressures than for fhe 
unimolecular reaction, but as before we want to find out what these expressions become if 
each of the three terms in the denominator dominate. 

; these in fhe following table, but let us first consider several of fhese 



If 1 » Kj Pj , then r" = Icr K A K B P a P b , then fhe orders of the reaction with respect 
to P A and P B are "normal," but fhe rate coefficient has bofh of the adsorption equilibrium 
constants in it. If K A is large, fhen r" = k R K B K^ 1 P B P A \ and the rate is in fact negative 
order wifh respect to a reactant. 

We can summarize fhe effective rates and parameters expected in fhe four cases for 
the bimolecular reaction in fhe table. 



Langmuir-Hinshelvvood Kinetics 



Approximation k'^ n E e f! Pressure dependence Coverages 

1 » K A P A , K B P B k R K A K B E R -> E A - Eb Pt [ P$ { A , 9 B « 1 

KaPa » 1, K B P B k R K~ l K B E R + E A - E B P A ] P^ ] 6 A - 1 

K B P B » \,K A P A k R K A K~ l Er-Ea+E b P^ P b ] 9 B = l 

K c Pc*t» k R K A K B K? E R -E A -E B +2E C P-t 1 P B ] Pg 2 B c = l 

Physically, these limits correspond to saturation of the surface with different species, 
as sketched in Figure 7-26. 

Note especially the strong inhibition of the "inert" or product C in this irreversible 
process. The reaction could be proportional to P^ 2 , and the activation energy is increased 
by twice the heat of adsorption of C. These features come from the sguared denominator 
in the rate expression for a bimolecular reaction. 

Returning to the NO example, of the reaction of NO with CO and assuming that the 
adsorbed species are CO, NO, 0, and N, the rate of reaction of NO with CO is 

k R KNO Kqq Pno Pqo 



r == k R e m 6 C o = 



,1/2 „1/2 . 



(1 + ^no Pno + K co Pco + K ,z P^ + K^ P^y 
This reaction is sufficiently fast that it proceeds at low enough temperature to be useful to 
eliminate NO in the automotive catalytic converter, We assumed that the surface reaction 
step is 

NO-S + CO-S -+ N-S + C0 2 -S 

More likely it involves several steps such as 

NO-S + S -> N-S + O-S 
followed by 

2N-S <± N 2 + S 
co-s + o-s <± C0 2 -S 
Thus the reactions are similar to those listed for the unimolecular reaction except that now 



Jigure 7-26 Coverages of species A, B, C, and I a r n rnHnr>tQ 

corresponding to the limiting rate expressions, Satu- rt + D "^ P r UUUUb 



I , 1. ! ]im ]||! ; 

1 of a species can lead to rregative-ordcr kinclic 
ise it blocks other specres trom adsorbirrg. 



e A ,e B -o,r"~p A p B 

e A -1, r"~P B /P A 
Gb=1, r"~P A /P B 

«1=1. ^-PaPb^i 2 
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the presence of adsorbed CO oxidizes off the oxygen, which would othenvise poison the 
surface. 

These rate expressions are for Langmuir-Hinshelwood kinetics, which are the sim- 
plest forms of surface reaction rates one could possibly find. We know of no fl 
are this simple. LH kinetics requires several assumptions: 



1. Adsorbed species are competitive for sites but do not othenvise interact; 

2. There is only one type of adsorption site on the surface for each species; 

3. Adsorbed molecules form a maximum coverage of one monolayer; and 

4. All properties of all adsorbates are independent of the coverage of all species. 

None of these is found to be true experimentally for any adsorption system of interest. 
Therefore, we do not expect LH rate expressions to be quantitative for any catalytic reaction 
system. The real situation will always be much more complicated, and in most cases we 
do not yet know what rate expressions might describe catalytic reactions with more than 
empirical accuracy. 



A SUMMARY OF SURFACE REACTION KINETICS 

The previous derivations describe what must be expected in the simplest catalytic reactions: 
Orders of reaction and rate coefficients change strongly with conditions. For a unimolecular 
reaction A — ► B on a surface we expect the rate expression of the form 





k R K A P A 






r " 1 + K A P A + K B P B 




:actio 


l A + B ->• C we expect 




„ 


kRK A K B P A P B 




(l + K A P A + K B P B + K c P c ) 2 



Thus, for all 



that are catalyzed by surfaces we should expect 

l negative orders with respect to a reactant species in catalytic 



1 . Nonintegral orders and e 
rcactions; 

2. Rate expressions obtained in one set of pressures and temperatures might not describe a 
reactor in another situation because rate expressions of catalytic reactions do not obey 
the power law; 

3. Traces of impurities should drastically alter catalytic reaction rates even whentheydo 
not enter into the reaction. 



For example, in probler 



; will consider a 
k'P A 



-.1 »1 io i 



• K'p A y 
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for a unimolecular reaction A — » C. This form of a rate expression could be obtained for a 
bimolecular competitive reaction A + B -> C if B is in excess so that its partial pressure 
does not change. The standard form of a bimolecular reaction can then be transformed into 
this expression if k' = kRK A Kg Pb and K ' = K A . 



DESIGNING CATALY71C REACIDRS 



We now can begin to see how we choose catalyst parameters in a catalvtic reactor if we want 
the pseudohomogeneous rate to be as high as possible. We write the "general" expression 
for a catah/tic reaction rate as 

r = (area/volume)r" 

lr" 

= (area/volume) ■ 



k"/k m 

where we can see the reaction rate represented by k", external diffusion represented by k m , 
and pore diffusion represented by r]((j>). We write these as 

k" = k' ' exp(-E/RT) 
Sh D D A 



and T]((p) through the Thiele modulus </> as 

where all of these quantities have been defined previously. 

We want the pseudohomogeneous rate as a function of the parameters in the system, 

r(u, k' , E, D, d p , S gPc , D A ,Sh D ) 
The optimum performance of a reactor will occur when the rate is as high as possible. We 
can always increase k" by increasing the temperature, assuming there is only one reaction 
so that selectivity is not important. However, we will frnd that at some temperature the mass 
transfer and/or pore diffusion processes will begin to limit the rate. 

The ideal reactor will usualh/ be obtained when the reactor just begins to be mass 
transfer limited, 



The catalyst loading i 



and when pore diffusion just begins to affect the rate 
0=1 
1 the reactor should be as small as required to attain the desired 
t of the catalyst, and the catalyst pellet size should be as large as 
possible to minimize pressure drop in the reactor. 

One can increase the external mass transfer rate by increasing theflow velocity u over 
the catalyst pellet. In a slurry this can be accomplished by increasing the stirring, and in a 
packed bed or fluidized bed it can be increased somewhat by increasing the flow velocity 
(although with the same catalyst this decreases x, which lowers the c 



312 Catalytic Reactors and Mass Transfer 



Pore diffusion can be increased by choosing a catalyst with the proper geometrj, 
in particular the pellet size and pore structure. Catalyst size is obvious (r ~ i? 1//2 if pore 
diffusion limited for the same total surface area). The diameter of pores can have a marked 
influence on r\ because the diffusion coefficient of the reactant D& will be a function of (L 
if molecular flow in the pore dominates. Porous catalysts are frequently designed to have 
different distributions of pore diameters, sometimes with macropores to promote diffusion 
into the core of the catalyst and micropores to provide a high total area. 

One can begin to diagnose the performance of a catalytic reactor very quickly with 
very limited knowledge of its properties by considering the effects of (1) temperature, 
(2) stirring, and (3) pellet size. Reactor engineers should always be aware of these effects 
in any catalytic process. 



Flow patterns in catalytic reactors 

In addition to using different catalyst flow patterns in packed and slurry reactors, the flow 
can be varied to attain different catalyst contacting patterns. As shown in Figure 7-27, many 
flow patterns such as radial flow and fluid recirculation can be used. These allow variation 
of the flow velocity u for a given reactor size and residence time t. These recirculation flow 
patterns approach the flow of recycle reactors; so the reactor performance approaches that 
of a CSTR at high recirculation. 



ELECTROCHEMICAL REACTORS 



Electrochemical reactions are catalytic reactions in which strong electric fields near surfaces 
are used to alter chemical equilibrium. By applying an extemal voltage V between two 
electrodes and creating an electric field •£ in an ionically conducting solution, we can cause 
current to flow and reaction to occur at electrodes. The Gibbs free energy is altered from 
its value in the absence of an electric field by the Faraday relation 

AG = G° + n e Ft 



X 



T 

conventional 
packedbed 



radial flo w 
packedbed 



tMttj 



countercurrent flo v\ 
packedbed 
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where AG° is the standard state Gibbs free energy, n e is the number of electrons transferred, 
and F the Faraday, F = 96,500 coulombs/mole and 1 coulomb=l amp sec. This allows us 
to "cheat" normal equilibrium constraints in a chemical reaction. For example, if we apply a 
voltage V > *£o to an aqueous solution containing electrolyte, we can actually decompose 
water molecules 



H 2 ->• H 2 4 



1 



-o 2 



and generate H2 gas bubbles at the negafive electrode and 2 bubbles at the posifive elecfrode 
(Figure 7-28). 

The electrochemical reactor has two "magic" properties: (1) It causes chemical 
reaction where equilibrium does not permit reaction in fhe absence of an electric field; 
and (2) it causes a separation of products because they are generated at different electrodes. 

The electrode surfaces are catalysts to promote certain reactions. In H2O electrolvsis 
the reaction 

2H+ + 2e~ -> H 2 
occurs on a Pt electrode at negative potential (the cathode), while the reaction 

20H" -> ^0 2 + H 2 + 2e~ 

occurs at the positive electrode (the anode). At each electrode a catalytic reaction occurs, 
fhe first with addition of two electrons from the electrode into the solution, and fhe second 
by transfer of two electrons from the solution into fhe electrode. When the above electrode 
reactions are added, we obtain H 2 decomposition into its elements. 

Thus electrochemical reactions are two coupled surface catalytic reactions, with fhe 
rates at each electrode identical 



^anode = ''cathode = 



n e Fl 



because in steady state fhe electrons must flow through the complete circuit. Here A is the 
electrode area and Z is the current that flows fhrough the circuit. 

By far the most important application of electrochemical reactors is the chloralkali 
industry, which produces most industrial Cl 2 and NaOH. (Recall our discussion of fhe 



oH 2 
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origins of Dow Chemical Company in Chapter 3.) In this process graphite electrodes are 
used, and concentrated brine (NaCl) is electrolyzed by the electrode reactions 



> Cl 2 + 2e~ 
* 20rT + H 2 



to give an overall reaction 



NaCl + H 2 -> NaOH + -Cl 2 

A chloralkali reactor might look as shown in Figure 7-29. 

Another important industrial electrochemical reaction is 
metal from its ore bauxite, Al(OH)3. The molten bauxite 



the production of ; 
is electrolyzed wit 



electrodes, Al metal bars are plated onto one e 
electrode. 

Batteries are an old example of using an 
energy from solids, and fuel cells are a new e 
to produce energy directly from chemicals. 



2ctrode, and 2 gas 



eated at the other 



ectrochemical reaction to produce e 
ample of using an electrochemical 



REAL CATALVTIC REACHONS 



We have finished our discussions of the fundamentals of catalytic reactions, catalytic 
reactors, and mass transfer effects. While we noted that most catalytic reactions can be 
made to exhibit complicated kinetics, we have confined our considerations to the almost 
trivial reaction r" = Ic"Ca- We did this because the algebra was messy enough with the 
simplest kinetics. 

If we begin to complicatc the kinetics, thc problems seldom have analvtical solutions. 
While we can seek numerical solutions, it is very easy to get really lost in the complexities 
of the equations and the pages of computer printouts. Remember, we want first to figure 
out what is going on and what steps are controlling the process. Then we later may want to 
fmd accurate numbers to predict reactor performance. 

Multiple reaction systems further complicate our lives. Recall that selectivity issues 
can dominate reactor performance, and minimally we have to solve one equation for each 



NaCf 
H o 0~ 




Hgure 7-24 Sall eleclrolvsis u> produce Cl 2 gas 
and NaOH solution iu i ciiloralkali piocess This is 
the process by which most alkali and chlorine are 
produccd. Th c i continuou ly with 

brine solution flowing into the cell and NaOH and 
Cl 2 gas ilofting out. 
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chemical reaction. Now when we add the different kinetics of each reaction and recall fhat 
diffusivities and mass transfer coefficients are different for each chemical species, we see 
that we have an even more difficult problem. 

Recall frnally that chemical engineers are the only people who are capable of un- 
derstanding what is going on in chemical reactors, and that suitable design of catalvtic 
reactors frequently determines whether we have a money-making or money-losing process. 
Chemical engineers earn fheir salaries by being the only ones who can provide answers, 
and even fhen we frequently have to guess. 



BIOREACTORS 



This chapter has focused on inorganic and heterogeneous catalysts, because historically 
fhese are the major systems wifh which chemical engineers have been concerned. There are 
number of important homogeneous catalytic processes such as the Wacker process to make 
vinyl acetate from efhylene and acetic acid, and fhere are many acid and base homogeneous 
cafalyst systems. 

However, there are also many important biological catalvtic systems. Fermentation of 
sugars into efhanol has been practiced since the Stone Age, and we still have not improved 
fhese catalysts much from fhe nafurally occurring enzymes that exist in fhe yeasts that are 
found naturally growing in natural sugar sources. 

Fermentation is an anaerobic process, but in the presence of O2 the oxidation of 
ethanol to acetic acid (vinegar) accompanies fhe biological reactions and produces less 
valuable products. All biological decay processes are enzyme catalyzed, as single-celled 
bacteria produce enzymes to digest dead plants and animals. The metaboMc products of 
fhese reactions are frequently numerous, and some of fhe organic products contain sulfur 
and nitrogen, which have unpleasant odors. There are therefore few examples of aerobic 
biological reactions except sewage treatment. This reaction is one of fhe most important 
chemical reaction processes in our civilization, but we have generally relegated this chemical 
process to civil engineers. 

Production of high-fructose corn syrap is an important enzyme process. Because 
fructose tastes much sweeter than glucose, sucrose is converted into fiuctose by enzymes, 
and most soft drinks contain HFCS prepared by enzyme catalysts. Many small-volume 
enzvme processes are practiced (penicillin is a very important one), and much research 
and development is underway to find biological processes to make fine chemicals and 
pharmaceuticals. 

One of fhe major issues in biological processes is fhat physiological systems create 
and use chiral molecules in very specific ways. Only one of the six isomers of sugars 
tastes sweet and can be metabolized. Thalidomide is a harmless tranquilizer, but the other 
of its isomers causes serious birth defects. Many common drugs are sold as both chiral 
isomers, with only one having any beneficial value. Scientists have been only modestly 
successful in creating synfhetic catalysts to prepare chiral molecules, and we will continue 
to rely mostly on natural enzymes to produce these products. A major growth industry for 
chemical engineers is in the discovery and development of new chiral molecules because 
fhe potential value of fhese new products can be billions of dollars. 
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THE HUMAN REACTOR 



Living organisms are incredible examples of well-designed chemical reactors. All animals 
have a food consumption-processing system coupled to a circulating reacting svstem with 
blood as the fluid. A simplified (one of the greatest possible understatements) schematic 
diagram of us as chemical reactors is illustrated in Figure 7-30. 



The food processing system 

The food and water processing reactor svstem ha; 
reactors, and a semibatch elimination system. Food 
of solid and enters the stomach every 8 hours or f 
with water, acidified, and mixed with 
and molecules. The food mixes in the 
so we describe it as a transient CSTR. 

Next the acidified food passes i 
and 20 ft long), where it is neutralized and mixed with l 
This is the primary chemical reactor of the body, operatin; 
E. coli bacteria catalysts. 

Reactions in the stomach and si 
hydrates and dissaccharide sugars into monosaccharides 



batch feed, 

ed in the mouth to small pieces 
' so. In the stomach food is further mixed 
vhich begin reacting it into small particles 
'olume 0.5 liter). but its fecd is semibatch: 



mall intestine (a 



r 3/4 i 
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(not to scale) 



Carbohydrates 

Proteina 

H„0 




The Human Reactor 317 

C12H22O11 — > 2CgHi206 
and the breakdown of proteins into amino acids, which is the hydrolysis of amide link- 
ages into amine and carboxylic acid. [Proteins are Nafure's nylon]. All these reactions 
are catalyzed by acids, bases, and enzymes. Bacteria break large proteins and complex 
carbohydrates into sufficiently small molecules that fhese hydrolysis reactions can occur. 

Peristalsis is the intestinal pump that maintains a suitable velocity and enhances 
mixing, We describe this reactor as nearly plug flow, alfhough the backmbdng of bacteria 
is essential in keeping them in fhe reactor. 

The wall of the small intestine is permeable to water and to small molecules such 
as the amino acids produced by protein breakdown and sugars produced by carbohydrate 
breakdown; so fhis system is a reactor-separator combination, a membrane reactor. Finalh/ 
the undigested food passes into the large intestine, where more water is removed fhrough 
the permeable wall before exiting fhe reactor. 

The circulatory system 

Amino acids, sugars, and minerals pass fhrough fhe small intestine into fhe circulatory 
system, where they are mixed wifh blood. The primary reactor organs in processing blood 
are muscle and fhe kidneys. The fluid flows in nearly total recycle fhrough arteries and veins, 
which are basically fhe pipes in fhe system, and capillaries, where most of fhe transfer to 
and from fhe reactors and separators occurs. 

The combustion and cell formation system 

Muscles and ofher cells use sugars as fheir energy source by oxidizing fhem into CO2 and 

sugar + 2 -> C0 2 + H 2 

or, if fhe body does not need energy, by converting it to fat, which is stored for future use. 
The ofher reaction is fhe building and decomposing of muscle and ofher cells from amino 
acids, 

amino acids — > proteins 
This reaction is of course just fhe reverse of fhe hydrolysis reactions fhat occur in fhe 
digestive system, but fhe proteins formed are different from fhose in fhe food. 

Combustion occurs by adding O2 to me bloodstream adsorbed in hemoglobin, 

HGB + 2 -+ HGB-O2 

transporting both fuel and oxidant to fhe cells where they diffuse through cell walls, and are 
reacted by ATP enzymes to produce energy and CO;?, which diffuses and is carried back 
out through the lungs. 

The lungs are fhe gas-liquid separation units that transport O2 mto me body and 
remove fhe CO2 oxidation product (definitely no partial oxidation to CO). 

Cells are built by combining ammo acids back into proteins, mosfly within cells. This 
process uses RNA template catalysts, whose formation from DNA and "expression" are 
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the major marvels of living organisms. The enzvme catalvsts are also proteins that have 
structures to catalyze spe ifii reaction thi ie molecule are being continuously created and 
decomposed as needed. 

Waste products (cells only hve for hours to days) pass back to the blood, vvhere they 
are carried through the liver, which is the other major chemical reactor in the circulatory 
system. Here enzymes bound to surfaces in the liver further react the decomposition product 
molecules into even smaller molecules that can pass through the body's major filter, the 
kidneys. Liquid wastes and excess water then are stored in the bladder until needed. 

The circulatory system is nearly continuous, with many short and long time constant 
transients, depending on age, activity, time of day, etc. 

Each of these reactor systems can be described by a residence time or time constants; 
for example, Tdi ges tion is the time for food to pass through the digestive system, and r c j rcu i at j on 
is the time for blood to circulate. Consumption and metabolism of medicines and alcohol 
are described by the transient response of the concentration in the bloodstream or in tissues. 

Human factory 

These chemical reactor systems are of course under high levels of process control through 
the brain and the genetic code. The body is a very inefficient factory to produce materials 
(although chicken factories produce a pound of chicken meat for approximately 3 pounds 
of grain consumed). 

However, the primary intent of physiological systems is not to increase individual size 
but to produce a functioning organism that can reproduce itself. The reproductive capacity 
of living systems involves another complicated set of chemical reactors that we will not 
consider here. However, we will examine the kinetics of populations of living systems in 
Chapter 8 in connection with environmental modeling. 

Another way of looking at physiological systems is not just as chemical reactors but 
as a complete chemical plant, which contains a control room (with its own supercomputer), 
a lunchroom, rccrcational facilitics, and of course facilitics for constructing a ncw chcinical 
plant when the present one corrodes away or become obsolete. 

We suggest that consideration of Nature's ways of running and controlling chemical 
reactors provides lessons of the "ideal reactor" of which we can create only primitive 
copies from our education as chemical engineers. As the Bible says, we are "fearfully and 
wonderfully made." 



7.1 Design a continuous coffee maker to produce 100 gallons per hour of decaffeinated liquid coffee 
with a quality as close as possible to conventional batch processes starting with fresh coffee 
beans and water using 0.1 lb of coffee per gallon of water. Coffee beans are first dried and 
fermented by heating for 3 days at 40°C. Then the beans are roasted for approximately 15 min 
in an oven at 400°C before grinding. Caffeine is removed with supercritical CO2 extraction. 
Use your own recipe for coffee brewing. Describe raw material needs, reactor sizes, and flow 
patterns in reactors. The solution need be no more than one page in length. 

7-2 A slurry reactor contains 100-/U,m-diameter spherical particles that catalyze the reaction A ->■ B 
with a rate r" = 10 _3 Ca in moles/cm 2 sec with Ca m moles/liter. There are 10 5 particles/cm 3 , 
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and onh the cMcrnal snrfacc o! thc particlcs is catalvtic. What llo\\ ratc of C \ — 2 molcs/litcr 
can be processed in a 10 liter reactor if the conversion is 90%? 

7.3 The reaction r" = kC As occurs on the external surface of a sphere of diameter D suspended in 

a stagnanl fluid in which the diffusion coefficient of tlic rcactant is D A . Find the total rate of 
the reaction in terms of these quantities. How does the rate depend on particlc diameter? How 
would this influence the design of a slurry reactor \vith tliis catalvst? 

7.4 If the reaction in the previous problem is exothermic and mass transfer limited, show that 

multiple steadv states could occur. 

7.5 A 1 m 3 packed bed reactor is filled with S-mm-diameter catalyst spheres that occupy 0.7 of the 
total reactor volume. Tlte fccd concentration is 2 moles/litcr and thc llo\\ ratc is 1 Hter/sec. 

(a) In separatc e\periments nsiiiL' a small reactor a pseudohomogeneous rate coefficieni of 
4 x 10~ 3 sec -1 based on the reactor volume was obtained. Find the conversion in the packed 
bed. 

(b) Find the conversion if (hc rcaction occurs onlv on llie external surfacc of thc catah sl sphcrcs 
with a rate r" of 2 x 10~ 6 moles cm-2 sec'. 

•• \ ic.kl.illl "I bllll ii.iKcllll.illoll C ,\„ ic.ii Ili ■' i.iiiil ui i .i.. -. • 'i ■ ii il i |.|i.-i. "I i i.lin 

R in a slurry reactor. The first-order suriace rcaclion rate coefficient is k", and the difiusiviiv 
of A in the solution is D A . Find the effective ratc coefficient k" ff in terms of these quantities, 
assuming that stirring is sufficiently slow that the fluid around particles is stagnant. 

7.7 Calculate the effectiveness factor of a single catalyst pore and of a catalyst slab for zeroth-order 



7.8 Find the effectiveness factor for a spherical catalyst particle vvith iirst-order kinetics. 

7.9 Find r/ in the limits of (j) — ^ and (f) -» 00 f° r a spherical caialvst pellet. How should r\ 

depend on catalvst lempcralure? Show that the effective activation energy of a catalyst reaction 
is one-half of the time activation energj when (j) — > 00. 

7.10 Derive an expression for the effectiveness factor of a porous catahst slab of thickness 2L that 
has an elTective poic diamcter d t = 4s/p c S with a first-order reaction r" = ^"Ca- Can you 
justify d e = Aspjl 

7.11 What equation would have to be solved for the catalyst effectiveness factor for a second-order 

reaction'.' Whal is tlie apparent aclivalion cncrgv of a scconcl-ordcr rcaclion in thc limil of 
<£^ 00? 

7.12 A first-order catalytic reaction occurs on the walls of a tube 0.5 cm in diameter with a flow rate 
of 0.1 liter sec. The rate of the reaction is r" (moles/cm2 sec) = W~ 2 C A with C A in moles/Uter. 

i;i) Ho\\ long nnist ihc tubc bc lo obtain ')()'"-< convcrsion if thc concentration is unilorni across 

the tube? 
(b) Would this be a good approximation in water (v = 1 x 10 -6 m 2 /sec)? In air at atmosphenc 

pressure (y = 2 x 10~ 5 m 2 /sec)? 

ate coefficient in terms of k" , D A , 
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(d) Find an e\pression for the pseudohomogeneous rale coelTicient if the flow is turbulent and 
the boundary layer is small compared to the tube diameter. 



7.13 A first-order irreversible catalvtic reaction (r" = k"C A ) occurs in a slurry reactor (or fluidized 

bed reactor). Splierical cataKst parlicles have diameter R. densit> pj,, snriace area/inass 5 g , 
and a fraction £ of the reactor is occupied by catalyst. The average pore diameter is d. Find an 
expression for r(C A ) m terms of these quantities. 



7.14 A reactant of bulk concentration C Ao reacts on the external surface of catalyst spheres of radius 
R in a slurry reactor. The first-order surface reaction rate coefficient is k" and the diffusivity 
of A in the solution is D A . Find the effective rate coefficient k'L in terms of these quantities, 
assuming that stirnng is snliicicniK slo\\ that the iluid aronnd particles is stagnant. 



7.15 A particular catalyst has a surface area S = 100m /g, a density p c = 3 ) 
fraction £ = 0.3. 



m 3 , and a void 



(ai The pseudohomogeneous rate of the irreversible reaction A -» B in a test of this catalyst 
was 1 x 10" moles/liter sec when the reactanl conccntration was 1 mole/liter and 2.5 x 10" 
when the reactant concentration was 0.5 moles/liter. What is the surface reaction rate 
expression in moles/cm* sec? 

(b) What reactor volume will be necessary to process 100 liters/sec of 2 molar A to 90% 
a packed-bed reactor? 



7.16 We have a catalyst 1/8 in. in diameter in a slurry n 
reactor. Diagnose the following observations: 



(a) The conver: 

we double 

(b) The convet 
holding the 

(c) Thecom 
the total 



when we double the sl 



that gives 90% conversion in a slurry 
rate but doesn't change further when 

dianieter. 



n is unchanged when we replace the catalyst by pellets 1/4 
: total \veighl of catalvst the sanie. 

m decreases when we replace the catal) st by pellets 1/4 in. in diameter, holding 
'eight of catalyst the same. 

ses when we replace tlie calalv st by pellels 1/4 in. in diameter, holding 
the total weight of catalyst the same. 

(e) The reaction rate increases by a factor of 10 when the temperature is increased by 10 K. 

(f) The reaction rate is unchanged when the temperature is increased by 10 K. 

(g) In (e) the Thiele modulus was 0.1. How would the rate change ii the Thiele modulus were 
10? How does Thiele modulus vary with temperature? 



7.17 A catalytic reaction 
0.1 liters/sec. The n 
Assume D A = 0.1 < 



n the walls of a tube 1 cm in diameter with a flow ratt 
i r" (moles/cm 2 sec) is 5 x IQ- 4 C A with C A in moles/lit. 



of 



(b) How long must the tube be if the flow is laminar with Sho = 



7.18 A certain spherical porons calalvsi v\n:h a pellel diameter of 1/8 in. lias a Thiele iiiodnltis of 0.5 
for a first-order reaction and gives 90% conversion in a packed bed reactor. : 
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replace this catalyst by the exact same catalyst but with pellets of 1/4 or 1/2 in. to reduce the 
pressure drop? How will the conversion change with thesc catalvsls? 

7.19 A catalytic reaction has an activation energj of 20 kcal/mole for a given catalyst pellet size and 
gives a 90% conversion in a slurry reactor at 50°C. 

i x i) i ill i ii n i if thc lcmp iiii iii! i y 101 i ih Ihitle modulus 

(b) What will be the conversion if the temperature is increased by 10 K if the Thiele modulus 
is large? 

(c) What niiehl \oii infer il thc comersion clocs nol cliangc uhen thc tcnipcraturc is increased 
by 10 K? How might you test this hypothesis? 

7.20 The catalyst in the previous problem had a Thiele modulus of 0.1. A new catalyst was found to 
have a Thiele modulus of 5 with all other properties unchanged. What will be the conversion 
in the above reactor with this new catalyst? What will be the appropriate kinetics? 

7.21 What are the maximum and minimum orders of reaction predicted for an enzyme reaction 

A + B -> C if both A and B require two competitive enzyme sites? 

7.22 A packed bed has spherical pellets that pack in a square closc-packed configuration. 
iai What is thc void fraction in ihc reactor? 

(b) Calculate thc evternal surface arca pcr litcr of fluid volumc for pcllcl diamctcrs of 1/4, 1/8, 

1/16, 1/32, and 1/64 in. 
ici If a first-ordcr irreversible rcaction ,4 — > producls occurs on thcsc pcllcts \vilh ;i con\crsion 

of 90% using 1/16 in. pellets, wha1 conversions would bc obtained for each of these pellet 

diameters, assuming that the reaction is always reaction limited? 

7.23 In the spherical pellet reactor of the previous problem assume that the reactants are completely 
mixed in the void spaces between particles, so that each interpellet space behaves as a CSTR. 
For a reactor height of 1 in., compare the conversions for each of the above pellet sizes with 
the 90% conversion in the PFTR approximation. You can find the formula for conversion in a 
service of CSTRs in Chapter 8. 

7.24 Electrolysis can be used to produce very high-purity H 2 and 2 . 

(a) If electricity costs $0.02/kwh, what is the cost/ton of producing these gases assuming no 

(b) Look up the current prices of }{ 2 and O2 an d compare with this price. 

(c) Electrolytic cells can draw a maximum of -0.5 amps/cm 2 in steady state without an 
unacceptable overvoltage. Devise a reactor system to produce 1 ton/h of these separated 
gases. Make assumptions about cell sizes and spacing. Include heat removal provisions. 
What is its size? 

(d) Under what conditions might electrolvtic Hz and 2 be economical? 

7.25 The amount of oxygen adsorbed in a monolayer on 1 g of a sample of silica gel at low 

tcmpcraturc. mcasurccl as thc \olume ol oxygen aclsorbccl. uas 105 cm 3 ai 30'! K and 1 atm. If 
the cross-sectional area for oxygen is taken as 14 A 2 , determine the surface area per gram for 
this silica sample. 
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7.26 H2 adsorbs on metals as atoms. Show that the Langmuir isotherm for H2 w 
should be 



1 + *& Pl 

7.27 The reaction H 2 + \Oi ->■ H 2 has a rate-limiting step H-S + O-S -» HO-S, and the 

of the reaction is r = k R dyfi . Derive a reaction rate expression r(P^ 2 , Pq 2 ) for this reac 
assuming Langmuir-Hinshelvvood kinetics \viih conipctiti\c adsorption. What are 
and minimum orders for this reaction predicted by this expression? 

7.28 Considcr thc rcaction engineering oi' a i'our-c\cle spark ignition autoinobile. Assiiinc a 1.5 litcr. 
4-cylitlder engine with a compression ratio of 10 driving at 60 mph with a tachometer reading 
of 2400 rpm and burning octane in 20% excess air. 

(a) Estimate v , isnorins the \aporizcd iuel. assumins intakc at 20 "C. 

(b) Estimate the gas mileage and heat generation rate assuming complete combustion if the 
engine is 20% efficient in producing power from fherma! energy. 

(o Thc aciual comhustion occurs in a baich rcaclor. Calculatc Ihc rcsidcncc limc ol' (his reaclor. 

(d) If intake is at 25°C, calculaic thc icinpcrature at the top of the compression stroke before 
combustion occurs. 

(e) Calculate the maximum temperature assuming that upon spark ignition the reaction goes 
to completion bcforc expansion in thc po\\cr strokc occurs and lliai 110 hcat losses occur. 

(f) If the reaction front propagates from the spark plug at the velocity of sound, estimate the 

(g) Calculate the temperature at llic end of the power stroke before the exhaust valve opens, 
assuming no heat losses in the cylinder. 



7.29 A lo-cm-diameter 25-cm-long extruded monolith catalytic converter consisting of 2-mm square 
channels is used to remove pollutants from an automobile. Assuming that there is 1% CO in the 
exhaust and that llic surface rcaction raic is infiniic uith c.kccss O^, calculalc ihe conversion of 
CO to be expected for llie auloinobilc cnsine described above. 

7.30 On platinum H 2 adsorbs dissociatively and CO adsorbs without dissociation. 

(a) Wrilc rc 1 mabl Langliii!" 1 111 1 uni 11 1 etitive ad oiption. 

(b) What would be a reasonable rate expression for the surface reaction 

H 2 + CO ->. HCHO 
on Pt? 

7.31 The pre-exponential of a iirsi-ordcr adsorplion proccss is 10" molecules cm-2 sec" 1 toir' an d 
the desorption pre-exponential is 10 13 sec -1 . The heat of adsorption of CO on Pt is 30 kcal/mok, 

(a) Write a reasonable numerical expression for (P co , T) 

(b) At what surface temperature will the CO coverage be 0.1 at a CO pressure of 1 atm? 

(c) At what pressure will the CO coverage be 0.5 at 800 K? At what pressure will the CO 1 
coverage be 0.01? 

(d) [Graduate students onlyl Show that these numcrical \alucs of pre-c\ponentials arc reas' 



A unimolecular catalvtic reaction is li'equenU_\ assumed to depend on temperature and partial 
pressure of reactani p A according to a Langmuir-Hinshehvood ralc expression 

k R (T)K A (T)P A 
VR = 1+ K(TYP A 
k R (T) = k Ro exp(~E R /RT) 

K A (T)=K Ao wp(+E A /RT) 

(a) What must be the relation betvveen the reaction activatk 
adsorption of the reactant E A for this expression to predk 
function of temperature? 

(b) Show that the effective activation energv E* for this reaclio 

E*~E R -E A (l-9 A ) 

where 6 A the covcragc ol\4 is givcn by a Langmuir isothcrm and E* is deilned by the expres 



energy E R and the heat of 



i given by the expression 



(c) At what coverage can E* be zero? 

(d) Show that the temperature of the rat< 



T m is givcn by the expressk 



r m = E A /R ln [(E A - E R )/E R P A ] 

7.33 In catalytic distillation a catalyst is placed on the trays of a distillation column. 

(a) What arc ihe principlcs and possiblc ad\antages ol catalviic dislillation compared to a 
conventional packed bed catalytic reactor? Consider temperature variations, recycle in a 
distillation column, and the fact that species have different boiling points. Don't look up 
anvthing. 

(b) CD is the major tndustrial process to produce MTBE. The boiling points of methanol, 
isobutane, and MTBE are 6.5, — 12, and 56°C, respectively, and the reaction is reversible. 
Describe how this process should give a better yield of MTBE than a conventional packed 
bed. 



7.34 Moving cataUsi beds are used w. caiahtic reactors continuously to remove and replace spent 
catalyst. As examples, FCC operates with a catalyst residence time in the riser of -1 sec, while 
in catalvtic reforming ilic calahst is recvcled uith a rcsidence time of ~1 week. Thc s|5c;il 
catalyst has a lower activity. Should the catalyst flow be cocurrent or countercurrent with the 
feed? 
ia) Considcr a.n cvoilicrinic rcaciion \\itli \\all cooling uhere it is important li 

spread out the hot spot to avoid thermal deactivation of the catalyst. 
(b) Consider an endothermic reaction with wall hcaiing uhere the temperatur 

ihroughout ihc reacior io mainiain a liigli raic throughout thc bcd. 
(O Consider the situation where the feed contains catalyst poisons that deactivate the catalyst 

by adsorbing on ii and uhere ihe stratcgv is io maintain acti\ii\ ihroughoui thc bctl. 



e should be high 



7.35 Considerable research and engineering are being devoted to improving the performance 

automotive catalvtic comerler io rcducc cmissions thai occur during siartup. 
(a) Onc solution io cnhssions in starlup in\oi\cs adding a sniall calalvtic con\crtcr placcd 
the engine than the conventional catalytic converter. Why should this reduce 



oi Ihe 
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(b) Another solulion lo cnŭssions m siartup involves adding a zcolite adsorber st 
exhaust manifold just before the catalytic converter. Why should this reduce 

7.36 The water-gas shift reaction 

CO + H 2 -> C0 2 + H 2 
is thought to proceed on a certain catahst b\ tlie folkra in;j scquence of elementary steps: 
H 2 + S ^t H 2 + 0~S, /-i = Jv lf [H 2 0][S] - Jvi b [H 2 ][0-S] 
CO + O-S ^ C0 2 + S , r 2= k 1{ [CO] [O-S] - k 2b [C0 2 ] [S] 

(a) If step 2 is rate limiting but reversible, find an expression for the rate in terms of the 
gas-phase concentrations and the ks. 

(b) Find an expression for #0, tne coverage of adsorbed 0. 

(c) Derive an expression for the surface reaction rate making only the steady-state assumption 
in the adsorbed species. 

(dl Find an cxprcssion ior 0q, llic covcragc of adsorbcd uilh onl\ Ihc slcad) -statc assumption. 
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DESIGNING A CHEMICAL REACTOR AND 
INTRODUCTION TO APPLICATIONS 

We have thus far considered all of the principles necessary to design a chemical reactor. In 
this brief section we summarize thesc principlcs and thcn discuss where wc arc going in 
the rest of the book. 

Design Principles 

Chemistry The first topic to examine is the chemical reactions one wants to run and all 
the reactions that can occur. One immediatelv looks up the A Hm and AGs; to determine 
the heat release or absorption and the equilibrium composition. Equilibrium considerations 
also govem the temperature and pressure necessary for an acceptable equilibrium yield. 
This was the subject of Chapter 2. 

Flow pattern Next one decides whether a batch or continuous reactor is suitable and, if 
flow, whether a mixed of unmixed reactor is preferred. Initially one may do calculations 
for PFTR and CSTR to bracket all flow patterns. This is the subject of Chapters 3 and 4. 
The choice of catalyst and heat removal method will be very important in deciding the best 
flow pattem. 

Heat management The method of heat removal or addition must be considered early 
in reactor design. The heat load is easily calculated from the estimated selectivity and 
production rates. In designing for heat management the worst-case scenario of maximum 
heat release must be considered. Jackets or cooling coils will be important in preliminary 
design, and attainable heat transfer rates will determine the needed heat exchanger area and 
configuration. This was the subject of Chapters 5 and 6. 
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Reaction rates Next we need kinetics. These are usually of the Arrhenius form 

where ms are orders with respect to reactant and product concentrations. One must of 
course consider reversibi]ity (especially if the equilibrium constant is not very large), and 
reaction rates may not obey the simple power-law expressions. Thus far, we have implicith/ 
assumed that accurate rate expressions were available, a situation seldom encountered in 
industrial practice. 

CatalystS The major problem with obtaining rate expressions is that most interesting 
processes employ catalysts to attain high rates and selectivities, and catalytic kinetics depend 
sensitively on the details of the catalyst chemistry. Aspects such as promoters, poisons, 
activation, and deactivation play cracial roles in determining catalyst performance. With 
catalytic processes we expect complex rate expressions and fractional orders of reaction. 
This was the subject of Chapter 7. 

Separations Separation processes and staged processes must be considered along v 
the performance of the individual reactor. The performance of the integrated system must 
considered in all stages of design. Very important in the overall process are the yield of t 
desired product and the separation and disposal of byproducts, and separation capabilities 
can dominate these issues. 

You have learned or will learn about the separation components of a chemical process 
in mass transfer and separations courses. The energy requirements of separation processes, 
the purities of different streams from separation equipment, and possible integration of heat 
flows between units are frequently important in design. 

Feedstocks and products Next (or perhaps first) we need to consider the markets of 
products and the availability of feedstocks. The prices of these depend sensitiveh/ on purity 
levels that can be tolerated. For the reactants these are usually determined by the effects of 
impurities as catalyst poisons and on product distributions. For products different markets 
demand specific impurities. All byproducts and unused reactants must be disposed of, either 
sold, recycled into the reactor, or incinerated. 

Economics The costs of equipment, operations, and feedstocks obvioush/ are crucial in 
any process, and these must be considered in all stages of design, from preliminary to final. 

TransientS All processes must be started and shut down, and the transients in these periods 
must be considered. Feedstocks can vary in quality and availability, and demand can vary 
in quantity and in required purities; so the reactor system must be "tunable" to meet these 
variations. These aspects are frequently considered after the steady-state operation has 
been decided. 

Safety Safety must be considered in all stages of process design. Potential hazards in 
equipment components and in operations must be considered carefulh/. The toxicity of re- 
actants, products, and intermediates must be thought through before anything is constracted. 
All possible temperature and pressure ranaway events must be considered, and responses 
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thought through to minimize the chances of unforseen events. These events include (in 
order of increasing undesirabilitv): (1) performance outside specifications, (2) unscheduled 
shutdowns, (3) chemical releases, (4) frres, and (5) explosions. 



Auxiliary eauipment The reactor and associated separation equipment are frequently a 
small part of the cost of designing and operating a process. Pumps and storage vessels can be 
very expensive, and overhead consumes an incredibh/ large portion of any budget. Offsite 
costs can be large. The salary of the engineers (you) who design the process must be paid. 
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When considering the design of a chemical process, one frrst does preliminarj process 
design, and then, if a processes looks promising, one begins detailed process design. We 
in fact teach these subjects in the reverse order, and you will Only really begfn to consider 
preliminary process design in your process design projects course. In early courses (with the 
words "Principles of. . ."in their title) you worked problems related to the detailed design 
of chemical processes: problems like the pressure drop in a pipe or the vapor pressure of a 
mixture or the mass flux across a membrane. 

Detailed design is in fact much easier than preliminary design because in detailed 
design you are given all variables in a process except the one you are asked to compute. In 
prelfminary design you first have to guess all of the units, their configurations, and sizes of 
equipment. Then you examine each one of these and try to determine if they are feasible 
and, if so, what combination will be the most profitable. 

In this book we have begun to introduce you to the preliminary design of a chemical 
reactor by starting with the simple material (a sfngle reaction in an ideal isothermal reactor 
with no catalyst). Then we have begun to add complexity with multiple reactions, variable 
temperature, and catalysts. This material has taken us through Chapter 7. In the following 
chapters we will introduce the additional complexifies needed in obtaining realistic design 
of real reactors. 

Detailed design takes more time than preliminary because it requires many stages of 
calculafions, but the difficult part is in laying out a feasible and clever prelirninary design 
ffom which to do the detailed calculations. This part also requires the most imagination and 
ingenuitj of the engineer, and only with experience in chemical processes can you begin 
design with confidence and skill. We cannot teach you these skills in courses. 

The additional complexity of real chemical processes comes from the fact that they 
are invariably multistage processes with many reactors and separation units linked with 
complex configurafions. One must then design each unit individually and then see how its 
design must be modified to be integrated into the entire process. 

It is also interesting to note that the texts in chemical process design describe mostly 
separations and economics, with Uttle or no coverage of the chemical reactors. This is 
because the chemical reactor issues (selectivity, yield, energy management, catalysts, 
multiple phases) are so complex that the authors have decided to omit them. Yet the chemical 
reactors dominate any chemical process design situation. For chemical reactors the designer 
is required to guess configurations and performance or to assume a process similar to exisfing 
ones described in the literature. fn fact, in any new process the reactor and the reactions are 



frequently 

assumptioi 



only by constructing and operating a pilot plant to test and refrne these 



Optimization 



With these aspects 
dctcrmine their rela 



nind, the design begins. One must play out many 

and acceptabilities. This involves an almost endless 
o try to fmd one or a small number of possible designs 
for more detailed design considerations. This requires all the skills of the engineer, and 
considerable experience and ingenuity are essential in deciding among alternatives. 

The basic idea is to examine operating parameters to frnd the optimum combination 
of them for optimum performance. A short list of the most important might include the 
following: F, , C jo , Cj,v,V, T, T ,u, P, and, of course $. For catalytic processes additional 
variables include D, d p , S g , £, shape, and catalyst chemical properties such as chemical 
composition, activity, and selectivity. Most catalytic reactors operate with significant mass 
transfer limitafions because one usually wants to raise the temperature until mass transfer 
becomes noticeable in order to attain the highest rate possible. In all cases one determines 
the effects of fhese variables on reactor performance. 

Many aspects of a process can be evaluated wifh a chemical process flowsheet program 
such as Aspen. These programs handle mass balances and heat loads on each component 
1 also be handled accurately as long as they 
; also exist on these programs fhat allow rapid 



wifh great accuracy. Separation component 
are rafher straightfonvard. Cost databast 



costing of many components. 
However, the chemical 1 



;actor still requires considerable thinking and hand calcula- 



tions because there are few situations where databases ex 
for catalytic reacfions, data either do not exist or are i 
under which the data were obtained. The number of pos 
geometrical properties are so large fhat no flowsheet prog 
extremely simple situations. 



reaction kinetics. Especially 
Aiable far from the conditions 
ilities of catalyst chemical and 
is can handle anything beyond 



What's next? 

Chapters 1 through 7 have dealt wifh what we regard as fhe "fundamental" aspects of 
chemical reactors. Without consideration of all of fhis material, you simply cannot design 
any chemical process. (Or at least you would be dangerous if you were allowed to.) 

However, fhe processes with which you will be called on to work are invariably 
very complex. We have mentioned some of these in fhe "Industrial Processes" we have 
interspersed fhroughout the previous chapters. 

In fhe last half of this text we will consider some of the additional aspects that are ; 
encountered in many actual chemical processes. These include \ 

Nonideal reactors (Chapter 8), 
Solids processing (Chapter 9), 
Combustion processes (Chapter 10), 
Polymerization (Chapter 11), and 
Multiphase reactors (Chapter 12). 
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Our organization and intent in this part of the text is quite different from that in 
the previous sections. Previouslv we have tried to be svstematic in developing the ideas so 
that they flow logically as increasing degrees of complexity are introduced. In the following 
sections we try to show how the principles developed in the previous sections can be apphed 
to these types of processes. 

These chapters should be considered the optional part of this text. This part is written 
so that your instructor can choose particular sections for consideration as she or he has 
time and expertise, and sees interests of the students in these applications. These chapters 
will also be very brief and superficial. For one reason, we promised earlier that we would 
use only a single notation throughout the book, and we will try to introduce very few 
new quantities in the rest of the text. In many applications (bioprocesses and foods are the 
most notorious) quite different nomenclatures have developed than those that have become 
common in the chemical and petroleum process industries. We can therefore only delve 
into these applications as far as our limited notation will allow. 

Our assumption is that your instructor will choose specific chapters and sections of 
chapters and will omit or skim large sections. If she or he is an expert in some of these 
topics, you may see much additional or substituted material and notation that extends 
and corrects the naive or wrong material in these sections. The material and notation in 
these chapters are sufficiently simple that you should be able to work many of homework 
problems without having previous lectures on that chapter. Half of the challenge in chemical 
reaction engineering is recognizing that the previous concepts can be directly apphed to 
these problems. 

We close by apologizing that you may frnd the following chapters described by some 
combinations of superficial, incomplete, random, and wrong. However, we need make no 
apology for this in an introductory course if you find the material challenging and fun. 
There are many complete texts and monographs on each of these subjects, and any student 
wanting to know more about them should locate these books or take relevant courses. 

However, we urge all students at least to skim all the following chapters to get a flavor 
of some of the subjects that The Engineering of Chemical Reactions can be applied. The 
subject is both extremely challenging and a great deal of fun. 



Chapter 8 

.^ NONIDEAI REACTORS, 
'^^ BIOREACTORS, AND 

ENVIRONMENTAL MODELING 



Thus far we have considered only two flow patterns: the completeh/ mixed reactor 
and the completeh/ unmixed reactor. This is because only for these flow patterns can 
we completely ignore the fluid flow configurations in the reactor. In this chapter we 
will begin to see how reactors that have more complex flow patterns should be treated. We 
will not attempt to describe the fluid mechanics completeh/. Rather, we will hint at how one 
would go about solving more realistic chemical reactor problems and examine the errors 
we have been making by using the completely mixed and unrnked approximations. 

We will also see that residence time distribution notions lead to some interesting 
examples of pollution reactions, biological populations, and environmental modeling. 

This chapter begins the "optional" portion of this book. The previous material was 
"essential" to describe chemical reactors. With this chapter we begin to cover some topics 
that illustrate some of the applications of chemical reaction engineering. Some of this 
material your instructor may want to skip or skim. However, we suggest that you should 
still look over this material because it contains some interesting applications that you may 
need to be aware of for the jobs you will be required to do later in your career. 

Finally, we remark that this material varies between boring and fun. In this chapter we 
begin by examining the basic equations and residence time distributions (pretty boring) and 
finish by discussing environmental and ecological modeling (topics like chemical spills, 
global warming, and fish populations, which tend to get one's attention). We cannot make 
significant contributions to important applications unless we know how to describe complex 
chemical systems quantitatively. 

THE "COMPLETE" EQUAT10NS 

Any fluid flow situation is described completely by momentum, mass, and energy balances. 
We have thus far looked at only simplified forms of fhe relevant balance equations for our 
simple models, as is done implicifh/ in all engineering courses. It is interesting to go back 
to fhe basic equations and see how fhese simple approximafions arise. We need to examine 
the full equafions to determine the errors we are making in describing real reactors wifh 



The "Complete" Equations 331 

these models and to see how we would have to proceed if we wanted to solve a chemical 
reactor problem "correctly." 

Momentum balance 

The momentum balance is a version of Newton's Second Law of mechanics, which sfudents 
frrst encounter in introductory physics as F = ma, with F fhe force, m fhe mass, and a fhe 
acceleration. For an element of fluid fhe force becomes fhe stress tensor acting on fhe fluid, 
and the resulting equations are called the Navier-Stokes equations, 



3 — + p u • Vu = -VP + V • (/iVu) + pg 
dt 



where p is fhe mass density, P the total pressure, /1 fhe viscosity, and g fhe acceleration of 
gravity. Each term in bold is a vector with x, y, and z coordinates; so this equation must be 
rewritten as three scalar equations. As an example, fhe velocity u has fhree components, and 
in our PFTR species balance equation we have been concerned only wifh u z , the velocity 
component in fhe direction of flow down the tube. 

, We also have to solve this equation if we need to calculate fhe pressure drop in a 
reactor. 

Total mass balance 

We next have to consider fhe continuity equation, which sfudents frrst encounter seriously 
in introductory chemistry and physics as fhe principle of mass conservation. For any fluid 
we require fhat fhe total mass flow into some element of volume minus fhe flow out is equal 
to fhe accumulation of mass, and we eilher wrile these as integral balances (stoichiometrv) 
or as differential balances on a differential element of volume, 



When we assume a steady-state constant-density reactor, we obtain fhe simple form 
of fhis equation (V . pu = or pu constant), which is just total mass conservation as 
required from stoichiometry. 

These equations apply to fhe total mass or mass density of the system, while we 
use moles when describing chemical reaction. Therefore, whenever we need to solve fhese 
equations simultaneously, we must transform our species mass balances into weight fraction 
when including momentum and total mass-balance equations. 

Species mass balances 

For a multicomponent fluid (fhe only situation of interest wifh chemical reactions) we next 
have to solve mass balances for fhe individual chemical species. This has been implicitly 
fhe subject of this book until now. The species balance is written as flow in minus flow 
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out plus change due to chemical reaction equals the accumulation of that species. We have 
developed the integral version of these equations (the CSTR) and the differential version 
(PFTR) in previous chapters because our interest centered on the effects due to the changes 
in species caused by chemical reaction. 

There is of course an equation for each species, subject to conservation of total mass 
given by the continuity equation, and we implicitly used conservation of total mass as 
"stoichiometric constraints," (N; — N;)/Vj are equal for all j in a batch (closed) system 
or (Fj — Fj)jvj are equal for all j in a steady-state continuous reactor. 

The "complete" (but still containing many approximations) species balance equa- 



In the derivation of this equation we assume that the density is constant (we use molar 
density Nj/V rather than mass density p), and that the diffusivity D; is independent 
of composition, and we simplify the convection term somewhat. The gradient (V) and 
Laplacian (V ) operators should be familiar to students from fluid mechanics and heat and 



Energy balance 



Finally we have the energy balance, which was encountered in physics as Newton's First 
Law of motion and in thermodynamics as the First Law of thermodynamics. We divide 
energy into potential (gravitv), kinetic (| pmu 2 ), and thermal (temperature) energies 
most systems of interest here thermal energy considerations are most important, leading 
to temperature balances. We have to consider kinetic energy for very fast fluid motion, 
and the equations become especially complicated near sonic velocities. Energy dissipatio 
from flow in pipes and the energy input of stirring a reactor can be added to the energy 
balance, although the continuity and momentum equations must be solved simultaneously 
to describe these situations. We have thus far ignored these additional terms in Chapters 5 
and 6 when we considered the energy balance in nonisothermal reactors. 
The energy-balance equation (more properly an enthalpy balance) is 



where again several implicit simplifications have been made in its derivation such as 
the thermal conductivity of the fluid kj is independent of T. The Q' term in the 0I16- 
dimensional energy-balance equation of the PFTR must be obtained by solving for the 
temperature profile in the radial direction to obtain our one-dimensional shell balance for 
the tubular reactor with uniform properties across the cross section. 

Thus to describe a chemical reactor (or almost any process unit in chemical engii 
ing) we have to solve these partial differential equations with appropriate boundary 
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initial conditions in order to describe the composition, temperature, and velocity within the 
reactor versus position and time, Cj (x, y, Z, t), T(x, y, z, t), p(x, y, z, /), and u(x, y, z, /). 

Economic balances 

Finally, since engineers must be concerned with making money in a chemical process, the 
economic balance equations must also be solved along with the above equations. Managers 
frequently believe that the preceding equations are not important at all, and that one should 
only worry about profit and loss. The problem with this idea is that these equations underlie 
any economic considerations. 

There should be some sort of a money continuity equafion for a chemical process, 
which might look like 



- generation — losses 



where $ and $ represent money flow into and out of fhe reactor or process, which can be 
written as $ = J^ $ ; with $ ; fhe price of component j. The money generation and loss 
terms are fhe subjects of process design courses. They involve topics such as labor (your 
salary), overhead, capital costs, depreciation, and taxes. Also, in the long term no one wants 
to operate a chemical plant in steady state where economics is involved, because growfh 
and improved profitability are the major goals of most companies. 

One fundamental problem wifh economic balances is that there is no underlving 
conservafion law for any economic system larger than your check book. Equations such as 
the preceding are written as integral balances or difference equations. In macroeconomics 
no one seems to understand what the governing equations are (or even if they exist), and 
in all economic systems the definitions and accounting practices vary widely, wifh fhe goal 
being to make more money fhan fhe competition and stay out of jail. 

REACTOR MASS AND ENERGY BALANCES 



"The PFTR 

We can easily recover the 
from fhese equations. First v 
of flow z, to obtain 



ss- and energy-balance equations used in previous chapters 
assume variation in only one spatial dimension, fhe direction 
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where now u is the velocity in the direction of flow (the z direction), and all gradients are 
assumed to be in the axial, not radial, direction. 

The heat removal term Q' has to be inserted in the one-dimensional energv balance 
by implicitly solving the energy balance in the radial direction. The heat flux in the radial 
direcfion is q — —kj dT/d R, and we replace the radial flux to the wall by assuming fhat 
the fluid at any position £ is at a constant temperature T while the wall is at temperature T w 
to obtain 

Q' = p„U(T - r w ) 

with p w the wall perimeter in a differential element of volume. We developed this term in 
the one-dimensional energy balance in Chapter 5 from a one-dimensional energy balance 
between Z and z + dz. 

Now if we assume no diffusion, Dj = 0, these equations become 



BC> 



dCj 



-Xw 



-- __ AH Ri n - Q' 



which are fhe transient mass- and energy-balance equations for the PFTR. In steady state 
(no time dependence) fhese are 



dCj_ 
dz 


= S % " 




dT 

[i Tz 




Q' 

pC P 



where we replace the partial derivatives by total derivatives because the only gradient is in 
the z direction. We recognize these equations as our steady-state PFTR mass- and energy- 
balance equafions, which we have derived many times in previous chapters. 



The batch reactor 

Note also that these equations can be simplified to obtain the batch r 
energy-balance equations by setting Dj = and u = to give 

dCj A 



where we now have only the total derivafive with respect to t 
variations in concentrations or temperature with position. 
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CSTR 

These "general" equations cannot be transformed in a straightfonvard way into the CSTR 
mass- or energy-balance equations. We obtained the CSTR equations from integral balances, 
assuming that stirring was sufficiently rapid that there were no gradients in composition or 
temperature. This can be thought of as the limit of u -> 00 in the preceding equations so 
that the terms u • V Cj and u ■ VT become indeterminate to give V Cj = and VT = for 
spatially uniform reactors. 

In the previous chapters we have been using simplified forms of these general 
equations to obtain the equations we have derived and solved previously. We n 
in a bit more detail the solutions to them in more realistic situations. 



RESIDENCE TIME DISTRIBUTION 



We will not attempt to solve the preceding equations except in a few simple cases. Instead, 
we consider nonideal reactors using several simple models that have analytical solutions. 
For this it is convenient to consider the residence time distribution (RTD), or the probability 
of a molecule residing in the reactor for a time t. 

For any quantity that is a function of fime we can describe its properties in terms of 
its distribution function and the moments of this function. We first define fhe probability 
distribution function p(t) as the probability that a molecule entering the reactor will reside 
there for a time t . This function must be normalized 



f p(t)dt= 1 



because the molecule must leave the r 

left fhc reaetor after time t is 



r sometime. The fraction of molecules fhat have 



j p(t)dt 



The average value of fhe time t spent in the reactor is our defrnition of the residence time 
T, which is given by the expression 

t = / tp(t) dt 

The average value of any function f(t) is given by the integral 

7 = f f(t) P (t)dt 



The standard deviation fjr of a function f(t) is given by fhe expression 
oo 
« 2 = f(f~f(t)] 2 p(t)dt 
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All these statistical quantities are introduced in courses in statistics and analysis oi; 
data, but we will only need them to describe the effects of RTD, and will just use them iri 
these forms without further explanation. 



Response to pulse or step tracer injection 



The RDT or p(t) is the probability of a molecule residing in the reactor for a time /. This : 
can be found from a tracer experiment in which we inject a tracer of a nonreacting species 
(perhaps ink) with concentration C„(t) into a reactor with fluid flowing at a steady flow 
rate, and we measure its concentration C(t) (perhaps from the absorbance of the ink) a 
flows out of the reactor. The flow could be pure solvent, or a reaction could be taking place 
as long as the tracer does not participate in the reaction. The concentration of the tracer 
leaving the reactor versus time gives p(t) with suitable normalization. 

In this thought experiment we inject a perfectly sharp pulse 8(0) whose total ar 
is unity. This pulse is a Dirac delta function defined as a rectangle centered about time 
with a height 1/s and a width £ in the limit e — > 00 so that the area of the function ren 
unity as the height goes to infinity. 

Another common tracer injection is a step that is zero fort < and a constant C for 
/ > 0. This is an easier tracer to inject, 

Graphically the pulse and step tracer injections and their responses in a reactor are 
indicated in Figure 8-1. 



RTD in a CSTR 



For a CSTR we solve the transient CSTR r 
dependence of a pulse injection without reac 
of concentration C is 



ss-balance equation because we want the 

ĵn. The transient CSTR equation on a species 



Note that this is simply the transient CSTR equation with the re 
implies either no reaction (r = 0) or that the species in questior 
system so that its stoichiometric coefficient is zero. 



i term omitted, which 



Figure 8-1 Sketch of response to a 
injection S(t) of a tracer (upper) and r 
toastepinjectionofalracer{lower)inastead\ 
state chemical reactor with an arbitrarv flow 
pattern. The response to a pulse iniecuon i 
the residenee time dislribolion p(l). and thi 
denvative of the step response is p(t). 



^C 
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Since the tank was previously flowing pure solvent at t < 0, the initial conditions on 
C within the CSTR in this equation are C = at t = 0. The feed is our 8 function, which 
is C in the above equation, C = 5(0). The concentration in the feed is zero for all t > 0; 
so fhe transient equation becomes 



dC 



- c , 



C = C h t = 



or, upon integration. 



where C,- is fhe concentration of fhe tracer inside fhe tank at time but just after the pulse has 
been injected (and mixed instantly because we assume a perfect CSTR). The c 
in fhe tank following injection of a pulse is fherefore 

C(t) = de- ,fz 
We now must normalize C(t) to obfain p(t), and we do this by the relation 



f C(t)dt-l ~d f e~ tfr dt = dT 



o that C, = 1 /T . This normahzed 



which is the residence timc distribution in a CSTR. The fraction of fhe fluid fhat has left 
fhe reactor by time t is ĵ. p(t) dt, and fhe fraction remaining in the reactor after time t is 
ĵ p(t) dt. These integrals are shown in Figure 8-2. 

Next we compute the average value of I, which is fhe standard deviation of p(t) in 
fhe CSTR. From the preceding formulas we obtain 



= ftp(t)dt= f t-e~ tlr d 



P(t) 



fraction 


fraction 


leaving 


remaining 


A 


^ 



t -* 
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esidence time 7 in a CSTR is the residence time i 
a is given by the formula 



This shows that the average n 
assumed all along. 

The standard deviation 



*=f(t-r) 2 ±e-«*dt = r 



which shows that a is also equal to t. This shows that the standard deviation of the residence 
time distribution in a CSTR is equal to the residence time. No distribution could be broader 
than this. 



RTD in a PFTR 

Next consider the response of a PFTR with steady flow to a pulse injected at t = 0. We 
could obtain this by solving the transient PFTR equation written earlier in this chapter, but 
we can see the solution simply by following the pulse down the reactor. (This is identical 
to the transformation we made in transforming the batch reactor equations to the PFTR 
equations.) The S(0) pulse moves without broadening because we assumed perfect plug 
flow; so at position z the pulse passes at time z/u and the pulse exits the reactor at time 
t = L/u. Thus for a perfect PFTR the RTD is given by 



p(t) = S(t) 



which shows that p(t) = except a 
from the above defrnition is 



= r. The standard dev 



l of p(t) for a PFTR 



since the pulse remains perfectly sharp. 

These RTDs for the perfect PFTR and CSTR are shown in Figure 8-3. 



Calculation of conversion from the RTD 



From our average value formula we can determine the average conversion in a reactor i 
we know how it varies with time because we can let itti = X(t) to obtain 



X = ( X(t)p(t)dt 



For a first-order irreversible reaction 
(Chapter 2); so the average value of X is 



sothermal batch reactor X(t) = 



X = f(l-e- k ')p(t)dt 
For the PFTR p(t) is zero for all times except t = f, so this integral yields X = 



Laminar Flow Tubular Reactors 




Figure 8-3 Residence li 



n idcal PFTR and CSTR. 



Segregated flow in CSIR 



For the CSTR we can find X by insertion of p(t) for the CSTR i 
formula to obtain the expression 



-j«-eW-e 



H 



These are exactly the expressions for conversions for a frrst-order irreversible reaction in 
PFTR and CSTR reactors that we derived much earlier (and with much less mathematical 
manipulation). 

However, the solution for the CSTR obtained by the RTD equation is correct only 
for first-order kinetics. For other rate expressions the conversion predicted by the RTD is 
incorrect for a mixed reactor because molecules do not simply react for time t, after which 
they leave the reactor. Rather, the fluid is continuously mixed so that the "'history" of the fluid 
is not describable in these terms. This expression for conversion in the CSTR is applicable 
for segregated flow, in which drops of fluid enter the reactor, swirl in the reactor, and exit 
after time / because then each drop behaves as a batch reactor with the RTD describing the 
probability distribution of the drops in the CSTR. 

This situation describes an emulsion reactor in which reacting drops (such as oil drops 
in water or water drops in oil) flow through the CSTR with stirring to make the residence 
time of each drop obey the CSTR equation. A spray tower (liquid drops in vapor) or bubble 
column or Sparger (vapor bubbles in a continuous liquid phase) are also segregatcd-fknv 
situations, but these are not always mixed. We will consider these and other multiphase 
reactors in Chapter 12. 

The composition in each drop now changes with the time that the drop has been in the 
CSTR in the same way as if the drop were in a batch reactor. However, since the drops are 
in a CSTR, the time each drop stays in the reactor is given by the previous expression for 
p(t), and the overall conversion for any reaction is given by solving the preceding equation. 



LAMINAR FLOW "TUBULAR REACTORS 

Consider the injection of a pulse into an arbitrary reactor with a partially mixed flow pattem. 
Now p(t) will be somewhere between the limits of unmixed and mixed, and < o < T. 
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We wi]l now find the RDT for several models of tubular reactors. We noted previouslv 
that the perfect PFTR cannot in fact exist because, if flow in a tube is sufficientlv fast for 
turbulence (Reo > 2100), then turbulent eddies cause considerable axial dispersion, while 
if flow is slow enough for laminar flow, then the parabolic flow profile causes considerable 
deviation from plug flow. We stated previously that we would ignore this contradiction, but 
now we will see how these effects alter the conversion from the plug-flow approximation. 
If flow is laminar with no radial or axial mixing (diffusion coeflicient zero), we can 
write p(t) by finding p at each annulllS that flows along the streamline in plug flow, as 
shown in Figure 8A From fluid mechanics we know that the velocity profile u(R) [really 
u,(R)] in laminar flow is given by the expression 



u(R) 



Thcreforc thc resiclcncc tirnc at radius R is 



•'<£) 



t(R) ■■ 



u(R) 



The amount of fluid flowing between R and R + dR is 2n R dR, and p(t) is found by 
integrating from R = at the center of the tube to R = R at the pipe wall. We will leave 
the derivation of this equation as a homework problem. This gives 



P(t)-- 



t >t/2 



= 0, t < t/2 
which is plotted in Figure 8-5. Note that no fluid leaves the LFTR until time t/2, which 
is the residence time for fluid flowing along the axis, R = 0, where the velocity is 2u or 
twice the average velocity. Fluid molecules near the wall have an infinite residence time in 
a LFTR, and thus p(t) has a significant "tail." 

We can use this expression to obtain the conversion in an LFTR and compare it with 
the PFTR. For first-order kinetics again X(t) - (1 — e~ kt ) so the average X is given by 



X L , = ĵ(l~e- kt 



)—;dt 



which can be integrated only numerically. For second-order kinetics the 
batch reactor is 




Dispersion in a Tubular Reactor 



P(t) 




Figure 8-5 Residcnce lime disirihuiion 111 a lam- 
inar flow tubular reactor. The dashed curve indi- 
catesthe p(t)cur\c e.\|)ecled 111 laminar llo\v alter 
allowing for radial dilTusion. \vhich makes p(t) 
closer to the plug flow. 



w 1 + C Ao kt 

i the residence distribution formulas 



Xlf = /*( 



-( — 

J l+( 



- C Ao kt 2P 

r/z 
the exponential integral, vvhich 



tabulated 



which can be integrated analytically 
function. 

The difference between the LFTR and fhe PFTR can be determined by examinirig fhe 
ratio of X obtained, which for first-order kinetics is 



J^-e-^/lt^dt 



This t 



^LFTR . 

ZppTR 1 — e~ T 

must be < 1 for any positive-order kinetics because plug flow must give better 
fhan any ofher reactor with partial backrnbdng. This ratio is plotted versus 
in Figure 8-6. When one solves these equations numerically, one finds fhat this 
ratio is nearly unity. In fact fhe smallest this ratio becomes is 0.88. This shows that fhe loss 
in conversion with laminar flow compared to perfect plug flow is only 12% at most. This is 
very reassuring, because it says fhat fhe simple PFTR equafion we have been solving (and 
will continue to solve) does not lead to large errors, even fhough plug flow is a flow profile 
that cannot ever be realized exactly. 

In fact, fhe plug-flow approximation is even better than fhis calculation indicates 
because of radial mvcing, which will occur in a laminar-flow reactor. A fluid molecule near 
the wall will flow with nearly zero velocity and have an infinite residence time, while a 
molecule near fhe center will flow with velocity 2u. However, the molecule near the wall 
will diffuse toward the center of the tube, and the molecule near the center will diffuse 
toward fhe wall, as shown in Figure 8-7. Thus fhe "tail" on fhe RTD will be smaller, and the 
"spike" at t/2 will be broadened. We will consider diffusion effects in the axial direction 
in the next section. 

DISPERSION IN A UIBULAR REACTOR 

We have fhus far considered the tubular reactor only for perfect plug flow and for laminar 
flow. We have completely ignored diffusion of the fluid. Diffusion will cause fhe fluid 
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A LFTR 
KpFTR 0.92 



Figure 8-6 Plots of the ratio of comersions in a tubular 
reactor with laminar flow to that in a perfect PFTR for 

first- and second-order kinetics. The knver panel shows fhe 
percent loss in conversion from laminar flow compared to 
plug flow. 




flow profile and p(t). 



; axially. It will also sharpen the laminar-flow profile by radial diffusion, as 
1 in the previous section. In this section we consider the effect of axial diffusion 
on the residence time distribution and thus its effect on conversion in a tubular reactor. As 
shown in Figure 8-8, p(t) is broadened by dispersion as the fluid travels down the tube. 
A shell balance on species j between z and Z + dz yields the expression 



dCj 



dCj 



-- D r 



d 2 Cj 



r + E*» 



where the terms are now familiar. The term Dj d 2 Cj/dz 2 describes ax/a/ dispersion in the 
tubular reactor. In steady state with a single first-order irreversible reaction r = IcCa we 
write this equation as 



z, t-*- 



A A 



z,t-> 
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Figure8-8 Dispersion broadeningof/>(r) 



kC A = 



(Again note that we recover the PFTR equation if D A = 0.) 

It will be convenient to make fhis equation dimensionless. We first replace z by a 
dimensionless length x = z/L and dx = dz/L, with L the lengfh of fhe tube. We next 
divide each term by D A to obtain 

d 2 C A _ uLdC A _k_L_ _n 
dx 2 D A dx D A A 



where we defrne 



d 2 C A 
dx 2 



Pe L — ^-Da L C A =0 



s fhe dimensionless Peclet number and 

Da L = kL 2 /D A 
s a dimensionless Damkoler number. 

We now have to solve this equation for different values of Pe L . Solutions are plotted 
l Figure 8-9 for p(t) wifh D a i — and fhe conversion versus position wifh a first-order 



E* A - D A 



Wifh turbulence, there is an effective "axial dispersion coefficient" E aA , called Aris 
Taylor diffusion, which is driven by the turbulent eddies, 

1 D A 

and fhis produces much more dispersion in fhe turbulent tubular reactor fhan does fhe 
molecular diffusivity of a species Dj. Neverfheless, fhe Peclet and Damkoler numbers can 
still be defined as Pe L = kL 2 /E_ and Da L = uL 2 /E_. 
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Figure S-9 Plots of p(t) versus Pe in a tubulai 



P(t) 




RECYCLE REACTORS 



Next we consider the PFTR with recycle in which a portion of the product stream is fed 
back into the feed stream as shown in Figure 8-10. A pump is needed to recycle the fluid 
back to the entrance and control R, the amount of recycle. 

There is of course no point in adding recycle to a CSTR because reactants and products 
are assumed to be already mbced instantly, and recycle would not change the performance 
at all except for adding unnecessary pipes and pumps. 

The volumetric flow rate into the reactor system (tubular reactor and associated pipes 
for recycle) is v and the feed concentration is C Ao as before. However, a portion of the exit 
stream from the reactor is fed back and mixed with the feed stream. We call this portion R 
the recycle ratio. (Note that in this section we use R as recycle ratio while everywhere else 
R means tube radius.) The volumetric flow rate into the reactor is now 

V = (1 + _.)_„ 
This indicates that the feed into the PFTR is therefore diluted with the product stream. A 
balance on the flow of A at the mixing point yields 

V C M = (1 + R)v C Ai = v C Ao + Rv C A 
which can be solved for the inlet concentration C A \ into the PFTR section of the reactor to 
give 

c Ao + rc a 

Ca,= \ + r 

as the feed concentration of A into the plug-flow tubular reactor. 

The residence time in the plug-flow reactor is shortened by the addition of recycle 
and is given by 



tpFTR _ 



Recycle Reactors 



Figure 8-10 The 



(1+R)V, 



"©" 



Thus in the RTR the PFTR section ' 
shorter residence time if the recycle 
on the PFTR itself is unchanged, 



es" (1) a diluted feed, (2) a higher flow rate, and (3) a 
io R is greater than zero. However, the mass balance 



dC A 



f dC A 
~J r(C A 



) (1 + R)v 



with the only difference being the C A \ rather than C Ao as the lower limit in the integration. 
We now write the mass balance for the recycle tubular reactor (RTR). This is 



?dC, 



We have to write C A { in terms of C Ao in order to express the conversion in terms of the feed 
conditions and reactor parameters, and the preceding expression for C A i in terms of C Ao , 
Ca, and R allows us to do this. 

We do this for the frrst-order irreversible reaction, r = kC A , for which the integral 
becomes 



v J kC A k 



TRTR = — = — I 



u 



C Ao + RC A 
1 C A (l + R) 



i PFTR for positive-order kinetics 



Recycle will always give a lower 
because it produces backmixing, in which prodi 
plug-flow section. 

Let us examine the forms of this expression for R = and for R -» co. For R = wi 
recover the PFTR equation T = (1/k) ln(CA / Ca) as expected. For S->Oŭwe examine 
the expression 

C Ao + RC A \ 



tRTR = lim | 



We can write this as 

l + R , 



- ln - 

c A (i+R)J 

. J + R , (C Ao /C A - 1 + H 



-In 



H 



= l±i h (CWC2-l +1 \ 
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Now recalling that ln( 1 
lim 



• x) = x for small j 



trtr = 



^[T'"(^H] = 



1 + R C Ao /C A - 1 C Ao - C A 



\ + R kC A 

which is exactly the expression we obtained long ago for the first-order reaction in the CSTR. 
Thus recycle in a PFTR increases fluid mixing such that for sufficiently large recycle the 
reactor becomes completely backmixed and approaches the performance of a CSTR. Of 
course this is a very inefficient way to produce a CSTR because infinite recycle needs an 
infinite flow rate in the recycle stream, which would require infmite pumping costs. 

However, the RTR is an efficient way to introduce a small amount of backmix into a 
reactor. This is particularly useful for an autocatalytic reactor where the rate is proportional 
to the concentration of a product. In fhe enzyme-catalyzed reactions discussed previously 
and modeled as A — > B, r ~ IcC A Cb, we nee d t0 see d me reactor wifh enzyme, and this is 
easily accomplished using recycle of a small amount of product back into the feed. 



Example S-l Plot the RTD for fhe RTR by sketching fhe pulses we should obtain at the 
exit following a single pulse injected at / = for R = 0, 1, 2, 9, and 100. 

For R = we have fhe pulse at % at the same height as the pulse injected, for 
the perfect PFTR. For R = 1 fhe first pulse containing one-half of fhe tracer will 
leave at fime t/2, and fhe rest will recycle; one-half of fhis will exit at time r, 
one-fourth will recycle, etc. Thus we will observe pulses at intervals t/2 with 
heights i , 7 , | j —, e tc. The sum of all of fhe infinite number of pulses must be fhe 
height of the initial pulse. 

We can proceed to sketch the pulses for any R. They will occur at fime 
r/( 1 + R), and fhe corresponding expression for pulse height of each pulse can 
easily be derived. These are sketched in Figure 8-11. For r — >■ 00, p(t) will be a 
series of closely spaced pulses, and fhe envelope of fhese pulses is an exponential. 
This is p(t) for fhe CSTR, because for infinite recycle the reactor is completely 
backmixed. 




Figure S-ll p(t) for a 



- ilh incrc sing rcc clc 



CSTRs IN SERIES 



The RTD of equal-volume CSTRs in series we considered previously in Chapter 3 can 
easilv be obtained by finding the response of a pulse tracer into the first, allowing that tracer 
to pass into the second, etc. We inject tracer at concentration C\ into the first reactor, it 
travels as Ci mto me second, etc. We normalize these concentrations to pi, Pi, etc, rafher 
fhan writing expressions for concentrations. We also assume fhat each CSTR has fhe same 
residence time t . 

For fhe first reactor we have 

dp\ 



dt 



■■ Po(t) - P\ 



which can be integrated to give 



For fhe second reactor we have feed p\ (t), so fhat P2O) is given by fhe differential equation 



/f-,(„- 



Pl - 



1 



This is the feed 



inear in P2 so it can be integrated to yield 

P2U) = —e~" T 
3 fhe fhird reactor, 



.$-»<o- 



t 
Pi = -je 



-t/r 



Mt) - ; 

We can continue this for rt reactors in series 



This function is pk 
time T= nx. It is sĉ 
fhat for fhe PFTR 



Pn(0 ._ 



1 Figure 8-12. The residence time indicated is fhe total residence 
t P (t) sharpens as n increases such that. for large n, X approaches 



DIAGNOSING REAC7DRS 



Until fhis chapter all reactors were assumed to be either totally unmixed or totally mixed. 
These are clearly limits of a partialfy mixed reactor, and fhus fhese simple calculations 
establish bounds on any chemical reactor. We have developed models of several simple 
partially mixed reactors, and we showed fhat P <t> is somewhere between fhe S function 
of fhe PFTR and fhe exponential of fhe CSTR. We show fhese models in Figure 8-13 for 
increasing backmixing. 
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O—dU residence times in senes. The distribution sharpens as n increases 

and eventuallv approaches the perfect PFTR. 
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Figure S-13 Residence time dislnbulions lor Ihe nonideal reactors considered in this chapter. 
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MODELING THE ENVIRONMENT 

In any chemical plant one needs to know how unexpected releases of chemicals might cause 
their dispersal into the surroundings. One wants to estimate these effects before they occur 
to be able to take appropriate action quickly. One interesting application of the ideas in this 
chapter is in constructing models of the concentrations of chemicals in various situations. 

Water pol I ution 

We are interested in Cj(t) following a toxic source emission Cj (t) to find out (1) if 
maximum concentrations exceed safe levels and (2) how much time will elapse following 
a spill before concentrations retum to safe levels. The systems of major interest are water 
and air pollution. These are both flow systems with chemical reactions; so the previous 
equations apply. 

Consider a chemical plant located on the bank of a river. Rivers and lakes are common 
locations for industrial plants because of the ready availability of cooling water (and, it must 
be admitted, an easy place to dump waste without detection). A map of the region might 
look as in Figure 8-14. 

Chemical spills are described as C,(t), much as the injection of tracers into a reactor. 
Simple spills are steady leaks, which give steady-state concentrations C(t), or pulse leaks, 
which give a dispersed pulse C(z, t), which propagates downstream. We can describe these 
as flow through a series of chemical reactors that are the rivers and lakes through which the 
water with chemicals flow, exactiy the p(t) calculations we have developed earlier in this 
chapter. 

There are three water systems of concern: rivers, lakes, and ground water. 

A river to a chemical engineer is of course just a tubular reactor that at low flow rate 
is laminar and at high flow rate is turbulent. The flow rate is generally steady over short 
time periods, but flow rates very seasonally from high in the spring and low in the fall (and 
they all freeze in Minnesota). 

A lake mixes on some time scale; so it might be modeled as a stirred reactor for times 
longer than the mixing time, and it is a tubular reactor for shorter times. Most lakes tum 
over seasonally because of the density minimum of water at 4°C; so they are mixed on at 
least a 1 year time scale. Small lakes are mixed effectively by wind on shorter time scales. 
Deep lakes exhibit an upper layer that tums over and mixes and a lower layer that does not. 
The inlets to a lake are all the rivers that flow into it and also water coming from rainfall, 
and the outiets are all the rivers that flow out of it and evaporation. 

Ground water is basically lakes and rivers underground flowing through sand. Aqui- 
fers are major drinking water supplies, and the adsorption and reaction processes in their 
flow through sand are important for purification and controls the mineral content of drinking 
water. This is of course just flow through a packed bed, but the size and residence time can 
vary from minutes for a septic tank field to centuries for major aquifers. 

Almost any chemical not arising from natural sources is a pollutant in water. Agri- 
cultural wastes from fertilizers and pesticides are the major pollution sources nationally. 
Fertilizers add nutrients that promote algae growth whose decay can cause the lake or river 
to become anaerobic through the overall reactions 
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Figure 8-14 Map of chemical plant located c 
that feeds into a lake. One town obtains its wai 
from the lake and a second town from a nver i 
the lake. We must be concemed with the ( 
profiles (z,t) ibllovving a chemicul spill from the plan 
and particularly C(t) near the town vvater intakes. 



algae +02—^ decay products 
Thus the processes are the aut<xatalytic grovvth of single-celled plants where the nitrogen 
and phosphorous nutrients are effectively catalysts for algae growth. When these algae 
blooms die, their decay occurs by air oxidation, which is catalyzed by bacteria. When there 
are large concentrations of algae, their decay causes depletion of the O2 dissolved in the 
water that kills animal life such as fish. 

A major problem with water pollution from these sources is the smell from the decay 
of these organisms. Aerobic decay produces SO2 an d N2 fr° m the S and N in living systems. 
The N in algae comes primarih/ from proteins, which are derived from nitrates in fertilizer, 
which in tum was made by nitrogen fixation to NH3 and its oxidafion to HNO3 (fhe Haber 
and Ostwald processes). Anaerobic decay (by a different set of bacteria) converts S and N 
in these organisms to H2S (the rotten egg smell) and as ammonia and amines (the dead fisjl 
smell). Thus it is the transients from rapid input of nutrients into water that create a major 
problem in water pollution from fertilizers. The rapid bloom of algae and its decay depletes 
O2 and causes unpleasant odors. 

The ofher source of water pollution is tOXic chemicals, of which the chemical and 
petroleum industries are a major source. The oil spill from fhe Exxon Valdez in Alaska and 
the methyl isocyanate release from Bhopal, India, are fhe most widely known examples. 
Here fhe overall problem is that chemicals are released fhat are not normalh/ found in nature, 
and consequently plants and animals have no defenses against fhem. 

The most notorious of fhese water pollutants are polychlorinated biphenyls (PCBs), 
dioxin (Agent Orange), and heavy metals such as Hg. Organic chlorine compounds and 
heavy metals do not exist significantly in nature, but they are excellent chemical inter- 
mediates and catalysts, respectively, in the chemical industry. PCBs were widely used as 
heat exchanger fluids because they are SO inert and will not decompose or polymerize 
when circulated through heat exchange equipment. The inertness of PCBs is exactly their 
problem, however, because fhey are not rapidly degraded by bacteria as are most organic 
compounds, and thus fhey accumulate in sediments in lakes and rivers. 

Agricultural chemicals such as herbicicles. insccticides, and crop and animal growfh 
regulators are a major chemical industry. Here a major feature of a suitable product is that it 
is rapidly degraded to harmless chemicals after it accomplishes its function. For example, 



1 
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the weedkiller Roundup kills all plants it contacts, but it is rapidly oxidized by air so that 
within hours it is harmless. 

The removal of almost all chemical pollutants is primarilv biological, either rather 
rapidly by aerobic reactions or more slowly by anaerobic reactions. Except for rapid 
chemical cleanup by collection, we must rely on bacterial activity to remove most organic 
pollutants. The most beneficial removal of oil from the Exxon Valdez spill occurred by 
bacterial decay, and the most effective human assistance in this removal was by spreading 
N and P nutrients so fhc baeteria could grow faster and by spraying bacteria cultures over 
the water. The worst response to the oil spill was the steam cleaning of rocks on the shores 
because this sterilized the area of the naturalh/ occurring bacteria and slowed the biological 
remediation process. 

The major principles for avoiding water pollution in chemical processing are (1) con- 
tain all chemicals, (2) avoid or minimize the use of chemicals whose spill is especialh/ 
troublesome, (3) rapidly contain and remove spills, and (4) maximize the conditions for 
bacterial digestion of chemicals by supplying nutrients, bacterial cultures, or O2. 

Air pollution 

Urban air pollution is a problem for cities that have mountains or other features that 
recirculate the air and thus trap it. The air flow in a city might be approximated as a 
CSTR. The sources are NO, and hydrocarbons from automobiles, power plants (the major 
producers of S0 2 ), and industries, and these mix rapidly (within a few hours); so the 
composition is fairly uniform. 

Figure 8-15 shows cross-sectional and top views of the Los Angeles basin. The 
wind blows primarily from the Pacific Ocean and is trapped by the San Gabriel mountains, 
with narrow valleys draining the basin. The system is highly transient because automobile 
emissions are concentrated about morning and evening rush hours. It is also strongly affected 
by photochemical reactions, which are also time dependent. 

Smog is strongly enhanced by photochemical reactions; so this reaches a maximum 
in midday. The reactants of photochemical smog are primarily NO2, olefins, and aldehydes. 
NO, forms by high-temperature combustion, which effectively promotes the reaction 

N 2 + 2 -> 2N0 
in the engine cylinder. [Recall the discussion of the automotive catalvtic converter in 
Chapter 7. We will also consider these reactions again in Chapter 10 in combustion 
processes.] 

This NO rapidh/ oxidizes in air to form NO2, 

NO + -0 2 -* N0 2 

2 
which absorbs visible light and forms the brown haze we associate with photochemical 
smog. Olefins, aldehydes, and ketones are other polluting products of incomplete combus- 
tion of alkanes in the engine. 

N0 2 is dissociated by sunlight to form atoms, which react with 2 to form ozone, 

N0 2 -^ NO + 

+ 2 -> 3 
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F igure 8-15 Sketch of Los Angeles and simplified CSTR model of air in the LA basin. 



Olefins and aldehvdes react chemicallv and photochemicalh/ to form peroxy compounds in 
reactions such as 



C 2 H 4 + 



> CH3CHO 



etyl radical such as by 



CH3CHO + 2 -> CH 3 C(0)OOH 
Ozone, aldehydes, and peroxy acids are strong lachrymators. 

One such reaction in smog formation is the formation of the a 
sunlight photolysis of acetaldehyde 

CH3CHO + hv ->. CH3CO • +H- 
followed by the multistep reaction of acetyl 

CH 3 CO- + 2 + N0 2 -*■ CH 3 C(0)0 2 N0 2 
This molecule is a famous pollutant peroxyacetylnitrate, othenvise known as PAN. 

The next air pollution problem is smog, which is a combination of smoke and fog and 
is caused when pollutants combine with water droplets. N0 2 and S0 2 wĉ further oxidized 
and hydrated to acids, 

3N0 2 + H 2 -> 2HN0 3 + NO 



50 2 + 

50 3 + 



2 z 
H 2 0- 
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Nitric and sulfuric acids readily dissolve in water drops, lowering the vapor pressure of the 
water and stabilizing the smog aerosols. Ammonia from animal feedlots also dissolves in 
these drops, creating ammonium suffate and ammonium nitrate. 

Thus smog is a combination of NO2 and aerosols containing salts and acids, which 
reduce visibilitv and causes acid rain. Smog also consists of O3 and partiallv oxidized 
hydrocarbons, which irritate our respiratory passages and damage plants. 

These processes are both natural and manmade. In fact, the Los Angeles basin was 
called by the early Native American inhabitants the "land of the smokes," and salt spray 
from oceans is a major source of Cl in the atmosphere. In many situations people have 
only exaggerated the natural chemicals and reactions that were present before we and our 
technology arrived. The Smoky Mountains are an example of natural smog caused by 
chemicals such as isoprene (the natural rubber monomer) and terpenes, which are emitted 
by trees. 

The troposphere and the stratosphere 

On a global scale the air layers within a few kilometers of the earth's surface are rapidly 
mixed by wind action. This region is called the troposphere. Natural and manmade sources 
of chemicals such as CH4 and other hydrocarbons, CO, SO„ NO„ ozone, and chlorine are 
emitted into the troposphere. Most of these are removed or reacted away to form harmless 
products by dissolving in rain, adsorption on solids, and chemical reactions. 

Above the troposphere is the stratosphere, which extends many kilometers above 
the earth. Chemicals slowly migrate into the stratosphere, where there are few reactions to 
remove them. The stratosphere is also irradiated by high intensities of ultraviolet light, which 
induces photochemical reactions such as production of O3 from O2. [In the troposphere O3 
is bad, but in the stratosphere it is good because it absorbs ultraviolet radiation from the sun 
and prevents it from reaching the earth's surface.] 

An extremely simplified model of the global environment is given in Figure 8-16. 
This is a highly lumped model of the world, but it is sometimes necessary to simplify in 
this way to have workable models in which to insert complex chemistry. It is usually a good 
approximation to assume that no mixing occurs between hemispheres, and the troposphere, 
stratosphere, and arctic each mix rapidly but exchange mass between regions slowly so that 
each region is approximately a CSTR for simple environmental modeling. Versions of these 
models are used in weather forecasting, in which microscopic models (the weather comes 
from the west in approximately plug flow, but coriolis forces create vortices), and the jet 
stream in the lower stratosphere is a major driving force for weather in the troposphere. 

Stratospheric reactions 

Ozone is formed by dissociation of O2 by very short-wavelength solar ultraviolet light, 
2 ^20 
O + 2 -> 3 
Chlorocarbons are very effective in destroying ozone. This occurs by a photo 

RCl-^R + Cl 
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followed by the chain reaction 

Cl + 3 ^ CIO + 2 

CIO + 03 -> Cl + 20 2 
These two reactions add up to the overall ozone destruction r 



5 shown i 



This is a chain 
detail in Chapter 10. 

Chlorine is thus a very effective catalyst 
reacting away the chlorine. The primary proble 
will escape the troposphere into the stratosphen 
creates Cl. The reaction between Cl and C10 c 
atom. Molecules such as HCl and CI2 are not 
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Figure 8-17 and which will be considered ii 



in promoting ozone decomposition without 
m is that chlorocarbons are very inert and 
3 where the short-wavelength UV radiation 
an destroy many O3 molecules for one Cl 
a problem in ozone depletion because they 



are rapidly dissolved in rain in the troposphere and never escape into the stratosphere, 
while inert chlorocarbons escape without dissolving in water. Freons have been important 
chemicals for refrigerants, for aerosol sprays, and for foaming agents in polymer and fire- 
fighting foams, and fheir value in these applications is that they are chemically inert. There 
is considerable research and development in finding replacement molecules fhat are inert 
enough for fhese uses and yet reactive enough not to escape into the stratosphere. 
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n Chapter 10. Each Cl atom introduced 
t one chlorine atom can destroy up to 



Wc \vill consider cliain reuctions such a 
into the chain can cycle for 104 to 10 5 times, 
10 5 ozone molecules in the stratosphere. 

Thus we see that environmental modeling involves solving transient mass-balance 
equations with appropriate flow patterns and kinetics to predict the concentrations of various 
species versus time for specific emission patterns. The reacfion chemistry and flow pattems 
of fhese systems are sufficienfh/ complex that we must use approximate methods and use 
several models to try to bound the possible range of observed responses. For example, 
fhe chemical reactions consist of many homogeneous and catalytic reactions, photoassisted 
reactions, and adsorption and desorption on surfaces of liquids and solids. Is global warming 
real? [Minnesotans hope so.] How much of smog and ozone depletion are manmade? [There 
is considerable debate on this issue.] 

The notions of different combinations of ideal reactors and residence fime distribu- 
tions are essential in analyzing fhese problems and in suggesting appropriate solutions. We 
summarize the many applications of chemical reaction engineering in Figure 8-18, which 
indicates the types of "molecules," "reactors," and "reactors" we can handle. 



CELL CULTURES AND ECOLOGICAL MODEUNG 

We can also use chemical kinetics to attempt to model populations of living systems such as 
single-celled organisms or plant, animal, and human populations. We describe fhe density of 
individuals (species A) as Ca, which might be in individuals/volume in a three-dimensional 




engineering. Reactions include 
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nutrient solution or a pond, and might be individuals/area on a glass slide or on the surface 
of the earth. [We could use moles/liter, but living organisms seldom reach molar densifies. 
(fortunately); so we just count the individuals.J 

Thus far, we have considered the reaction engineering of molecules in containers 
that conserve mass. The same equations describe the populations of living svstems in 
their environment, a "container" operating in batch or flow mode with inputs, outputs, 
disturbances, catalysts, intemal recirculation pattems, and even diffusion (swimming, 
walking, flying) (Figure 8-19). 

We assume that an organism reproduces by a first-order process 

A -» 2A, r b = kC A 
so in a batch process the rate of growth would be 



which integrates to yield 



C A {t) = C Ao e 



+h< 



Note the + sign in the differential equation (v A = +1) and in the exponent. We never 
observe these kinetics in "ordinary" reaction systems. Population growth is a highh/ 
autocatalytic process in fhat organisms "react" wifh each other to reproduce more organisms 
with a first-order birth rate coefficient k\,. 



Continuous reactors 



; solufions for these 



s have interesting char- 



In a PFTR the solution is simply fhe solution for the batch r 
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Figure 8-19 Comparison of "reactions" of moleculc. single- 
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C,(t) = C Ao e^ 
However, for the CSTR (called a chemOStat by biologists) the mass-balance equation is 

C Ao -Ca= -rk b C A 
which looks like the equation we have seen many times for a first-order reaction in a CSTR 



cept for the r 



1. Solving for Ca, w 
C a (t) , 



1 -hr 

Clearly, this problem is different than we have encountered previously because Ca — * 00 
when k h X = 1. These C A (t) are plotted in Figure 8-20. 

The solution to these kinetics is clearly unstable because it predicts unlimited 
exponential growth. Therefore, we need to assume that there is some sort of a "death 
reaction." One form of this might be 

A + A^A, r Ĝ = k ŭ C 2 A 
A simple explanation of these kinetics might be that the species is cannibalistic and that 
when two A organisms encounter each other, one is eaten or at least killed. A more benign 
interpretation of this rate expression is that food competition limits populations. 
If we assume both reactions, we obtain in a batch reactor 



^ = +k b C A - k ŭ C\ 
dt A 

We can integrate this for given C Ao to obtain C A (t). However, we can simply look at the 

long-time solution, t — > 00. If we set dC a /dt = 0, we obtafn 



:, solving for C A , 



which is the steady-state solution for the population of a 



3 that obeys these kinetics 




Figure 8-20 Plot of C A 
r = k h C A in a PFTR and 
faster in a CSTR, and the 
to infinity when k\,T = 1. 
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even in a batch reactor, This looks Hke the eauilibrium long-time solution to reversible 
reactions, but there is no equi]ibrium in living systems. 

There is clearh/ something strange about this "reaction svstem," which we never 
encounter when we deal with molecules. This species can reproduce itself, and therefore it 
does not obey mass conservation. While we assumed a batch reactor, the species needs 
nutrients to grow and reproduce, and living systems have no interesting solutions (or 
life) unless they are open to their surroundings. However, remember that crude oil comes 
ultimateh/ from sunlight; so biological reactions are involved as both the source of our 
chemicals and energy as well as in their ultimatc disposal back to CO2 and H2O. 



Kinetics of living organisms 



While a kinetic analysis may provide a first approximation to population densities, we 
clearly need to modify our kinetic descriptions. First, the age distribution of individuals 
must be considered, at least as juveniles, adults, and aged because the reproduction and 
death kinetics of living systems depend on the individuaTs age. For humans and for valves 
this agedistribution might look as shown in Figure 8-21. 

From installation or birth, the valve or human has a probability of surviving that is 
the integral of the lifetime probability, which we can call p(t), 



birthdefects 
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•smokers 
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The average of this function is the mean residence time, the replacement time of a valve or 
the life expectation of a human. In this picture the world is our "reactor," which we enter 
and exit at appropriate times. 

In order to describe reproduction and death rates of living organisms, we need to 
consider the "rate constants" to be lunclions ol the age of the individual. as lllustiaied in 
Figure 8-22. 



Example 8-2 Consider the rabbit populat 
(a) The rabbits eat grass, and they reproduc 
and die of natural causes. The grass grows a 
l Cs). Formulate reasonable ral 



an isolated island. 

rate proportional to the supplv of grass 
proportional to the solar energy density 
expressions for the rabbit population Cr and 



grass Cg, assuming these kinetics. What are the steady-state populations? 



The equations for rabbits and grass are 



= A^gCs — ^jgCgCr 



(b) Suppose that foxes are introduced onto the island at concentration Cp , and fhey 
reproduce at a rate proportional to their food supph/ and die of natural causes. Add Cp 
to this ecosystem, and examine the solution. 



When foxes are added, the equations become 
dCp 

dt 
dC* 

dt 
dC ¥ _ 

It is preferable to be at the top of the food chain. 



.1 
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Periodic reproduction 

Many species reproduce only at certain times of the year, and their populations are then 
described by difference equations (designated by Ca_j ^d Caj+i) rather than differential 
equations (designated by dC A /dt). These systems are in fact more unstable than differential 
equations, and long-term oscillations and chaotic population densities are easily predicted 
by the difference equations, 

C Aj+l = k b C A ,t - k d cX, 
In this formula k b is the birth rate and kd is an overcrowding factor, 
in population size anytime the species gets too populous for its 
be made simpler by choosing the units of population in the most 
right choice of units, the model can be simplified to read 

Cu+1 = *b(C Al , - C 2 At ) 

One of the interesting features of difference equations such as these is that they are 
much more unstable than the differential equations we have used throughout this text. If 
the reproduction rate exceeds a certain value, the system is predicted to exhibit population 
oscillations with high and low populations in alternate years. At higher birth rates, the 
svstcm cxhibits period cloubling, and at even higher birth rates, the system exhibits chaos, 
in which the population in any year cannot be predicted from the population in a previous 
year. Similar phenomena are observed in real ecological systems, and even these simple 
models can capture this behavior. 

A homework problem considers these equations and 



'hich causes a decrease 
The formula can 
/enient way. With the 



To summarize, whenever one needs to model a chemical process, 
the performance of the PFTR or CSTR for assumed kinetics, t 
through 4. If the reactors are not isothermal, we need to add the 

The next level of sophistication is to use the nonideal reactor model 
this chapter. These are fairly simple to calculate, and the 
nonidealities might be. 

Finally, when we need accurate predictions of a c 
"complete" simulations by solving the diffi 
chapter. This almost always requires nurr 
dealing with complex systems (which 
certainly are), we must always resort to 
set of approximations can 



the first step is to predict 
le subjects of Chapters 2 
;omplexities of Chapters 5 



11 us how serious these 

ions of a chemical reactor, we must do the 

ĵntial equations written at the start of this 

ical solutions. However, whenever we are 

ital and biological population problems 

to approximations and intuition. A wrong or inadequate 

taccurate or nonsensical solutions, and we must alwa 
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r models and skeptical of ( 
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Sketch the probability p(t) o 



(b) A wine glass (same as CSTR), 

(c) A university engineering student, 

(d) A university liberal arts student, 

(e) An American car, 

(f) A Japanese car, 

(g) The wall of a chemical reactor, 
(h) A pump, 

(i) A process control computer. 

8.2 Calculate the conversion of A ->■ B, r = kC a in two CSTRs using the residence time 

dislribution and compare the result uith that obtained b\ iiitegraliin.' the CSTR uiass balances. 
Repeat this problem for zeroth-order kinetics. 

8.3 Real Madeira wine is made only on the island of Madeira, and it is made by fermentation in 

ten 50-gallon casks with fresh juice continuousrj poured into the first, and the effluent passing 
successively into each cask and the product from the tenth bottled. 

(a) What is the production of 1 liter bottles if the fermentation time is 1 month? 

(b) We suddenly find that we fed pure vinegar into the first cask for a 10 min period before 
switching back to juice. Describe the concentration of vinegar versus time if flow is 
unchanged. If the quality of the wine is affected noticeably by a concentration of 1% 
of thc original vinegar in the tank. how nian\ bottlcs inusl be eiven to thc einplovees? 

8.4 What equations would have to be solved to determinc transicnl behavior in a tubular reactor? 
How would you guess that temperatures mighl \ arv with time for step changes in Tf, T co , or 
flow rates? 

8.5 We have a ten-stirred-tank system (20 liters each) that is containinated so we need to flush it 

with fresh vvater (1 liter/min). How long must we flush with fresh water so that the conccnlnilion 
is 0.1% of its present value: 

(a) if each tank is fed fresh water and discharges its own waste? 

(b) if the tanks are connected in series, the first tank is fed fresh water, and only the last tank 
discharges waste? 

8.6 For laminar flow in an isothermal tubular reactor of length L and velocity v, calculate the 

average e.Mcnt X loi tlie rcaction A — >■ B, r = ^Ca, and comparc tliis rcsult \vith the extent 
obtained for plug flow. Can you satisfy yourself that X will always be tangent with plug flow? 

8.7 A chemical plant di liai i i lieini I al onccntration Cao ' nU) a '"' : '' ' ' Howin 
in plug flow with constant velocity u. The chemical decomposes with first-order kinetics with 

of the chemical in a town a distance 

(b) Wh;it ccjtiaiion iiiusi vou solve for the conccntration versus timc for a steacb lcak that starts 
att =0? 

(c) Sketch solutions versus time for the concentration versus time for a pulse leak assuming 
(1) plug flow, (2) laminar flow, and (3) plug flow with dispersion. 
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8.8 A simple model of chaos. The following model from population biology provides probably the 
simplesl and best-known model of how chaos develops. The model is for a single species with 

generations lliai do nol inlcract vviih cacli othcr-a hvpothetical insccl population. lor insiancc. 
ihai hatches in the spring, lives through the summer, and dies after it lays its eggs in the fall. One 
can count the number of insects alive at onc particnhir tinic each vear and aci a yearly record: 
TVi insects the firsi vcar. N-> thc second. and so on. Thc numbcr of insecis alive one summer N, 
will determine the number alive the following summer, N t+ \ . The exact relationship between 
populaiions in succccdins; vears is harcl io dcierniinc. bui ihc simplesi niaihematical fonnula 
that seems somewhat close to reality is 

N t+ \ = AN, - BN,2 
In ihis formula .4 corrcsponds lo thc birlh ralc and />' is an overcrovvdintj lactor. \\hich causcs a 
decrease in population size anytime the species gets too populous for its resources. The formula 
can be niade simplcr b\ choosing ihc uniis ol populaiion m ihe niost convcnicnt \\a\. With the 
right choice of units, A is equal to B, and the model simplifies to read 

N t+ \ = A(N t - Nfi) 
For this choice of units one must have <N t < 1 or N t+ \ will become negative. which implies 
the population becomes extinct. [Taken from Science 24, January 20, 1989.1 

The following Basic program solves this equation and plots N(t) on a Mac or PC: 
CLS 

T=0:NO=0:TO=0 
N=.01 
A=3.58 

10 N=A* (N-N*N) 

LINE (5*T0,250*(1-N0) )-(5*T,250*(l-N) ) 
TO=T : NO=N 
T=T+1 
GOTO 10. 

I i ii i i -v i I I i I I 

characteristics near A =3, 3.4, 3.57, and 4. Describe the behavior. 
(b) How does N(t) depend on N after long times for different values of A? Show several 

screen prints to illustrate selected behaviors. 

8.9 A sevvage treatment plant consists of several tanks in series with inlet and outlet pipes at opposite 
sides. The liquid and sludge are stirred by a weir that rotates slowly to keep solids suspended 
and to incorporate oxygen. 

(a) Sketch p(t) if rolation is too slow for complete CSTR mixing. Indicate the time interval 
between passage of the weir blades and the residence time. 

(b) Suppose there are blades that divide the tank into ten neariy isolated compartments and that 
ihe rotation timc is much shorler ihan the residcnce tinie in each compartmcnt. Sketch p(r) 
for this reactor. 

8.10 Derive the expression for p(t) ior the laminar-flow tubular re 

8.11 Cell culture growth by cell division can be modeled by the "i 

A + B -»■ 2A, r = kC A Ci 
where A is fhe ccll density iu molcs/liter and B is the nutrient 



(a) In a PFTR find CA(r) for C A = Cao assuming that Cbo is large enough that the nutrient is 
not depleted. 

(b) Repeat for a CSTR. What happens when T — ► 1/ £C fio ? Why is the solution very different 
in a CSTR? 

A more realislic modcl of cell gro\\lh assuincs a raic expression 
r = k h C A - kiC\ 

(a) What is a reasonable "mechanism" for the reverse reaction? 

(b) Formulate expressions for C A in a batch reactor, PFTR, and CSTR. 

(c) Whai happcns io thcsc soliiiions as r — »■ oo? This appcars io bc \er\ slrangc bccausc 
the concentration (cell population) approaches a constant (in fact the same) value in any 
reactor. What is the significance of this long-tiine behavior? Why is this different than 
nonnal 1'caciions thai conscr\c mass? 



8.13 On an isolated island the foxes and rabbits exist in a prey-predator relationship. Foxes reproduce 
at a rate proportional to the food supply, and foxes die a natural death \vitli first-ordcr kinctics. 
Rabbits reproduce with first-order kinetics, and they die by being eaten by foxes. 

(a) Foriimlate expi'essions ibr cach spccics densitv (in aniinals/arca bccausc this is a surface 
reaction problem if we ignore leaping and burrowing) for these kinetics. 

(b) What are the steady-state populations in terms of the four rate coefficients? 

(c) Rabbits and foxes occasionally arrive on the lsland by swimming Irom the mainland. 
Formulate expressions ibr the popuhition dcnsiiics 011 ihc ishind for this situation. Why 
does migration stabilize this ecosystem? 

(d) Suppose the rabbits all die suddenly from an epidemic. Describe the fox population versus 
time following this extinction. 

(e) Suppose an island initiallv lias no aniinal liic imtil a piegnant rabbil s\\inis ashorc. Dcscribc 
the rabbit population versus time, ignoring effects of inbreeding. 

8.14 A simpler model of fox and rabbit populations might be 

r F = ^fCr - k d¥ Cf 

rR = £ d rCr -* ^rCf 

(a) ForniLilate a "niechanisiii" ihat inight gi\e these "kinetics." 

(b) Hou \\ould vou solvc these equations in ;i baich rcactor ior gi\cn initial condilions? Wln 
do you expect these equations to predict unstable population densities? 

(c) Solve these equations in a CSTR and discuss the stability of the solutions. 

(d) Why can equations such as these sometimes predict instabilities where our conventional 
kinetics are uŝ'ually stable? 

8.15 Your colleague at the large company you are working for rushes into your ofhce dunna lunch 
and aiinounccs that hc has discovered a process to make synthetic fructose. He claims iliai 
his process makes it for only 10% of the cost of producing it from sugar beets or sugar cane! 
Hc adniits. ho\\c\cr. ihai his proccss makcs a niccniic niivluiv. Thcrc arc six chiral ccnlcrs of 
natural glucose, and only one has nutritional value or taste. 

(a) He wants you to go in with him in commercializing this product since he invented it on his 
own time, and therefore you and he can get a patent. Should you quit your day job or just 
finish your sandwich and return to work? 
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(b) Your colleague uses ] teaspoon of sugar in his coffee. How much of his product would he 
have to use? 

(c) He comes in later to say that he has a process that makes 80% of the desired isomer of each 
chiral center. Now how many teaspoons does he need for each teaspoon of sugar? 

(d) The noxt ueek lie savs that he just tasted a producl he \vas makinij (a highly unapproved 
practice) and found that it tasted just [ike U| ai bul had no nutritional \ ilue. Ignoring his 
poor track record. miglil this product be interesting? 

8.16 You have just been hired as the chemical engineer for a small soup company. They have just 

found that their cans of Cream of Spinach soup have become contaminated with a bactena 
whose Latin name is retchiosis barfitosum. which fortunately is not lethal but causes serious 
discomlon. The cuns had hcen sterilized b\ heating for 1 h in an oven at 200°F, but this procedure 
apparently was not adequate. We need to sterilize the prepared soup cans to kill the bacteria, 
\vhich \vill mulliplv on the shelf. Bacteria eoneentrations are determined by eoatinc a knoun 
amount of the material on a Petri dish and culturing it so that each bacterium forms a colony 
that can be counted on the dish. 

(a) What kinetics do you suppose should describe the thermal destruction of a single-cell 
organism? 

(b) Your predecessor, a careful but not very imaginative engineer, made the following culture 

0.002 cm3 of original soup sample 253 colonies 

0.01 cm3 heated for 1 h at 230°F 86 colonies 

0.1 cm 3 heated for 1 h at 250°F 38 colonies 

Find the original number of bacteria in the sample. 

(c) Find a reasonable rate expression lor sterilization. 

(d) We need a bacteria count of 1 bacteriuin per million cans of soup. However, the soup tastes 

like Cream of Grass Clippings if heated over 280 F. How should the soup cans be sterilized? 

(e) Discuss the statistical problems of sterilization and suggest some inexpensive remedies in 

assuring quality control. 
Note: All food processing companies live in mortal fear of such incidents and take great care 
to minimize such problems. 

8.17 You have just been hired as the chemical cnginccr lor a small company that has been recently 
been making excellent profits on a very old process begun at the start of World War I to 
make 10 gallons/day of product but has been retrofitted and debottlenecked to product 250 
gallons/day at present. You are asked to determine the safety of the very old equipment and 
make recommendations. You discover from old records that they had a very serious explosion 
in 1917 in which 5 people were killed. Evidently the 50 gallons oi butane solvent you still use 
leaked completely from the reactor and dispersed in air, causing a VCE. Examination of the 
records indicates thal there \\as no \\ind that day and the county coroner's ofiice indicated that 
all casualties livcd less than 1/8 mile from the site. E.vamination of the ccnsus records indicates 
that the population density of the city is the same as it was in 1917. 

(a) How many deaths would result today if the VCE forms a hemisphere, there is no wind to 
spread the cloud downstream, and the butane concentration at fhe time of the explosion is 
the same now as it was then? 



(b) Your boss decides to take the risk and make qo changes. However, you note that he lives in 
a vallev in a wealthy suburb located 5 miles to the east of the plant. What should be your 
next calculation and presentation? 

i Cell cytometry is a technique to determine the populations of cells in particular parts of their 
metabolic cycles. One places the cells in a medium containing nutrient molecules that have been 
tagged with fluorescent dyes. The nutrient is then washed out and fluid containing the cells is 
passed throush a capillarv. «here l'V liphl is nsed to make the dve molecules uithin the cells 
fluoresce. The capillary has a valve downstream that switches to allow the fluorescing cells to 
be collected in another llask to concentrate them. 



(al Fornuilate a chemical reaction sequence b\ uhich tlte cell A ingesls a nutrient B and then 
metabolizes it with the loss of fluorescence. 

ib) Devise a set of experinients to test the mechanism and nieasure llie rele\ant rate parameters. 

8.19 In a pond the frogs reproduce by natural methods and are eaten by bass, who die of natural 

(a) Formulate e\pressions ior Cp and C'b . 

(b) How should these equations be modified to account for fishermen who do not practice 
catch-and-release? 

8.20 What factors determine the velocity in a river above which fish are washed out? 

8.21 A 20-gallon fish tank contain 3.5% NaCl. If 1 cup of water is replaced each day by fresh water, 

Itou nianv davs are required ior llie sall concentration to bc reduced to 0.1 %? 

8.22 Chlorine and C10 cause ozone destruction in the stratosphere by catalyzing the reaction 

20 3 -> 30 2 

as discussed in this chapter. NO in the stratosphere can do similar damage. Sketch the reactions 
and show how they lead to a catalytic cycle. 

8.23 A 10/im diameter water drop is blown off the Pacific Ocean into Los Angeles with a wind 

velocity of 5 mph from the west. The drop flows through the basin where the SO3 is 0.1 ppm 
and the NH3 is 0.2 ppm. 

(a) Calculate the concentration of (NH4) 2 S04 in the water drop by the time the drop reaches 
the desert which is 10 miles from the shore, assuming that the absorption of both species 
is mass transfer limited with D^ = 0.1 cm^/sec. Assume that the drop diameter does not 
change as the solute dissolves. [Answer: -4 moles/literl 

(b) When the particle reaches the desert, the pollutants disappear and the drop evaporates in the 
dry air to form solid (NH^SO^ which then settles in Death Valley. What is the diameter 
of the solid particle? [Answer: ~8um]. 

(c) Set up a model to calculate the time required for complete drying of the particle. You will 
need to use the ideas in Cliapter '-> and know titc \apor pressure ol ionic solutions and the 
solubility of the salt. If you are ambitious or your instructor is tough, estimate this time. 

8.24 Figure 8-23 shows several reactor configurations and some p(t) curves. Sketch p(t) for those 
not given or a reactor configuration that will give the p(t) shown. 
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Chapter 

^^ REACTIONS OF SOLIDS 



REAC710NS INVOLVING SOUDS 



In Chapter 7 we considered catalytic reactions on solid surfaces and found that transport 
steps are essential in describing these reactions because mass transfer of reactants and 
products between phases must accompany reaction. In this chapter we consider the 
reactions of solids in which the solid enters the stoichiometry of the reaction as a reactant 
or product or both. We remark that the texts of Levenspiel give excellent and thorough 
descriptions of the reactions of solids, and we will only summarize some of the features of 
reactions involving solids here. 

The reaction of solids is not regarded as a traditional aspect of chemical reaction 
engineering, which usually concems mostly fluids (gases and liquids). However, chemical 
processing of solids represents an increasingly important part of reaction engineering. The 
material in this chapter also introduces gas-liquid and Uquid-liquid processes because 
similar geometries are involved. 

In Figure 9-1 we sketch several examples of the type of process we will consider in 
this chapter. 

The examples in Figure 9-1 all involve roughly spherical solid or lkjuid particles in 
a fluid containing reactive solute. ff the solid promotes a reaction of fluid molecules but 
reactants and products can only form a monolayer on the solid surface so that the solid 
doesn't grow, we have a cataljst particle, the subject of Chapter 7. If the "reactant" is a 
supersaturated solute that can deposit on or dissolve from the solid, we have a crystallization 
or dissolution problem, the subject of mass-transfer courses. If in the previous case we 
replace the solid by a lkjuid drop, we have a growing or evaporating drop. If the reactant from 
the fluid phase deposits a product on the solid with possible formation of another volatile 
product, we have chemical vapor deposition and solid reactions. Particular examples of 
these processes are those in the rising and toasting of food. A final example is the burning 
of carbon particle where the reaction generates so much heat that the particle glows, a 
situation we will consider in more detail in Chapter 10. 
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A major point we emphasize is that, from a reaction engineering viewpoint, these are 
all essentiallv identical problems. The fiuid may be a gas or a liquid, and the particle may be 
a liquid, gas, or a solid, but the geometries and the reactions are very similar. The interfaces 
may be gas-liquid, liquid-liquid, gas-solid, or liquid-solid. For gas-liquid problems we 
have drops and bubbles rather than particles, but the geometries are identical. These systems 
are the subject of Chapter 12. The applications are also quite different, but, once one realizes 
the similarities, the same ideas and equations unify all these problems. 

Reactions involving solids are very important in many technologies such as mi- 
croelectronics processing, ceramics, ore refining, electrochemical deposition and etching, 
chemical vapor deposition and etching, and food processing. We will consider some of 
these applications in problems, but we first note several important examples. 

The previous examples were all for drops, bubbles, or particles, all objects small in 
three directions. The other examples in this chapter are for solids that are small only in on 
direction. These are solidfilms, a class of solids with many important applications. 

CHEMICAL VAPOR DEPOSITION AND REACTIVE ETCHING 

The prototype processes we consider in this chapter are chemical vapor deposition a 
reactive etching, and the other examples listed such as crystallization and catalytic reactions 
are basically simplifications of these processes. In chen > al vapo 1 positi n (CVD), gases 
react to form solid films in microelectronic chips and in wear protective coatings. 
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Examples are the deposition of polycrystalline silicon coatings in microelectronic 
circuit fabrication by reactions such as the decomposition of silane, 

SiH 4g ->• Si, + 2H 2g 
The deposition of protective silica films on these circuits occurs by reactions such as 

SiH 4g + 20 2g -> Si0 2s + 2H 2 O g 
and the deposition of hard TiC films on machine tool surfaces involves the decomposition 
of titanium tetrachloride, 

TiCl 4g + CH 4g -* TiC s + 4HCl g 
In these applications one needs to form a uniform film of specified grain size that grovvs 
and adheres strongly to its substrate. 

Gallium arsenide for solid-state lasers and fast memory chips can be formed by 
molecular beam epitaxy through the reaction 

(CH 3 ) 3 Ga g + AsH 3g -> GaAs s + 3CH 4g 
where thc precursors trimcthylgallium and arsine arc highlv toxic gascs, GaAs is a single 
crystal solid film, and methane is an unreacfive gas. Now, however, one desires a single 
crystal film of very high purity with very few defects. 
These are reactions of the type 

A, -+ Bs + C g 

A, + 5 g ^ C s + D g 

These processes can also involve reactants in the liquid phase, and we call this liquid- 
phase epitaxy, alfhough fhe equations will be the same as for gases. 

In reactive etching of silicon a pattemed film is selecfively etched by reacting with a 
gas such as chlorine 

Si, + 2C1 2 -> SiCUg 
In fhe preparation of silicone polymers, an important monomer is SiH 2 Cl 2 , which is formed 
by attacking high-purity silicon powder with HCl in fhe presence of copper catalvst 

Si, + 2HCl g ->■ SiH 2 Cl 2g 

The rates and selectivities of these processes are frequently enhanced by the presence 
of plasmas, in which a high electric field in a gas causes ionization of molecules, and the 
reactions of fhese ions and fhe increased transport alters reaction rates. We will not consider 
fhese processes in fhis chapter. 

These reactions are of the type 

A, + B s -+ C g 

In plating of metals a film of metal such as chromium is deposited from a salt solution 
onto a reactive metal electrochemicalh/, 

Cr«+3 e -^Cr, 
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In iron ore smelting spherical pellets of iron oxide (taconite) are reacted with CO 
(from coke) in a blast furnace 

Fe 2 3s + -CO -+ 2Fe 5 + -C0 2 

In nickel smelting particles of nickel sulfide ore are frrst oxidized, 

NiS s + -0 2g -»• NiO s + S0 2g 
and then the oxide is reduced to metal 

NiO s + H 2g -4 Ni, + H 2 O g 
in a second-stage process. 

In these processes one solid is converted into another in reactions that can be 
represented as 

A, + B S ->C S + D g 
In the food processing industrv flour doughs are baked. This involves many processes 
such as (1) rising of dough by evolution of C0 2 by yeast-catalyzed oxidation of sugar to 
vapor in pockets or by decomposition of baking powder, 

NaHC0 3s +► NaOH s + C0 2g 

(one adds an acid such as vinegar or lemon juice in this process to promote the reaction 
and because the NaOH product would taste bitter), (2) drying by evolution of water vapor, 
which may be physically or chemically bound in the dough, and (3) toasting or oxidation 
of a surface layer of carbohydrate with 2 

carbohydrate + 2g -> oxidized carbohydrate 
In cnstallization a solid is formed from a supersatumtcd solution. frequently with chemical 
reactions such as formation of complex crystals from ions in the solution. The dissolution 
of solids is the reverse of crystallization. We can write this process a s 

A s <± A solution 
where we could consider this either as a chemical reaction or as a physical phase change of 
species A. 

In combustion of solids such as coal, wood, and charcoal the reaction of 2 occurs 
with solid carbon, sometimes leaving a solid ash residue. Fuel oil drops react wifh 2 in a 
similar process in boilers and in diesel engines. Since the exothermicity of these processes 
creates very large temperature differences, we will describe them in the next chapter. 

In this chapter we write the "generic" reaction as 

| A s + B s -> C s + D $ | 

so that A and D are the fluid reactant and product while B and C are the solid reactant and 
product. Not all these species exist in the examples listed previously, so reactive etching 
is A, + B s ->■ D s , crystal formation is A, -» C s , and sublimation is fi s -» D,. Thus, 
throughout this chapter Ca is fhe concentration of the fluid species A, that is reacting with 
a solid reactant species 6 S in a film or particles to make different products. If the solid B s 
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reacts to form another solid, we will call this product solid Cc s - The subscript s in this 
chapter always applies to the species in the dispersed phase (except that Ca s means the 
reactant species concentration at the surface of the solid, just as for a catalyst surface). 
We also make the simplifying assumption that stoichiometric coefficients are +1 for all 
products and — 1 for all reactants. Other stoichiometries are easy to include, but we want to 
make the equations as simple as possible. 

We also want these designations of A, B, C, and D to be more general than gases and 
solids. The ideas developed in this chapter apply to any continuous fluid reacting with any 
dispersed phase. Thus fhe fluid and rigid phases could be gas, liquid, or solid, for example, 
gas bubbles (dispersed) reacting with a liquid solution (continuous) or a solid film. Examples 
such as these are important in most multiphase reactors, the subject of Chapter 12. 
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Each of these processes can be modeled with chemical reactions such as fhose shown, and 
in fhis chapter we will consider fheir engineering in sufficient detail fhat we can describe 
their rates of formation or dissolution so fhat we can control fhe size and quality of the 
products we are forming. 

Reactions such as these usually take place in continuous reactors such as chip (memory 
or potato) processing lines, retorts, kilns, and convever belts in which the solids pass through 
an oven with reactive gases such as air or perhaps in a fluidized solid bed reactor as in the 
"shot from guns" puffed rice and other grain cereals or in a slurry reactor such as a vegetable 
oil or fat fryer. Some typical solids reactors are sketched in Figure 9-2. 

These processes can obviously be modeled as PFTR, CSTR, batch, or semibatch 
reactors. However, we now must consider the flows of both fluid and solid phases; so we 
have amultiphase reactor because there are distinct residence times of solid and fluid phases, 



where V and v are the volumes and volumetric flow rates on fluid f and solid s phases. 
These reactors are examples of multiphase reactors, which we will consider formally in 
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Chapter 12. In this chapter we will be concerned mos 
expressions for the reaction rates of solids; in Chapter 12 
and energy equations. 

Batch and semibatch processes are particularh/ common for processing solids because 
the conditions of the process can be varied as the reaction proceeds to control the quality 
of the solid formed. Burned or raw food and defecfive computer chips are intolerable. 
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As with catalytic reactions, our task is to develop pseudohomogeneous rate expressions to 
insert into the relevant mass-balance equations. For any mulfiphase reactor where reaction 
occurs at fhe interface between phases, the reactions are primarily surface reactions (rate r 
and we have to find these expressions as functions of concentrations and rate and transport 
coefficients and then convert fhem into pseudohomogeneous expressions, 

r = (area /volume)r"(fcs, CjS) 
which we considered in Chapter 7 in connection with heterogeneous catalyfic reacfions 
where fhe solid phase remained unchanged as the reaction proceeds in the fluid phase. 

However, now the solid is shrinking, growing, or transforming as the process proceeds, 
rafher than being unchanged as for solid catalysts. Thus fhere is a time dependence within 
the solid in the reactor. 

The reaction of solids occurs in fhe monolayer of molecules adsorbed on fhe surfacc 
of the solid B, as sketched in Figure 9-3. Therefore, this process can be regarded as i 
surface reaction wifh rate r", just like fhe cafalyfic reactions of Chapter 7 except fhat nov 
fhe molecules of the solid react with fhe gaseous molecules to form a gaseous product and 
remove solid molecules. The rate of the reaction should therefore be 
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is exposed continuously so that the concentration of exposed solid B, C# s , « always one 
monolayer. We therefore write the reaction rate as 

r" = k"C^, reacting solid present 

= 0, reaction complete 

In this rate expression we have lumped Cg s into the effective surface rate coefficient by 
defrning k" — ^'Cb s - ^ sou d reactions have reaction steps similar to those in catalvtic 
reactions, and the rate expressions we need to consider are basically Langmuir-Hinshelwood 
kinetics, which were considered in Chapter 7. Our use of a first-order irreversible rate 
expression is obviously a simplification of the more complex rate expressions that can arise 
from these situations. 



Drops and bubbles 

We title this chapter the reactions of solids and we deal mostly with gaseous and solid 
reactants and products, but the same ideas and equations apply to gas-liquid and liquid- 
liquid systems. For example, in frying of foods, the fluid is obviously a liquid that is 
transferring heat to the solid and carrying off products. The same equations also apply 
to many gas-liquid and liquid-liquid systems. The drops and bubbles change in size as 
reactions proceed; so the same equations we derive here for transformation of solids will 
also apply to those situations. 

In Chapter 12 we will consider multiphase reactors in which drops or bubbles carry 
one phase to another continuous fluid phase. In fact, these reactors frequently have a solid 
also present as catalyst or reactant or product to create a three-phase reactor. We need the 
ideas developed in this chapter to discuss these even more complicated reactors. 

For the student who is thinking that catalytic reactors and nonideal reactors were 
very complicated and that this topic is becoming so horribly complicated that they can 
never understand it, we offer two comments. First, we will only consider simple problems 
where the interpretation and the mathematics are relatively simple. Second, the chemical 
engineer gets paid (rather well) to deal with real problems, and no problem dealing with the 
engineering of chemical reactions should be too messy or complex for us to handle. The 
willingness to deal with complex issues (intelligently) is what makes a good engineer, and 
if you aren't willing to try to solve a particular problem, then someone else will (and will 
take your job or be your boss). 
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Just as for catalyst pellets we can divide the shapes of solids into films, spheres, and cylinders, 
each with a particular one-, three-, or two-dimensional geometry (Figure 9-4). (We won't 
do much with cylinders on this chapter, although fiber spinning is an important chemical 
process.) The notation we will use is the same as with catalyst pellets or slabs (now called 
films). We need to describe the evolution of structure in the reacting particle. For dissolving 
or growing objects, we assume that evervthing occurs on the external surface of thickness l 
or radius R. Note, however, that these can actually be rough or porous, depending on growth 
conditions. We of course used t and R to designate these quantities before, but now we 
need to see how these vary with time as the reaction proceeds, that is, to find t(t) and R(t). 
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Shrinking and gnovving solids 

The first category is that of solid films or particles that shrink or grow during the process, , 
as shown in Figure 9-5. Here the thickness of the film or the radius of the particle are the: 
primary variables. 



Transfomning solids 

The second class of solid react 

or appear but rather transforms 1 

as shown in Figure 9-6. For 

be appropriate, depending on 

concentration profiles within the solid are (1) uniform reaction and (2) film formation. 

Concentration profiles within the solid for these situations are shown in Figur 
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Figure 9-7 Sketch of possible 
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The first two profiles are limiting cases of solid concentration profiles, and most 
situations may be somewhere between those limits, as shown in the third panel. 

The growing or dissolving of a porous solid is a variant on the porous catalvst, but 
this situation combines transport through a porous solid with changing solid phases and is 
too complex to be considered here. 

As sketched for spheres and films, the processes involve either a totally reacted 
external region and a totally unreacted core or a spatially uniform solid in which the 
transformation occurs microscopically (perhaps in each single crystal grain) such that 
macroscopically the solid appears to be spatially uniform at any degree of conversion. 



Solid fractional converaon 



We need to describe the conversion of the solid from reactant to product. We t 
concentrations in the solid to describe the solid transformations. However, the c 
tions are varving within each particle, while we want the overall conversion to describe 
the transformation. Therefore, we will use a variable describing the solid conversion X s to 
describe the conversion of a solid, in analogy with the conversion X of homogeneous fluids 
used previously, so that X s goes from to 1 as the reaction proceeds. 

In the shrinking core model a film of initial thickness £ transforms with an unreacted 
core of thickness £ c . The initial volume of a planar solid rilm is 



= A B t 



while the volume of the unreacted c 



V c = A B lc 

where A B is the extemal area of the film of B. If the solid is being reacted from an initial 
thickness £ to a thickness £ Ct the conversion of the solid X s is 



V 
For a sphere of initial radius R transforming with 



tc 



3 of radius R Ct the total volume is 



while the unreacted core volume i 
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so that the conversion is given by 

X s = 1- 
For a cvlinder with an original radius R reacting with a core radius R c , the conversion is 

— m 

Thus we will have to solve the solid and gas mass-balance equations to find expressions for 
R(t) and l(t) to insert them into these equations to find X,(f). This is the major subject of 
this chapter. 

We will consider later the situation where fhe solid does not shrink but rafher 
transforms to anofher solid. In fhat sifuation fhe outer dimension £ or R remains constant 
but fhe core shrinks. For fhis, we will need positions £ c and R c versus time. 

We will next develop expressions for X,(t) and the residence time r s for complete 
reacfion of fhe solid in terms of parameters of svstems for different approximations of rate 
parameters. In a continuous reactor solid particles are fed into reactor at a constant rate, and 
each fransforms as a function of fhe time it has been in fhe reactor. Therefore, we would 
have to use fhe probabilitv distribution function to compute fhe average conversion, 



-/* 



(t)p(t) dt 



a subject we considered in Chapter 8, where we dealt wifh the disfribufion of residence times 
and conversions. Further, since most batches of solids will not all have fhe same size but 
rafher a distribution of sizes, we must frcqucntly considcr fiic paiticlc sizc distribufion and 
fhe resultant residence time disfribufion p(X s , t) and fhe average particle size distribution 
in calculafing average conversion. These complexities are beyond fhe scope of topics 
considered in fhis chapter. 
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Another simplifying assumpfion we will make in solid-gas reactions is fhat fhe gas compo- 
sition profile around and fhrough fhe solid remains in steady state as fhe solid conversion 
increases. This is obviously not precisely true because fhe composition of fhe solid is varying 

However, fhe solid density is approximately 1000 times fhe density of a gas at 
atmospheric pressure, and molecules in gases and lkjuids have much higher diffusivities 
fhan in solids. Therefore, fhe reacfing boundary (l or R) moves very slowly compared to fhe 
mofion of gas molecules to and from fhe boundary, and we can assume fhat concentration 
profiles near this boundary remain in steady sfate while we calculate fhe steady-state 
concentrafion profiles in fhe reacfion. 

After we have calculated fhese profiles assuming a stationary boundary, we will fhen 
proceed to calculate fhe movement of the reacting boundary. 
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MACROSCOPIC AND MICROSCOPIC SOUDS 

Recall that for a heterogeneous catalytic reactor we had to consider the microscopic 
concentration profiles around and within a catalyst particle and then eliminate them in 
terms of the macroscopic position variable z in the reactor design equations (mass transfer 
limits and effectiveness factors). 

For solids reactors we must add the complication that there is frequendy a variation 
within the solid particle or film. This occurs because solids usually consist of small single 
crystals that have grain boundaries between them. Also, solids are frequently formed as 
composites of single crystal or polycrystalline grains that grow or are compacted into a 
macroscopic film or pellet with void spaces between them, as shown in Figure 9-8. Thus 
there can be several distance scales that we must be concerned with in a solid film or 
pellet, and these must all be considered sequentially starting from the smallest distance and 
winding up with the average rate 7 at an average position z in the overall reactor, just as we 
noted for the catalytic reactor. 

These microstructures also can frequently change as a solid is processed. As examples, 
when an oxide ore is reduced to metal, there is usually a decrease in density, and this can 
produce changes in a porous mefal as the oxide is reduced. In the baking of foods, an early 
process is the rising of dough by formation of CO2 and H2O bubbles fhat may or may 
not break to allow air to penetrate and oxidize the internal surfaces of the solid. As a final 
example, in etching of alloys one metal is usualfy removed preferentially, leaving a rough 
or porous surface. 

Possible solid composition profiles of a partially reacted solid film or pellet are shown 
in Figure 9-9. It is evident that there are multiple possible fluid concentration profiles within 
the film or pellet such as wifhin pores (where diffusivities are high), down grain boundaries 
where some solutes have high diffusivities, and within single crystal grains where diffusion 
can be very low. 

In all these examples fhe external and internal surface areas of the solid i 

Fkuire V-K Microslruclures of solid filrns and 

pellels. Viiriiilions ciin occui iicross a film or 

sphere as well as \viihin indi\ idual parlicles in J\^~\ ,-*/— s/-^ 

the film or sphere. f 1) [ X> '(LjC^ ) 
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Figure 9-9 Solid concentration profiles ex- 

pected for partially reacted films or pellets that 
UV l!A*Mir have both crystal grains and pores. 




(sometimes decreases) as the process proceeds, and different processing conditions (such 
as oven temperature in baking) can cause different microstructures to develop. The consid- 
eration of these effects goes far bevond the scope of this text, and information from courses 
in ceramics, metallurgy, corrosion, electrochemistry, food engineering, and biology must 
be included to consider microstructures and their transformations during reactions of solids. 
However, all of these involve reactions between gases and solids with rate coefficients k 
and diffusivities D; so the general principles described here allow us to consider them if 
we know the relevant microstructures. 



DISSOLVING AND GROVVING FILMS 



We begin with the etching or dissolution of a uniform solid film described by initial thickness 
t . We assume a reaction of the type 



for the solid film of £ s being etched by reaction with gas A, to form gaseous product C g 
(for example, the reaction of CI2 with a silicon film to form SiCLt). A related process would 
be the thinning of a solid Si film by evaporation, which we would write as 



which is not a true chemical reaction but is described in the same way. We assume that 
the reaction occurs by molecule A, impinging on the surface of the film B and reacting 
chemically to form a product molecule C g , which immediately evaporates. 

We now construct a mass balance on the total amount of B s in the film. The volume 
of solid is A B £ (area x length) with Ag the area of the film. If the density of the solid is 



Pb (mas 
moles o 



s Peru 



volume) and the molecular weight of B is Mb, then the number of 



The rate of change in the number of moles of solid ii 



= A B — — = -A B i 
M b dt 



with the — sign arising because Vg = -1 if speci( 
equation the area of the film A^ is assumed to be 



a reactant. In this mass-balance | 
it cancels to yield 



psdt_ 

M B dt 
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= -k"C As 



We assume that the right-hand side of this equation is constant because C As usuaUy does 
not change much as the reaction proceeds. The rate expression could be more complicated, 
but we will assume a first-order irreversible reaction of the reactant gas at the surface, 
r" = 1c"Ca s , throughout this chapter. 

Since the right-hand side of this equation is independent of time. we can immcdiateh 
integrate for an initial frlm thickness £ 



' dl = 



-M B k"C As 



h 



l(f) = 



rc Ast 



t p B /M B k"( 



1 = 0, t> l p B /M B k"C As 
In terms of fraction dissolved X s , starting at l = £ at t = 0, we can writ< 

X t (t) = 1 - f = M-C±t, t < t p B /M B k"C As 
<r ZoPb 

= 1, t > l p B /M B k"C As 

Finally, the time for complete reaction of the film of B, X B , is 



" M B k"C As 



Film grovvth 

For film growth we assume that the chemical reaction 
A, -+ 5 S + C g , r = 

for example, the decomposition of gaseous SiCU on a 
CI2. We could have simply written this reaction 
but we prefer always to call species A the gaseous 
di _ M B k"CA, 
dt~ Pb 



1 surface to form solid Si and gaseous 
the reverse of the dissolution process, 
ictant. The mass balance on solid B is 
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with the only difference being the change of sign because now B is a product; so 

The solution is also very similar to the preceding except that £ = < 
Therefore, l(t) is given by 



These problems are deceptiveb/ simple, both conceptually and mathematically, and 
the student should verify the logic of the derivation and the solution. 



Example 9-1 A silicon film is to be deposited on a planar substrate by chemical vapor 
deposition of silane with a rate r" = k"Csm A - tf T =200°C, Psift, = 0.1 atm, and k" = 10 
cm/min, calculate the time necessary to deposit a 10-/xm-thick Si film. The density of Si is 
2.33 g/cm 3 , and its molecular weight is 32. 



Thc conccntration of silanc i 
^SiH 4 



CsiH 4 = 



(S.i 



: 2.6 x 10~ 6 moles/cm 3 



82 x 473 

Using the formula for the film thickness versus time, we obtain 
, B t _ 2.33 xl0" 3 ___ 



Tfi = 



M B k"C Ab 



32 x 10 x 2.6 x 10" 6 " 



Note that wc want concentrations in moles/cm because we lisc lengths in cen- 
timeters throughout. 



Mass transfer 

Next we assume that the mass transfer rate of A to or from the surface limits the rate of 
etching or growth, or that the concentration of A in the flowing or bulk fluid C Ab is not 
identical to the concentration in the fluid near the solid surface Cas- (Recall that we used 
the same notation in the catalvtic reactions of Chapter 7. Note also that we have a problem 
with subscript s designating either the gas concentration of A at the surface or the fact that 
we have a sohd.) 

As with external mass transfer near catalyst pellets, we obtain a steady-state mass 
balance on species A, 

k"C As = k mA (C Ab - Cas) 
to give the rate expression 

£( =£ 0± 1 *' M * CAh t 
l + k"/k_ A Pb 

with the signs depending on whether we have growth or etching. The effective rate 



Dissolving and Grovving Films 38 

in the reaction-limited case A; e ff — k", while in the mass-transfer-limited case is k" ~ k m , 
so that 



Mass transfer and film uniformity 

With a reaction-limited deposition process, the film should have uniform thickness as long as 
the partial pressures ofreactants do not vary with position. In a tubular reactor, the conversion 
of reactants must be kept small or the film thickness will depend on the location of the solid 
in the reactor, with upstream regions having a greater deposition rate. It is therefore common 
to use a gas recirculation reactor (a recvcle PFTR) so fhat the composition of fhe reactants 
is independent of position in fhe reactor to assure uniform film fhickness. 

Mass transfer can produce films of nonuniform fhickness because fhe deposition rate 
can depend on fhe velocitv field u over fhe solid. Regions wifh high k m will have the highest 
deposition rates in a mass-transfer-limited process. For flow over a flat plate of length L 
fhe average Shenvood number for laminar flow is given by fhe expression 

Sh L = 0.66Re^ /2 Sc 1/3 
as discussed in Chapter 7. The local Sh is given by the expression 

Sh^ = 33Rey 2 Sc 1/3 
where x is the distance from the leading edge of fhe plate of length L. Since Re, = ux/v 
with v fhe kinematic viscositv, we see fhat 

,..2*24..,-./» 

X 
This expression predicts that k m is infinite at fhe leading edge of a plate and decreases 
as x -1 / 2 down the plate. Therefore, for mass-transfer-limited film deposition of reactants 
flowing over a flat plate, the film will be thickest near the leading edge. This is illustrated in 
Figure 9-10. If k" is comparable to k m , the film may be uniform near the leading edge, where 
k m > k" and fhe deposition is reaction limited, but since k m decreases wifh x, the reaction 
can become mass transfer limited and the film will be thinner downstream as sketched in 
Figure 9-10(c). 

Chemical etching processes have similar mass-transfer-limited possibilities, wifh 
etching rates highest in regions of high flow velocities. In electrochemical etching of solids, 



Figure 9-10 Sketches of film profiles for chemical vapor deposition over a flat plate with reactant gases flowing 
from left toright. Rcaciion-limited deposition shoukl producc a uniiorm lilm (a). uhilc mass-transfer-limited Row 
should produce a thicker film near the leadtng edge (b). 
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natural convection of the 
near the bottom of a ver 

Obviouslv, if one wan 
k m » k", and this is best acc 
maintaining high relative fluid 
occurring. Uniform deposition 
because of unavoidable variati 



;ctrolytc 
d plate. 



:aused by rising gas bubbles causes more rapid etching 

to produce very uniform films, one should assure that 
nplished by (1) heating the system to increase k" and (2) by 
elocities over the solid on which deposition or etching is 
1 irregularly shaped solid objects can be especially difficult 
is in the velocity field. 



DISSOLVING AND GROVVING SPHERES 

Next we consider similar problems as the growth or etching of solid films, but now the solid 
is a sphere instead of a planar film. For growth or dissolution of a sphere with initial radius 
R , the volume is ~7T R^ 1 and d V = An R 2 d R, so that the number of moles of the solid B is 

B 3M B 
and the rate of change of the total number of moles of B in a single sphere is 

^ = ft ^ = ±4rf £_f 

dt dt M B dt 

= [area] r" 
= ±4itR 2 k"C As 
with the + sign representing growth and the — sign representing dissolution. 

The difference between the growing or dissolving sphere and the growing or dissolv- 
ing film is that for the sphere the surface area where the reaction occurs (4jt R 1 ) changes as 
growth occurs. Therefore, we need to consider the dependence of properties on the radius 
R of the sphere. This gives interesting functional dependences on size that are not found 
with planar films. 

Concentration profiles around the sphere might look as shown in Figure 9-1 1. 

Reaction-limited dissolution 

If C As = C/ib, then all quantities on the right side in the preceding equation are independent 
of time and size so the equation can be rearranged 



( sphere } 

dissolving ! \___/ | 

t ^ 
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k"C Ao M B 



and integrated from R at t = to R at t. 



R(t) = R - 



t < p B R /M B k"C Ab 



R(t) = 0, t>pB R /M B k"C A b 

The conversion versus time for the dissolving sphere is 

rc Ab M B \ 3 



X s (t) = 1 - 



=1-1-. 



• = l, t> p B R /M B k"C Ab 

The time tg required for complete dissolution of B L< 



t < p B R /M B k"C M 



Sphere grovvth 



Here the equation for the radius versus time i 



with a + sign because the film is now growing. This can be integrated to yield 
n k"C Ab M B 



if mass transfer of reactant is sufficientlv fast that C As = C A b- 



| Example 9-2 Silicon particles are to be grown on Si seed crvstals by chemical deposition 
of silane with a rate r" = k"C siHi .K T =200°C, P S iH 4 = 0.1 atm, and k" = 10 cm/min, 
calculate the timc necessary to grow Si particles from 1 to 10 /im, assuming particles are 

-. spherical and that the reaction is reaction limited. The density of Si is 2.33 g/cm 3 and its 
molecular weight is 32. 

For reaction-limited growth of a sphere the preceding equation gives 



-- 32 x 10 x 2.6 x 10~ 6 

- 2.77 min 



(10 -3 _ 10" 4 ) 
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Mass-transfer-limited dissolution and grovvth 

If the surface reaction rate coefficient is large compared to the mass transfer coefficient, 
k" y>> k mA , then the process is mass transfer limited. For growth this requires that 
C A& ^ C Ab , ^ f° r dissolution C As » C Ab . 

For mass transfer around a sphere we have from Chapter 7 

Sh D = 2 + 0.4Re D i/2 
and for slow fluid flow around the sphere (Re -* 0) we have $\i D = 2 to give 
2D A D A 



with R the radius of the sphere. Thus around a reacting sphere in a stagnant fluid there 
is a boundarv layer of thickness R across which the concentration gradient is formed. As 
before, we set up the problem to solve for R(t) by writing the differential equation 
2 p B dR _ 



AnR 2 



Mtp dt 



-- ±4n R 2 r " = +4n R 2 k mA C At 



for growth and 



AnR' 



Pb dR 



-Ajt R 2 k mA C M 



M F dt 

for dissolution. Note that solid species B is either dissolving or forming, but gas 
A is causing the reaction by migrating betvveen the solid and the fluid. 
For growth in a stagnant gas we have 

A d2 p B dR 47iR 2 D A C Ab 

4TZR 1 — — = 

M B dt R 

dR D A M B C Ab 1 
dt ~ p B R 

I RdR 



This can be rearranged and i 



D A M B C, 



M -^fdt 

PB J 



Thus we see that the square of the radius of a sphere in a stagnant fluid is proportional t< 
time. The time to react or dissolve a sphere of initial radius R completely is 



For mass-transfer-limited growth of a sphen 
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a stagnant fluid the radius varies with time as 



„2 , 2D A M B C AK 



Example 9-3 In the previous example we calculated the time necessary to grow Si 
) particles from 1 to 10 /xm, assuming that the process is reaction limited with k" = 10 

cm/min. Calculate the time to form these particles assuming that the process is mass transfer 
i limited with D A = 0.1 cm 2 /sec = 6 cm 2 /min. 



From the t 



;s-transfer-hmited growth we have 
d2 _ _ 2D A M B C Abf 



2D A M B C Ab 



' 82 x 473 

2.33 



2 x 6 x 32 x 2.6 x lfr 6 

= 0.0023 min = 0.14 sec 



== 2.6 x 10 moles/cm 



[(10~ 3 ) 2 - (10- 4 ) 2 ] 



The mass-transfer-limited growth time is much shorter than the reaction-limited 
growth time, and the reaction should therefore be nearly reaction controlled with a 
reaction time of 2.77 min. If we heated the reactor to increase k", then the limiting 
time if k" — > 00 may be the mass-transfer-limited rate of < 1 sec. 



Condensation and evaporation 

For crystalhzation or for dissolution of a crystal in a solution C As is usually the saturation 
concentration of the solute in the solution and C Ab is the concentration in the bulk solution. 
For growth the solution must be supersaturated (C A s < C Ab ), and for dissolution the 
solution must be subsaturated (C As > C Ab ). We call the corresponding gas-solid processes 
sublimation and liquid-solid processes dissolution, but the equations we obtain are of course 
identical for gas or liquid phases. 

For formation or evaporation of a liquid from vapor, the equilibrium shape of the 
liquid is a spherical drop; so the sphere approximation is more appropriate than for a solid 
particle, where we approximate it as a sphere to make the mathematics simple. 

Of course, the growth or dissolution of bubbles from Uquid solution has the same 
geometry and equations. In both drops and bubbles the situation could involve chemical 
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reaction or a simple phase-change process. The equations are the same, but the chemistry 
is quite different. 

DIFFUSION THROUGH SOLID FILMS 

Next we consider the situation where the reaction of the solid is controlled by the rate of a 
surface reaction at a solid interface rather than at the external surface of the solid. In this 
situation the rate of transformation of the solid can be limited by diffusion of the reactant 
through the growing or shrinking solid film. 

In this section we consider the general reaction 



with A, the reactant that must diffuse through a : 
form more C,. The situation could also be 



»c s 

in of C s t 



react with another solid B s to 



A , + S s -» C s + D g 
as long as the gaseous product D g is rapidh/ removed from the film. 

We listed many examples early in this chapter, and they can be quite different in 
practice, from the rusting of iron to the toasting of dough to the roasting of ore. The reac 
A could be a gas or a liquid, and the film could be a solid or liquid. The migration of 
through the reacted film could be diffusion of A dissolved in C or permeation of A through 
a porous film of C. We describe this by a diffusion coefficient D As , but the value of Dfa 
and the mechanism by which transport occurs will not be discussed here. 

We emphasize that we are interested in the fluid-phase diffusion coefficient of the 
reactant A, which we call Da, and also the solid-phase diffusion of this species D^ s (bold 
and subscript s). The diffusion of reactant A in either situation can limit the reaction process. 

We describe this situation of a reacting film in Figure 9-12. The unreacted solid B s 
forms a planar film of thickness | c on an impermeable substrate, and the reacted layer C s 
forms another film over B„ We shall assume that, as the reaction occurs, the total film 
thickness £ remains unchanged, so that, as the reaction proceeds, the position l c moves 
from the substrate at x = initially to the position X = i Q when the reaction has gone to 
completion. 
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The reactant concentration is C A b ^ ^ e ^ulk fluid outside the frims, and its concentra- 
tion is C As at th e external surface of the film. The reactant concentration falls further within 
the growing fifm, and at the interface between B s and C s where the concentration is C Ac 
(the subscript c means core). The reaction occurs at the boundary between solid reactant B 
and solid product C with a rate 

r" = k"C Ac 
This is a surface reaction, just as for reaction at the external surface of the solid, but now 
the product is another solid C,. 

If transport of A, through the film of C s is very fast compared to r", then the rate 
of the process is exactly the same as if no solid film were formed, and this would be the 
growing (or dissolving) film problem we considered previously. However, now we have 
the possibility that the rate of the reaction slows down as the film of product thickens. 

The subject of this section is to find how the rate should depend on the thickness of 
the growing (or shrinking) product film, that is, to find expressions for i c (t) as the reaction 
proceeds. Recall that for planar single films the thickness always changed linearh wifh 

We divide the problem into three parts: 

1. Find C A (x) in the reacted fflm of C s , 

2. Find r"(l), and 

3. Find t c (t). 

Once we have done this, we can obtain the conversion 
to determine the progress of the reaction. 

Concentration of A in reacted film 

For a planar film of C with no reaction of A within the film, the steady-state flux of A is 
constant at all values of x; so we solve the equation 

subject to the boundary conditions C A = C As at the external surface of the solid at x = 
and C A = C Ac = at the reacting inierface between B s and C s at x = l. We use the symbol 
D As to designate the diffusion coefficient of species A within the solid film of product C; 
this is to distinguish it from the diffusion coefficient D A in the gas phase outside the solid. 
This second-order differential equation can be integrated twice to yield 

C A (x)= C x x+ C 2 

where C\ and C^ are constants to be determined by the boundary conditions. Applying the 
boundary conditions, this equation becomes 
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where £ = £ — £ c as the thickness of the reacted film of C. 



-D As 



Reaction rate at the interface 

The rate of the reaction at the B-C interface is equal to the flux to the interface or 
dC A Da s C As 
l 

which gives the reaction rate in terms of the concentration of reactant at the external surface 
C As and D As and t~ 

We plot the concentration profiles of the reactant in Figure 9-13. It is seen that the 
gradient of the concentration within the film decreases as the film thickens. This means that 
the rate of film growth decreases as the film thickens. 



Film thickness versus time 

Finally we can calculate the variation of the thickness of the growing film with the time of 
reaction. We assume that at t = the film is pure B s of thickness £ and that at completion 
the film has transformed to pure C s of thickness £ . 

We make a mass balance on the rate of disappearance of B s 
. dN Bs . Pb dl „ 

dt =AB W B -dt ABr 



A>y>.'Ay- 



j t 



"^AV^Z^ 




Figure 9-13 Reactant concentration profiles Ca (x) vvithin a product 

C s . The piofile ol Iht Jnli lon-limileJ m 101 I .1 il rough the film r 
(proportional to the gradient) decreases as the film thickens. leadins 10 



!i! C s foi ii iiiiii lian^ioniiiiio Irom B s io 
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parabolic law of film growth. 
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where we see that this is identical to the dissolving or growing film except that the surface 
of 6 S (area Ag) is now at the interface with C,. 

Substitution for the rate of the reaction r" vields 



PB dl_ 

M B dt ' 



dl _DmMbCm 



dt p B l 

In this equation the only variables are assumed to be £ and f , so the equatioi 

, D^MbCm 

ede — dt 

Pb 
and integrated from l = at t = to l at t = t , 



f «..**£±f 



The time r required for a filrn of 6 S to completelv transform into C s : 



' ■ 2D Ai M B C As ° 



which predicts that the time to completelv react a film is proportional to the square of the 
film thickness. 

Thus we see that the thickness of the film of C s increases as 



according to these calculations. This is an important result for many thin film growth 
problems, and it is frequently called the parabolic law of film growth. 



TRANSF0RMAT10N OF SPHERES 



Another important example of a solid transformation where growth requires diffusion 
through the product film is the transformation of solid spheres. The principles of this process 
are similar to those for planar films. but now the concentration profile is not linear, and the 
expression one obtains for the transformation and the solid conversion is more complex. 

Solid loss or formation 

We write this mass balance as [rate of transformation of sphere] = [rate of reaction of 
sphere] ■=. [total flux of A to the surface], oi 
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— = -AnR r 

dt 
Further, since the system has spherical symmetry, the total flux into the sphere is identical 
at all radii, 

, (dC A \ , (dC A \ 

total flux of.4 = 4tt R 2 D As — - = 4ttRID a ^ — - 

\ dR / Ro \dRJ Rc 

at the outer radius of the sphere R , at the core radius R c , and at any radius R. 
We now combine the above two equations to obtain 



, (dC A \ 



Next we assume that the concentration profile of fhe reactant A within the reacted coating on 
fhe sphere remains in steady state, even though we know that the interface at R c is moving 
slowly imvard. In this approximation dN Bs /dt is constant; so the above equations can be 
combined to give 



-dN Bs \ 2 dC A \ 

As \dR ) 



m- 



This equation c 


an be r 


;arranged, 












/ dN Bs \ dR 
\ dt ) V 


= 4jtD 


\ s dC A 


and i, 


tegrated between R , where C A = C As to 


R c , where C A = 








mh- 


4nD A 




which 


ui\es 
















( dN Bs \ / 1 

v ir) \r ~ h 


-)- 


-4nD As C 



so that the loss of B s in the sphere becomes 

dt \r rJ 

which is the steady state rate of loss of B s in terms of fhe position of the core R,. 

Boundary motion 

Finally we want to know how the number of moles of solid A^gs and the position of the 
boundary R c vary with time. The number of moles of solid in a sphere is given by fhe 
expression 

3 M B 



Electrical Analogy 



j dN B /dt in terms of R c 
. dN_ _ Pb 



If we equate dN B% /dt from the previous expression, we obtain 



dt ' \R 

This can be rearranged and solved for the time dependence of R c , 

! B D As C A s 



Rl 



R c/ 



dR c - 



Pb 



~-dt 



J<i-x> 



This expression can be integrated to yield 



M B D M C A J C \R R c ) c 



M"^ I+ <^} 



Pb 



6M t 
of solid X s = 
¥-_____ 



6M B D Af ,C t 
and the time for complete conversion of a sphei 



— (R c / R a ) i , this expression becomes 
[l-3(l-X s ) 2/3 +2(l-X s )] 



6M B D As C M 



which shows that the time for complete transformation of a sphere depends on the square 
of the original radius R . 



ELECTRICAL ANALOGY 



The ideas of reaction steps in series and rate-limiting steps can be best understood by the 
idea of resistors in series. If a voltage V is applied across a resistor with resistance R, the 
current flow I is given by Ohm's Law, 

_ V 
~ ~R 
For three resistors in series, the current through each resistor is identical so that 
y 3 - y 2 _ y 2 - y, _ „, _ 
i? 3 " Ri ~ Ri 
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It is a simple 
of V4 alone: 



; to eliminate the intermediate voltages t( 
, _ V 3 -0 



R3 + R2 



+ Ri 

e others, 



r that it is the limiting 



If one of these resistances is much larger than 
resistance because most of the voltage drop is across it. 

Now consider mass transfer and film diffusion in series with reaction. The rate r' 
a current flow (of molecules of reactant), fhe concentration C A i s a potential, and the 1 
coefficients k" are conductivities (the reciprocal of a resistance). Therefore, in analogy \ 
the expression for current flow through resistors in series, we write 



r = k m (C Ah - c As ; 

Now eliminating intermediate 



(Ca s - C Ac ) = k"(C Ac - 0) 
(voltages), we obtain 



-<»& + frh) 



Consider in turn the situation where one of the three rate coefficients (conductances) i 
much smaller than the others. The rate then can be written as 

r" = k m C A \, 
or 



r" = k"C A b 
just as we derived previouslv. Analogies such as this allow one quickly to write expressions 
for the effective rate coefficient k e ff for any rate processes in series, 

where k n is the rate coefficient of the nth resistance to flow of A. For diffusion steps we 
write this rate coefficient as D A /£. This analogy is only valid if the rate is proportional to 
the concentration, and this requires first-order reaction kinetics (Figure 9-14). 
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Processes in parallel 



If a film is heterogeneous, there may be parallel paths of solid transformations (Figure 9- 
15). A transformation process can be "short circuited" by the presence of a parallel process, 
and this can greatly accelerate solid-state transformations. These can also be simplified by 
considering them as series and parallel processes, and, as long as they are linear (first order 
in concentrations), the electrical analogs can be used (Figure 9-15). 

For resistors in parallel, the current (flux) branches betvveen paths while the voltage 
(concentration at each end) is constant. The electrical analogy of resistors in series and 
parallel allows one to solve these problems quite simply. 



In this chapter we have developed rate expressions r = k e ffCAg f° r reactions in which 
gases react with solids to form other gases and sohds. We have written this as a fractional 
conversion X s and the time % to react the solid completely, X s = 1. 

An important feature of solids reaction is that there are essential mass transport steps 
of reactants and products either in convective boundary layers or within the reacting solids. 
These can cause solids reaction processes to be mass transfer limited where the surface 
reaction rate coefficient does not appear in the reaction rate expression. 

Solids reactors are multiphase reactors; so we must consider both the conversions 
of solid X s and of fluid phases X to specify these reactors. In this chapter we have not 
considered the reactor equations that must be solved to predict the overall conversion of 
reactants in the reactor. As might be expected, we assume PFTR and CSTR reactors, and 
solve for conversion X in the reactor. 




and parallel rc 



Reactionsof Solids 



We will consider these multiphase reactors in Chapter 12. We note also that the 
equations we developed in this chapter for the thickness of a film £(t) and radius of a 
sphere R(t) are also applicable to liquid films and liquid or vapor drops in gas-liquid and 
liquid-liquid multiphase reactors. 



9.1 Whcn a povvder of spheres of uniforni size is slirred in \vater. l()'/< dissolves in 10 niin. II' ihe 
dissolution rate at the surface is rate controlling, after what time will the particles completelj 
dissolve? [Answer -5 h.l 

9.2 When a powder of spheres of uniform size is stirred in \\ aler ihat is supersaturaled with a solute 
ii i ro\\ on th urfaci tii ii oftlu i i >l tro b I 11 in 10 min 11' tlie condensation 
rate at the surface is rate controlling, after what time will the particles double in size? 

9.3 You find that the rust layer from a spot on your car fender is 0.3 mm thick 6 months after the 
paint was chipped off. li the sheel metal is I mm thick, vvhen do you have to sell it to be able 
to tell the buyer it has no rust holes? 

(a) Assume dry oxidation where oxidation is parabolic. 

(b) Assume that salt (as in a Minnesota winter) makes the film conductive so that the growth 



9.4 Describe in less than one paee each tlie chcmical rcactions and processes b\ \\hich llie lollovving 
solids processes are carried out. Each involves a multistep process with physical separation steps 
between chemical steps. 

(a) Manufacture of aluminum cans from bauxite; 

(b) Manufacture of white paint pigmeni irom titanium ore; 
(cl Manufacture oi silicon uafcrs l'rom sand; 

(d) Manufacture of silicone adhesive from sand; 

(e) Manufacture of steel from hematite; 

(f) Manufacture of fissionable 235 U from pitchblende; 

(g) Manufacture of toasted breakfast cereal from wheat flour. 

9.5 Develop a model of chemical transformation of a heterogeneous solid film (B,) assuming a 

regular perfect packing of solid cubcs in a cubic arra\ . each oi dimension L packed with a gap 
space d between cubes. 

(a) Describe the film thickness and void fraction in terms of these quantities. 

(b) Assume that reaction with a gas on the external surface I concentration C/jb) °f me filfll 
is very fast so that mass transfer of the gas down the gaps between the cubes limits the 
rcaction of A, \\ ith B s , Find an e\pression lor thc rate oi' reaction ii; terms of L, d, and the 
diffu i\it\ oi i iii tlte ph i 

(c) Assume that reaction has occurrcd io an c,\tent \\hcre the reacted film has a thickness that 

is a significanl fraction of D. How does conversion depend on D and on the diffusivity of 
A through the solid film? 

(d) Assume that each cube is in iacl sranular (picture sugar cubes) \vitli ihe migration of A 
much faster down these micrograins. Develop a model to describe the transformation of 
Ihis niicrogranular iilm. 
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9.6 Corn flakes of uniform thickness are to be toasted (oxidized) in a conveyer oven. In separate 

batch experiments it is found that in air at 1 atm 50% of the dough flake is oxidized in 10 min. 

By cutting the flakes, it is noted that the process proceeds by the shrinking core model. 

(ai Ho\\ long is requircd coinpleteh to o.vidize thc flakes under these conditions if the process 

is controlled by the rate of oxidation at the dough surlace? Bv diffusion through the toasted 

layer? By external mass transfer? 

(b) When the reaction is carried out in the oven at particular air flow rate with the conveyer 
stationary (a batch process). it is found that initially the oxygen content of the air leaving 
the tube is 2%. How would you predict the time for complete reaction? 

(c) In a continuous process lura sliould the roaslinp depend on the speed of the comever and 
the air flow rate? 

(d) How would you model this process including dough heating in the oven and the heat of 
reaction? How would you modify this to include the temperature profile in the oven and 
radialion 1 .' 

(e) How would you modify the situation lor a drving process where you want a uniiorin protkicl .' 

9.7 One-fourth-in. diameter pellets of a sulfide ore are to be reacted with oxygen to produce the 

oxide. It is found that 0.1 of the ore is reacted in 10 min. Calculate the time for coinplete reaclion 
if the process is controlled by: 

(a) Uptake of oxygen on the external surface of the pellet; 

(b) Diffusion of oxygen through a shrinking core of oxide; 

(c) Reaction of oxygen at the boundary of the shrinking core; 

(d) Mass transfer at the external surface. 

9.8 A 2-Cm-diameter tube is coated with a 0. 1-mm-thick film of carbon that is to be reacted off by 
heating in air. The reaction is mass transfer limited with Dq 2 =0.1 cm 2 /sec. 

(a) At a velocity of 1 cm/sec, how long will be required to remove completeh/ the carbon? 

(b) If the velocity is increased to 5 cm/seC, how long will be required to bum off the carbon? 

(c) At what flow rate will the flow become turbulent? In turbulent flow how does the time to 
bum off completely the carbon depend on flow rate? 

9.9 iii i s f i iii i i ii i i ih ih ii ,i i ip . to forn i iiliu \t lo\\ pressures the reactor 

lehavi i iCSTRbei u i ou diffusion is fast enough to maintain a uniform composition 
throughout the reactor. For silicon forination froin silane the reaction 

SiH 4 -> Si + 2H 2 
forms a film 1 jim thick after 10 min. If this reaction is limited by the flux of silane to the 
surface, which is given by the expression 

Pj 

r {iTtMjRT)^ 2 
where M; is the molecular weight of the gas. What will be the deposition rates of tetrachlorosi- 
lane and tetrabromosilane at the same pressure lt reactions are flux hmited/ 

9.10 Crystals of uniform size are prepared by seeding a supersaturated solution with nuclei. 

(a) If 1 (im crystals grow to 50 /xm in 10 min at constanl supersaturation, how long will be 
required to form 100 jnjri cr_\ stals assuming spherical crystals with Sh^ = 2? 
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(b) How should the growth rate change if the supersaturation of the solution is doubled? 

(c) How might you estimate when the growth rate becomes a function of the stirring rate? 



9.11 Describe the reaction engineering of a kitchen toaster. The reactions are thermal drying (which 
alone makes stale bread) and thermal dccoinposition and o.\idaiion of starch, which requirt 
temperatures of -300°C. [Recall that the bread appears white until it is nearly done, and then 
it browns quickly and blackcns if lcli in ioo lons. Rccall also ihal good toast has a brown layer 
< 1 mm thick while the interior is still white and soft. The control of temperature profiles and 
heat transfer aspects are essential in producing good toast.l 



9.12 Design a PFTR tc 



r. [This is a major type of re 



n the food industry.] 



9.13 Design a PFTR solids reactor in which heat from the walls requires a finite time to heat the solid 
particlcs to the reaction temperature and compare its operation with the isolhcrmal s 



9.14 How is the preceding problcm changcd if the solids a 
quality changed from plug flow? 



antinually mixed? How is the product 



.15 An important application of formation of a solid from a sphere is the spinning of solid fibers 
from liquids. Thesc arc usualK Ibrmcd b\ ibrcina thc liquid throueh a circular orificc. bcvond 
which it solidifies. Describe the processes and reactions for forming the following fibers: 

(a) Spaghetti; 

(b) Molten liquid injected into a fluid below the melting point; 

(c) A liquid solution injected into a fluid in which the solvent is soluble bul the fiber is insoluble; 

(d) A liquid thal v, i!i react chemicallj with the fluid beyond the orifice to form a solid. 

For each of these cases sketch the process, list the reactions, and sketch concentration and 
temperature profiles parallel and perpendicular to the direction of fiber flow. Consider profiles 
both around and within the fibers. 



Figure 9-16 Sketch of concentr 
tion profiles and electrical voltage ar 

log ior reaclion and dilliision stcps in 
senes. Also shown is the situation 

parallel chaimcls lor a particular step 
ihal i i ii n i n i i i altei 




9.16 Consider formation of a solid cylindrical fiber by soKcnt rejection in \vhich tlic soKcnt initialK 
in the liquid being injected into another solvent will dissolve, leaving behind the solute, which 
solidifies. Considcr ;i proccss in «hicli the radius oi tlic iibcr R docs not change, but the core 



radius R c shrinks as the solvent at concentration Ca(R) diffuses out of the fiber. Sketch soh ent 
concenlnuion profiles expcctcd in sleadv-siate libcr spinninsi versus distance Irom the spinnerel. 

9.17 An important application of formation of solids is blov molding to iorm thin sheets of polvmer. 
li i i lon n forcing molten pofvmei uch a polveth len through an annulus to form a 
tube. The top of the tube is closed and air is forced into the tube as the top is stretched to form 

a continuous cvlindrical balloon tvpicalK niain feel in diameter. This balloon is then flattened 
and slit to form a solid film. Skelch this reaclor and the leniperature profile. 

9.18 We need to convert solid Si particles to SiCl 4 by reacting them with Cl 2 gas at 300°C in a 

fluidized bed reactor. Assuming that the process is mass transfer limited with Sho = 2.0, how 
long will be required to react completelv IO-pm-diameter panicles if Pq = 0.02 atm? The 
densitv of Si is 2.33 g/cm 3 , and its atomic weight is 32. Because of the costs of grinding Si into 
particles, 5 /im particles cost 2 times as much as 10 /xm particles, and 20 /xm particles cost 
half as much. Assume Dsicm = 0.1 cm /sec. Whal size particles uill be most economical ii 
the reactor conditions remain constant? 

9.19 We need to etch a planar Si illm by rcactinsj il uilli Cl 2 gas at 300 C to form SiCl 4 . Assuming 
that the process is reaciion limited with k" = 10 cm/sec, how long will be required to react 
completely a 10 /jm film if P ch = 0.02 atm? The density of Si is 2.33 g/cm 3 and its atomic 



9.20 We are depositing a 



ir resistant titanium carbide coalinji on steel b\ the reaction 
TiCl 4 + C 3 H 8 -> Ti 2 C + other products 
:s propane; so the rate is given by the expression r" 



" =0. 



cm/sec, ^TiCU = 10 torr, and T=600°C. The density 



The process occurs iti 
Calculale Ihe depositie 
of TiC is 4.94 g/cm 3 . 

9.21 We need lo deposii a silica filni on 200 /xm uires b\ reaclinp tetraelhvl silovane. In llie reactor 
confipuration proposed the silane in N 2 al a parlial pressurc ol 10 tOFf llovvs over the uires at 

1 cm/sec at 200°C. Assuming that the reaction is mass transfer limited and that the wires are 
widely separated, estimate the rate of the surface reaction and the film growth rate. The density 
of Si0 2 is 2.66 g/cm 3 . 

9.22 We need to deposit a silica film on a flat plate by reacting with tetraethyl siloxane. In the reactor 
confijiuration proposed Ihe silane in N 2 at a partial pressure of 10 torr flows over the lilm al 
1 cm/sec at 200°C. Assuming that the reaction is mass transfer limited, calculate the average 
surface reaction rate r" and tli \era ite ol lilni ro tl ibi pl i m id i n lensii 
of Si0 2 is 2.66 g/cm 3 . 



9.23 In electrochemical elchinc of metals the pla 
electrolyte and a voltage is applied to create 
metal as soluble ions. Discuss the following 



and a counterelectrode are placed in a liquid 
electric field between the plates to dissolve the 
nes and sketch conllgurations and proilles. 

(a) How should the etching rate vary across a plate because of the electric field variations 
between the plate and a counterelectrode that is the same shape and is parallel to it? 

(b) In electrochemical etching gas bubbles are frequently produced. How should the etching 
rate vary with position for a vertical plate because of natural convection driven by the 
bubbles? 

(c) Discuss the analogous processes with electrochemical deposition of metal films from 
electrolyte solution. 
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9.24 Summarize the reasons for the following statements regarding design of solids processing 

rcactors. Indicatc situatioiis uhcrc tlicsc statcmcnts ma\ not bc appropriatc. 

(a) Solids should be in plug flow. 

(b) The fluid should be in mixed flow. 

(c) The reactant fluid conversion should be low. 

(d) The fluid velocity should be high. 

(e) The solids should be stirred. 

(f) There is an optimum residence time for the solid. 

(g) Mass transfer limitation should be avoided. 
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^^ CHAIN REACTIONS, 
W" COMBUSTION REACTORS, 
AND SAFETY 



Combustion processes are fast and exothermic reactions that proceed by free-radical 
chain reactions. Combustion processes release large amounts of energy, and they 
have many applications in the production of power and heat and in incineration. 
These processes combine many of the complexities of the previous chapters: complex 
kinetics, mass transfer control, and large temperature variations. They also frequently 
involve multiple phases because the oxidant is usually air while fuels are frequentiy liquids 
or solids such as coal, wood, and oil drops. 

In addition to the importance of combustion reactors in chemical processes, uncon- 
trolled combustion reactions create the greatest potential safety hazard in the chemical 
industry. Therefore, all chemical engineers need to understand the basic principles of 
combustion reactors to recognize the need for their proper management and to see how 
improper management of combustion can cause unacceptable disasters. 

Polymerization also involves chain reactions; so this chapter also introduces some of 
the concepts we will need in the following chapter on polvmerization processes. 

CHAIN REAC710NS 

We begin with a classic example from kinetics, the decomposition of acetaldehyde to 
methane and carbon monoxide 

CH3CHO -► CH 4 + co 

We are repeating a discussion from Chapter 4, but here we emphasize that this is a chain 
reaction. This reaction is found experimental]y to be irreversible and proportional to the ^ 
power of the acetaldehyde concentration, 

r = kcf 
rather than being first order as might be expected from stoichiometry. [We will use the 
symbol A for acetaldehyde.J This is a simple chain reaction, and it is a prototype of many 
chain reactions. The mechanism by which this reaction proceeds is thought to involve four 
major steps 

399 
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A^CH 3 .+ CHO-, r, = iti[A] 


(i) 


A + CH 3 . -> CH 4 + CH 3 CO-, r pl = ftp, [A][CH 3 .] 


(Pl) 


CH 3 CO- -> CO + CH r , r p2 = Ap2[CH 3 CO-] 


(P2) 


2CH 3 . -» C 2 H 6 , r t = /fc,[CH 3 -l 2 


(t) 


we consider only the reaction steps named pl and p2, we obtain the o 


verall 



Note frrst that if 

reaction by simply adding them, 

A + CH 3 .^CH 4 +CH 3 CO- 
CH 3 CO-^CO + CH 3 . 
A -* CH 4 + CO 
Thus the overall reaction to make these products is obtained by omitting the first and fourth 
reactions. However, these reactions would not proceed without the frrst reaction to generate 
CH 3 ., which is required for the other steps, and the propagation reactions would have 
zero rate if CH 3 - and CH 3 CO- were not present. We have anticipated this by naming the 
first step initiation (i), the second and third steps propagation (pl) and (p2), and the fourth 
step termination (t). Physically this means that the propagation steps occur much faster than 
initiation and termination steps. Therefore, the side products CH 4 and CO of the propagation 
steps are formed in much larger amounts than the products CHO> and C 2 H 6 from initiation 
and termination steps, and the concentrations of these species may be immeasurably small. 

We also note that some of the products are stable molecules (CH 4 , CO, and C 2 H6), 
while others are free-radical molecules (CH 3 -, CH 3 CO-, and CHO-), which are highly 
unstable and will quickly react with most stable molecules in the system or with other 
radical species whenever they collide. We will write dots in the symbols for these molecules 
to indicate that they have an unpaired electron. 

In this reaction system traces of ethane formed by the termination and probably traces 
of formaldehyde (formed by a hydrogen abstraction by formyl) are also formed, but their 
concentrations are always much less than those of CH 4 and CO. 

We can of course write the six mass balances on each species and solve them in batch 
or continuous reactors to find the species concentrations as a function of residence time: 
[A](t), [CH 3 -](r), [CH 4 ](t), etc. The mass-balance equations in a PFTR (or in a batch 
reactor by replacing r by t) are 
d[A] 



d ^=-k,[A]-k p dA][CK r ] 



d[CU v 
dx 



'- +h[A] - fcpi[A][CH 3 .] + £ p2 [CH 3 CO.] - 2fc[CH 3 -] 



dlCR £°' ] = +*pi [A][CH 3 -] - ^ p2 [CH 3 C0.1 
%1 = . P2 [CH 3 C0.] 

di 
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In a CSTR these mass-balance equations become 
[A] ~ [Ao] =-k i [Al-k p dA][C}ir] 
[CH 3 -]-[CH3o-] = +k[A] _ £ pi [ A] [ C H 3 .] + ^[CHaCO-] 2/t t [CH 3 -] 2 

BM , tVm .|. Mail co. l 



Note that the right-hand sides of these equations are identical in any reactor. 

We can immediately see several features of this reaction system. Since [CH 3 -] and 
[CH3CO-] are very reactive, and their concentrations are always very low. Therefore, we 
eliminate terms in the mass-balance expressions for these species, 

[CH3»]-[CH 3 - ] = Q = +kU] _ ^ ][A][CHr] + /, p2[ CH 3 CO-] - 2fc t [CH 3 -] 2 
- £ p2 [CH 3 CO.] 



/c pl [A][CH 3 -] = /: p2 [CH 3 CO.] 
& t [A] = 2fc t [CH 3 .] 2 
Thus in this chain reaction system we find that it is a good approximation to assume that (1) 
the rates of the two propagation steps are exactly equal and (2) the initiation and termination 
steps are exactly equal. 

It is instructive to sketch this reaction as in Figure 10-1. The chain is 'Ted" by 
initiation reactions that create CH 3 . and "terminated" by reactions that destroy CH 3 . to 
form C2H6. However, the major processes by which the reaction proceeds are the two 
propagation steps that alternately create and destroy the two chain-propagating radicals 
CH 3 . and CH 3 CO - . Thus we have the notion of a "chain" of reactions, which is a kinetic 
chain of propagation reaction steps that feed reactants into the chain and spit out stable 
products. This is a kinetic chain reaction, which is different from the polymerization chain 
of reactions, which we will introduce in the next chapter (although those reactions form 
both kinetic and polvmer chains). 



Autocatalytic reactions 

In another view of this reaction system, \ 
the pl and p2 steps to yield a single re; 



A + CH 3 .^CO + CH 4 + CH 3 . 

5 the molecule that catalyzes the overall reaction (the rate i 
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3 - 
P1 r P2l 

CHgCO. CH 4 



proportional to the CH3> concentration), but CH 3 - is neither consumed or generated in 
the chain reaction steps; so this molecule is a proper catalyst. 

We call this type of reaction autocatalytic because the initiation step generates 
the catalyst [CH3O, which is necessary to make the overall process proceed, and the 
concentration of the catalyst molecule is not changed by the propagation reaction steps. 
It is called autocatalytic because the reaction itself generates the catalyst that promotes the 
reaction. Note also that the overall rate is enhanced by large k[ and inhibited by large k t 
even though k\ and k t are much smaller than kp. 

Another characteristic of chain reactions is that they generate minorproducts (C2H6 
and CHO-) as well as the major products (CO and CH4). The major products are made by 
the propagation steps and the minor products by the initiation and termination steps. In fact, 
the ratio of CH4 to C2H6 gives the ratio of r p to r t , 
[CH 4 ] __ r p 
[C 2 H 6 ] r, 
called the kinetic chain length. 



Pseudo-steady-state approximation 



Students may have seen the acetaldehyde decomposition reaction system described as an 
example of the application of the pseudo steady state (PSS), which is usually covered in 
courses in chemical kinetics. We dealt wilh this assumplion in Chapler 4 (along with ihe 
equilibrium step assumption) in the section on approximate methods for handling multiple 
reaction systems. In this approximation one tries to approximate a set of reactions by a 
simpler single reaction by invoking the pseudo steady state on suitable intermediate species. 
Wecando thisineitherbatchorPFTRby settingrf[CH 3 -]/dr andd[CH 3 CO.]/dr = 
or in CSTR by setting ([CH 3 -] - [CH 3 .])/r = ([CH 3 CO-] - [CH 3 CO-])/r = 0. Solving 
the resulting algebraic equations for [CH3 •] vields 

[C h,.i=(A)" 2 W - 

Substitution into the rate of production of CH4 formed by this reaction yields 
J-^ C = H4 - ] = V[A][CH 3 .] = (^) 1/2 ^[A] 3 / 2 



dt 
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which is the experimentally observed rate expression. 

Textbooks state that the pseudo-steady-state approximation will be valid if the con- 
centration of a species is small. However, one then proceeds by setting its time derivative 
equal to zero {d[CYiiCO']/dt — 0) in the batch reactor equation, not by setting the 
concentration (CH3COO equal to zero. This logic is not obvious from the batch reactor 
equations because setting the derivative of a concentration equal to zero is not the same as 
setting its concentration equal to zero. 

However, when we examine the CSTR mass balance, we see that the pseudo-Steady- 
state approximation is indeed that the concentration be small or that [CH^CO-ĵ/r = 0. 
Thus by examining the CSTR version of the mass-balance equations, we are led to the 
pseudo-steady-state approximation naturally. This is expressly because the CSTR mass- 
balance equations are developed assuming steady state so that the pseudo-steady-state 
approximation in fact implies simply that an intermediate species is in steady state and 
its concentration is small. 



The generic chain reaction 

Consider the preceding reaction as an example of a general reaction process 

A + B + C 
which is propagated by a single radical R-. We write the mechanism as 

M -* /?., r, = k[C A T> (i) 

A+ R. _► B + C + R., r p = k p [C A ][C R ] (P) 

n t R. ^x, r t = UCrF (t) 

where U\ and « t are the number of molecules that react in the initiation and termination steps, 

respectively. Since these steps are assumed to be elementary, the orders of the 

as indicated. 

Now if we make the PSS approximation on [Cr], we obtain 



\n,tj 



[ŭ) ^ 1 '"'" 



i the overall rate expression for this 
This reaction is of the form 



in the pseudo-steady-state approximation. 



r = k tff [C A ] n « ! 
and we see that the effective order of the reaction with respect to the reactant A is 

«eff = 1 + — 
n t 

which can easily have values of 1, I, 2, 3, . . . for fairh/ reasonable assumptior 
1 steps. The effective rate coefficient is 
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AA 




which is a product of individual rate coefficients raised to appropriate exponer 
each of these ks for initiation, propagation, and termination as 
-E 



. By writing 



; that the effective activat 



k = k exp - 
3n energv becoi 



These examples illustrate seve 
n t = 1, we obtain a rate of the 



all chain reactions. For 



hft ~ f k P = k °*« e ' 



and an activation energy 



E efi = Ei - E t + E v 
Thus, even if the propagation steps have very low activation energies and are very fast, the 
effective activation energy still contains the term E{, which can be very large, perhaps as 
large as 100 kcal/mole. 

This generic chain reaction can be sketched similarly to the acetaldehyde decomposi- 
tion reaction as shown in Figure 10-2. The circular chain propagates itself indefinitely 
with a rate r p once initiated by rate n, but it is terminated by rate n, and in steady 
state n an d h control how "fast" the cycle runs. The overall reaction rate is controlled 
by the concentration or the chain-propagating radical Cr because this controls how many 
ire participating in the chain. This is why r\ an d h wĉ so important in determining 



the ( 



erall r 



Example 10-1 Consider the chain reaction 

A -+ R, n= kiC A 

A + R-+ B + C + R, r f =k p C A C R 
R -> X, r t = k t C R 
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in a CSTR assuming constant density. 

(a) Write the mass-balance equations for A, B, R, and X in a CSTR assuming constant 

densitv 

The CSTR mass-balance equations for these species are 
C Ao - C A 



-k t C A — k p C A C R 



= kC A - k t C R 



(b) What is the overall n 



i with respect to C A 7 



First we need to find C R in terms of C A , 



kC A - k t C R = 



Therefore the rate becomes 



r = k v C A C R 

_hk, r2 



and exhibits second-order kinetics. 



(c) Find t for 90% conversion of A in a CSTR assuming pseudo steady state if C Ao 
moles/liter, k { = 0.001 sec^ 1 , it p = 20 liter/mole sec, and k t = 0.1 sec" 1 . 

Solving the CSTR equation, we obtain a residence time of 
t - *L ^g C A 0.1 x (2.0- 0.2) 
- fcjt C 2 = 0.001 x 20 x 0.22 



(d) What are C R and C X for this 

From the above, we obtain the 

0.001 x 0.2 



0.002 moles/liter 
25 x 0.1 x 0.002 = 0.045 moles/liter 
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Since Cb = Cc = 1-8 moles/liter from stoichiometry, we see that Cr and Cx are 
indeed small compared to the major product, as expected. 

CHARACTERISTICS OF CHAIN REACTIONS 

From these simple examples we see that chain-radical-propagated combustion processes 
frequently have very complicated kinetics. 

Chain reactions can have extremely large temperature dependences. This produces 
reactions that are negligible at low temperatures but can be extremely fast at high tempera- 
tures. Chain reactions are also very sensitive to trace impurities that can alter the initiation 
and termination rates and control the overall processes even though they do not participate 
in the propagation steps by which most of the products are formed. Scavengers and initiators 
(also calledpoisons andpromoters) can have large influences on the characteristics of chain 
reactions. 

Initiators 

We wrote the initiation reaction as caused by decomposition of the reactant 

m A -* R, r, = hC n i (i) 

Chain reactions can also be initiated by intentionally adding a species / that easily forms 
radicals and acts to initiate the reaction faster than the reactant. We write this reaction i 

I -> r, r u = kuCi (il) 

and the rate coefficient k\j can be much larger than k\ rnitiated by the reactant. We will leave 
for a homework problem the formulation of kinetics with added initiators. 

Scavengers 

We also wrote the termination step as if the radical species decomposed or reacted with 
other radical species to form an inactive species X, 

n t R ^X r, = Jfc t Cj (t) 

We can also terminate a chain reaction by intentionally adding a scavenger species S that 
readily scavenges the chain propagator R. We write this reaction step as 

R + S -> X, r tS = k tS C R C s (tS) 

and again, this reaction rate coefficient may be very large so that this termination rate may be 
much larger than the "natural" termination rate without intentional addition of an additional 
species. We will also save for a homework problem the calculation of rate expressions with 
terminators. 

It is also interesting to ask "what is X?", the species formed by the termination 
reaction. Basically, we seldom care or know what this species is because its concentration 
is extremely small and we seldom measure it. These species are the products of termina- 
tion reactions, which are very important in determining the overall reaction rate but are 
unimportant in determining the major products formed. 
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Wall termination reactions 

Surface reaction steps are frequently very important in controlling chain reactions. [Catalvtic 
reactions again!] For example, the termination steps by which free-radical intermediates 
are removed will frequently occur readily on surfaces simply by adsorption. We can write 



R + S -> X, r tS = k lS C R C s 
' S signifies a surface reaction site rather than a scavc 
> the other species. Just as with homogeneous s 



es, and a small surface a 



o all chain r 

: of the reactor. In a 

surfaces 



but n 

orders of magnitude smaller than the propagat: 
can have a large effect on the overall rate. 

Wall termination reactions immediately introduce a complexity 
namely, that the overall reaction rate can be a strong function of the s 
small reactor where the surface-to-volume ratio is large, terminatioi 
can keep the radical intermediate pool small and thus strongly inhibit chain i 
(nothing appears to happen), while in a large reactor the surface-to-volume ratio is smaller 
so that the termination rate is smaller and the effective rate increases by a large factor (and 
the process takes oft). 

The rate of termination of the chain reaction by surface scavenging of radicals can 
be estimated because r t is frequently a mass transfer rate if the surface reaction rate is very 
large. Just as in Chapter 7, we write this rate as 

/ area \ 

r '=(v7--' r '" 



\vith 



but now the surface reactk 
because it affects only the 
the Shenvood number for r 



and therefore the 



vvolume/ 

iy = k t »C Rs = k m (C Rh - C Rs ) 
m is only a part of the overall homogeneous chain reaction, 
step. Therefore, we can estimate k t by calculating 
transfer since 

2 coefficient for a process controlled by surface termination 



[area] 



[area] 



[volume] [volume] 

where D is a characteristic length such as the vessel diameter and Sh must be calculated 
for the reactor flow pattern. [Mass transfer again!] 

In the simplest version of a surface reaction, the rate of termination of the chain 
reaction by reaction of R on a surface should be proportional to Z)~ 2 , the square of the vessel 
diameter! We will also leave this calculation for a homework problem, but the implications 
are profound for a chain reaction. When the vessel size increases, the rate of a chain reaction 
can increase drastically, from a slow surface-quenched process in small vessels to very fast 
process whose only quenching steps are homogeneous reactions. 

Chain reactions can also be very sensitive to the materials used for constructing the 
walls of the reactor because the adsorption and reaction properties of the walls in promoting 
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or retarding termination and initiation steps depend on the nature of these surfaces. These 
effects have caused much difficultv in establishing the "true" rates of chafn reactions 
and, more important, have led to accidents when chain reactions propagated >;, sxpectedly 
because of unpredicted kinetics, which can be quite different from fhose obtained in a small 
lab reactor. One common difference is that lab data are frequently obtained in glass-walled 
vessels, which are quite unreactive, while large-scale reactors are frequently made of steel, 
whose walls have different reactivities. 

Scaleup of chain reactions 

Chemical engineers need to be very aware of these size effects in scaling up any process fhat 
might involve chain reaction processes. The lab data, even if carefully obtained, may not 
explain large-reactor behavior. The rate of a chain reaction may be much higher fn a large 
reactor. This might be good news unless fhe rate is too high and results in reactor runaway, 
where the temperature cannot be controlled. Similarly, one may be planning to run a process 
that does not occur by chain reactions, but in a large reactor a "side reaction" that occurs by 
a chain reaction could take over and dominate the process. Combining complicated kinetics 
with the possibility of thermal runaway can make engineers old before their time. 

AUTOOXIDATION AND LAB SAFETY 

Every sfudent who works fn a chemical laboratory is wamed that organic chemicals should 
never be stored for long times because they can explode wifhout warning or apparent 
provocation. Bottles of organic chemicals should always be disposed of within a few years, 
and, if a chemical is found that might be very old, a "bomb squad" of safety experts should 
be called to remove it and properly dispose of it. 

Why do all organic chemicals just sitting around the laboratory at room temperafure 
have fhe potential to explode spontaneously? The answer is fhat they can react with O2 
in fhe air at room temperature in chafn reactions to form organic peroxides, which can 
spontaneously react explosively upon shaking or opening the cap. Organic peroxides are 
examples of compounds that have fuel (C and H atoms) in fhe same compound with fhe 
oxidant, and fhese are solid and liquid explosives similar to dynamite and TNT, which we 
will discuss later in fhis chapter. 

fn this section we will consider fhe mechanism by which a harmless organic molecule 
can react with O2 at room temperature to form a potentially lethal system. Then we will 
discuss positive applications of fhis process, which are fhe primary processes by which such 
common chemicals such as acetone, phenol, isobutylene, styrene, and propylene glycol are 
made commercially. 

A simple model of autooxidation 

Consider any organic molecule, which we will call R-H , where R- could be an alkyl or any 
fragment containing C, H, and atoms. fn the presence of O2 this molecule can undergo 
fhe autooxidation reaction 

R-H + 2 ->• ROOH 



,1 
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This reaction nevcr happcns significantly as a single step at any temperature because the 
R-H bond strength is >80 kcal/mole for any C-H bond. Hovvever, consider the chain 
reaction sequence 



R-H->-tf.+H-, 


initiation 


R. +0 2 H>«00-, 


oxidation 


• +fl-H^#OOH + fl- 


radical transfer 



If we add the second and third steps, we obtain the chain reaction 

R-H + 2 -> ROOH 
by which a hydrocarbon is converted into a peroxide. 

The frrst step is a very slow dissociation step, with an activation energy >80 kcal/mole. 
However, once the radical R' is made, it wiH rapidly react with O2 to form the alkylperoxy 
radical, which is also very reactive and can abstract an H atom from any organic molecule 
in the solution to form the relatively stable (until someone shakes the bottle) alkyl peroxide. 

We call this type of reaction autooxidation because it is a an autocatalytic process 
(the reaction generates radical intermediates that propagate chain reactions) and it is an 
oxidation that converts alkanes into alkyl peroxides. 

This chain reaction is just like those discussed previously, except now the reactants 
are an organic molecule and O2, and the product is a potentially explosive hydroperoxide. 
It can be sketched as a chain in Figure 10-3. The features of this chain reaction that make 
it so explosive are that: 

1. Organic peroxides have very exothermic heats of decomposition because they carry both 
fuel and oxidant in one molecule. We will discuss this part of the process (the explosion) 
later in this chapter. 

2. The reactions can only occur if O2 is present. A bottle of an organic chemical is perfectly 
safe for cenfuries if the cap is impermeable to O2 and is kept tightly fastened. (A cork is 
not a suitable cap.) However, one never knows whether someone may have left the cap 
off or loose for some time to allow the peroxide to form significantly. 

3. This reaction depends crucially on the initiation step, and different molecules have vasth/ 
different capabilities of dissociation. The major problcm here is that the initiation step 

Figure 10-3 Chain reaclion lor alkane o\idalion by autooxi- 
dation in vvhich llie Ikvl nd lk\l| > idicals propagate the 
chain, v hich is fed by the alkaneRH. 
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can be initiated by a trace amount of an impurity that no one knows is in the bottle. As 
examples, all tertiary C-H bonds are fairly weak, as are the C-H bonds in aldehydes 
and ethers. The reaction can be initiated by traces of fhese compounds, and fhe chain 
propagated fhroughout all molecules in fhe othenvise quite unreactive liquid. 
4. The initiation step can be photoinduced. If a bottle is sitting in sunlight, UV photons 
(fluorescent lights are also more dangerous fhan incandescent lights) can cause photodis- 
sociation to initiate fhe chain reaction much faster fhan in fhe dark. [Guess why many 
chemicals are sold in brown bottles?] 

Since one cannot be sure about fhe history of any old bottle of a chemical, one should 
always dispose of old chemicals very careful]y. 

Spoilage of food 

Spoilage of food is a very important engineering issue in fhe food industry. This has two 
main forms: bacterial and yeast growfh and oxidation. 

In bacterial and yeast growfh, impropcr stcrilization during proccssing leaves or- 
ganisms that reproduce and cause problems by creating large concentrations of organisms 
fhat taste bad or, even worse, make fhe consumer sick. Living organisms grow autOCat- 
alytically (modeled as A — > 2A, r = fcC^); so fhe concentrations in foods are inherently 
unpredictable, as we discussed in Chapter 8. 

These organisms have two varieties, aerobic and anaerobic, signifying wifh or wifhout 
oxygen. Thus one type of microorganism growfh is basically an oxidation process, but now 
fhe organism can be regarded as a catalyst for oxidation. Anaerobic organisms are in fact 
more dangerous fhan aerobic organisms because they tend to produce more dangerous 
toxins, such as botulism and salmonella. 

Anofher significant spoilage mechanism of food is autooxidation, fhe subject of fhis 
section. Here O2 fr° m air at room temperature causes oxidation of ingredients in food to 
produce molecules such as aldehydes and organic acids, bofh of which generally taste bad, 
alfhough fhey are not usually toxic. The mechanism of food turning rancid is fhe same as we 
have discussed in fhis secfion: peroxide formation, which is autocatalvtic, leading to rapid 
growfh. As in all fhese processes, fhe rate is controlled by traces of particular compounds 
fhat initiate peroxide formation, which fhen propagates throughout fhe food sample. 

No amount of sterilization will prevent or even slow autooxidation, and fhere are 
only two defenses: removal of O2 and addition of inhibitors. Oxygen barriers in food 
packaging are a major topic in fhe engineering of polymer filrns. The barrier properties of 
various polvmers are very important in food applications, and many of fhese are multilayer 
polymers fhat have a fhin layer of an impermeable polymer (such as polyacrylonitrile and 
ionic polymers) on a cheaper but 02-permeable polymer such as a polyolefin, which gives 
mechanical strengfh to fhe film. 

The ofher mefhod of oxidafion prevention in foods is fhe addifion of chemicals that act 
as antioxidants. Nitrite solutions on meat or lettuce preserve the red or green color and make 
the package look fresher. The long lists of '"additional ingredients" you see on packages 
of foods are eifher antioxidants or chemicals fhat slow bacterial growfh. The phrase "all 
natural ingredients" on a package means that you need to be especially careful regarding 
spoilage. 
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One example of autooxidation you have experienced is the room-temperature oxi- 
dation of alcohol in wine. Within days and sometimes within minutes of opening a bottle 
of wine, the taste begins to deteriorate because of autooxidation. This converts the ethanol 
into acetaldehyde and to acetic acid, both of which taste bad. Wine lovers talk about letting 
the wine "breathe" after opening; so apparenth/ some oxidation acrually helps the taste. 
Distilled vinegar is made by the intentional oxidation of the alcohol in fermented apple 
juice into acetic acid, which can then be distilled from the juice and pulp. 

Both biological reactions and autooxidation reactions in food are complex problems 
because both are highly autocatalytic. Their occurrence is therefore very variable between 
nominally identical samples of food. When a reaction is both unpredictable and intolerable, 
the chemical engineer must be especially alert. 

Antioxidants 

There is considerable discussion in the popular press about the role of antioxidants in 
promoting human health, from preventing cancer to slowing aging. These molecules 
presumably act to prevent autooxidation within our bodies. The processes are very complex 
and not well understood because they are different in different regions of our bodies 
and because the foods and additives we consume may be rapidly transformed into other 
molecules that may or may not be antioxidants. These molecules act as free-radical 
scavengers within our bodies, which prevent the chain reactions of autooxidation. Because 
these processes are so complex, no one knows how a particular chemical will act when 
ingested, and therefore additives can be sold that have no beneficial effect (as long as they 
are not the "synthetic chemicals" to which we are told we should never be exposed). 

Room-temperature oxidation processes supply the energy by which we exist, but it is 
important that only the proper oxidation reactions occur in our bodies and not the ones that 
cause our skin to wrinkle and our brains to perform badly on exa ms. If you could come up 
with a chemical to assist in either of these, you could become very wealthy or get in trouble 
with the FDA. 

CHEMICAL SYNTHESIS BY AUTOOXIDATION 

Now we consider some very positive examples of this type of reaction sequence. Some 
organic molecules have weak C-H bonds that are easily broken. This fact has been 
exploited for some key industrial reactions. Some of these weak chemical bonds are listed 
in Table 10-1. We will refer to these molecules and bonds throughout this chapter because 
weak bonds cause fast initiation steps in chain reuctions 

As indicated in Table 10-1, the tertiary C-H bond in isobutane is fairly weak (91 
kcal/mole) compared to other bonds in the molecule, and this can be exploited to make two 
very important chemicals. 

Propylene oxide and isobutylene 

Isobutane and O2 in water in the presence of a suitable catalyst (which promotes the 
initiation step) at -100°C is rapidly converted to isobutyl hydroperoxide (CH^^COOH. 
This molecule is purified by distillation (very carefully) and is then reacted with propylene 



412 Chain Reactions, Combustion Reactors, and Safety 



TABLE 1 O-l 
Bond Energies 



Bond 


F (Kcal/mole) 


H-H 


104 


CH3-H 


103 


C 2 H 5 -H 
(CH 3 ) 3 C-H 


98 


91 


HO-H 


119 


HO-OH 


51 


CH3O-H 


i 04 


CH 3 -OH 


90 


C 2 H 5 0-H 




C 2 H 5 0-OH 


43 



to form propylene oxide and tertiary butanol, which is then dehydrated to isobutylene. All 
these steps take place at ^ 100°C in the liquid phase. The steps in the first reactor are 

(CH 3 ) 3 C-H -+ (CH 3 ) 3 C • +H- 

(CH 3 ) 3 C • +0 2 -> (CH 3 ) 3 COO. 

(CH 3 ) 3 COO • +(CH 3 ) 3 CH -> (CH 3 ) 3 COOH + (CH 3 ) 3 C- 

In the second reactor the overall reaction is 

(CH 3 ) 3 COOH + C 3 H 6 -+ C 3 H 6 + (CH 3 ) 3 COH 

After separation, the tertiary butyl alcohol is dehydrated, 

(CH 3 ) 3 COH -> isobutylene + H 2 
Isobutylene now frnds considerable use in producing methyl t-butyl ether (MTBE) by 
reacting it with methanol, 

iso - C 4 H 8 + CH 3 OH ->- MTBE 
which is an important gasoline additive because it enhances the octane rating of gasoline and 
(maybe) reduces pollution from automobiles. These reaction steps are shown in Figure 10-4. 
Propylene oxide is widely used in polyurefhanes and in ofher products such as a 
nontoxic antifreeze. This route of propylene oxide synthesis is replacing the old chlorohydrin 
process 
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Figure 10-4 Reaction steps to make pro- 
pylene oxide and either isobutylene or sty- 
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C 3 H 6 + HOCl -> H0C 3 H 6 C1 -+ propylene oxide + HCI 
because it eliminates the need for Cl^ and the disposal of by-product HCl. 

Propylene oxide and styrene 

Another related process to prepare propylene oxide uses ethyl benzene as the peroxidizable 
species, and it produces a coproduct that is even more valuable than isobutylene. This 
process will be left for a homework problem. 

Acetone and phenol 

These molecules are made by the autooxidation of cumene (what's that?), which is made 
by alkylation (what's that?) of propylene and benzene. 

One starts by reacting refinery petrochemicals over an acid catalyst to form isopropyl 
benzene, which is also called cumene. Cumene has a weak tertiary C-H bond that can 
be easily reacted with O2 (industrially a catalyst is used to speed up the process and 
secure suitable patents) to make fhe hydroperoxide. This is fhen distilled to separate the 
hydroperoxide. 

In another reactor wifh a different catah/st this molecule decomposes with water to 
form acetone and phenol (Figure 10-5). Most industrial acetone and phenol are now made 
by this process, in which the key step is autooxidation. 

Adipic acid 

Adipic acid is a key monomer in Nylon 6,6. The molecule [HOOC(CH2)4COOH] must 
be prepared with high purity (exactly 6 carbon atoms wifh carboxylic acid groups on 
both ends and no alkyl branching). It is made by careful oxidation of cyclohexane. By 
opening the ring, one has a six-carbon atom chain with functional groups on each end. This 
process proceeds by air oxidation of liquid cyclohexane at ~ 140°C in a sparger reactor to 
make a mbtture of cyclohexylperoxide, cyclohexanol, and cyclohexanone. This mixture is 
fhen further oxidized to adipic acid by reaction wifh HNO3 in a two-phase liquid-liquid 
reactor. The first stage of this process is autooxidation by O2 to form the alkylperoxy and 
alkylperoxide (Figure 10-6). 

Both air oxidation of liquid cyclohexane in a sparger reactor and HNO3 oxidation in 
a liquid-liquid reactor are two-phase reactors, which will be discussed in Chapter 12. 



Figure 10-5 Reaclion sicn-. lo makc acelonc and phcnol b\ anlooxidalion oi i\oprop\l benzene (also called 
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In the previous examples we considered chain reactions that can occur in liquids at ambient 
temperature or at least where we assumed that the process could be maintained isothermal. 
This produces a carefully controlled oxidation process (if the peroxides do not explode). 

We will next consider the additional complexities of combustion, which are caused 
by the fact that combustion reactions are chain reactions, which are extremely fast and 
exothermic, and therefore, once the reaction is ignited, the process proceeds very quickly 
and becomes very nonisothermal. 

hi the next sections we will consider two exothermic chain reactions involving gases, 
the oxidation of H2 and alkanes. Then we will consider combustion of liquid and solid fuels, 
a gas-liquid process. These processes all occur very rapidly and at very high temperafures. 
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2H 2 + 2 -+ 2H 2 
extremely complex, and the s 



tandard model describing it 
;teps among 8 species: H 2 , 2 , H 2 0, H, 0, OH, H0 2 , and H 2 2 . 

:e coefficients of 
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However, this : 
consists of 38 

These reactions are Msted in Table 10-2. Listed in Table 10-2 a 
the fonvard reactions shown. Rate constants are given in the form 
k = AT P e -E/RT 

All reactions are bimolecular, so fhe units of k are cm3 mole -1 sec -1 . The 19 
rate coefficients k' are found from the equilibrium constants k' = k/K„. 

A simplified reaction scheme captures many features of fhis reac 
reaction is initiated by generation of free radicals, wifh fhe lowest activation 
being H 2 dissociation, 

H 2 ->• 2H., E = 104 kcal/mole (i) 

which is reaction 8 in Table 10-2. Next H atoms attack 2 to produce O- and -OH, bofh of 
which attack the parent molecules in the propagation steps 

H • +0 2 -*• -OH + O- (Pi) 

O • +H 2 -> -OH + H- (p2) 

•OH + H 2 -* H 2 + H- (P3) 

These fhree reactions are chain reactions, involving a radical attacking a parent to form 
another radical. Note that only the last reaction produces the stable product H 2 0. 
If we add another reaction 
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TABLE 1 0-2 

Reaction Rates of the Elementary Steps in the H 2 + O2 Reaction 



1. 2 + H t- OH + 

2. H 2 + ^ OH + H 

3. H 2 + OH <> H 2 + H 

4. OH + OH ^» H 2 + 

5. H 2 + 2 ^± o h + o H 
6.H + OH + MjiH 2 + M 
7.0 2 +M^O + O + M 
8.H 2 +M^H + H + M 
9.H + 2 +M^:H0 2 +M 

10. H + 2 + 2 i± H0 2 + 2 
ll.H + 2 +N 2 ^±H0 2 +N 2 
12.H0 2 +H^±H 2 + O 2 
13.H0 2 + H^HO + OH 

14. H0 2 + «*: OH + 2 

15. H0 2 + oh ^> H 2 + 2 

16. H0 2 + H0 2 ^» Ho0 2 + 2 
17.H 2 2 +MztOH + OH + M 
i8.H 2 2 + H^:H 2 + H0 2 
i9.H 2 02+OH^H 2 + H02 



a (cmVmole -1 sec 1 ) 


fi 


F (kj mokr 1 ) 


5.10E+16 


-0.82 


69. 1 


1.80E+10 


1.00 


37.0 


1.20E+09 


1.30 


15.2 


6.00E+08 


1.30 


0.0 


1.70E+13 


0.00 


200.0 


7.50E+23 


-2.60 


0.0 


1.90E+H 


0.50 


400,! 


2.20E+12 


050 


381.7 


2.10E+18 


-1.00 


0.0 


6.70E+19 


-1.42 


0.0 


6.70E+19 


-1.42 


0.0 


2.50E+13 


0.00 


2.9 


2.50E+14 


000 


1.9 


4.80E+13 


O.Ol s 


4.2 


5.00E+13 


0.00 


4.2 


2.00E+12 


0.00 


0.0 


1.20E+17 


0,00 


100,5 


1.70E+12 


0.00 


15.7 


l.OOE+13 


0.00 


7.5 



H • + • OH -+ H 2 (t) 

and add all four of fhe propagation reactions, we see that all fhe radical species cancel, 
leaving only the "simple" reaction 

2H 2 + 02 -> 2H 2 
which is the stoichiometric reaction producing water from hydrogen and oxygen at high 
temperatures, although hydrogen peroxide H2O2 is also produced in measurable amounts in 
low-temperature processes. The reactions in fhis chain reaction are shown in Figure 10-7. 
This reaction sequence is similar to fhat described for acetaldehyde decomposition to 
mefhane and carbon monoxide: Reactions fhat produce stable products actually occur only 



Figure 10-7 Sketch of chain reaction in H 2 + 
2 ->-H 2 O.This is a highly simplified set of the 
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through radicals attacking the parent and eventually producing the stable products (CH4, 
CO, and H2O in these examples). 

However, the complete reaction mechanism of the hydrogen oxidation reaction is 
much more complex, both in its number of reaction steps, number of intermediates (OOH 
and H2O2), and observed behavior. A mixture of H2 and O2 can sit in a dry bulb for many 
years with absoluteh/ no H2O detected. However, if water is initially present, the reaction 
will begin, and if a spark is ignited or a grain of platinum is added to the mkture at room 
temperature, the reaction will occur instanfh/ and explosively. 

The reaction cannot begin without initiation of free radicals, and H2 dissociation is 
very slow. Therefore, fhe few H atoms produced by the initiation steps may diffuse to the 
walls of fhe vessel and recombine before fhey can begin chain reactions. However, fhe 
presence of H2O accelerates the rate of fhe reaction because it causes formation of traces 
of H 2 2 , which easily dissociates and forms more H- and -OH, which initiate the reaction 
by attack of H2 and O2, and fhese reactions rapidly produce more radicals, which strongly 
accelerate fhe process. 

A spark generates many radical species in the spark gap, and these can propagate 
radicals fhroughout the vessel. A platinum surface catalyzes fhe reaction (H2 and O2 readily 
dissociate on a Pt catalyst surface to begin fhe reaction), and the surface reaction then heats 
fhe Pt to a high temperature, where homogeneous reaction begins rapidh/. 

Thus we see fhat premixed H2 and O2 mixtures behave very unpredictably. They are 
usually quite unreactive, but moisture or a trace chemical such as H2O2, a spark, a trace of a 
catalyst (perhaps undetectable), or a hot surface can cause rapid and uncontrolled reaction. 

The explosion limits of the H2 + O2 reaction have been studied thoroughly, and 
these limits exhibit an interesting variation with pressure. At low pressures fhe reaction is 
stable because radicals diffuse to the walls of the chamber and prevent chain branching, 
which leads to an explosion. At very high pressure radical quenching by diffusion to fhe 
walls is slowed down, and fhe heat released by fhe reaction leads to a fhermal explosion 
(Figure 1 0-8). 

The boundaries between stable flames and explosions are very "fuzzy" because fhey 
depend on traces of chemicals in fhe vessel, which may act as initiators or scavengers, and 
they depend strongly on the size and composition of fhe walls of fhe vessel. These diagrams 
are shown to illustrate the complexities in predicting the behavior of any chain reaction, 
even a "simple" one such as H 2 + 2 . 

CHAIN BRANCHING REACTIONS 

In the reaction steps for H 2 oxidation the frrst two reactions are chain branching 
with one radical species producing two ofher radicals every time a reaction event 
The first of these probably proceeds by the steps 

• H + 2 -+ -OOH ->. -OH + 0- 

and fhe hydroperoxy radical -OOH reacts immediately at high temperatures but can be 
observed in finite concentrations at low temperatures. 

Note that this reaction produces two reactive free radicals from one. We call these 
chain branching reactions because the propagation steps produce more radical species fhan 
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they start with. Thus the propagation steps can also increase the concentration of free- 
radical species, and further destabilize the kinetics. We call a propagation step in which one 
radical species is produced for each radical reacting a linear chain, while a process that 
produces more radicals is called a branched chain. (In the next chapter on polymers and 
polymerization we will encounter linear and branched chain reactions, but these will have 
quite different implictitions for polvmers.) These are sketched in Figure 10-9. 

Most combustion reactions involve chain branching reaction steps. Under conditions 
where these steps are less significant than linear chain reactions, the reaction appears to be 
stable, but when the chain branching steps dominate, the overall reaction rate can accelerate 
uncontrollably. 

Recall that in the previous section on autooxidation, hydroperoxide species were 
sufficiently stable at low temperatures that only linear chains formed. When the bottle of 
peroxides explodes, chain branching steps such as 

ROOH -> R- + 0- + OH- 
begin to become significant. This is a chain branching reaction because one radical produces 




Figure 10-9 Sketch of chain branching reaciions 
where the propagatton steps produce more than one 

radical so Ihai ihe process lends lo srou exponen- 
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three radicals. The rapid rise in the concentration of radical species can accelerate the 
decomposition reaction of a bottle containing peroxide rapidly and catastrophically. 

Model of chain branching reaction 

We can construct a simple model of a chain branching reaction that is a simple variation of 
the linear chain reaction we used previously. Consider the reaction system A -» B + C, 
which proceeds by the steps 

A-±R, r { -kC A 

A + R^ B + C + aR, r p =k p C A C R 

r->x, n= kc r 

This looks exactly like the generic chain reaction we wrote down previously, except no\v 
the propagation step produces a radical species rather than one. 

We will leave the derivation of this rate expression for a homework problem. A 
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For a linear chain we obtained C R = k[C A / kx because u = 1, but now we have the additional 
term (a! — \)k p C A in the denominator. The major difference between this expression and 
many similar rate expressions we have derived throughout this book is that there is a minus 
sign in the denominator. Whenever this occurs, we need to be suspicious, because the two 
terms can become equal 



arge enough, but the 
This condition gives C R - * 00, and this 



d Sl =+( a!-l)k p C A C R 

with a + sign on the derivative. This condition in fact predicts a chain branching explos 
where the radical concentration grows exponentially 

C R (t) -_ C Ro e k < 
which is clearly an unstable situation, bofh mathematically and physically. 
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ALKANE OXIDATION 



One of the most important combustion reactions in industry and in home heafing is natural 
gas combustion, 



I 
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CH 4 + 20 2 -+ C0 2 + 2H 2 

The transportability of natural gas in pipelines and the clean combustion in its oxidation 
make it the fuel of choice in many applications. 

As one might guess from our previous example of H 2 oxidation, this reaction is 
extremely complex. The standard model involves over 300 reaction steps among approxi- 
mately 30 chemical species. Here even the stable product species can be complex, with CO, 
HCHO (formaldehyde), and soot (carbon) being among the highly undesired pollutants in 
CH4 combustion. Since H 2 , 2 , and H 2 are involved as intermediates and products, the 38 
reaction steps in the H 2 + 2 reaction listed previously set of the reactions that be involved 
in CH4 oxidation. 

We will not attempt to describe the mechanism of this process except to note that an 
important initiation step is CH4 dissociation, 

CH 4 -> CH 3 . +H-, E = 103 kcal/mole 

with the H- and the CH3 • active to attack 2 and begin propagation steps. 

Mixtures of natural gas and air are similarh/ unpredictable, being quite stable and 
unreactive until a spark or a hot surface ignites reaction, and then thermal and chain 
branching autocatalysis takes off and so does the building. 

Similar mechanisms (but even more complex) operate in the combustion of higher 
hydrocarbons. Initiation is easier because the C-H bonds can be weaker. The CH4 + 2 
reactions are a subset of all hydrocarbons since CH4 is one of the possible decomposition 
products of higher hydrocarbons. 

One much employed example is combustion of gasoline in the engine cylinders of 
an automobile. Here the fuel is injected into the combustion chamber as a vapor with air 
at nearly the stoichiometric composition for complete combustion, and a spark ignites the 
mkture to create pressure, which forces the piston down. Details of ignition reactions 
determine issues such as engine knock or flooding, with branched aliphatics and small fuel 
molecules being advantageous for both of these problems. High-octane alkanes produce 
fewer chain branching radicals during the compression of the air-fuel mbtture, and this 
avoids engine knock, which will occur if ignition occurs spontaneously before the spark 
plug fires to ignite the alkane-air mixture at the start of the power stroke. 

Liquid al kane oxidation 

In the diesel engine, the jet engine, and kerosene combustion, liquid fuel is sprayed into 
the combustion chamber with air, and the liquid is not totally vaporized before ignition. 
Therefore, in drop combustion there are flames around the liquid drops that shrink as the 
reaction proceeds. This and wood and coal combustion are examples of the shrinking sphere 
problem of Chapter 9, in which we derived expressions for the drop radius versus time R,(t). 
These are also multiphase reactions, which will be considered in more detail later in this 
chapter and in Chapter 12. 

We note finally that for most of these processes no one knows their kinetics Rates 
have been measured with great precision in the laboratory under specific conditions, but in 
engineering applications the processes are so complex that these kinetics are not useful. In 
almost all situations the rates of reaction are controlled by mass and heat transfer rates, and 
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the fluid flow is turbulent. When one remembers that the actual reaction steps depend on 
mass transfer (ignition by initiators and termination reactions at surfaces), it is evident that 
one has a very complicated problem. 

The complexity and importance of combustion reactions have resulted in active 
research in computational chemistrj. It is now possible to determine reaction rate coef- 
ficients from quantum mechanics and statistical mechanics using the ideas of reaction 
mechanisms as discussed in Chapter 4. These rate coefficient data are fhen used in large 
computer programs that calculate reactor performance in complex chain reaction systems. 
These computations can sometimes be done more economically fhan to carry out the 
relevant experiments. This is especially important for reactions that may be dangerous 
to carry out experimentally, because no one is hurt if a computer program blows up. On 
fhe ofher hand, errors in calculations can lead to inaccurate predictions, which can also 
be dangerous. 

THERMAL IGNITION 

Most chemical accidents have occurred because some of these effects were not expected 
or accounted for, and most of the research on combustion processes originated in an effort 
to explain the unexpected and potentially hazardous. Thermal ignition contributes another 
safety hazard in combusfion processes. 

Our first example of a chain reaction, the decomposition of acetaldehyde to methane 
and CO, is endofhermic; so fhe reactor tends to cool as reaction proceeds. However, the 
oxidation of H2 is exothermic by 57 kcal/mole of H2, arid the oxidation of CH4 to CO2 
and H2O is exothermic by 192 kcal/mole of CH4. Thus, as these reactions proceed, heat 
is released and the temperature lends to increase (slronglv!). Thus thermal ignition is very 
important in most combustion processes. 

In addition to ignition of gases, liquids and solids can also exhibit ignition phenomena. 
A classic example is the "sponfaneous combustion" of oily rags containing paint solvents 
or automobile oil. One does not want to storc large guantities of fhese rags togefher, because 
fhey can suddenh/ heat up and catch fire. Another example is the "spontaneous combustion" 
of coal piles and of underground coal fields. A large pile of coal will almost inevifably catch 
fire and bum, and barges of coal (we ship considerable amounts of U.S. coal to Asia) must 
be transported and unloaded quickly or the barge will begin to bum, a quite unpleasant 
experience for the sailors, especially if far from port. 

In fhis section we consider a simple model fhat explains many features of fhermal 
ignition processes. 

We have akeady dealt wifh nonisothermal reactors and fhek effects in Chapters 5 and 
6. The major and potentially most dangerous application of fhese effects is in combustion 
reactors. Consider our standard CSTR with parameters as indicated in Figure 10-10. 

Recall from Chapter 6 fhat the steady-state energy-balance equations in a CSTR can 
be reduced to a single equation, which we wrote by considering the rates of heat 
and removal. We wrote fhese as 

UA C -AH R -« 

T-T + —^-(T-T e ) =T—^r(C A , 1) 
vpC p pC„ 



I 



Thermal Ignition 421 



We then rearrangcd this cquafion to become 

T -T + k{T-T c ) 



and we constructed 
hand side G(T) versus T, 

Consider an oxidation 
state, where the reaction ra 



R(T) = U(T) 
graphical solution by plotting the left-hand side R(T) and the right- 
repeated in Figure 10-10. 

eaction in this CSTR. Suppose we begin at the lower steady 
the rate of heat generation are very low. If the feed 



temperature T and the wall temperature T c (c for coolant) are low, there is little reaction, and 
we would detect negligible temperature change. However, if we increase T or T c slightly, 
the system can jump to the upper steady state, the situation we discussed in Chapter 6. 

If this is a combustion process in which the rate has a very large effective activation 
energy, AHr is very large and negative, and pC p is small (undiluted gases), then these 
effects become very large. One therefore observes a situation where the rate is effectively 
zero for one temperature because the effective activation energy is very large, but a slight 
change in any parameter can cause the system to jump to the upper steady state, where the 
reaction goes to completion and the temperature goes to the adiabatic flame temperature. 

For H 2 or CH 4 in air near stoichiometric compositions (28% H 2 in air and 9.5% 
CH4 in arr, respectivelv), the temperature jumps from ambient to >2000° (it doesn't make 
much difference whether one uses °C or K units for this calculation), and the reactor almost 
certainly explodes. 

For a coal pile or a barrel of oily rags, there is a slow flow of air through the pile or 
reactor a large residence time t), and processes are slow enough (an autooxidation process) 
that the composition is nearly uniform (creating a CSTR geometry). A slight increase in 
temperature (perhaps a warm day) can cause the rate of oxidation of the alkane in the oil 
or the carbon in the coal to oxidize, and at some T c the "reactor" will suddenly ignite and 
bum. Once this happens, natural convection forces air rapidly through the barrel or coal pile 
and "fans" the flame. Underground coal fields are especially difficult to extinguish because 
there are many holes in the ground which act as inlets and outlets for the "reactor". 
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While the CSTR model is extremely primitive, the ideas of size dependence and 
differences in r for air flow before and after ignition explain many of the features of these 
troublesome chemical reactors. 

THERMAL AND CHEMICAL AUTOCATALYSIS 

The preceding situation is an example of thermal autocatalysis, and its consequence is 
frequently a thermal explosion. 

We have previously encountered examples of chemical autocatalysis, where the 
reaction accelerates chemically such as in enzyme-promoted fermentation reactions, which 
we modeled as A + B H» 2B because the reaction generates the enzyme after we added 
yeast to initiate the process. The other example was the chain branching reaction such as 
H . +O2 — » OH • +0- just described in hydrogen oxidation. The enzyme reaction example 
was nearly isothermal, but combustion processes are both chain branching and autothermal, 
and therefore they combine chemical and thermal autocatalysis, a tricky combination to 
maintain under control and of which chemical engineers should always be wary. 

This suggests immediateh/ the definition of autocatabjsis. A reactive intermediate 
or heat can act as catalysts to promote the reaction. However, in contrast to conventional 
catalysis, we do not add the catalyst from outside the system, but the catalyst is generated 
by the reaction (autocatalysis). We may add promoters or heat to initiate the process, which 
then accelerates by autocatalysis. Conversely, we may add inhibitors or cool the reactor to 
prevent both types of autocatalysis. 

The best inhibitor of autocatalysis is to have a small system. Surfaces act as both sinks 
of free radicals to increase termination and as sinks of heat to prevent thermal runaway, and 
small systems have large surface-to-volume ratios to prevent these runaway possibilities. 

PREMIXED FLAMES 

In this section we consider the combustion of premked gaseous fuel and air mixtures. 
Consider frrst the laboratory Bunsen burner, shown in Figure 10-1 1. Natural gas from the 
gas supply system enters the bottom of the bumer, where it is mixed with air, with flow 
rates adjusted by the gas valve and holes in the bottom of the bumer, where air is sucked 
in by natural convection. The premixed gases travel up the barrel of the burner (a tubular 
reactor), and, if flows are suitably adjusted and a match has been used to ignite the mixture, 
a stable flame forms at the top of the tube. 

If the flow rate is too low, the flame wi\l flash back and propagate back up the tube 
to the mixing point and extinguish. If the fiow rate is too high, the flame will lift off the top 
of the tube and either extinguish or bum as a turbulent Hftedflame. 



Stability of a tube flame 



Students have probabh/ noticed that is it nearly impossible to maintain a stable flame within 
the tube of a Bunsen bumer; it will either bum at the top or flash back to the mixing point. 
There is usually no stable steady state for a flame reaction in a straight tube. 

This points out several major characteristics of premixed flames: (1) They cannot be 
controlled stably within a constant-diameter tubular reactor configuration; and (2) the chain 



Premixed Flames 





is a typical premixed flame in 



h the flame velocity Uf equals the flow 



branching reactions and the heat release tend to make them either blow out or flash back 
into the tube and extinguish. 

Flames are characterized by aflame velocity U{, which is the velocity with which 
a flame front will move down a tube containing stagnant premixed gases. The upper and 
lower compositions where the flame velocity goes to zero are called the flammabilitj limits, 
and the flame velocity is usually its maximum near the stoichiometric composition for CO2 
and H2O formation. 

The reason why it is difficult to sustain a flame within a tube is that the flame will 
only be stable if 

U= U{ 
where u is the flow velocity used throughout this book for the PFTR. It is virtually impossible 
to adjust the flow velocity to be exactly U{. Even if this occurs, the flame is only neutrally 
stable; it will drift up or down the tube. 

Flow in the tube will be parabolic if the flow is laminar (Re<2100), and fhus gases 
near the center of the tube may propagate downstream, while gases near the wall propagate 
upstream toward the mbting point. This further destabilizes a premixed flame within a tube. 



Premixed burner flames 

Prembced flames can only be stabilized by providing an expansion section in the tube where 
the cross section increases so that u slows, creating a zone where U = U{ and a flame is 
stable. In a Bunsen bumer this is achieved quite simply by having the flame height vary as 
U changes within the tube so that a burning surface (roughh/ a cone) is maintained stable 
over a large range of flow rates. At the exit of fhe fube the flow velocity decreases over a 
wide range so fhat fhe flame is quite stable. 

The other stabilizer of flames is cold surfaces. These act to lower U{ in the region of 
fhe surface and fhus create a stable edge to fhe flame at fhe wall of the bumer. This occurs 
bofh by thermally quenching the reaction near fhe surface and by quenching free radicals 
by adsorption on the surfaces, which stops fhe combustion reactions. 

One very important device that uses this principle is fhe flame arrestor, which is 
inserted in pipes to prevent flames from propagating between pieces of gas-handling 
equipment. These are usually metal shavings (steel wool) inserted in tubes at strategic 
distances to stop any flames fhat may travel down fhe tube. 
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DIFFUSION FLAMES 

When the air inlet is shut off in a Bunsen burner, the flame can still be maintained, but it 
switches from the blue color of a normal CH4 flame to the yellow of a diffusion flame. Now 
pure CH4 flows up the tube, and the O2 fr° m outside the tube is mbced with CH4 just above 
the tube, with flow of air driven by natural convection below the hot product gas mixture. 

This burner, a butane lighter, a candle, a burning log, and a match (after ignition) are 
all examples of diffusion flames where one generally provides the fuel and relies on natural 
convection of air to provide the oxidant. 

Diffusion flames are much more stable than premixed flames because the rate of the 
reactions is limited by the supply of air and its diffusion into the fuel region to form the flame 
front. Several examples of diffusion flames are given in Figure 10-12. These all typically 
have cylindrical symmetry, with air surrounding the fuel in the center. The cylindrical 
laminar flame is simplest to sketch because it is two dimensional in composition (direction 
of flow z and radial position from the center R), with composition and temperature profiles 
as shown in Figure 10-1 3. Gaseous fuel and air are admitted through separate slots, and the 
reaction proceeds along the line of contact. The gases are convected in the vertical flow z 
direction, and horizontal diffusion (x) betvveen the fuel and air create the flammable mixture. 

One can model this system in principle using the mass- and energy-balance equations 
written with the equations of Chapter 8 with flow in the z direction and diffusion in 
the x direction to obtain profiles of C/ (z, x ) an< ^ T(z, x). However, the student can see 
immediateh/ that this will be a very complex mathematical problem to solve because there 
are many species (at least 30 for natural gas flames), but the problem will be made even 
more complex because of natural convection. Since the temperature in the flame varies from 
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25 to >2000°C in short distances, the density in and above the flame decreases dramatically 
(by nearly a factor of 10), and this causes large buoyancy effects, which accelerate the gases 
in the vertical direction. This provides the air flow in many diffusion flames, but it can also 
create turbulence, which causes greatly enhanced mixing above that which would occur by 
true diffusion. These phenomena are driven by the gravity term in the continuity equation. 

Laminar and turbulent flames 

This is another distinction between flames-laminar versus turbulent-with small flames 
generally steady and laminar but large ones exhibiting visible turbulent eddies. Candles and 
fireplaces are well-known examples where in still air the flame is steady, but, when there is 
wind or one blows on the flame, the flame flickers. 

One can describe these phenomena through the Reynolds number (forced conveciion) 
and Rayleigh number (natural convection), but the reader can see immediately that the 
situations are so complicated that correlations in elementary texts on fluid flow are not 
easily applicable to predicting flame behavior. Reactive flows are among the most complex 
problems in modem engineering. 



ENERGY GENERATION 



Energy considerations give the first estimate of the characteristics of combustion. As 
discussed in Chapters 2 and 5, the adiabatic reaction temperature (frequently called the 
adiabatic flame temperature) gives an approximation to the frnal temperature, 

AT - ~ AHr 

NC p 

We need to be especially careful in using this equation to try to describe combustion 
accurately, however, because the final temperature is so large that C„ is not at all constant. 
Further, there are many reactions and products in flames, and one has to use the multiple- 
reaction version of this equation for accurate calculations. The intermediates, which are 
at negligible concentrations at low temperature, have significant concentrations at high 
temperatures. For example, the water dissociation reaction 

H 2 -». H • + • OH 
has an equilibrium constant that predicts considerable H and OH in the high temperature 
of most flames. 

Radiation 

Another consideration in flames is radiation. The light that one sees in a flame is mostly 
fluorescence from the radiation of particular radical species formed in electronically excited 
states. (The blue color from CH4 flames is CH' emission.) Gases also radiate blackbody 
radiation, primarily in the infrared. The glow from burning wood or coal is blackbody 
emission radiated from fhe surface. 

[Recall that the emission observed from cracks in a burning wood surface is brighter 
because the emission from a cavity has the equilibrium blackbody distribution, which is 
independent of the emissvity of the surface. Also recall that most of the heat from a campfire 
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is from radiation if you are beside the fire. The air beside the campfrre is close to the ambient 
temperature because natural convection is drawing it up into the rising flame.] 

Most of the emission from combustion processes is in the infrared and is not visible, 
but a large fraction of the energy carried off from combustion processes is in the form of 
radiative heat transfer. 



Flammability limits 

In practice there is only a certain range of compositions where premixed gases will bum. 
There is obviously a great deal of interest in this composition because it sets lirnits of 
operation of many processes. The ignition limit is only loosely defined because it depends 
sensitively on temperature, flow conditions, and the presence of trace chemicals in the fuel, 
which can act as flamc initiators or inhibitors by enhancing or slowing either r\ or r t . 

A very important consideration in flammability is the presence of surfaces. Cold 
surfaces act as free-radical quenchers and mainfain the gas temperature below the ignition 
temperature, while hot surfaces can act as ignitors. 

Many of the industrial accidents in the chemical industry have originated from 
reacfion systems that were quite stable in small containers but exploded when larger reactors 
were used. 



COMBUSTION OF LIQUIDS AND SOLIDS 



Burning of wood and coal 

These solids have been very important fuels since our cave-dwelling 
still important fuels in heafing and power generation. Their combus 
most solids combustion processes. 



and both are 
characteristics 



Pyro lysis 

The frrst step when coal or wood particles (we call them chunks or powder and logs or 
chips, respectively) burn is pyrolysis, in which heat causes the water and volatile organics 
to evaporate. These gases then burn in oxygen in fhe boundary layer in the first stage 
of burning. 

Coal and wood decompose to give many small organic molecules such as alkanes, 
aromatics, alcohols, aldehydes and ketones, and organic acids. As an example, mefhanol is 
still sometimes called wood alcohol because it was first obtained by heating wood in a kiln 
and condensing the products, one of which was methanol. In the nineteenfh century, coal 
and wood were the major sources of many chemicals such as acetic acid and acetone, and 
coal was a major source of chemicals such as benzene. As noted previously, one of fhe types 
of products from coal was highly colored chemicals, and fhese were called coal tars, from 
which highly colored dyes could be extracted. The search for reliable and cheaper sources 
of these dyes produced the development of organic chemistry for fhe systematic search for 
new colored dyes, and fhis led to fhe giant English and German chemical companies such 
as ICI and the 1. G. Farben cartel, as discussed in Chapter 3. 
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Coke and charcoal 

Once the volatile products have been pyrolyzed, one is left with a material that is mostly 
carbon, and these are called coke (from coal) and charcoal (from wood). Coke was of course 
used in blast fumaces to make iron (the volatiles would make the process less reproducible 
in reducing Fe 2 03) by our ancestors, while charcoal was used in soap (mainly the alkalis 
fn fhe ash) and as an adsorbent. 

Coke and charcoal are highly porous, coke from the holes left behind when fhe volatile 
components evaporate, and charcoal remains from the cellular framework of wood fibers. 
Addition of limited air in pyrolysis produces more volatile products and makes a more 
porous carbon residue. 

These carbon residues then can be bumed wifh air in the second stage of combustion. 
There are two modes of carbon combustion, with and without flames. If fhere is no flame 
over fhe carbon, then reaction occurs by surface reaction, 

c s + o 2 -> co 2 



> by both surface and 



co + -Oj -► co 2 

although this is in fact a free-radical chain reaction wifh many steps. 

This creates a reacting boundary layer over fhe coke or charcoal particle wifh reactant 
and product composition profiles as illustrated in Figure 10-14. 







c s + -o 2 


-^CO 




if fhe re 


action is deficient in 


2 . When there i 


s a flame, 


burning 


homoger 


eous reacfions. The 


surface reaction i 

c s + co 2 


s primarily 




and the 


homogeneous reacti 


)n is primarily 







Figuie 10-14 Concentralion proiilc arotind 
ii burnins carbon parlicle. either \\ ith or \\ ilh- 

otil I II , II 1 1 i 1 

around the particle. 




homogeneous 
heterogeneous reaction 



Chain Reactions, Combustion Reactors, and Safety 

There is therefore typically a progression of burning of solids involving first a homo- 
geneous reaction, where volatile gases are driven off and burn, followed by a homogeneous- 
heterogeneous reaction, where both homogeneous and surface reactions occur in a boundary 
layer, followed by a surface reaction, where glowing coals react only on the surface. 

The campfire or charcoal grill 

Everyone has seen these processes. When a log is placed in a campfire, it first sputters and 
pops as water trapped within the solid is released, and then flames are observed around it 
(flame jets form as the organics escape from cracks in the log) but the surface remains dark. 
Then after most of these organics have escaped, the wood surface begins to glow as the 
surface reaction begins with the flame continuing. Hnally, after the fire has "died down," one 
observes no flame at all but just the glowing embers due only to surface reaction. Stirring 
the coals or blowing on the fire causes the flame to reignite for a while until it retums to the 
pure surface reaction mode. Finally, the heat release is too small to sustain reaction or the 
wood turns completely to ashes, and it is time to go home or to bed. 

Coal combustion 

Our grandparents used coal for home heating, but now its major use is in electric power 
plants, where fast and efficient combustion is desired. Therefore, coal plants grind large 
coal chunks into fine powder and then blow it with air into bumer jets, where it reacts with 
O2 first by pyrolysis, and then the remaining coke bums, leaving behind an ash, which is a 
few percent of the weight of the original coal. 

Most of us have never seen the inside of a coal-fired boiler, but the sparks rising from 
a campfire are very similar to the second stage of a coal-burning process. When a campfire 
is stirred, small particles of charcoal are broken off the log, and buoyancy carries them 
upward. They glow brightly by the heat released by heterogeneous carbon oxidation for 
several seconds until the carbon is all consumed. 

In these processes the reactant O2 concentration flux is mass transfer limited around 
the reacting solid sphere, and the temperature of the particle is determined by heat transfer 
around the sphere, as shown in Figure 10-15. 

Figure 10-15 Concentration and temperature pro- 
files around a burning carbon particle in air (Pq, = 0.2 
atm and T = 25°C). The concentration of 2 falls to 

zero at the surface and the temperature rises to nearh/ 
the adiabatic flame temperature. 
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Example 10-2 Everyone has poked a campfire at night and watched the sparks fly up. 
They glow a bright red, which indicates that they are emitting blackbody radiation from 
a source with a surface temperature of -1200°C. You have also noticed (if you were 
thinking about scientific matters at the time) that their color does not change until they 
suddenly disappear. The time for this reaction varies, but they seem to glow for a few sec 
and then suddenly disappear. 

(a) Estimate the temperature of a campfire spark. 

(b) How long does it take to consume a O.l-mm-diameter particle? 

Let us construct mass and energy balances on the particle, which we assume to be 
a sphere of pure carbon of radius R. The reaction is 

C s +0 2 -> C0 2 , r" = £'C c Co 2 , A// R = -94 kcal/mole 
The heat of the reaction is the heat of combustion of graphite. We do not really 
know the kinetics of fhe reaction, but it is a surface reaction between carbon on 
fhe surface of fhe particle and 2 fr° m the air. Since the amount of surface of 
carbon exposed per unit surface area is constant, we can eliminate it by lumping 
k" = ^'C Cs to write 

r" - k"Co 2 
A mass balance on 2 around the particle yields 

dN A pc dV 4jiR 2 Pc dR ,„ r 2 

,n - TT ~1T - — T* T - 4jlR k C «2S = 4nR L k m (Co 2 b -Co 2S ) 

dt M c dt M c dt 2 2 

where we simply equate fhe loss of moles of solid carbon with fhe rate of reaction 

of 2 at its surface, which is also equal to fhe rate of mass transfer of 2 to fhe 

surface. 

An energy balance on the particle yields 

heat generated by reaction = heat lost by conduction + heat lost by radiation 

4nR 2 (-AH R )k"Co 2S = 4nR 2 h(T, - T ) + 4jtR 2 eo(T* - r o 4 ) 
where all terms are familiar except fhe radiation term, with g the emissivity of 
the surface, a fhe Stefan-Boltzmann radiation constant, T s fhe carbon particle 
temperature, and T the ambient air temperature (300 K or whatever it was that 
night). 

(a) We first assume that fhe 2 concentration profile is estabhshed much more 
rapidly fhan R is changing; so that fhe concentration profiles is in steady state. 
These equations become 

^"Co 2S = £ m (Co 2 b - Co 2S ) 
(-AH R )k"C 02S = h(T, T ) + ea(r 4 - T 4 ) 
where fhe area 4ji R 2 can be omitted from each term, showing immediately fhat 
the temperature is independent of the particle size, as you knew already since fhere 
must be a range of particle size in fhe sparks, and all have the same temperature. 
We fhen ignore the radiation term and rearrange these equations to yield 
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Co 2 b 



Before we proceed, note that these equations look identical in form to the adiabatic 
CSTR equations of Chapter 6, 



-c A = 

-T = 



pC P 



-kC A 



Therefore, we immediately suspect that the carbon particle i 

steady states, ignited and extinguished. 

Refurning to the equations describing the particle, we have 

(-AH R )k" 



-- To h 



-Cq 2 s: 



. (-AH R )k„ 



, (-AH R )k m 
h 



(Co 2 b - Co 2S ) 



Co>b 



where we have assumed that Co 2S ^ Q) 2 bi meaning that the oxidation of the 
carbon particle is mass transfer limited. Note that the reacfion rate coefficient k" 
has disappeared from the equation, as expected if the reaction is very fast. 
Now we need k m and h, the mass and heat transfer coefficients around a sphere. 
These come from Shenvood and Nusselt numbers, respectively, for flow around a 
sphere, 

Sh D = Nun = 22D-h0.4Re D 
Since the fluid (air) is nearly stagnant, these are -2, but we do not care since they 
are equal for gases (if Sc=Pr). Therefore, we have 

k m Sh£>p 2 /£> D 02 

T ~~ Nu& T /£> = k T 
where Do 2 is the diffusivity of O2 in air at atmospheric pressure, Do 2 — 0.1 cm 2 /sec, 
and kj is the thermal conducfivity of air at atmospheric pressure, kj = 0.026 
W/mK. 
We can now solve our problem. 

s ° h " 2 

94000 cal/mole x 0.1 cm 2 sec x 0.2 / 22400 
+ 0.026 W/mK x 0.01 m/cm x 1/4.18 J/cal 
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which is in good agreement with the observed temperature of a spark (bright 
yellow). In this calculation we used for the concentration of O2 in air the approx- 



U2b 22400 moles/cm3 
Finally we return to the mass balance to calculate the time needed to burn 
completely the particle 

- n^ ?r = 4ĵT R2k " Co - = 4jt R2kmiCo * - Co - } 

dR M c k m 

dt pc 

The mass transfer coefficient is 

, Sh D ŭ o x 2D 0l D 02 

km ~ D ~ D R 

so the mass-balance equation can be rearranged to give 

RdR = _McDo 2 Co 2dt 

This equation can be integrated to yield 

R=0 t 

M c D 02 Co 2 f Hf 



J RdR = ~ 



= 2M c Do 2 Co 2 ° 
Inserting numbers (p c = 2.25 g/cm 3 , Do, =0.1 cm 2 /sec, and Mq = 12 amu), 



!x!2x 0.01 x 0.2122400 



which is a reasonable time for a spark to disappear. [Take a stopwatch with you 
the next time you go camping to check out this calculation.] 



SOUD AND UQUID EXPLOSIVES 



In combustion of solids such as charcoal, a reaction occurs between carbon and O2 from the 
air in diffusion-Mmited reactions. More than 1000 years ago the Chinese found that when 
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they combined charcoal with sulfur and potassium nitrate (obtained by crystallizing liquid 
animal wastes in a process too messy to describe), the mixture of solids when ignited had 
quite different characteristics. This mbtture would frzz with a flash of light or, if the solid 



i roll of paper, it would become a 



was confined by wrapping i 
born explosives, which Wei 
fifteenth century. 

As mentioned previoush/, the animal waste soui 
for conducting a large-scale war, and chemical engin 
making ammonia from N2 and the Ostwald process t 
HNO3, as we have discussed previously. The explosivi 
nitroglycerine, nitrocellulose, and TNT to the modem p 
(Recall the history of DuPont in Chapter 3.) 

A solid or liquid explosive is simply a chemical o 
fuel and oxygen in the condensed state so that no diffu 
reaction of TNT can be written approximately as 



3 of 



er. Thus were 
ivarfare in the 



js of fixed nitrogen were too limited 
jrs developed the Haber process for 

oxidize NH3 into NO and thus to 
;ives business then evolved through 

plastic explosives and rocket fuels. 



1 mbcture of solids that 
m processes slow the rate. 



CH 3 C 6 H 2 (N0 2 ) 3 -+ 6C0 + C 



- § H 2 + §N 2 , 
ule to convert all C 
temperatures that they 



AH R = -303 kcal/mole 
C0 2 or H to H 2 0, but the 



There is not enough oxygen in the molec 

products quickly are heated to sufficient temperatures that they react instantly with 2 . 

If the solid is in an open container, the reaction just frzzes, but if it is confined 
long enough to build up pressure, it generates a pressure wave, which causes accelerated 
propagation of the combustion wave, which is heard as a bang. If the container is confined 
on all but one side (the nozzle), reaction creates a rocket. 

The art and engineering of propellant and explosive manufacture consists in finding 
suitable combinations and treatments of solids that will produce a "stable" compound that 
will not ignite until desired and will then bum with the appropriate rate to produce the 
desired blast wave or thrust. Obviously these are dangerous experiments, and they should 
be attempted after one figures out all the possibilities and what to do about them. 

Since an explosive solid contains fuel and oxidant in close proximity, the exotherrnic 
reaction can occur very quickly and without diffusion control, justas for separate fuel 
and oxidant systems. Premked flames and explosions with gases involve the same basic 
idea with both fuel and oxidant mixed before reaction begins (and potentialh/ disastrous 
consequences if they are ignited with inappropriate mbctures and confinement). 

Another potentially explosive class of compounds is multiph/ bonded hydrocarbons. 
Early in the twentieth century chemical engineers leamed by disastrous accidents that pure 
acetylene itself can detonate because the reaction 

C 2 H 2 ->■ 2C S + H2, AH R = -54.19 kcal/mole 

is highly exothermic. Many acetylene tanks and pipes exploded before we learned to add 
stabilizers (chemicals such as acetone, which scavenge free radicals, which would othenvise 
promote chain-branching reactions). Even then, acetylene is sufficienth/ dangerous that it 
is seldom used in large quantities in the chemical industry. 

Acetylene is widely sold as the fuel for welding torches, and it is stored in large 
cylinders at high pressures in many welding shops. In fact, fhis acetylene is mixed with 
acetone, which has been found to be an effective scavenger of acetylene decomposition, so 
fhat fhese tanks are relatively safe. 



Explosions and Detonations 

Table 10-3 lists the heats of formation of several of these potentialfv dange 
hvdrocarbons. In a homevvork problem you are asked to calculate the temperatures 
pressures of these gases if they suddenly deompose into their elements. 



EXPLOSIONS AND DETONATIONS 



In the previous section we described one type of reaction that can cause an explosion, 
namely, the situation where fuel and oxidant are mbced in solids or liquids that can release 
large amounts of energy very quickly. These processes can also occur in prembced gases. 
An example of useful explosions in gases is the repeated explosions that occur in the 
automobile engine. However, most examples of explosions in gases are in fact disasters in 
which products burst walls of containers and cause havoc. 

An explosion can be defined as a fast, transient, exothermic reaction. It needs 
exothermicity to generate energy and must be fast to generate this energy very quickly in a 
transient pulse. We can also distinguish between events in which the reaction propagates at 
subsonic velocity as an explosion and one in which the reaction propagates with sonic or 
supersonic velocity as a detonation. 

In practice, we call an explosion a reaction that makes noise. This can be a "whoosh," 
a "thump," or a "bang" in order of increasing rate of energy release and time of confmement. 
The bang is caused by a buildup of pressure that is released very quickly as the confinement 
system ruptures or the reactor ruptures. The parameter that distinguishes these characteris- 
tics is the flame velocity Uf, which is the velocity with which the reaction front propagates 
down a tube or across a container. The velocity of sound in air at 300 K is approximately 
1100 ft/sec or 300 m/sec. [How far away was the lightning bolt if the thunder is heard 5 sec 
after the flash?] If the velocity of propagation is less than the velocity of sound, the wave is 
called a deflagration, and if it is at or above the velocity of sound, it is called a detonation, 
which can do much more damage because of the shock wave. We call a subsonic reaction 
wave a deflagration and a supersonic wave a detonation. 

If CH4 and air at the stoichiometric ratio (9.5% CH4 in air) at atmospheric pressure 
are ignited at one end of a pipe, the pressure will ultimately rise by a factor of ~ 10, and this 
pressure wave will travel at 300 m/sec down the pipe. The heat of reaction is -192 kcal/mole 
of CH4, and all this heat will be released and the pressure will rise very quickly. 

Explosions in solids and liquids can be even more violent than in gases because the 
energy content per mole is comparable, but the density of solids and liquids is approximately 
1000 times the density of gases at atmospheric pressure. 

These considerations in fact underestimate the damage an explosion can cause as 
the flame speed becomes sonic and generates a shock wave. The pressure wave travels so 
fast mat it carries considerable momentum, and this can burst walls even more effectiveb/ 



TABLE 1 0-3 

Heats of Formation of Hydrocarbons 



C 2 H 6 
C 2 H 6 
C2H2 



-20.24 kcal/mole 
+ 12.50 
$54.19 
+26.33 
+72.8 



Chain Reactions, Combustion Reactors, and Safety 



r encrgv. 
explosion. 



:ulation of v 
i that quite 



ŭl strength would indicate. Sonic 
mpredictable and extreme locali; 



5 also reflect and focus 



REACIDR SAFETY 



The chemical industry is one of the safest industries in the United States in terms of accidents 
and fatalities, with approximately IO fatalities per year for 100,000 workers. Your chances 
of getting killed in driving to and from work are much higher than while at work in the 
most hazardous job you could have in the chemical industry. 

Nevertheless, accidents in our industry can be spectacular, with great potential for 
loss of life and income for many people. Most important, chemical engineers (you) will be 
responsible for creating safe processes and protecting the lives and health of your colleagues. 

A great deal can and should be said about safety, but we have only been able t0 
outline the principles by which chemical reactors may go out of control. We will conclude 
our discussion of safety by listing some of the notorious accidents that have occurred in the 
chemical industry. 

The Texas City Disaster was perhaps the first "modern" chemical disaster, and it is 
still the U.S. chemical accident with the most casualties (as of this writing). It occurred when 
a barge of ammonium nitrate (NH4NO3 or AN) fertilizer was being unloaded in Galveston 
Bay near Texas City. A fire started in the crew quarters of the barge. The fire department 
was spraying water on the fire, and many people on the shore were watching the action. 
Suddenh/ the barge exploded, taking with it a sister barge, a sulfur plant on the shore, and 
two airplanes flying overhead. 

.ter, and all procedures were being followed according to 
1947. AN was a fertilizer, not an explosive! No one had 
■e happened to get hot enough with a large enough quantity 



No one expected this dii 
the "standard safety practices" 
"done the experiment" until the 
of AN to cause its detonation. 

By current practice, large quantities of AN are never 
or fires. However, fertilizer storage warehouses still expl 
become a popular, inexpensive, and readily available mat 
in the World Trade Center bombing in New York City i 
bombing of 1995. 

A second explosion occurred in a chemical plant in Te? 
and this was caUed the Texas City Disaster E. This explos 



icurniilated or exposed to heat 
de occasionalh/, and AN has 
ial for terrorists, for example, 
1992 and the Oklahoma City 



s City, Texas, soi 
n occurred when 



■s later. 
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a other C4 hydrocarbons was operating improperly and 



TABLE 1 0-4 

Some Famous Accidents in the Chemical lndustry 

Accident Year Fatalit 

The Texas City Disaster 1947 561 

The Texas City Disaster II 1969 

Flixborough, England 1947 

Bhopal, India 1986 ~250l 

Phillips polyethylene, Texas 1992 24 
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the feed was shut off, as was the product stream from the reboiler. The column suddenly 
blew up, sending the column like a rocket ~ i mile into the town. After some investigation, 
it was surmised that the reboiler accumulated a high concentration of vinyl acetylene, which 
is a strongh/ endothermic compound. The initial explosion was the reaction 

CH 2 = CH - C = CH -> 4C S + 2H 2 , AH R = -72.8 kcal/mole 
The hydrogen pressure burst the reboiler and the contents of the column then ignited, turning 
the distillation column into a primitive but effective rocket that took off. Fortunateh/, no one 
was around at either the launch site or landing site. However, the town's residents heard a 
loud bang, and they had been highly sensitized from the previous one when the AN barges 
blew up a few years before. 

Both Flixborough and the Philhps polyethylene plane explosion were vapor cloud 
explosions (VCE) of hydrocarbons that escaped through leaks in chemical reactors. In 
Flixborough Nylon 6 was being made by oxidation of cyclohexane to produce caprolactam. 
(See a homework problem in the next chapter.) In the Phillips plant low-density PE was 
being produced in a process that uses isobutane solvent at very high pressures. These liquids 
escaped and vaporized without combusfion because no ignition sources were nearby. After 
the hydrocarbon vapors had spread large distances and had become diluted with air (O2), 
a cigarette or pilot Ught somewhere ignited the premked alkane-air mbrture creating a 
VCE, with disastrous consequences to the plant, to the neighborhood, and in fhe latter case 
to people. 

Bhopal, the site of fhe largest chemical accident in the past 50 years, wasn't an 
explosion but rather an uncontrolled reaction. The plant in Bhopal, India, owned jointly 
by Union Carbide and fhe Indian government, was producing methyl isocyanate as an 
intermediate for a pesticide. Water was admitted into a storage tank containing this chemical, 
which caused it to hydrolyze and produce CO, HCN, and unreacted MIC, which spread 
downwind into a crowded slum nearby and caused many deafhs and casualties. The desired 
reaction to synfhesize MIC was 

CH3HN2 + OCl 2 -> CH3NCO + 2HC1 

and the very undesired hydrolysis reactions were 

CH3NCO + H 2 -> CO + HCN 
all of which are highly toxic. 

The Bhopal chemical plant was used to produce agricultural pcsticides and herbicides. 
These chemicals are very important in agriculture to maintain insect and weed populations 
under control so that crop yields can be improved. One wants to produce pesticides and 
herbicides fhat are very selective in destroying a particular insect or plant but are not also 
toxic to other organisms (such as humans). Here the objectives are to produce a chemical 
fhat is toxic to specific plants or animals but not to ofhers. Some desirable characteristic of 
these chemicals is fhat they (1) attack only the desired pests, (2) do not decompose during 
storage and shipment, and (3) decompose soon after application so fhat pesticide residues 
do not remain on food or contaminate ground water. It is obvious fhat considerable creative 
engineering goes into formulating and testing these agriculfural products. 

At Bhopal they were manufacturing SEVIN, also called carbaryl, a broad-spectrum 
insecticide fhat was and still is used on many crops fhroughout fhe world. The reaction steps 
to manufacture SEVIN are shown in Figure 10-16. 
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CH 3 OH + NH, -^CH 3 NH 2 \^ 



CO + Ctf 2 -*COCtf 2 



s 



OL-N=C=0 



a-naphthol 
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Figure 10-16 Reaction steps to prepare SEVIN, a common agricultural pesticide. All of tl 
inert and harmles 1 » pt pli 1 il 1 n I the ttnal pioduct. 



SUMMARY 



The subject of this chapter has been the peculiar characteristics of chain reactions. This 
is a very common type of chemical reaction, which chemical engineers need to be able to 
handle and to be aware of how different a chain reaction can be than an "ordinarv" reaction, 
A — > products, r = IcCa, or its variants. Chain reactions are involved in autooxidation and 
in combustion, the subjects of this chapter, and also in polymerization, the subject of the 
next chapter. 

A chain reaction process is composed of a sequence of reaction steps whose rates 
can vary by large factors. Some of these reaction steps slow the overall process, and some 
accelerate it, and some of these slow steps can have alternate paths. 

In combustion processes the reaction is also highly exothermic, and, combined with 
the high effective activation energy of combustion processes, leads to large temperature 
dependence. The overall reaction products can also vary (partial oxidation versus total 
oxidation), and this factor must also be considered when dealing with combustion processes. 

Because of these factors, chain reactions are inherently unpredictable. Chemical and 
thermal autocatalysis make the overall rate r (Cj , T) not a simple function. Chain reactions 
can also be very fast so that the reaction may be limited by mass transfer processes. 

We frequently do not have reliable reaction rate expressions for chain reactions, but 
we can compensate for this lack by designing and operating the reactor to manage the 
overall course of the reaction by properh/ dealing with mixing, mass transfer, promoters 
and inhibitors, and the presence of surfaces. 



10.1 Develop a model of the burning of a cigarette. The primary reactions can be regarded as the 
burning of solid carbon to C0 2 in excess 2 and to CO if oxygen deficient. In the absence 
of 2 the tobacco pyrolyzes to carbon with the vaporization of tars and nicotine, which for 
unexplained reasons some people like to inhale into their lungs. 

(a) What mass- and energy-balance equations are appropriate? 

(b) What reactions dominate in different regions of the cigarette? Are these reactions homo- 
geneous or heterogeneous? 
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(c) Sketch Cj (z) i» the cigarette for O2, CO2, CO, and tar assuming a steady-state gas velocity 
and that L changes slowly. 

(d) How does the heat generation and absorption vary with position? Sketch T(z). 

(e) Illustrate u(t) and T(z, t) during a puff? Sketch L(t). 

Estimate transieni lemperaUires. vclocities. and concentrations \ersus time \vith as nuich 
accuracy as possible. 

[Caution: Do not do experiments to obtain data for this problem. Cigarette smoking is 
hazardous to your health.] 



10.2 A chain 1 



action A — > B + C obeys the rate expression r — 
steps will prediei liiese kinelics? Repeat for r — kC , 



kC\. What i 






10.3 In steam cracking the homoge 
n a pipe heated 



;ous pyrolysis of ethane ti 

C 2 H 6 -> C 2 H 4 + H 2 

) 850°C at an ethane press 



produce ethylene 

ire of 1 atm. Tlie majo 



is carried out 
are thought to be 

C 2 H 6 ^C 2 H 5 + H 
C 2 H S -> C 2 H 4 + H 
C 2 H 6 + H^C 2 H 5 +H 2 
2C 2 H 5 -> C 4 H ln 

(a) What should be the order of this reaction with respect to ethane? 

(b) The C-H bond energy is 94 kcal/mole, the first and third reactions have zero activation 
encr;.'\ . and the lasl reaction lias a.n acti\ation energv of 2.5 kcal/mole. What should be llie 
activation energy of the overall reaction? 

(c) It is found that 60% of the ethane is reacted with a residence time of 4 sec. What is the 

effective rate coefficient and uhai should be tlie effecti\e pre-exponcnlial factor? Ignore 
the mole number change in this reaction. 

(d) Suppose it is found that the products contain 99.9 mole % ethylene and 0.1 mole % butane 

and butvlene. Wliat can voti sav abonl reaction rate coefficients of reactions 5 and 4? 

(e) There are actually many more products in this reaction. Why should one expect formation 

of butylenes in this reaction? Indicate typical reaction steps. 



10.4 In ethane pyrolysis assume that the chain termination step is the adsorption of ethyl radicals 
on the walls of the tube instead of the homogeneous step listed previously. 

(a) What order of reaction should be expected with respect to ethane? 

(b) If the tube has a diameter of 1 in. and the flow is laminar (Sh/) = 8/3), what is the rate 
coefficient of this termination step if the adsorption rate on the tube wall is very fast? 

(c) With these reaction steps how should the reaction rate change if the tube diameter is 4 in.? 

(d) This reaction is strongly endothermic. How should one choose the optimum pipe diameter? 

(e) The adsorbed ethyl radical will pyrolyze to coke on the walls of the reactor. If all of it 
turns into coke and 10 4 pounds of ethylene can be produced per pound of coke formed, 
what can you say about relative reaction rates in this mcchanism? 

10.5 Model a campfire spark as a carbon sphere (pc ' g/cm') snrrotinded by a boundary layer 
of thickness 2R (Sh=2) at 1000°C. 
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(a) Summarize in several sentences and equations the model of the combustion of a campfire 
spark. 

(b) Why will a small particle be lifted from the fire? 

(c) One part of this problem is analogous to a hot air balloon. Formulate a model with which 
you could calculate the size and density for lift and the velocity of the rising spark particle. 

10.6 Amrj te (AN) is a common fertilizer that is an excellent source of nitrogen. 

(a) Sketch the flow sheet to manufacture AN from CH4, air. and v. ater. (This is a combination 
of several earlier problems.) 

(b) Fertilizer bags list three numbers, N, P, and K percentages. What are the NPK ratings of 
AN and of KNO3? 

(c) Wrile a reasonable reaction lor llic dcconiposition (e\plosionl of AX. 

(d) How does the energy release of AN compare with TNT? 

(e) How many cubic meters of gas would be produced if 1 cubic meter of AN reacted as 
above and the products were at atmospheric pressure and 20°C? At 2000°C? [Don't try 
this experiment!] 

10.7 A bottle that you thought contained pure diethyl ethcr actualK lias autoo,\idized 10 l()'.i dielhvl 
ether hydroperoxide. What is the temperature if the contents of the bottle suddenly react to 
chemical equilibrium? At what hydroperoxidc conccntration uould thc tcnipcrature not exceed 
100°C? Assume that the heat of decomposition of the hydropcroxidc is 30 kcal/mole. 

10.8 Dimethyl ether decomposes to methane and formaldehyde. It is assumed that the reaction 
proceeds according to the elementary steps: 

CH3OCH3 -» CH3 + OCH3 
CH 3 + CH3OCH3 -> CH 4 + CH 2 OCH 3 

CH 2 OCH 3 -> CH 3 + HCHO 
CH 3 + CH2OCH3 -> CH3CH2OCH3 
where the first is the initiation step, the second and third arc propagation steps, and the fourth 
is the termination step. Derive a rate expression for this reaction r = Jt[CH 3 OCH 3 ]" assuming 
pseudo steady state on radical intermediates. 



10.9 Phosgene, an intermediatc in polviirethane monomer, is made by the homogeneous n 
co + Cl 2 -> COCl 2 
Thc clcmcntary steps of this reaction are 

Cl 2 7± 2C1 
Cl + co ^> COCl 
COCl + Cl 2 5± COCl 2 + Cl 
vvhere all reactions are reversible. 

(a) Identify mitiation. propagation, and termination steps. 

(b) Show that the rate of this reaction could be 

r = k[CO][Ch?' 2 

(c) Find an expression for the reverse reaction rate. 
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10.10 The radioactive isotope 235 U undergoes slow radioactive decay, which produces neutrons, 
235tj _^ decay products + n, r\ — k;C\j 

When these neutrons bombard 235 U, they can produce fission, 

235tj + „ _,. fission p r oducts + an, AH R , r p = K p C v C B 
uhere AHg is millions ol calorics pcr molc. 

(a) In a nuclear reactor these neutrons produce a controlled fission process by assembling a 
suitable mass of 235 U (using control rods) to control the fraction of the neutrons released 
by decay that undergo thc fission proccss. Scl up a p.seudo-stcadv-stale mass balance on 
C„ and an energy balance to show how chain branching can vield a nuclear reactor. 

(b) A nuclear bomb uses these neutrons to produce uncontrolled fission. Show how these 
equations can predicl lonnation oi a honib if a suitablc large ainount of 235 U (thc crilical 
mass) is assembled. 

To solve these problems realistically, you would need to examine thc absorption processes and 
neutron capture cross sections in detail. However, for this problem formulate the "termination 
rate" in terms of neutron escape versus the size of a uranium sphere. 



10.11 Consider the combustion of a coal pile of diameter D and height H. Before ignition fhe air 
llou i Iriven b > ind ancl ali i i nition b lalural « m clion lii lii il oi eombustion of 
carbon is -94 kcal/mole. Set up a qualitative energy balance (no numbers) to explain the 
dependence of combustion on weather and on D and H. What size and shape of coal piles do 
you recommend to minimize spontaneous combustion? 



10.12 Consider the chain k 



B + c, 



R - 



'hich proceeds by the steps 

t\ = hc A 

+ C + R, r p = k p C A C R 
r x \ = k n C Rh 
r,l = k"C Rs 



The first termination step occurs homo i ly, while tl ond u b\ adsoiption of R 

on the walls of the reactor. Formulate an expression for the rate of this reaction expected in 
a tube of diameter D with laminar flow (Shfl = 8/3) and a diffusion coefficient Dr. What 
effective rate expressions are obtained in the limits of when 

(a) Homogeneous termination dominates, 

(b) Reaction at the wall dominates, 

(c) Mass transfer to the wall dominates? 



10.13. Consider the chain rt 



tion A -> B + C, which proceeds by the steps 
I -y R, r u = hiCi 

A^-R. n=k\C A 

A + R^- B + C + R, r p = k 9 C A C R 

r^x, r t = k t c R 

occurs by reaction of an initiator / whose initial cc 

s by decomposition of A whose inilial concentration is C A o- 
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(a) Formulate an expression for the rate of this reaction in terms of C A Md C/ assuming C R 
is small. What are the possible orders of this reaction with respect to CA? 

(b) Repeat part (a) assuming the termination step is 2R -+ X, r t = k t C\. 

(c) For the rate in part (a) calculate C A ,C B , and C/ versus % in a CSTR assuming k tI = 0. 
What is the conversion when T -> 00 if k tl = O? 

10,14, Consider the chain reaction A — > B + C, which proceeds by the steps 
A -> R, r i = k t C A 

A + R^ B + C + R, r p = k p C A C R 

R-+X, r t = k t C R 

R + S^X, r ts = k tS C R C s 
The second termination step occurs by reaction of a scavenger S whose initial concentration 
is C So . 

(a) Formulate an expression ior llie rate oi tliis reaction in tenns of C A and C s assuming C R 
is small. What are the possible orders of this reaction with respect to O? 

(b) Repeat part (a) assuming the first termination step is 2R ->X, r t zz k t C R . 

(c) For the rate in part (a) calculate C A ,C B , and C„ versus -r in a CSTR assuming fc, = 0. 
What is the conversion when T -> 00 if k t = O? 

10.15 Summarize ihe reaciions used to produce the follovving cheniicals: 

(a) Acelic acid from sugar, 

(b) Acetic acid from methane. 

(c) 1,2-Propanediol from propane using chlorine, 

(d) 1,2-Propanediol from propane without chlorine, 

(e) Acetone from propane, 

(f) Methyl ethyl ketone from butane. 

10.16 Consider the chain branching reaction A — > B + C, which proceeds by the steps 

A->R, n — Jt ; C A 
A + R^B + C+aR, r v =k v C A C R 

R^X, r t = k t C R 

(a) Find an expression for C R in terms of the ks and C A assuming steadv slale. 

(b) Find a rate expression r{C/^) in terms of the ks. 

(c) Find an expression for C A versus / in a batch reactor. 

(d) For what conditions will a steady state exist in a batch reactor? 

(e) Find expressions for C A versus t in PFTR and CSTR. 

(f) For what conditions will no steady state exist in these continuous reactors? 

(g) Discuss ilie signiHcance and consequences of paris (c) and (e). 

10 .17 If a container filled with each of the molecules in Table 10-3 at room temperature and 
atmospheric pressure suddenly decomposed into C s and H2, calculate the temperatures and 
pressures in 






10.18 A bottle that you thought contained cthanol had oxidized to 10% ethylhydroperoxide. If the 
contents of this bottle suddenb/ went to chemical equilibrium, estimate the temperature and 
pressure in the bottle (for a short time). The heat of formationof ethylhydroperoxide is -41 
kcal/mole and the heat of carbon oxidation to C0 2 is -67 kcal/mole. 

10.19 A container is filled with a 2:1 mixture of H 2 and O2, but it may contain trace impurities. 

Assuminy thal tlie iniiialion step 

/ -> R, n = k,Ci 
is the only activated process in hydrogen oxidation, calculate the relative rates at 25 and 
500 C of the reaclion with addilion of \'/< ol eiiiane. metlianol. and H2O2 compared with pure 
reactants. Assume that all pre-exponentials are equal and assume that the activation energies 
of initiation are equal to the bond energies given in the tables in the text and from handbooks. 

10.20 Consider the chain reaction A -> B + C, which proceeds by the steps 

A-+R, r,=kiC A 

A + R-+ B + C + R, r p = k v C A C R 

r -> x, r, = k t C R 
with ki = 0.001 sec -1 , k p = 200 liter/mole sec, k t = 0.01, and C Ao = 2 moles/liter. 
iai Find r(C A ) assuminp ihe pseudo-sleadv-state appi'o.\imation. 

(b) What residence time will be required in a CSTR for 90% conversion for these kinetics? 

(c) What residence time will be required in a PFTR for 90% conversion for these kinetics? 

10.21 [Compulei | Considei fhe chain reaction A — > B + C, which proceeds by the steps 

a _► r, n= kC A 

A + R^ B + C + R, r p = k p C A C R 

r h- x, n= k x C R 

with k\ = 0.001 sec -1 , Jfcp = 200 liter/mole sec, k t = 0.01, and C Ao = 2 moles/liter. 

a PFTR forC R = 0, 0.0001, 0.001, and 0.01. For what 

n of A be 90% for these C Ro 7 
(b) Compare these curves with those obtained using the pseudo-Steady-State assumption. 

10.22 [Computerl Consider the chain reaction A — > B + C, which proceeds by the steps 

A+ R, n = k,C A 

A + R^ B + C + R, r p =k p C A C R 
r _>. x, n= k t c R 

R + S^X, r t s= k tS C R C s 
with k\ = 0.001 sec" 1 , k p = 200 liter/mole sec, k x = 0.01, k tS = 100 liter/mole SCC, and C Ao = 
2 moles/liter. 

Plot C A ,C B , and C R versus % in a PFTR for C Ro = for different values of C So = 0, 0.00001, 
0.0001, 0.001, and 0.01. For what value of C So will the residence time for 10% c 
A be increased bj a factor of 10? By a factor of 100? 

10.23 A 50/Lim drop of diesel fuel is injected into the cylinder of an engine with ai 
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(a) Estimate the time it would take for complete combustion of the drop. Use the shrinking 
sphere models of Chapter 9 and assume thal the process is limited by O2 diffusion to the 
drop surface. 

(b) Suppose the engine designers require complete combustion in 2 x 10 sec. What drop 
size must the fuel injectors produce using the above model? 

(c) Formulate a morc dctailcd modcl oi liquid drop combustion uliich includcs a homogeneous 
reaction and the vapor pressure and boiling point of the fuel. 



10.24 There are several possible ways to make 1,2-propanediol. Illustrate the chemical 

1 1 and indi possibl 1 nd disad\anla li 



lor 



(a) methyla 


etylene + H 2 0, 


(b) propyler 


e + HOCl, 


(c) propyler 


e + HOOH, 


(d) propyle 


e + efhylbenzene hydroperoxide, 


(e) propylen 


e + 2 . 



Chapter 1 1 

^^ POLYMERIZATION REACTIONS 
^^AND REACTORS 



j 



The production of monomers and their reaction to form polymers account for more 
than half of the chemical industry, and the polymers and plastics industries are 
among the major employers of chemical engineers. Many of the reactions we 
have considered previously were concerned with methods of preparing the small molecule 
monomers that are used in preparing polymers. In this chapter we consider the reactors used 
to polymerize these molecules into polymers. We will see that the reactions we are trying to 
manage are sufficiently different so that the reactors needed for polymerization processes 
are qualitatively different than for other chemical processes. 

It is not difficult to make many molecules react with each other to form larger 
molecules with high molecular weights simply by heating small molecules in a closed 
container. However, most of these systems react by the random breaking of bonds and free- 
radical chain reactions to form "brown gunk," a solid that is insoluble in all solvents and 
decomposes or burns before it can be melted. 

A major breakthrough in polymers came when scientists and engineers learned how 
to make linearpolymers, which consist exclusively of long-chain molecules. These systems 
will melt and flow under reasonable conditions so that they can be spun into fibers, formed 
into sheets, or injected into molds. Typical engineering polymers have molecular weights of 
10 3 to 10 5 AMU [50 to 1000 monomer units of 28 (ethylene) to 100 AMU linked together], 
with many polymer molecules possessing very few branching side chains unless they are 
added intentionally. 

The next breakthrough came with the discovery of how to make almost linear polymers 
with just a few crosslinked connections between molecules. These materials will not flow 
after crosslinking, and they become elastomers. A final type is the heavily crosslinked 
polymers such as epoxy and urea-formaldehyde, which are processed as monomers and 
then crosslinked at a suitable time and rate to make paints, adhesives, and very hard and 
durablc plastic materials. 

We typically sketch a linear polymer molecule as a long chain that in solution coils into 
a roughly spherical shape. Polymers are sometimes branched and sometimes crosslinked 
as shown in Figure 1 1-1. 
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linear coiled crystalline side crosslinked heavily 

amorphous chains crosslinked 

i ' 11 I i 1 i u i [ 1 ii ii i i ii coiled lonn. 1 n i i inins. ci lim 



The overall goal of producing polvmers is to frnd synthetic chemicals that can be 
fabricated into materials that duplicate and replace those found naturally. As we have 
noted previously, we try to find replacements for such natural polymers as leather, wood, 
silk, cotton, rubber, glue, and paint, which our ancestors discovered have many uses in 
clothing, housing, and utensils. We want to find ways of making these replacement materials 
more cheaply with properties we can control and modify for particular applications. These 
natural polymers are all basically hydrocarbons with appropriate functional groups that are 
synthesized by biological systems of plants (cellulose) or animals (protein) in materials 
such as skin, fur, webs, seed pods, wood, and paper. 

There are also many inorganic polymers such as rocks and ceramics. We also attempt 
to duplicate these materials in such products as concrete. High-technology inorganic 
polymers using organometallic precursors and sol-gel processes are also used to prepare 
catalysts, coatings, sensors, and linear polymers such as silicones. 

We will not attempt to discuss polymers or their properties in any detail in this 
chapter because this would require several complete courses for comprehensive coverage. 
Our interest is in polvmerization rates and polymerization reactors. These topics are simple 
extensions of our previous discussion of other reactions and reactors with some important 
differences. We will only attempt to describe polymers and polymerization in sufficient 
detail to introduce the notation of polymers and some of the issues arising in polymerization 
process. 

The major issue in designing a polymerization process is the creation of a polymer 
with specific desired properties such as melting point or melting range, glass transition 
temperature, viscosity, elasticity, fracture toughness, color, electrical properties, and so on. 
We will not even discuss the meanings of these terms here. Rather, our goal is to consider 
the reactor conditions which create these properties cheaply and efficicnllv 

The stages in producing polymers and plastics can be described as 

raw materials — » monomers — ► polymer -> formed polymer 
We have considered the production of monomers throughout this course. In this chapter 
we consider the second and third stages, namely, the polymerization process, in which 
monomer is converted into polvmer and the forming of this polvmer into a frnal shape in 
which it will be used. 

We will only attempt to outline these processes in order to indicate how some of 
these goals are accomplished. Only in a speciafized course and text can these be considered 
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in any detail. However, other fields such as processing of foods, pharmaceuticals, and 
materials have many similarities to those of commodity polymers, and from this description 
of polymer processing the student can perhaps see how these applications are related. 

There are basically two major classes of linear polvmers: (1) addition and (2) 
condensation, and most polymers can be divided into these two groups. We will consider 
these types of polymers in turn because their kinetics and reactors are quite diiicrcnt. 



IDEAL ADDITION PO LYM ERIZATIO N 



We consider first the reactions in which monomer molecules M add sequentially to an 
initiator molecule A to form a linear polymer molecule AM „ 

A + nM -+ AM n 
This is the simplest type of polymerization, and it is used to make specialty polymers. 
Basically one mixes a monomer at initial concentration [M] and an initiator at initial 
concentration [AJ, and allows reaction to occur. The steps are 



A + M-+ AM, 


ri =kdA][M] 


AM + M^ AM 2 , 


r 2 =k 2 [AM][M] 


AM 2 + M -+AM 3 , 


r i= k 3 [AM 2 ][M] 


AM 3 + M -> AM A , 


r 4 =k 4 [AM 3 ][M] 



] 



AMj + M -» AMj+u O+i = k j+x [AMj][M] 



Each step adds one monomer unit to the growing polymer, so that the overall process after 
n such additions (add all reaction steps together from j = to n) is 

A + nM-+ AM n 
Thus we have made a single linear polvmer molecule consisting of a head of the initiator 
unit A - and a linear chain of n linear M units. 

A-M-M-M-M-M-M- 
The "tail" of this molecule (M -) is the only reactive site on the molecule; so the molecule 
grows indefinitely as long as there are more free monomer molecules available to react. 
There will be exactly one polymer molecule formed per initiator molecule, and the average 
chain length n after all monomers have reacted will be the ratio of the initial concentrations 

ofM andA, 

- _ [M] 
H [A] 
This type of polymerization process is called "living" polvmerization because the 
polymer molecules grow forever until all monomer is consumed. Ideally, there is no step 
s growth. One type of this polymer is called "ionic" because the active species 
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to which A4 adds is an ion such as AM, ?. An ionic intermediate suppresses termination steps 
involving reactions between two of these intermediates because both reactive ends have 
positive charges and will thus repel each other and only allow reaction of the reactive end 
with the uncharged monomer molecule. 

PFTR or batch reactor 

In polvmerization we play the standard "game" we use for any multiple-reaction system by 
writing the mass balance for each species using our standard mass-balance equation for a 
multiple-reaction system, 



In a batch reactor or PFTR these equations are 



^4^ = +kŭA][M] - k 2 [AM][M] 
dx 

d[AMl] = +k 2 [AM][M] - k 3 [AM 2 ][M] 
dx 

d[AMi] = +k 3 [AM 2 ][M] - k 4 [AM 3 ][M] 

dx - .- . 



d\AM 1 

-^ = +kj[AM j . l ][M] - k J+l [AMj][M] 



[For any complex sets of reactions such as these it is especially important to write 
down the reactions and rates in our standard form before writing out the mass-balance 
equations because mistakes are almost inevitable if one attempts to write out these equations 
by intuition.] 

This is an infinite set of equations for the concentrations of [AMj]. Each rate except 
the first has a term that makes the molecule from the next smaller one (j — 1) and a term 
by which it is lost to make the next larger one (j + 1). 

We also have to write the equation for [M], which is reacted away in each reaction, 

^— = -kdA][M] - k 2 [AM][M] - h[AM 2 ][M] - . • ■ 
dx 

The equation for [M] is coupled to all the other equations; so one would have to solve the 

infinite t I ] 1 t ly to frnd [MJ (t) and all the [A Mj] (t) . This appears 

to be a very difficult problem that can only be solved numerically (and even computers do 

not like to solve infinite sets of equations). 
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Hovvever, if we assume that all rate coefficients are equal for reaction of all AMj , k\ 
ki = k^ = • • • = k, then these equations simplify considerably. 
The equation for [M] becomes 



d[M] _ 



-k[M] J^iAMj] 



which doesn't at first look much better because there are still an infinite number of terms 
and equations. However, there is a simple trick that makes the problem almost trivial. Let 
us add all equations for [AMy]. This gives 

_Ŝ__ j = - k ^ M ^ + k[A][M] + k[AM][M] - k[AM][M] 

+ k[AM 2 ][M]~ k[AM 2 ][M] + . . . 
We see that each term exactly cancels so that this sum becomes 
y d[AMj] = 

and therefore ~Yji&-M ] ] is constant. This immediateh/ shows that the total number ofpolymer 
molecules is constant as polymerization proceeds. Furthermore, the sum of all [AMj] is 
exactly equal to the amount of A added initially, 



Y[AM } ] = [A] 



Our equation for [M] now becomes quite simple, 



-k[M] J2l AM .i} = ~k[M][A] 



and, since [A[, is known and constant, this equation can be integrated immediately s 
with initial monomer concentration [M] to yield 



[M](r) = [M] e~ k[A] ° r 



which says that the concentration of M decreases with t or i as a simple exponential. We 
can now write each of the A Mj equations separatclv. starting with 

^— = -k[A][M] = -k[A][M] e~ k[A] ° v 
ax 
This equation can be separated to yield 



d M = -k[M] e~^ 



and this can be integrated with a feed 



r [A] to obtain 
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[A] = [A] exp{-^[l - exp(-k[A] r)]} 

vvhich is an explicit but not very appealing expression. 

We can solve this equation for [A](t) and insert it into the equation for [AM] 

^p-= +k { [A](r)[M] k 2 [AM][M) 

This is a linear first-order differential equation that can be solved for [AM](t), and we can 
proceed to solve each of these successive linear differential equations for [AMj]. Without 
doing this, we can find the number average polvmer length ii quite simply by noting the 
definition 

- = [M] - [M] [M] __ k[A] 

[A] [A} K ' 

These equations can be integrated analytically to find all [A](t), although the expres- 
sions become quite compMcated, and computer solutions are the best way to find species 
concentrations when the equations become more complicated. 

CSTR 

For these reactions in a CSTR we write the mass-balance equations using our standard 
notation 

to obtain the concentrations of all species as functions of t, 
[A] -[A]=kr[A][M] 

[AM] = +kr[A][M]~kr[AM][M) 
[AM 2 ] = +kr[AM][M] - kr[AM 2 ][M] 
[AM 3 ]= +kr[AM 2 ][M]- kr[AM 3 ][M\ 
[AM 4 ] = +kr[AM 3 ][M) - kr[AM 4 ][M] 

[AMj] = +kr[AMj^][M] - kx[AM } ][M\ 

How can this set of algebraic equations be solved? Once again, we can add all of these 
equations to obtain 

Y}AMj] = [A] 

j=0 
as in the batch reactor or PFTR. 
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The mass balance on the monomer yields 

[M] - [M] = r(k[A][M] + k[AM][M] + k[AM 2 ][M] + . . •) 

= kx __[AMj][M] 



= kx[A] [M] 
The monomer equation can be immediately solved to yield 



[M](r) = 



l + kx[A] 



i very simple expression. The equation for [A](t) i 



[Al, -[Al= kx[A][M]= kx[A]- 



which gives 



[A](x) = 



[A] 



f([MUr/l + h[A]„ 
We can now proceed to find analvtical solutions for all [AM;](r) by solving each algebraic 
equation sequentially. This gives the simple expression 

IAUV , [A] (kx[MW 

We will not derive this expression here but rather leave it for a homework problem 
assignment. 

The average polymer length n versus r in the CSTR is also simple to frnd from the 
relation 

_ [M] - [M] __ [M] kx[A] 



[A] 



[A] 1 + Jtr[A] 



Example 11-1 Monomer at 2 moles/Uter and initiator at IO-" moles/liter are reacted in 
a continuous reactor. What is the polymer chain length for times sufficiently long that the 
reaction goes to completion? 

From the above equation we obtain 

nJ-M^-21 
[A] 



If k = 0.05 liter/moie min, what times are required to obtain a chain length of 100 
units in a PFTR and in a CSTR? 



[M] - [M]_ [M] 
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so that 

1 . /, n[A] \ 

In a CSTR the above equatioi 
can be solved to yield 



[M] kx[A] 
[A] 1 + kx[A] 



k[AU}$t-l} = .05x10-^(^^-1} 
A CSTR would clearly not be suitable for this reaction because an excessively 
long residence time would be required. 



Chain reactions 

This is the ideal addition reaction because the only reactions involve the sequential addition 
of single monomer units to the polymer, which grows by one monomer unit each time the 
reaction occurs. The long-chain polymer molecule will grow indefinitely until all monomer 
is consumed or the reaction is stopped. 

This is a chain reaction with many similarities to the chain reactions that occur in free- 
radical combustion processes in the previous chapter. For the chain reaction A -^- B + C 
we represented the process as a kinetic chain involving the chain-propagating intermediate 
R, which was fed and terminated by initiation and termination reactions (Figure 1 1-2). In 
the preceding reaction sequence AMj is involved in a similar chain, but now each time 
the chain "goes around" the molecule is increased in size by one monomer unit. We can 
represent this process in Figure 11-3. This reaction system is a series reaction in AMj, 



and a parallel 
Thus we 
simple example of addi 



A -± AM ->• AM 2 -> AM 3 -> AM 4 - 
m in M because M adds to all molecules 
identify several characteristics of polym 
polvmerization: 



. Polymerization processes involve an 
(PFTR or batch) or coupled algebr; 

. While the monome 
polvmer species are 
it, so that the equations for each polvrr 






inite set of coupled frr< 

equations (CSTR). 

mples to all equations, the 

ily species immediately befor 






can be solved sequentially. 





and where a long-chain polymer is formed by 
ively (right). 
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;ure 11-3 Chain rcaclion lor living polymerization 
A _, V. V* V, V^ reactions. Each time the cycle goes around, a monomer 

M ~><r ^^T ~P^Z P^^T"^ ""*' K at ''' ec ' ant ' me P o 'y mer cnam ' en s m i ncreases - 



M M 

(AM) (AMg) (AMj) (MJ^) 



3. There are frequently relationships among concentrations that simplify the equations. 

4. These equations simplify considerably if the rate coefficients can be assumed to be equal 
and independent of the size of the polymer molecules. 

5. On most polymerization processes there are initiation, propagation, and termination rates 
characterized by kt , k p , and k t . 

One can always solve these differential or algebraic equations numerically for any 
values of the kjS, but analytical solutions assuming all ks equal still provide useful first 
approximations. 



Polymer size distribution 

From [AMj](x) one wants to know the amounts of each species in the product for a 
given T and for a given reactor flow type. Thus one wants [AM^] as a function of j (or moit 
important the weight distribution j [A M;] as a function of j) as shown in Figure 11.4. The 



ight distribution has i 
frequently measures these for i 



; distribution shown in Figure 11-5. One 
i polymerization system and computes the l 







Figure 11-4 Typical distribution of polyme 
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t 





A 


c t /k p =0 




• 


-k,/Kp = 0.1 
Lk,/kp=0.2 

r*U*...l....l 




H R ur 



of the size distribution as a measure of the properties of a given polvmer. It is evident that 
there are many characteristics of polvmers, not simply the average molecular vveight but 
also the distribution of molecular vveights that are sensitive functions of the type of reactor 
used and ofher process variables. 

In any polvmerization process one can terminate the reactions by adding a chemical 
that stops fhe reaction or by cooling, and fhis is frequently done in batch processes (the 
equations and fheir solufions for the batch reactor are identical to those foi 
T replaced by t). 

In many polymerization processes traces of impurities such a water v 
because just one molecule that attaches to fhe end of the grovving chain v 
addition polvmerization this will occur whenever a chain-terminating specie 
1 higher fhan the initiator [A],. 



fhe PFTR 


with 


ill stop reaction 
ill "kill" it. For 
is added with 



POLYOLEFINS 



The largest-volume polvmers are polyolefins, and the kinetics of olefin polymerization 
are fairly similar to the ideal addition process just considered. All these olefrns form 
condensation products to form a very long-chain alkane such as 

«C 2 H 4 -> (CH 2 ) 2 „ 
which is polyefhylene. Polyethylene is fhe highest-volume polvmer manufactured, but we 
can also produce ofher similar molecules with different properties by simply modifying 
ethylene by adding a side chain to it. Consider the molecule C=C-X, where -X is a 
functional group attached to fhe efhylene. If fhis side chain does not affect fhe process, 
fhen these reactions may be written as 
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nC = C 



■"-ni 



Polymerization of these monomer molecules produces monomers and polymers listed in 
Table 11-1. 

Almost fitting on this list is methyl methacrylate (MMA), which polymerizes to 
PMMA with another methyl group attached to methyl acrylate. Another important olefin 
monomer is perfluoroethylene, which is efhylene, with the four Hs replaced by Fs, and it 
polymerizes to form Teflon. These monomers and polymers are: 



H 2 C = 
F 2 C = 



CH(CH 3 )OCOCH 3 

CF 2 -* Teflon 



> PMMA 



There are two types of polyethylene and polypropylene, called low density and high 
density. High-density polyolefins are made on a catalyst, while low-density polyolefins are 
made by free-radical polymerization. Characteristics of these polyolefins are summarized 
in Table 11-2. 



Termination 

Recall that in ideal addition or "living" polvmers, the addition of monomer M to an initiator 
occurs indefinitely because there are no steps that stop the growth and produce dead polymer. 
Thus we sketch these as 



Polyolefin Monomers and Polymers 



-X 


Name of monomer 


Polymer 


-H 


elhvlene 




pol\eih\lene 


-CH 3 


prop\ lene 




pol\ prop\ lene 


-C 2 H 5 


butylene 




polybutylene 


-Cl 






polyvinyl chloride 


-CN 


acrylonitrile 




pohacrvlonilrile 


-COOH 


acrvlic acid 




polyacrylic acid 


~COOCH 3 


methyl acrylate 




polymethyl acrylate 


-C 6 H 5 


stvrene 




polystyrene 


-OCOCH 3 


acetate 




polyvinyl acetate 


TABLE 11-2 








Types of Polyethylene 








Low densi,y 




High density 
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A-/\/\/\/\/ & • «BA-AAAAAAA- 

AM r + M -> AM j+v 
and we did not allow any termination steps such as 

A-I\l\l\l\/ • +A-/\/\/\A/- -» A-i\i\i\i\i\i\i\l\i\l-A 

which we can write as 

AMj • +AM r -*■ AMj +y A 
by recombination of two free radicals. In ideal addition polymerization the active end is 
usually an ion rather than a free radical, and ion-ion repulsion retards the recombination of 
ionic chains so there is no termination of the growing polymer. 

In polyolefins, the chain is propagated by an intermediate free-radical species or by an 
alkyl species adsorbed onto a solid. Both the free radical and the alkyl have the possibility 
of termination, and this creates the possibility of growth mistakes by chain transfer and 
chain-termination steps that create dead polymer before all reactants are consumed. The 
presence of termination steps produces a broader molecular-weight distribution than does 
ideal addition polymerization. 



FREE-RADICAL PO LYM ERIZATIO N 



Ethylene is quite stable at very high pressures at low temperatures unless a reaction is 
initiated by some chemical that acts as a catalyst to initiate the polymerization reaction. 
This is another example of a chain reaction, but now we mean it in two senses of the word. 

1. It involves a chain reaction involving initiation, propagation, and termination steps as 
in the previous chapter; and 

2. It involves a set of reactions that generate long-chain polymer molecules. 

The formation of polyolefins was first discovered by the occasional and unexpected 
loss in pressure in high-pressure tanks containing ethylene. The tank did not seem to have 
a leak: so the scientists cut it open and discovered white solid on the walls. Somehow the 
tanks occasionally contained certain impurities that initiated free-radical polymerization. 
This was the first successful commercial polymer, and it is still the largest-volume polymer. 

Kinetics 

One starts free-radical poh/merization by adding an initiator to ethylene or propylene. The 
initiator is a molecule that readily dissociates into a free radical. A common one is benzoyl 
peroxide, which dissociates as 

(C 6 H 5 COO) 2 -* 2C 6 H 5 COO. 



Free-Radical Polymerization 



where the species A' is a free radical. This molecule is quite 
with ethylene (M) to form the new radical AM\ which reaci 
AMj-, etc, in the chain reaetion 



A . +M - 

AM-+M- 
AM 2 • +M - 



► AM; 

AM 2 ; 
AM r , 



r p2 
r p3 



AM ; _, 



This process can proceed indefinitely just as in ideal addition.polymerization, making i 
infinite set of free radicals AMj . . 

However, there is another possible reaction of free radieals, their reaction with eai 



AMi. +A-^P U r t io 

AMi. +AM r ->p2, r tn 

AMi • +AM V -* P 2 , r U2 

AM^+AMj-r^Pj, r ŭj 

AM 2 - +A- -> P 2 , r_.i 

AM 3 • +A- -»■ P 3 , r t31 

AM^ • +AM/- -> P i+/ , r t77 ' 



When two free radicals combine, they form a molecule with all covalent bonds that 
is a stable and unreactive molecule we call P n . It consists of n monomer units (M) linked 
together with an initiator unit (A) at each end, AM„ A. From ethylene, this polymer is the 
molecule A(CH 2 ) 2 nA. Note that the product molecule is simply a linear alkane with no 
double bonds remaining. This molecule is totalfy unreactive, and it is called the "dead' 
polymer. If n is large enough, we neglect the end groups and call it simply (C2H4)-. 

Note that the termination reaction steps forming dead polymer are fn fact a double 
irifinite set of steps because j and j' go from to fnfinity; so we should write all the 
terminafion steps simply as 



AMj • +AM: 



r j+ y, 



j= 1,2,3, . 



;' = 1,2,3,.. 
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We have therefore vvritten this infinite set of reactions as an elementarv si 
that describe the overall reactions by which monomer M is converted into polvmer P n , 

nM -> M n , n= 1,2,3, . . 
Now we have to try to solve the mass-balance equations for each of these species 
to obtain [M](t), [AMj](r), and [P](r), remembering that j and n can go to infinity. We 
obviously have to solve an infinite number of equations sequentially in the general case. 
However, we can make the problem quite simple (but obtain a solution that is not entireb/ 
accurate) by setting all & p s and all k t S equal. Now we can play games with summations and 
make solution of this reaction set a rather straightforward problem. 

Batch reactor or PFTR 

We begin by wrifing fhe mass balance on all species in batch (t) or PFTR (t). For 
[M] we obtain 

^-* p[ M]f>M,.] 

and for the radical intermediates [A Mj •] we obtain 

a[AM/ " ] = kp[AMj- r ][M] k p [AMj-][M] - X -k t [AM r] JT[AAfy.] 



^f^ = k t J2lAM k -][AM j+f _ k .] 



These equations can be solved analytically or numerically. In these expressions fhe rate 
coefficients were assumed to be k p and k t , independent of fhe chain length. For fhe situation 
where k p and k t are different for different chain lengfhs, the k p j and k t j must remain withfn 
fhe summations. 

Chain transfer and cyclization 

Free-radical polymerization ideally follows the preceding sequence of reaction steps. 
However, fhere are also slow but important steps that complicate fhis simple model. These 
involve chain fransfer steps. We assumed that the only termination involves two radical 
species reacting wifh each other to form a stable dead molecule, 

AM r +AM r ^ P j+r 
However, fhe radical species can also attack a dead pofvmer to transfer a hydrogen or an 
alkyl group from one molecule to fhe other and produce chain transfer. These steps can be 
written approximately as 

AMj . +P } , -> AM r • +Pj 
although there are many variants on this sequence and it is best to express fhem as lines 
wifh dots for living chains and Mnes without dots for dead chains, as in Figure 11-6. Now 
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we have an almost limitless variety of reactions, and it is difficult to write simple reaction 
sequences. Further, each class of reaction has different rate coefficients, so there are too 
many ks that have to be included for simple analytical solutions or even for numerical 
solutions that are applicable to general sifuations of olefin reactions. We will leave for a 
homework problem the corresponding set of mass balances in a CSTR. 

In practice, free-radical polvmerization of efhylene and other small olefrns is usually 
carried out at very high pressures (because fhe rate varies approximately as P 2 ) with a 
solvent such as isobutane, which forms a supercrifical solution at reaction conditions. 



CATALYTIC POLYMERIZATION 



Free-radical polvolefin reactions form polymers wifh many "mistakes" in addition to 
fhe ideal long-chain alkanes because of chain-branching and chain-termination steps, as 
discussed. This produces a fairly heterogeneous set of polymer molecules wifh a broad 
molecular-weight distribution, and fhese molecules do not crystallize when cooled but 
rather form amorphous polymers, which are called low-density polyethylene. 

It was discovered by Ziegler in Germany and Natta in Italy in fhe 1950s fhat metal 
alkyls were very efficient catalysts to promote efhylene polymerization at low pressures 
and low temperatures, where free-radical polymerization is very slow. They further found 
fhat fhe polymer they produced had fewer side chains because fhere were fewer growth 
mistakes caused by chain transfer and radical recombination. Therefore, fhis polymer was 
more crystalline and had a higher density fhan polymer prepared by free-radical processes. 
Thus were discovered linear and high-density polymers. 

Ziegler and Natta found fhat Ti alkyls promoted with chloride gave good performance, 
and scientists from Phillips Petroleum found fhat Cr alkyls were also effective. Ziegler and 
Natta received fhe Nobel Prize for fheir discovery, but Phillips made more money on fhe 
process. The mechanism is thought to involve alkyl ligands R- bonded to the Ti or Cr atom 
to form a species such as R-Ti and fhe subsequent bonding and insertion of ethylene to form 
R-Cafti-Ti which adds successive efhylenes to create linear polymer of higher molecular 
weight. 

These reactions are typically sketched through an organometallic complex which for 
Ti is TiX4 wifh X a ligand species. We assume that two of fhe X ligands are tightly bound 
such as wifh Cl, and fhat fhe alkyl R and fhe olefin = can be bound on fhe ofher two sites, 
as shown in Figure 1 1-7. 

This chain will propagate fndefinitely until all C2H4 is consumed or until fhe /?-Ti 
bond is hydrogenated to liberate fhe alkane R-H, 

R-Ti + H -* R-H + Ti 




/^*\j\X 



dead 

Figure 11-6 Sketches of living and dead polvmers. 



r transfer . , 
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Figure 11-7 Proposed mechanism tor catalytic polymerization. An olefm and an alkyl group on an organometallic 
site react to add the olefin to the growmg chain, Also shown are typical polymenzation catalysts Tl/Sl sulid calaKsi 
and organometallic metallocene catalysts. 

which produces "dead" polymer alkane because it has no double bonds for further activity. 
The average molecular weight and its distribution are controlled by the relative rates of 
chain propagation and termination, k p and k t , and different cafalysts, additives, and process 
conditions give different polvmer properties. 

Idealized Ziegler Natta poh/merization 

We can idealize the preceding reaction steps with the simple sequence 

A _>. AM -» AM 2 -> AMi -> AM A -> • • • -► AMj -> • • • 

4- V 4* V V 

Pi Pi Pi Pa PJ 

which indicates that it is very similar to living polvmerization except that there is a 
termination step that can convert every reactive molecule and thus terminate the chain. 
We can also sketch this process as 

M M M M M •■• M ■■■ 

i i i 4 4 4 

A-+ AM -> AM 2 -+ AM-i ->■ AM A -± AM 5 . . . AMj - • • 

F, Pi Pi Pa P$ • • ' Pj - ' 

which indicates the chain nature of the process. 

The Schultz Flory distribution 

If all propagation rate coefficients are equal and all termination rate coefficients are equal, 
we can obtain a simple expression for the chain length distribution, called the Schultz Flory 
distribution. 

A-> AM -> AM 2 -» AM 3 4- AM 4 -»...-» AMj 4 . . . 

Jfe t 4, ki k t i ki kl 

P\ Pi Pi ?a Pj 
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The live polvmer A Mj can propagate to A Mj+\ or terminate. We call the fraction that 
propagates d, which is defined as 



k P [M] + k t [A] 
i unirnolecular. thcn 



If a process has a high termination rate, then ot is small and the average molecular weight will 
be small. However, if Ot — > 1, the polymer will grow without much termination (approaching 
living polymerization), and the molecular weight will be high, It can be shown that the ratio 
of concentrations of polvmer molecules is 

ĝ =«-'(!-„) 

New Ziegler Natta catalysts 

New and improved polvmerization catalysts are continuously being developed to produce 
polymer with higher rates and with improved properties. Early Ziegler Natta catalysts were 
supported on porous alumina or silica catalyst supports. These catalysts had low activity, and 
large amounts of catalysts had to be used that had to be separated from the molten polymer 
because othenvise the catalyst would color the polymer. With high-activity catalysts, the 
catalyst can be left in the polymer, thus saving considerable cost in separation. 

One recent development in Ziegler Natta catalysts was in producing catalyst particles 
that expanded as the polymerization reaction occurred. In this polymer the catalyst remains 
dispersed throughout the polymer, retaining its activity. This led to the development of 
fluidized bed processes to make polyethylene and polypropylene in which a sphere of 
polymer formed around each initial catalyst particle, and the polymer remained solid as the 
reaction proceeded, rather than requiring a liquid solution. A major class of these catalysts 
and fluidized bed reactor was developed by Union Carbide and by Shell Oil and called the 
Unipol process. In this process a very active solid catalyst is introduced into the reactor, 
and reaction occurs on the catalyst particles, which expand to maintain active sites on the 
growing polvmer sphere. 

Another recent change in polymerization has been the development of homogeneous 
catalysts rather than supporting these organometallic catalysts on solid supports, such as 
the metallocenes. These catalysts have exceptionally high activity because there are no 
mass transfer limitations around the catalyst particle and because the catalyst has a specific 
formula and thus produces an extremely uniform polymer. These catalysts have ligands 
consisting of cyclopentadienes, which form specific steric configurations around the metal 
center to optimize steric and electronic factors in producing the desired polymer. 

Elastomers 

Butadiene, isoprene, chloroprene, and neoprene are monomers with two double bonds. They 
form a linear polyolefin polymer that still has double bonds remaining in the chain. These 
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double bonds will crosslink either thermally or by adding a crosshnking agen 

to form elastomers. Elastomers are made by polymerizing a mixture of i 

single bond with a small amount of molecules with two double bonds so that the degree of 

crosslinking can be controlled. 

Automobile tires are the largest-volume rubber material manufactured, and they are 
formed from natural or synthetic monomers with sulfur compounds added to crosslink the 
polymer within the tire mold. Tires also contain large amounts (typically 35%) of carbon 
black particles, which are made by hydrocarbon combustion in excess fuel, as we have 
considered previously in Chapters 9 and 10. 

A new class of elastomers uses block copolymers, which contain segments of different 
. These form crystalline and noncrystalline regions in the polymer, and these 
have elastomeric properties, as well as high fracture toughness. 
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In the previous sections polyolefin reactions were shown to occur by addition of a free radical 
across a double bond or by adding across a double bond in an organometallic complex. This 
creates an unpaired electron at the end of the chain that reacts with another double bond. 
The olefin molecules are considered to be inert in reactions with each other, and the process 
terminates when reactive free radicals are quenched by reaction with each other or by other 
reactions that produce stable molecules. In these processes the growing polymer can react 
only with the monomer. 

In condensation polymerization the monomer molecules can all react with each 
other. As noted previously, this would ordinarily create "brown gunk" if the process 
were not controlled to prevent significant crosslinking and form only linear molecules. 
In condensation polymerization the monomers are bifunctional molecules in which only 
end groups are reactive, and, as the process proceeds, all molecules continue to still have 
two reactive end groups. 

Organic chemists have long known of bimolecular reactions in which two molecules 
create a single larger one. The most common of these are formation of esters from acid and 
alcohol, such as the reaction of ethanol with acetic acid to form ethyl acetate 

C 2 H 5 OH + CH3COOH -> CH3COOC2H5 + H 2 

and the reaction of ethyl amine with acetic acid to form the amide, 

C2H5NH2 + CH 3 COOH -> C2H5NCOCH3 + H 2 



When one places these pairs of reactants in a container and heats, these bimolecular reactions 
occur and eventually approach thermodynamic equilibrium, which we can write as 

A + B <Z C + H 2 

The product ester or amide is unreactive except for hydrolysis back to the reactants. 

However, if one starts with molecules that each have two functional groups, then the 
reaction between them still leaves one functional group from each reactant on the product 
molecule so that it can continue to react with additional reactants or products. This process 
can then continue until all molecules with unreacted functional groups have been consumed 
in forming large polvmer molecules. 
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Nature has long used reactions such as these to produce interesting solids such as 
cotton (seed pod), hemp (grass), and silk (cocoons for worms while they develop into 
moths) as fibers that we can strand into rope or weave into cloth. Chemists discovered 
in the early twentieth century that cellulose could be hydrolyzed with acetic acid to form 
cellulose acetate and then repolymerized into Rayon, which has properties similar to cotton. 
They then searched for manmade monomers with which to tailor properties as replacements 
for rope and silk. In the 1930s chemists at DuPont and at ICI found that polyamides and 
polyesters had properties that could replace each of these. [Linear polyolefins do not seem 
to form in nature as do condensation poh/mers. This is probably because the organometallic 
catalysts are extremely sensitive to traces of H2O, CO, and other contaminants. This is an 
example where we can create materials in the laboratory that are not found in nature.] 

In Table 1 1-3 below are Msted the most common of these condensation polymers, the 
monomers that form them, and some of the common polymers. 

When a cyclic monomer such a tetrahydrofuran or caprolactam is used as the 
monomer, the polymerization can be made to occur primarily by monomer reacting with 
the polymer rather than all polymers reacting with each other. These kinetics are more like 
addition polymerization, where only the monomer can react with the polymer. However, 
we still call this condensation polymerization because it produces this type of polymer. 



Nylon 



Nylon has a polyamide linkage between an amino group and a carboxylic acid. The amide 
bond is highly resistant to hydrolysis and is stable up to higher temperatures than other 
condensation polymers; so Nylon (DuPonfs trademark for polyamides) is a strong and high- 
temperature condensation polymer. Nylon 66 uses two monomers, a bifunctional amine and 
a bifunctional alcohol, while Nylon 6 uses a single amino acid monomer, but the properties 
of the polymers are very similar. Kevlar is DuPonfs name for an aromatic polyamide that is 
especialh/ strong. Shown in Figure 11-8 are the steps by which these Nylons are prepared 
from petroleum feedstocks. 



TABLE 11-3 








Condensation 


Polymers 






Monomets 


Unkage 


Common monomeis 


Common polymeis 


dialcohol 


e S «cr 


ethylene glycol 
terephthalic acid 


PET 


diamiiiL' 


amide 


hexamedi\]ene diamine 


Nylon 66 


amino acid 


amide 


caprolactam 


Nylon 6 


diisocyanate 


urethane 


tetrahydrofuran 
toluene diisocyanate 


Spandex, Lycra 


dialcohol 


elher 


ethylene glycol 


polyethylene glycol 


dialcohol 
COCI2 


polycarbonate 


bisphenol A 
phosgene 


bisphenol A 
pol\ carbonale 
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0-8 -* HOOCAA/COOH , 

cyclohexane adipicacid 

NH 3 l 

\ _ N ^WN-CA/C 

air — ► HCN 

CH 4 ^neec^VVC^N — *- H^N^a^a^ 



0-0 o . 

CH 4 — H 2 ^ /O |_ O l n 

NH caprolactam Nvlon 6 



r^N 2 



o prepare Nylon 66 and Nylon 6 from petroleiim 



Proteins 

Proteins are nature's polyamide condensation polymers. A protein is formed by polymer- 
ization of o-amino acids, with the amino group on the carbon atom next to the carboxylic 
acid. Biologists call the bond formed a peptide rather than an amide. In the food chain 
these amino acids are continuously hydrolyzed and polymerized back into polymers, which 
the host can use in its tissues. These pofvmerization and depolymerization reactions in 
biological systems are all controlled by enzyme catalysts that produce extreme selectivity 
to the desired proteins. 

The most common amino acid industrialh/ is caprolactam, which forms Nylon 6, in 
which the amino group is six carbons away from the carboxylic acid. Your skin can thus be 
regarded as Nylon 2. Fortunately your skin is not soluble in water, at least in the absence 
of strong acids or bases. 

Kinetic s 

Let us consider the general kinetics for each of these reactions. They can all be written ŬS 

nk +nB -± (AB), 
if each reactant has the same functional groups or 
nA -> A„ 
if there is only one reactant molecule with different functional groups. Let us consider the 
latter in detail because it has only one reactant molecule A. The reactions are 
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A, + A, -► A 2 , 
A\ + A 2 -» A 3 , 

A] + A3 -> A4, 



r n = * n [Ai][Ai] 



■ A; -> A; , 



A 2 + A 2 -+ A 4 , 

A2 + A3 ->• A5, 

A; + A,v _► A i+/ 



= %[A,][A,] 



Again we have an infinite set of coupled equations. For the PFTR or batch reactor we can 
write these mass balances for condensation polvmerization. The monomer A\ is lost by 
reacting with all the polvmers, 

Species A 2 is formed by two A\ species reacting, and it is lost by reacting with species [A 2 ] 
and larger. We have to be careful not to count each reaction twice. We can write these mass 
balances as 



d[A 



^i = +fe[A 1 ] 2 - 2Jt[A 2 ] X)[A y -] 



d[A- L 



-±f = +2*[A,][A 2 ] - 2k[A 3 ] J2[Aj] 



-i-li = +2*[A,][A 3 ] + [A 2 ][A 2 ] - 2k[A,] JT[A;] 



d[A s ] 



^f- = +2k[A\][A A ] + 2*[A 2 ][A 3 ] - 2*[A 5 ] £[A,-] 



-™ = +2k[A\][A 5 ] + 2k[A 2 ][A,] + 2k[A,] 2 - 2*[A 6 ] £>,] 



d[Aj] 



■■k^JLArMj-ri-UMdJ^Aj] 



Some of the factors of 2 may appear to contradict our rules of stoichiometric 
coefficients, but for polymers with two end groups the reaction Ai + A 2 is distinct from the 
reaction A 2 + A \. 
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End-group analysis 



If we return to the overall mkture, we note that all molecules have a reactive functional 
group at each end. We denote the total concentration of either reactive functional group as 
[C]. A momenfs consideration of the system shows that 



[C] = £[A;] 



Let us next try to fmd the total concentration of these functional groups in the solution i 
PFTR or batch reactor. The mass balance gives 



f^E^lD^ 



Thus the total 
. This differential equati( 



of functional groups decreases with second-order kinet- 
bc intcgrated to give 



[C] 



l+k[C] r 



where [C] = [Al], = [M] , the initial concentration of monomer. 

We can further describe the conversion and average polvmer size using end-group 
analysis. We can write 

[C] = [M] (l - X) 
where X is the fractional conversion of the reactive functional groups into polvmer. The 
average polymer size is given by the expression 

-1 [Mjo 

H [Q 1 - x 
For example, if one-half of the end groups have reacted, then the average chain length is 2 
(dimers) and X = \. When X = 0.9, n = 10, and when X = 0.99, n = 100. 



Example 11-2 Suppose 2 mole % hexylamin 
to polymerize. What is the maximum molecular 
equally reactive? 



e is added to caprolactam, which is allowed 
weight of the polymer if all end groups are 



The monofunctional amine has an equal probability of adding to caprolactam as 
another bifunctional caprolactam molecule, and, once added, that end is dead. 
Therefore, the reaction stops when all molecules have reacted, and the average 
chain length is 100 monomer units when the reaction has gone to completion. 



We can also use end groups to determine the thermodynamic equilibrium compositior 
We write the general reaction as 
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-A + -B ^± -C- + D 

where -C- is an unreactive polymer link and D is the other product of polvmerization 
(H2O for polyester and polvamide). We can write this as a single reaction and write the 
equilibrium as 

[-C-][D] _ v 

Tath--^ 

For a stoichiometric feed ([-A] = [-B]), 

- = [ ~ A] kOl 

l-C-l [D] ■ 
so if the equilibrium constant is 100, then the average polymer size cannot exceed 11. 

In any polymerization process one must be concerned with removal of the coproduct 
(typically H2O or HCl) so that equilibrium limitations do not limit the polvmer size. The 
removal of the product in condensation polvmerization to attain higher polymer lengths is 
a major consideration in polymerization reactor design. This can be done by withdrawing 
water vapor or by using two phases so that the water and polymer migrate to different 
phases. 



1 further \ 



r = 1 + *ec 
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We next return to another reaction of a CO + H2 mixture, which we called synthesis gas or 
syngas. It has this name because it is used to synthesize many chemicals such as methanol. 
Another synthesis reaction from CO and H2 i s a polymerization process called the Fisher 
Tropsch synthesis of synthetic diesel fuel. 

This polymerization process involves the reaction between CO and H2 to produce 
hydrocarbon polymers, 

nCO + 2nH 2 -> (CH 2 )„ + nH 2 
This process was discovered and developed primarily in Germany during World Wars I 
and II to provide synthefic liquid fuels to compensate for fhe Allies blockade of crude 
oil shipment. [The argument can be made that both world wars were essentially fought 
over access to petroleum in the CaUCUSUS region of Russia and the Middle East. The U.S. 
blockade of Japanese access to Far East crade oil was a major factor in Japan declaring war 
on the United States with the bombing of Pearl Harbor. These arguments are summarized 
in the book The Prize by Daniel Yergin.] 

Fisher Tropsch technology is now practiced on a large scale only in Soufh Africa 
because of the need for an independent source of liquid fuels because of their political 
isolation, and fhey had abundant coal to make syngas. However, fhese processes are 
potentially an exceedingly important replacement for liquid fuels to use when crude oil 
supplies are depleted. Using coal (several hundred years supply in fhe United States alone) 
and natural gas (more proven reserves fhan petroleum), we can be assured of sources of 
liquid fuels for transportation fhrough fhis technology long after supplies of crude oil and 
even natural gas have been used up. 

Fisher and Tropsch found fhat when a mixture of CO and H2 was heated to -250°C at 
high pressures over an iron catalyst, polymer would form, and under suitable conditions this 
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had the appropriate molecular weight for gasoline and diesel fuel. Different metal catalysts 
give different molecular weights (Ni produces CH4) and different amounts of alkanes (Fe 
and Re), olefins (Ru), and alcohols (Rh); so catalvsts and process conditions can be altered 
to produce a desired molecular weight and distribution. 

The products are essentially all linear molecules, which for olefins and alcohols 
have the double bond or the OH group on the end carbon (a-olefms and a-alcohols). The 
mechanism of this polymerization process is thought to be similar to (but also very different 
from) Ziegler Natta polymerization of ethylene and propylene on Ti. It is thought that CO 
adsorbs and hydrogenates (perhaps to form fhe CH2 group) on an adsorption site adjacent 
to an adsorbed alkyl R, as shown in Figure 11-9. If fhe CH2 inserts betvveen fhe metal 
and the adsorbed R , one obtains and adsorbed RCH2-, which can add another CH2 to form 
/?CH 2 CH2-, and the chain repeats itself indefinitely until the adsorbed alkyl dehydrogenates 
to olefin, hydrogenates to parrafin, or hydrates to o-alcohol. 

While fhe catalysts and conditions are very different fhan in ZN (water is a severe 
poison for ZN but is a product in FT), bofh produce linear polymers, and the molecular 
weight distributions are very similar because fhey are controlled by relative rate coefficients 
of propagation kp and termination & t . If these are nearly independent of molecular weight, 
one obtains fhe Schultz Flory size distribution in both processes. 

As discussed in earlier chapters, the CO and H2 (syngas) for PT svnfhesis were initially 
made by fhe gasification of coal, 

C + H 2 -► CO + H 2 

which was plentiful in Germany. 

Syngas can also be made using naphtha or ofher hydrocarbon feedstocks, and now 
the most promising source of synfhesis gas is methane from natural gas, 

CH 4 + H 2 -► CO + 3H 2 
Note that coal produces CO and H2 m a l: 1 rauo > naphtha in a 1:2 ratio, and methane in a 
1:3 rafio. An excess of H 2 is usually desired; so alkanes are the preferred feedstock. 
Modern syngas plants operate by direct oxidation of natural gas 

CH 4 + ^0 2 -> CO + 2H 2 

using pure 2 from a liquid air plant. This process, called autofhermal reforming, uses fhis 
exofhermic reaction in an adiabatic reactor and produces the 1:2 ratio of H 2 :CO fhat is ideal 
for methanol or FT processes. 

This polymerization process may one day be fhe dominant mefhod by which we 
will obtain most of our liquid fuels from coal or natural gas. This technology is capable 




Hgure 11-9 Proposed mechanism l'or Fisher Tropsch poh merization ofCO andH^lo lorm alkane poh mer. 
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of supplying at least 200 years of liquid hydrocarbons at current consumption rates from 
known proven reserves of coal. 
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Polvmerization reactors convert small monomer molecules into very large molecules. Thus 
we must convert a gas or volatile liquid into a nonvolatile liquid or solid, and do it in large 
volume with low cost and high reliability. Many of these processes also involve catalysts 
to promote conversion and selectivity. 

Polymerization reactors have several characteristics that are different from most of 
the reactors we have considered so far. 

1. The viscosity of the fluid is a strong function of conversion. 

2. Polvmerization reactions are strongly exothermic. 

3. Most polymerization reactions are strongly influenced by trace impurities, which 
strongly affect properties. 

4. They frequentiy involve multiple phases. 

5. They frequently use catalysts. 

6. Condensation polymerization produces a side product such as H2O, which must be 
removed from the product and which can cause complications with reversibility. 

7. It is frequently desired to produce a blend of several components, and reactors must be 
designed to accomplish this. 

8. Solvents are frequently used to control rates and flow characteristics. 

One of the major consideration in polymerization reactors is that the viscosity of the 
solution changes with degree of polymerization, going from very low viscosity initially 
to a solid at complete polymerization. This means that tubular reactor must be used very 
cautiously for polymerization because the viscosity will increase, especially near the wall 
where the residence time is longest. Many of these fluids also have viscosities that are 
dependent on the shear rate. 

Another characteristic is that most involve multiple phases, the explicit subject of the 
next chapter. The polymer formed is a liquid or solid, while the monomer is a gas or liquid. 
In condensation polymerization water is frequentiy a byproduct; so in many polymerization 
processes there will be an aqueous phase as well as an organic phase. 

Afmost all polymerization processes are highly exothermic, and this heat must be 
removed from the reactor. The temperature must be very tighdy controlled in a polvmeriza- 
tion process because each step has a highly temperature-dependent rate coefficient; so the 
properties of the resulting polymer will depend sensitively on temperature and its variations 
in the reactor. 

Solvents can be very important to control the reaction rate and to control the temper- 
ature. The reactors listed here are all very important in polymerization processing: 

. Batch reactors 
• Reactors in series 
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. Wiped-wall CSTR 

. Ruidized bed 

• Screw extrader 

• Emulsion reactor 

. Supercritical fluids 

FORMING POLYMERS 



Polymerization takes place in reactors such as those described previously. The polymer is 
then usually cooled to solidify it and then it is formed into pellets or beads of a convenient 
size for shipping and forming. In this process, the solid is usualh/ melted, and mbced with 
other chemicals (plasticizers, antioxidants, colorants, solvent) or other polymers to form 
blends. 

The molten polymer is fhen formed into a desired final shape through one of fhe 
following shapes: 



. Sheets 

• Fibers 

• Composites 

. Shaped parts 

These are accomplished fhrough processes such as the following: 

• Casting 

. Reaction injection molding 

. Blow molding 

• Rolling and drawing 

• Tube blowing 
. Laminating 

One can drastically alter the properties of polymers by suitable reactor design during 
forming of the polymer into its final shape. As examples, crystallinity, anisotropy, and 
surface characteristics can be tailored by: 

. Temperature 

• Cooling rate 
. Strain rate 

. Annealing 

• Solvent removal 
. Cutting 

• Surface t 



1 



IN7EGRA7ED POLYMER PROCESSING 

In this chapter we have examined the reactions and reactors used in polvmerizing monomers. 
In many situations the production of monomers from feedstocks, the polymerization, and 
the forming of the polvmer into products are done in the same chemical plant. In some 
cases the monomer is too reactive to be shipped to a polymerization plant (isocyanates, 
for example), and in some cases the producer does not want to be dependent on monomer 
suppliers. 

In Figure 11-10 is shown the flow sheet of an integrated process to produce poly- 
methylmetliaciylate (PMMA) and phenol-formaldehyde polymers simultaneously, starting 
with methane, propane, and cyclohexane. 

There is a compelling reason to integrate PMMA and phenol-formaldehyde because 
the monomers phenol and acetone are both made from cumene oxidation (previous chapter). 
Therefore, one makes one mole of phenol for every mole of acetone, and a producer would 
have to sell one of these monomers if he did not have an integrated process to produce both 
polymers or some other products. 

Economics of scale frequendy dictate that large and integrated chemical processes are 
more profitable than small processes where intermediates must be purchased from external 
suppliers. Supply price fluctuations and availability and variable markets for products 
frequently give the integrated processor a competitive edge in chemicals and polymers. 
The negative side of integrated processing is that these plants must be extremely large, and 
therefore only large companies can afford the investment for an integrated process. 

CRYSTALLIZA710N 

Crystallization is a polymerization process that has comparable kinetics to the 
making conventional polymers but whose products are quite different. In crystalliza 
one allows supersaturated monomer to nucleate and grow into crystals. We usually do 
regard crystallization as a chemical reaction at all because the process is 

air -*-N 2 x 

NHg-»- HCN 
CH 4 — CO + H^H^ ^ OH 

02 y -*T- N -* v ^[ p H 

OCH q 



0-® ^ OH 






<Kr 



phenol- 
q 3f I formaldehyde 

CH 4 ^ CO + H 2 -► CH 3 OH -2- HCHO 
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which is only a phase change. 

Crystallization processes are very important in chemical processes whenever there 
are solid products in a reactor. We saw in Chapter 9 that crystallization and dissolution 
particle sizes could be handled with the same equations as chemical vapor deposition and 
reactive etching. We note here that crystallization reactions can be handled with the same 
equations as polvmerization. 

Basically, crystallization occurs either by monomer addition to a growing crystal or 
by coagulation of smaller crystals unto larger crystals. Monomer addition produces more 
uniform and regular crystals and a narrower crystal size distribution. Coagulation produces 
irregularly shaped crystals with a wide range in crystal sizes. These processes are obvioush/ 
addition crystallization and condensation crj i illi ition respectiveh/. We will not consider 
these kinetics in any more detail here, but save them for a homework problem. 

The types of crystals formed, their perfection and size distribution, and the rates 
of crystal formation obvioush/ depend on processing conditions, and chemical engineers 
spend much time and effort in designing crystallization reactors to attain suitable crystal 
properties. If one wants to form perfect, large crystals, then conditions favoring monomer 
addition are preferred, while, if one wants polycrystalline aggregates such as in porous 
catalyst particles, then reactor conditions favoring aggregation should be used. The degree 
of supersaturation and the stirring and mixing pattems have large influences on crystal 
properties. The formation of solid polymers and of crystals have many similarities with 
which chemical engineers must be prepared to deal in making high-quality solid products. 

11.1 (a) Why do the ionic end groups in ideal addition polymerization inhibit termination? 

(b) Why does catalytic polymerization have fewer termination processes than free-radical 
polymerization? 

(c) How does one intentionally introduce crosslinking in linear polymers? 

11.2 Set up and solve the algebraic equations for the concentrations of all species in ideal addition 
polvmerization in a CSTR. 

11.3 Set up the algebraic ccjiiations to be solved to find all species concentrations in free-radical 
polymerization in a CSTR, analogous to those in a PFTR developed in the text. 

11.4 Set up and solve the mass-balance equations for condensation polymerization in the CSTR 
assuming all ks equal. 

11.5 Sketch the steps in production of PET from ethane and dimethyl cyclohexanes. 

11.6 The polymers and plastics industries are basically concemed with replacing natural flexible 
and hard one-dimensional and two-dimensional materials. 

(a) What were the major soft and rigid containers for liquids before synthetic materials? 

(b) What is leather and how is it prepared? 

(c) What is glass and how is it prepared? 

(d) What is clay and how is lt prepared; 



Problems 471 

(e) What is concrete and how is it prepared? 

(f) What are the major natural fibers? 

(g) What are the advanlapes and disadvanlages oi svnthetic polvmers as rcplacements for each 
of these natural polymers? Note that you probably prefer to wear natural fiber clothing but 
that cotton tents ancl silk slockings ha\e tolallv bccn rcplaced by Nylon. 

11.7 Suppose we have found a catalyst to polymerize caprolactam, which operates wifh the 
monomer in aqueons solution. Startinp uitli I molar caprolactam in a batch reactor experiment, 
we obtain 10',- polvmerization in 20 min. 

(a) What time is required to obtain 90% polymerization in a CSTR starting with 4 molar 
caprolactaiu? 

(b) How large must the reactor be to obtain 1 kg/h of pure Nylon 6? 

(c) The polymerization reaction is exothermic by 25 kcal/mole of monomer reacted. What 
must be the rate of cooling? 

11.8 Polystyrene is made by heating pure liquid styrene with a suitable catalyst. 

(a) If 1% of the styrene has polymerized in a 100 liter CSTR with a residence time of 2 min, 

how much will polymerize in a 100 liter PFTR at this residence time? 

(b) The heat of this reaction is -21 kcal/mole. What are the cooling rates of these reactors? 

11.9 Write out the complctc reactions ior polvurelhane produclion starting with toluene, natural 
gas, air, water, and salt, as sketched in Figure 11-8. Use 1,4-butane diol for the glycol starting 

from bntanc. Wh\ is tliis proccss prefcrable for rcaction injection nioldine of antomobilc parts 
compared to Nylon or PET? 

11.10 Write out the complete reactions for production of PMMA and phenol-formaldehyde, as 
sketched in Figure 1 1-1 1. What aic thc advantagcs and disadvanlagcs of an integraled chcmical 
plant compared to scparatc plants to prcparc indi\idual chcmicals and polymers? 

11.11 [Computer] (a) For the polymerization reaction A\ -^ A 2 -+ A3 ->• A 4 -> . . , plot Aj 
versusjvtinPFTRforj < 25. 

(b) Plot (by hand is OK) Cj(x) versus kt for kx = 2, 5, 10, 15, 20. 

(c) Plot jCj (t) versus kx . Why is this a more useful description of the polymer distribution? 

(d) Repeat these calculation for a CSTR. 

(e) Compare the distribution for PFTR and CSTR for given kx. Why do they have different 
distributions? 

11.12 Polyurethanes are used for most plastic parts m automobiles such as bumpers and nonmetal 
body panels. They are made from tolucnc diisocvanale and ethylene glycol. We are designing 
a chcinical plant tliat makes TDIC and need to evaluate the safety of the units. Phosgene is 
made by reacting CO and CI2 m a 20 a'1111 reactor uith a residence time of 10 sec. Toluene 
is nitrated by reacting uitli concentrated nitric acid solution at 140°C with a 1 min residence 
time, and the aqueous and organic phases are separated. The organic phase is distilled to 
separate dimtrotoluene. The dinitrotoluene liquid is hydrogenated with H2 at 5 atm at 120°C 
with a liquid residence time of 20 sec. The product is reacted with phosgene in a vapor-phase 
reaction at 150°C, and the TDIC is distilled. The TDIC is finally reacted with ethylene glycol 
in a reaction injcction nioklina proccss to form the bumper. 
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(a) This process consists of 5 reactors. Write down the n 

(b) Sketch the flow sheet of the 5 reactors and 3 separation units with feeds of CO, CI2, toluene, 
Ha, and ethylene glycol. 

(c) The process is to produce 10 tons/h. Assume that each reactor produces 1009( conversion 
and that the nitration proccss produces equal amounts of the three nitrates. What are the 
sizes of each of these reactors? Approximately how much chemical do they contain? 

(d) These 8 units are all connected hy valves that will close quickly to isolate all units in the 
event of an upset of any kind. Describe the potential safety hazards of each unit and the 
possible things that inight go v mng Inchide runaway reaction and dangers from venting 
including chemical io\iciiv. iirc. and cxplosion. Writc ~!/4 page of text on each. 

(e) Order the units in terms of decreasing hazard. Which units do you request not to be assigned 
to? 

11.13 In Fisher Tropscli svnthesis of liighcr hvdrocarbons from nalural gas. il is desired to produc 
products 111 thc boiling range for dicscl and gasolinc rather than lighier alkancs. li' the prodncts 
follow the Schultz Flory distribution, what weight fractions are in the undesired C1-C4 i 
ifa=0.9, 0.95, and 0.99? 

11.14 In Fisher Tropsch synthesis from CO and H2, different catalysts produce different types 
of product molecules. Referring 10 the figure of propagation in the FT process, sketch the 

icnninalion stcps ihai \\ill lcad to (ai alkancs. (b) a-olclins. and (ci alcohols. 

11.15 In contrast to the Fisher Tropsch synthesis of higher alkanes from CO and H2, Ni catalysts 
produce primarily methane, and Cu/ZnO catalysts produce mainly methanol. Sketch the 

mcchanistic stcps thai favor thcsc products rather ihan polymerization? 

11.16 (a) "Permanent press" clothing is made from a blend of nylon or polyester with wool or 

cotton. Explain why blending synthetic and natural polymers can accomplish this property 

compared to the pure synthetic fabrics. 

(b) Wool and cotton shrink when washed. Why do synthetic polymers not shrink? 

11.17 Polyethylene terephthalate is unsuitable for carpets because it crystallizes slowly and the fibers 
therefore break with time and wear. However, if EG is rcplaced by 1 ,3-propanediol, the fibers 
do not crystallize and \vear resistance is greatlv iinpro\ed. Thc 1,2-diol has properties similar 
to EG. There are several routes to prepare this diol with reasonable selectivity from propane. 
(a) Acrolein can be hydrated and reduced, but this produces a mixture of 1,2- and 1,3-diols. 
Sketch these n 



(b) A biological route uses an enzyme to convert glucose to glycerol, and another enzyme 
"eats" the middle OH to form the nearly pure 1,3-diol. The rate of this process is low. 
Sketch these r< 



(c) In a new commercial process 1,3-propanediol is made by reacting ethylene oxide with 
CO, followed by hydration and reduction. Sketch the flowshee1 of the reaclions to prepare 
1,3-propanediol starting from propane, air, water, and methane. 

11.18 1,4-butanediol is simple to prepare, but its melting point is too high to form polyester fibers, 
However, this diol is widely used in fibers formed from the polyurethane for clothing fibers 
such as Lycra and Spandex. 
(a) Sketch the polymerization reaction. 



n steps to prepare this diol from butane. 



(c) Sketch the flowsheet of the re; 
starting from butane, toluene, n 



011 steps that could be used to prepare this polvmer 
c acid, air, and water. 



11.19 1,4-butanediol can also be prepared by reacting acetylene with formaldehyde, and acetylene 
can be prepared b> partial o\idation of nielhane. Sketch llie reactions by uhich 1 ,4-butanediol 
can be prepared using only methane, air, water, and hydrogen. 

11.20 Polycarbonate is a very hard and light plastic used for protection devices such as football 

lielinets. It is niade by reaclins bisphenol A vvilli phosgene in tlie reactions shown in Figure 1 1- 



ing with propane, cyclohexane and 



(a) Sketch the flowsheet of a polycarbonate process si 
niethane. 

(b) Why might it be economical to produce PMMA along with polycarbonate? Sketch this 
integrated plant. 

11,21 [Computer] Consider addition polymerization in a PFTR, 
A + M ->■ AM 
AM + M ^ AM 2 



AMj + M -+ AM j+ 



k p [M][AMj] 



with [M] constant at 1.0 moles/liter, [A], = 0.01 moles/liter, and £ p identical for all j. 

(a) Plot [AMj] and j[AMj] versus k p T for j < 30. 

(b) From these results plot the molar and weighl distributions versus j at kpT = 1, 2, 5, 10, 
and 20. 

11.22 [Computer] Consider addition polymerization in a CSTR, 
A + M^ AM 
AM + M^ AM 2 

AMj + M ->. AM J+ i, r p = k p [M][AMj] 



1.0 moles/liter, [A], = 0.01 moles/liter, and k„ identical for all j. 



2 (OĴ + Y^ H0 -(o)-c-\O}c>H 



NaCf -»- Cl 2 n^ 
4 -*C0 + H, — C0 / ^ 



[-©♦^-c-o-j 
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(a) Plot [AMj] and j[AMj] versus k p X for j < 30. 

(b) From these rcsults plol the niolar and ueight distributions \ersus j at k v z : 1. 2. 5. 10. 
and 20. 

11.23 [Computer] Consider addition polvmerization, 
A + M^ AM 

AM + M -> AM 2 

AMj + M ->. AMj +u r p = k v [M][AMj] 
with [M] constant at 1.0 moles/liter, [A] o =0.01 moles/liter. and k p tdentical for all j. Add a 



AMj^Pj, r t = k t [AMj] 

where />■ is a dead or unreactive polymer. Plot {[AMj] + [Pj]) and j([AM;] + [Pj]) versus 
Jt T for j < 25 for k t /k v =0, 0.1, 0.2, 0.5, and 1. 

(d) From these results plot the molar and weight distnbuttons of [AMj] + [Pj] for k p X=2, 5, 
10, and 20. 

11.24 Consider the reversible condensation polvmerization reaction of a hydroxyacid A to form a 
polyester polymer, 

Aj + Ay «± A j+r + H 2 

(a) If the equilibrium constant for this reaction is 100, what is the average polymer size at 
equilibrium if all species reniain in a sincle-pliasc solution? 

(b) In these process.es water is usually removed from the solution to obtain a higher degree of 
polymerization. If the initial monomer concentration is 5 moles/liter, what H2O concen- 
trations uill si\e avcrage polvnier lengths that v.rc 2, 10, and 100 iimes that calculated m 
part (a)? 

11.25 Consider the condensation polvmerization of a bilunctional monomer A in a CSTR with all 
rale coefficients k equal. 

(a) Write out the mass-balance equations for [Aj]. 

(b) Find an expression for [A ; ](r) for the jth species in terms of [Al],. 
(O Plot [Aj] and j[Aj] versus kx for j < 25. 

(d) In a PFTR [Aj] is given by the expression 



^•]W = [A]o( T TEklo) 2 (T+&)" 1 



Plot this [Aj]{x) and j[Aj]{x) versus kt for j < 25. 

(e) Plot molar and weight distributions for CSTR and PFTR for Jb[Ai] o =0.5, 1, 2, and 4. 

11.26 Consider the reversible condensation polvmerization icaction of an amino acid A to form a 
polyamide polymer Aj and water, 

Aj + Aj, :z> A ]+j > + H 2 



(a) If the equilibriimi constani ior this rcaction is 100. uhat is ihe avcragc polymer size at 
equilibrium if all species remain in a single-phase solution? 

(b) To obtain a larger moleculai vveighl of the polymer, the polymerization is sometimes carried 
out in a two-stage reactor with H2O from the first siage separated before the second stage. 
If the first reactor forms only the dimer and the dimer without water is fed to the second 
reactor, what is thc equilibrinm pohnier chain length obtainable? What chain length can 
one obtain if the first stage forms the trimer? Why is separation of water simpler with a 
dimer or trimer than if polymerization is continued to higher chain lengths? 

11.27 Suppose we want to produce a polymer with a very narrow molecular weight distribution. 
Which choices are preferred? 

(a) CSTR or PFTR? 

(b) Ideal addition or condensation? 

(c) Polyester from tetrahydrofuran or 1 ,4-butanediol? 

11.28 Engineers have learned how to prepare geneiicallv engineered DNA molecnles (a long-chain 
polymer) with exactlv specified uucleic acid sequences by adding adenine. thymine, cytosine, 
or guanine (A, T, C, or G) in a DNA synthesizer. These operate b\ reacting one of these 
monomer molecules at a time in a sequence of highly automated batch reactors. Sketch the 
mechanism by which onlj a single monomer molecule is added in one reactor without mistakes 
and the "reactor" that accomplishes this process. 

11.29 Your body makes specific proteins by reacting single amino acids uilhin cells. What is the 
process that makes a single protein molecule (a long-chain polymer) without mistakes? 

11.30 In the Unipol process of olefine polymerization 0.1 fim particles of Ziegler Natta catalyst are 
introduced into a fluidized bed containing ethvlene al 250 C. Polvmer gro\\s on the surface oi 
this catalyst, and the caialvsi e\pands io rcmain on the surface ol ihc grouing solid particle. 
When the particle diameter reaches 20 fim, the polymer particles are removed from the reactor 
by gravity. Calculate the iinie io lorm a 20 /xffl polvnier pariiclc assuming ihai ihe reaction is 
mass iransfer limited with a Sherwood number of 2.0. Assume that the pressure of C2H4 is 2 
atm and D C2H4 =0.1 cm 2 /sec. 



i 
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TYPES OF MULTIPHASE REACTORS 



We frnally arrive at the type of reactor usually encountered in industrial practice: 
the multiphase reactor. Obviously, a reactor has multiple phases whenever its 
contents do not form a single-phase solution. For two phases these may be gas- 
liquid, liquid-liquid, gas-solid, and liquid-solid. Listed in Table 12-1 are the names of 
some of the common important multiple-phase reactors. 

We have encountered many of these reactor types in previous chapters. In Chapter 2 
all the reactors in the petroleum refinery were seen to be multiphase, and we will close 
this chapter by returning to the reactors of the petroleum refrnery to see if we can now 
understand how they operate in a bit more detail. 

Catalytic reactors are multiphase if soMd catalysts are used as discussed in Chapter 7. 
Reactions that form or decompose soMds were discussed in Chapter 9, and many polymer- 
ization reactors are multiphase, as discussed in Chapter 11. Biological reactions usually 
take place in multiphase reactors. 

In this chapter we summarize the characteristics of these reactors and discuss the fea- 
tures that drffer from single-phase systems. Obvious distinguishing features of multiphase 
reactors are: 



1 . Essential mass transfer steps between phases always accompany reaction steps, and these 
frequently control the overall rate of the chemical reactions. 

2. Mass- and energy-balance equations must be written and solved for each species in each 
phase. 

3. Gravity is frequently important in controlMng flow patterns, as Mghter phases tend to rise 
and denser phases tend to fall in the reactor. 

4. Mbting within phases and mbdng between phases frequently has a domrnant effect. 

5. SolubiMties and phase distributions of species between phases require careful application 
of principles of thermodynamic phase equiMbrium. 
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TABLE 12-1 

Types of Multiphase Reactors 



Gas-Liquid and Liquid-Liquid Reactors 

Spray tower 

Bubble column 

Spargei 

Oil burner 

Emulsion reactor 

Membrane reactor 

Calalvlic distillation column 



Gas-Solid and Liquid-Solid 

Slurry 

Packed hed 



Orereiincr 

Coal or wood burner 

Injection molding 

Reaclion injcclion molding 
Membrane reactor 

Chromaloaraphic reaeior 

e Phase 

Multiphase solid 

Trickle bed 

Gas-liquid slurry with solid flow 

Membrane reactor 



We might first ask why one should use multiphase reactors at all because they 
obviously introduce additional complexities compared to single-phase reactors. First, we 
have no option whenever we need to react gases, liquids, and solids with each other. For 
example, whenever we want to react a liquid organic molecule with H2 or O2, we have to 
find a way to introduce these gases into the liquid. Most solids processes require reacting 
with gases or liquids, and products may also be gases or liquids. 

The second reason for using multiphase reactors is that we may want to use multiple 
phases 

1. To attain conversions higher than attainable from equilibrium constraints in a single- 
phase process; and 

2. To improve mixing within in the reactor by allowing gravity to cause flows of phases 
relative to each other. 
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MASS "TRANSFER REACTORS 



Multiphase reactors are basically mass transfer reactors. Students have been introduced to 
these reactors in courses on separation processes, but in those courses they were called 
"separation units" rather than "chemical reactors." Thus essentially all the reactors listed 
have been described and their mass balances have been derived in courses on mass transfer 
and separations. We now "simply" add chemical reactions to these separation units to 
describe multiphase reactors. 

Multiphase reactors can also "look" very similar to separation units, but there are 
important differences or additions. First, reactions are frequently catalyzed by solids; so the 
solid walls or structures in the reactor are often catalysts whose activity and stabihty are 
important as well as the mass transfer enhancements they provide. 



Heat generation and absorption 



A second important complication in chemical reactors compared to conventional mass 
transfer equipment is that the heat generation or absorption caused by chemical reaction 
can be much larger than the heat liberated or absorbed in phase changes. The heat of 
vaporization of most liquids is only a few kilocalories/mole, while heats of reaction are 
frequently much larger than this. Recall also that chemical reaction processes frequently 
involve multiple reactions with different A Hr, and we must design for the possibility that 
the heat release increases dramatically if the selectivity unexpectedly switches to a more 
exothermic reaction. This means that the heat transfer design of a multiphase reactor must 
be considered much more carefully with chemical reactions occurring, and designs must be 
much more conservative to assure stable operation. Heat release always stabilizes a mass 
transfer process because all mass transfer operations are endofhermic and require process 
heat addition. Chemical reactors may be either exothermic or endothermic, and heat effects 
can frequently destabilize a multiphase chemical process. 

This chapter will be a brief summary of how multiphase reactors should be considered 
and how the material from separations should be incorporated into reactor design. If one were 
actually designing a multiphase reactor, the notions from separations are in fact probabh/ 
more useful than the notions of chemical reactions in developing a workable chemical 
reactor. However, we would argue (being somewhat prejudiced) that separation processes 
only become really interesting when chemical reactions are involved. 



MASS BALANCE EQUAT10NS 



In a single-phase reactor we have to solve a mass-balance equafion for each reaction. In 
a multiphase reactor we have to solve one mass balance equation for each reaction in 
each phase so for R reactions in P phases we would have to solve R x P simultaneous 
mass-balance equations. 

This seems like a formidable problem, but we note immediately that we can describe 
these situafions simply as two or three of our old single-phase reactors coupled together 
(Figure 12-1). Here the superscripts a, 0, and y are the designation of the phase, and A a/3 is 
the interfacial area between phases. We use superscripts to designate phases in this chapter 
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because we have run out of space for additional subscripts. Superscripts Ot and /3 (or g, t, 
and s for gas, liquid, and solid) in this chapter do not signify exponents. 

Chemical species can transfer between phases, and this represents the coupling 
between the mass-balance equations. This geometry looks like a membrane reactor in which 
a permeable area A a ^ (dashed lines) separates the phases, but all multiphase reactors can 
be described by this notation. 

As before, we consider only two ideal continuous reactors: the PFTR and the CSTR, 
because any other reactor involves detailed consideration of the fluid mechanics. For a 
phase a the mass balance if the fluid is unmbced is 



a dC J ^ 



s to other phas 



If the fluid is mbced, the transient CSTR equation becomes 

dCf _ 

V -r 1 - = v a (CĴ - Cĵ ) +V a J^ Vijn + [gain or loss to other phases] 

where the superscript o! indicates the phase. In steady state the CSTR equation becomes 



= 



v a (C a C a ) + V a £ v ij r i + [gain °r l° ss to other p 



i similarb/ define the residence time j a in phas 

a V* 



For the PFTR this also becomes 



with constant pipe diameter and fluid density. In a multiphase reactor there are distinct v, 
V, u, and L that must be specified in each phase. 

These equations are only valid if there is no density change in the reactor, because 
othenvise v ^ v and Cj is not an appropriate variable. With mass transfer to and from a 
phase, one expects the volumetric flow rates in and out of the phase to not be identical. For 
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this situation one must ' 
the reactor. However, \ 
and we will therefore v. 



ite the equations in terms of the molar flow 

; promised fhat we would use only 

; only the preceding equations in fhis chapter 



Flow configurations 

There are therefore two alternate types of equations in each phase, and for two phases 
there are three combinations: mixed-mixed, mixed-unmixed, and unmixed-unmixed. If 
bofh phases are unmixed, cocurrent and countercurrent give distincfb/ different behaviors. 
These combinations are shown in Figure 12-2. 

The first situation involves two algebraic equations, fhe second involves an algebraic 
equation (fhe mixed phase) and a first-order ordinary differential equation (the unmixed 
phase), and fhe fhird situation involves two coupled differential equations. Countercurrent 
flow is in fact more complicated than cocurrent flow because it involves a two-point 
boundary-value problem, which we will not consider here. 

For any more complex flow pattem we must solve the fluid mechanics to describe the 
fluid flow in each phase, along wifh the mass balances. The cases where we can still attempt 
to find descriptions are the nonideal reactor models considered previously in Chapter 8, 
where laminar flow, a series of CSTRs, a recycle TR, and dispersion in a TR allow us to 
modify the ideal mass-balance equations. 



Reaction only in one phase 

In most multiphase reactors 



: phase, wifh the ofher phase 



1. Supply a reactant, 

2. Remove a product, or 

3. Provide a catalyst. 

The catalytic reactor is an example where reaction occurs only at the boundary with 
a solid phase, but, as long as fhe solid remains in fhe reactor and does not change, we did 
not need to write separate mass balances for fhe solid phase because its residence time t s 
is infinite. In a moving bed catalvfic reactor or in a slurry or fluidized bed catalytic reactor 



mixed - mixed 



unmixed - mixed 



Mass Transfer betvveen Phases 



where the catalyst phase is continuously added and removed from the reactor, we actually 
have a multiphase reactor where the reaction occurs on the catalyst surface. 



INTERFACIAL SURFACE AREA 



Thus we see that these multiphase reactors can be quite complex because the volumes 
of each phase can change as reaction proceeds and, more important, the interfacial area 
betvveen phases A a & can change, depending on conversion, geometry, and flow conditions. 
Thus it is essenfial to describe the mass transfer rate and the interfacial area in these reactors 
in order to describe their performance. 

It is evident that in many situations the reaction rate will be directly proportional to the 
surface area between phases whenever mass transfer limits reaction rates. In some sifuations 
we provide a fixed area by using solid particles of a given size or by membrane reactors in 
which a fixed wall separates phases from each other. Here we distinguish planar walls and 
parallel sheets of solid membranes, tubes and tube bundles, and spherical solid or liquid 
membranes, These are fhree-, two-, and one-dimensional phase boundaries, respectively. 

In some multiphase reactors, stirring with an impeller or the flow pattem caused by 
gravity will control the interfacial area. By suitably designing and positioning propellers 
and reactant injecfion orifices or by using static mixers, it is possible to provide very efficient 
breakup of liquids into drops and bubbles. A factor of two decrease in drop or bubble size 
means a factor of four increase in interfacial area. 

In some cases one does not want drops or particles to be too small, however, because 
emulsions, foams, and suspensions can be difficult to separate into distinct phases. Misting 
and entrainment can be problems with gas-liquid systems, but separation of liquid-liquid 
phases can be much more difficult because of fhe possibility of stable emulsions. 

Surface tension can be very important in determining drop and bubble sizes and 
shapes. This ultimately controls fhe size of drops and the breakup of films and drops. The 
presence of surface acfive agents that alter fhe interfacial tension between phases can have 
enormous influences in multiphase reactors, as does fhe surface tension of solids and the 
wetting between solids and liquids. 



MASS TRANSFER BETVVEEN PHASES 



In the preceding sketches the reactors are coupled fhrough fhe interface between fhem. In 
a single-phase system the only ways fhat a species could change were by flow ii 
and exit pipes and by reaction. Now we also have the possibility of a species ei 
leaving fhe reactor by transferring betvveen phases wifhin fhe reactor. 



Mass transfer to or from a mixed phase 

For the CSTR the mass transfer term for phase a in contact wifh phase fi can be written a 

V — L = v a {CĴ - C a ) + V a J2 VijVi + A afi k m {Cf - Cĵ) 
that is, we add the term 

mass transfer rate of species j = area x flux = A a ^ x Jj = A a ^k m {Cj — C a ) 
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to the standard mass-balance equation. The dimension of each term in thc preceding equation 
is moles/time, and 

Jj=k m (Cf -Cĵ) 
is simply the flux (in moles/time area) of species j from phase /3 to phase a. The flux J: 
of species j will be out of phase a into phase fi if C- < Cĵ . If fhese are liquid phases, fhe 
equilibrium concentrations are not equal, and we will discuss this modificafion in the next 
section. 

We can consider mass transfer to or from a phase as equivalent to a surface reaction 
at the boundarv between phases, 

Vjr" = Jj = k m (Cf-Cf) 
Thus we can regard mass transfer as fhe "reversible surface reacfion" 



wifh a "surface rate coefficient" k m . The "stoichiometric coefficient" of species j is — 1 for 
the phase from which it is being removed and -f- 1 for the phase into which it is moving. 
Thus we can write mass transfer as equivalent to a "pseudohomogeneous rate" 



—k m (q - cĵ) 



which we have to insert into the previous expressions with (A/V) adapted from our 
discussion of catalvfic reactions in Chapter 7. 

Therefore fhe steady-state mass balance for a reacfant A in a mixed phase a becomes 



which looks exactiy like the CSTR equation with a mass transfer "reaction" term added. 

This shows how catalytic reactions compare with other interfacial reactions. In a fixed 
bed reactor the catalyst (in phase ) has an infinite residence time, which can be ignored in 
fhe expressions we derived in previous chapters. For a moving bed reactor in which catalyst 
moves through fhe reactor, we have a true multiphase reactor because the residence time of 
fhe catalyst phase is not infinite. 

Mass transfer to or from an unmixed phase 

For the PFTR fhe mass transfer area is simply fhe tofal interfacial area between the phase 
in question and fhe ofher fluid, while for the PFTR, where Cj is a function of position, 
[area/volume] is fhe area per unit volume of fhat phase at position Z. The steady-state mass 
balance is fherefore 

U a -£-**Ys Vi J ri + ^ ea/yolume ^ *m(Cf " Cp 
where area per volume is simply the perimeter of the "tube" through which the fluid flows 
in this phase divided by its cross-secfional area. 
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n phase 01 this equation becomes 



& dC a A 
dz 



The area per unit volume in this expression may not be simply the total area betvveen phases 
A 01 ^ and volume V a of the phase, but rather the differential area per unit volume, which 
may be more complicated than this ratio. 



MULTIPHASE REACTOR EOUATIONS 



The preceding equations must be solved to determine the performanc 


e of any multiphas 


reactor. We repeat them as 




(C a Ao - C a A ) = z a r + T "^- km (Ci - C a A ) 




t t t 




if the phase is mixed and 




dz a [volume] 





t t t 

if the phase is unmixed. We must solve two of these equations (three if we have a three-phase 
reactor) simultaneously to find C A and C A for given inlet conditions and phase volume. In 
fact, all multiphase reactors involve solving essentially identical equations like these. The 
essential components of these equations (arrows) are the following. 

Interfacial area 

The quantity A 01 ^ couples the two equations. For a membrane reactor this is simply the 
area of the membrane, but for other multiphase reactors the interfacial area may vary with 
conditions. 



Mass transfer coefficients 

The equations are also coupled by k m the mass transfer coefficient. This is the standard 
mass transfer problem we encountered with catalytic reactions. As with catalytic reactors, 
processes are very often limited by mass transfer so that the kinetics become unimportant 
in predicting performance. 

Reaction rates 

Next we need the reaction rates, and chemical reaction is the only aspect that differentiates 
a multiphase reactor from a separation unit. As with all chemical reactors, kinetics are the 
most difficult quantities to obtain in describing a reactor accurately. Frequently the rates are 
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zero in all but one phase, usually the reaction is catalytic and occurs on a catalyst surface in 
one of the phases. In fact, there are usualh/ several chemical reactions, and therefore there is 
a mass-balance equation for each reaction, a formidable mathematical problem even before 
we begin to worry about the energy-balance equation and temperature variations. 

Tliis is tlie hasic iclea ofthis ehapter \\ e need t<> solve several mass-hahmce equations 
simultaneously to predict the performance of a multiphase reactor This is a complex 
numerical prohlem for any realistic reaetor geometrv and reaction system, but our goal 
here is not to show solutions of these equations, but rather to indicate how one would go 
about setting the problem up to begin to construct a solution. We will also see that there are 
siinple cjiialitative arguments that perinit us to estirnate ho\v varring operating parameters 
affeet performance vitliout going througli complete solufioiis oftlie equatioiis. 



EQUILIBRIUM BETVVEEN PHASES 



A species frequently maintains phase equilibrium while it is reacting in one phase. An 
example is hydrocracking of heavy hydrocarbons in petroleum refining, where H2 from the 
vapor dissolves into the liquid hydrocarbon phase, where it reacts with large hydrocarbons to 
crack them into smaller hydrocarbons that have sufficient vapor pressure to evaporate back 
into the vapor phase. As long as equilibrium of the species between phases is maintained, 
it is easy to calculate the concentrations in the liquid phase in which reaction occurs. 

There is an equilibrium distribution of a solute species A between phases tt and if 
the phases are in contact for a long time. We consider this a "reaction" 

A a ^t A? 
between phases a and with an equilibrium constant 

d 

K afi - Ae 9 
"■eq - ca 

< -Aeq 

In mass transfer courses this equilibrium constant is given different names such as partition 
coefficient, but we will refer to it as an equilibrium constant and use the svmbol K"q . It is 
important to note that in gas-liquid and liquid-liquid systems the concentrations of solute 
A are not usualh/ equal in both phases at equilibrium, but rather they are related by the 

rclation 

n& - vafipa 
^Aeq iv eq ^Aeq 

and the mass transfer between phases should be given by an expression of the form 

r" = k m {C{-K^C a ) 
For gases this is usually expressed as the Henry's Law constant Hj , 
Pj = Hj Xĵ 
but because of the complicated notation this introduces, we will not use it here (Figure 12-3). 



MEMBRANE REACTORS 



We define a membrane reactor as one in which two phases are separated by a wall through 
which only one species can permeate. It is also common to have catalyst within the 
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Fioure 12-3 Concenlralion prollles across a ga\-liquid 
i 1 i h mass flow trom left to right. 
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membrane or coated on the surface of the membrane s< 
separation simultaneously. Thus the membrane reactor ; 



. A a $ between phas 



Partial oxidation reactor 

One example of membrane reactors is oxidation, in which oxygen from one phase diffuses 
from one side of an oxygen-permeable membrane to react wifh a fuel on the other side 
of the membrane. This avoids a high concentration of O2 on the fuel side, which would 
be flammable. A catalyst on the fuel side of fhe membrane oxidizes the fuel to partial 
oxidation products. One important process using a membrane reactor is fhe reaction to 
oxidize methane to form syngas, 



CH 4 4 



-O2 



► CO + H 2 



which occurs on noble metal catalyst surfaces. A membrane for fhis reactor, which is 
permeable to oxygen, is Zr0 2 stabilized by yttria to form an oxide film through which 
oxygen is transported as O ions. However, fhe membrane is impermeable to all other 
species except oxygen. A membrane reactor for methane oxidation might look as shown in 
Figure 12^4, in which the chamber contains CH 4 and fhe inner surface of fhe Zr0 2 is coated 
with platinum. Oxygen in the annulus outside fhe ZrŬ2 tube contains O2 (usually air). In 
this reactor fhe CO and H2 form on fhe inside space, while N 2 from the air is left on the 
outside. Thus the membrane reactor acts as a separator to keep N 2 out of the product syngas, 
thus avoiding fhe need for pure O2, which would be required in a single-phase reactor. 

The membrane also keeps the 2 concentrafion low in fhe CH4 compartment. which 
favors syngas over combustion to C0 2 and H 2 and prevents a flame fhat would form at 
higher 2 ' 



Hydrogenation and dehydrogenation reactor 

a palladium tube through which only 



Another example of a gas-ph; 
hydrogen can permeatc. This 



j membrane n 
m be used to 
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C 4 — ] 



Figurel2-4 Membrane reactor in which a catalyst promotes reactic 
separate. Examples shoun are CH4 oxidaiion lo syngas andC^Hjre 
syngas and produces C2H4 beyond equilibrium by remouna H^ 111 



alkane <± olefin + H 2 

This reaction is reversible; so it is frequently desirable to have high H 2 pressures to convert 
oleffns to alkanes and low H 2 pressures to convert alkanes to olefins. Hydrogen passes 
readily through a hot Pd metal membrane while other gases do not, and therefore the H 2 
can be added or removed from the reaction chamber. This configuration also permits the 
use of a H 2 stream that contains impurities in hydrogenation reactions with the olefrn on 
the inside and the H 2 on the outside, a configuration similar to that described for oxidation 
reactions. The Pd is also a good catalyst for this reaction. Configurations to either produce 
alkane from olefin or olefin from alkane are shown in Figure 12-4. 

Neither of these processes is yet practiced commercially, mainly because of materials 
durability problems. However, they indicate the types of processes in which use of a 
membrane could improve reactor performance compared to a single-phase reactor. 



Rate-limiting steps 

Reaction in a membrane reactor requires the migration of reactant to the membrane, its 
diffusion through the membrane, and its migration within the second phase, as well as 
chemical reaction on the membrane surface. As discussed previously at the end of Chapter 9, 
the rate might be given by an expression 



1 



± + A + t 

Different steps can be rate limiting, and these gi 1 
Figure 12-5. 

The effective reaction rate expression will cor 
step in this series process. 



— C Ab 



i coefficient of the slowest 
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Membrane reactor configurations 



It is important to attain as high an area as possible for a membrane reactor. Confrgurations 
with multilayer planar membranes, coiled membranes, or as multiple tubes also can be used 
for similar processes with potentially very high surface areas, as sketched in Figure 12-6. 

Fuel cells and batteries are examples of membrane reactors in which a conducting 
membrane separates the anode and cathode compartments, which supply fuel and oxidant, 
respectively. With fuel cells we have the added complexity that we need an ion-conducting 
electrode, which is also a catalyst at each electrode so that we can extract electrical power 
from the energy of the reaction. A battery is similar to a fuel cell except that now the fuel 
and oxidant are stored and supplied within the cell rather than being supplied externally. A 
fuel cell is usually operated as a continuous-flow reactor, while a battery is a rechargeable 
batch reactor. 

Crucial factors in designing membrane reactors are (1) high area for high mass transfer, 
(2) membranes that have a high permeability to only one species, (3) membranes that are 
catalytic, and (4) membranes that have no holes that leak reactants from one compartment 
to the other. With any process the reactor will not function properly if all these criteria are 
not met, and for oxidation reactions any leaks between compartments can be disastrous. 

It should be evident, therefore, that the design of membrane reactors is largely 
concerned with finding membranes that have sufficient area, catalytic activity, mechanical 
strength, and freedom from cracks, holes, and clogging. 



^ P 



tr^ 
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FALUNG FILM REACTOR 



In the membrane reactor a wall of area A a P separates the phases, and this area is generally 
fixed by the geometry of the reactor using planar or cylindrical membranes. However, 
most multiphase reactors do not have fixed boundaries separating phases, but rather allow 
the boundary between phases to be the interfacial area between insoluble phases. This is 
commonly a variable-area boundary whose area will depend on flow conditions of the 
phases, as shown in Figure 12-7. 

Before we deal with these situations, it is instructive to consider a fixed-area version 
of a membraneless reactor, the falling lilm reactor. We cannot think of many applications of 
this reactor type because one usually benefits considerably by using configurations where 
the surface area is as large as possible, but the falling film reactor leads naturally to the 
description of many variable-area multiphase reactors. 

We consider a vertical cylindrical tube of length L and diameter D (radius 2R ) with 
liquid admitted at the top such that it forms a falling film that coats the walls of the tube. 
We also add a gas into the top of the tube (cOCUITent) or into the bottom (countercurrent). 
This is a standard unit in extraction processes called a wetted-wall column 

In analysis of the wetted-wall column one finds the velocity profile in the film u(R) 
and then places a solute A in one of the phases and calculates its extraction to the other phase 
by first integrating across the liquid film to find C^(R) ar] d the average concentration, and 
then integrating along the column to find Ca (z) and then Ca(L). When used as a chemical 
reactor, we assume that species A is a reactant that reacts with another solute in the liquid 
or with a catalyst in the liquid or on the walls of the column. 

Since we do not want to consider the fluid mechanics of this reactor in detail, we will 
assume that the liquid falls with a constant average velocity u l and forms a liquid film of 
thickness R — R\, with /?j the radius in the tube at the surface of the liquid film. If these 
assumptions hold, then u ( and R — R t are independent of the position z in the tube of 
length L (actually the height, since the tube must be vertical). Similarly, if the liquid film 
thickness is constant, then the cross section occupied by the gas is constant, and the velocity 
of the gas u g is also independent of z if the density of the gas is constant. These distances 
are sketched in Figure 12-8. 

The interface betvveen the gas and liquid is at R\, and its area is 
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Figure 12-7 Sketches of four types of gas-liquid 
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Figure 12-8 Sketch of a falling film re- 
actor with posilions R„ and R t indicated. D| 
At the right are sketched possible concen- 
tration profiles of a reactanl ,1. vvhich is 
supphed m the gas but reacts m the hquid. 
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D 

-R. -R +R| +R Q 



| A~ l = 2ttR x L I 



Since the phases are gas and liquid in this section, we use g and t rather than a and f) to 
designate phases. The cross section of the tube is jt R , the gas will occupy a cross-sectional 
area jt R?, and the liquid will occupy a cross-sectional area jr/( R^ — R 2 ). The volumes 
occupied by the phases are 





V e = n(R 2 - R 2 )L 




V s = jtRfL 


that the residence tim 


esare 




i_L _V l _ 7i{Rl - Rf)L 




g L V* ttR 2 L 




~ «Ŝ _ ~V% ~~ «8 



5 balances in gas and liquid 
ve make the assumption that 



Thus we have defrned all the parameters for the reactor mas: 
phases in terms of the inputs to the tube. In all this analysis v 
all parameters are independent of height £ in the column. 

Next we add solute A to fhe gas phase and solute B to the liquid phase and allow the 

reaction 



A„ + j 



- De 



to occur to form products C and D. We assume that fhe reactions are irreversible, and we 
usually assume fhat fhe products can easily escape from this phase so the specific products 
are not important. We further assume fhat reaction occurs only in fhe liquid phase wifh a rate 

r e - k t C e A C l B 
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The reactant A must be transferred from the gas phase into the liquid phase in order 
to react with B. The rate of mass transfer per unit of area is 

r m A = k mA (C g A ~K^C l A ) 
where K^ is the equi]ibrium distribution of A between gas and liquid phases, as discussed 
previously. The area of this interface is 2lT R, L. 

We can now write the mass-balance equations for the phases as 

We included the term r g = to indicate that there is no reaction in the gas phase. The mass 
transfer rates obviouslv have opposite signs, and we have to multiplv the mass transfer 
flux by [area/volumej, where the volume is that occupied by that phase. Note that the mass 
transfer term after dividing out becomes proportional to RK Since the reactor volume is 
proportional to R^ while the surface area for mass transfer is proportional to R, the falling 
film column obviously becomes less efficient for larger reactor sizes. This is a fundamental 
problem with the falling fifm reactor in that small tubes give high mass transfer rates but 
low total production of product. 

The mass transfer coefficient is usually much lower in the liquid phase, and therefore 
C A is a function of R, the distance from the wall to the interface. One would have to 
solve for the steady-state profile C A (R), and find its average CX(z) to insert into the PFTR 
mass-balance equations simultaneously to find C A (L) in each phase. 

i Example 12-1 An aqueous solution containing 10 ppm by weight of an organic contam- 
inant of molecular weight 120 is to be removed by air oxidation in a 1-cm-diameter falling 
film reactor at 25°C. The liquid flows at an average velocity of 10 cm/sec and forms a film 

« 1 mm thick on the wall, while the air at 1 atm flows at an average velocity of 2 cm/sec. 
The reaction in the liquid phase has the stoichiometry A + 2O2 — > products with a rate 
r< = k l C l k C^. 

1 (a) What are the compositions when the reaction has gone to completion? 

1. We assume that both phases are in nearly plug flow. and we need frrst to calculate 

the flow rates of each reactant. 

/ = _y = ^(0.5 2 - 0.4 2 ) x 10 = 2.83 cm^/sec 

vS = A\u g = JT x 0.4 2 x 2 = 1.005 cmVsec 

■g The feed concentrations are 

10^ 5 o 

I CL = = 8.33 x 10" 8 moles/cm3 



assuming the density of water is ~ 1 g/cm3 and 
^ Po, 0.2 



' RT 82 x 300 



8.58 x 10" 6 moles/cm 3 
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Therefore, the molar flow rates are 

F L = vic L = 2 - 83 x 8 - 33 * 10^ 8 = 2.36 x lfr 7 moles/sec 
F$ 2( = t;8Cĝ 20 = 1.005 x 8.58 x 10" 6 _ 8.62 x 1(T 6 moles/sec 

Thus we see that there is an excess of O2; so all A will be consumed at complete 

conversion. This gives 

F 0i0 - F 02 - 2F Ao 
(there are 2 moles of O2 consumed per mole of A reacted), so that if the reaction 
goes to completion, we have 

C A = 

C t = 8.14 x 10" 5 moles/cm 3 
which we will assume to be a negligible change in O2. 

(b) Write the equation(s) that must be solved to find the reactor length required for a given 
organic removal. 

At these flow rates the O2 in the air is not depleted, and we do not need to worry 
about the mass balance of the air in the gas phase. We only need to solve the 
equation for the organic in the liquid phase, which is 

t dC l A 

dz 

(c) How many tubes in parallel are required to process 100 liters/min of water? What will 
be the diameter of the tube bundle if the tubes are packed in a square array and the tube 
wall thickness is neglected? 

One tube processes 2.83 cm 3 /sec; so to process 100 liters/mm we will need 
100 x!0 3 _ 



2.83 x60 
If these are packed in a square configuration with a negligible tube wall thickness, 
each tube occupies an area 1 cm 2 in the tube bundle. The cross-sectional area of 
the tube bundle is 590 cm 2 ; so the diameter of the column is 



»-(=*)" 



(d) Estimate the reactor length needed to reduce the organic concentration to 1 ppm if the 
reaction rate in the lkjuid is infinite and the reaction is limited by the mass transfer of O2 in 
the gas. Assume Do 2 =0.1 cm 2 sec. 

This doesn't seem to be a good approximation because mass transfer in gases is 
almost always much faster than in liquids. ff it were trae, the Shenvood number 
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would be -j for laminar flow of the air flowing in the 0.8-cm-diameter tube. Thus 

g Sh D D 02 
* m o 2 = D . 

We have to solve for A in the liquid phase, 

f dC{ t A 
u —— —r= — /c m o 2 (-o 2 
dz V 

The interfacial area per volume of reactor is 

A _ TtD x L 4Dj 

17 - E {D 2 _ D 2 )L = Df="D? 

and the equation becomes 

d£_ 4S\\ d D q 2 Co, 
dz = Wl - Df]u f 
The right-hand side is constant because Co, does not change significantly, so this 
equation can be simply integrated to yield 

L jc^M =ao3icm 

4ShDo 2 Co, 
This answer is clearly nonsense because we would need a reactor length of less 
than 1 millimeter! 

(e) Estimate fhe reactor lengfh needed to reduce fhe organic concentration to 1 ppm if O2 
mass transfer is sufficiently fast that the liquid solution remains saturated with O2 and the 
rate coefficient Jt' is 1 x 10 2 liter/mole sec. The Henry's Law constant for O2 in water is 
1 x 10 5 atm. 

Now mass transfer of O2 is assumed to be fast so that fhe liquid remains saturated 
with O2, and the process is assumed to be limited by the reaction in the liquid 
phase. Therefore, we have to solve the equation 

dz 
We need fhe O2 concentration in fhe liquid phase. We assume Henry's Law 

Po 2 = H 0l Xo 2 
so fhat 

Po 2 0.2 „.. in _ 6 Cp 2 x 32 



= 2 x \0~ ( 



° 2 ~ H 02 ~ 10 5 10 3 

which gives C i = 5.56 x 10~ 7 moles/liter. 

Recall fhat Co, is nearly constant so this equation can be rearranged to yield 
Ca 

L - -Ar- f — = —s t ln 10 = 415 cm = 5.15m = 16ft 

k e C Q2 J C A 10 5 x 5.56 x 10- 7 



1. 
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i reasonable column height. 



(f) Estimate the reactor length needed to reduce the organic concentration to 1 ppm if the 
reaction actualh/ occurs on a catalyst on the wall of the reactor tube. Assume that the reaction 
rate on the wall is infinite and the process is limited by the diffusion of O2 through the liquid, 
with D02 = 10~ 5 cm 2 /sec, and that the concentration profile is linear. 



Now v 



: that 1 



1 the exterior surface of the tube. The 



AD 02 C 0l 
2V(i? -i?i) 

= -3.47 x 10~ 10 moles/liter sec 
s transfer per unit volume of reactor in the liquid is given by 
*_______ =lLlcm , 



V D 2 ~ Df 

We now solve the preceding differential equation, noting that all 1 
right-hand side are constants to obtain the reactor length needed, 
. _ u(C Ao -C A ) _ 



3.47 x 10" 10 
This is a very tall column. 



: 2160 c 



: 70 ft 



) How would the a 
>m 1 to 2 atm? 



3 (c), (d), and (e) change if the pressure of a 



Doubling Co, will double the rate of the reaction and the rate of O2 mass transfer 
to the wall of the reactor. Therefore, the reactor length needed will be half of those 
calculated in each of the previous situations. 
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We just noted that the falling film reactor has the problem that the surface area increases as 
the perimeter between gas and liquid while the volume increases as the cross section 
area _ A^ _ TjiR^ ______ 

volume gas volume jtR 1 R\ D 
In order to design an efficient reactor using a falling film reactor, we would need to have 
many small ŭibes in parallel so that the interfacial area can be large. This is difficult 
to accomplish with flow down tubes, but it is easy to accomplish with rising bubbles 
or falling drops. The interfacial area is not now the area of jbe cy)'mder between gas 
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drops, which can be large i 



and liquid but rather the area of the bubbles c 
diameter tube. 

Consider a liquid flowing downward in a tube with gas bubbles introduced at the 
bottom. The bubbles rise because they are less dense than the liquid. At the top the gas is 
separated from the liquid in the head space, while pure liquid is withdrawn at the bottom, 
as shown in Figure 12-9. 

An important example of bubble column reactors is in partial oxidation of organics, 
such as p-xylene to make terephthalic acid, a monomer for polyester (PET), 

p-xylene -j-02 — > terephthalic acid 
where p-xylene and terephthalic acid are liquids and O2 is a gas. In partial oxidation such 
as these the reaction occurs homogeneousb/ (either with free-radical intermediates or with 
a homogeneous catalyst) in the liquid phase, and the desired product remains in the liquid 
phase, where it is separated from the other organic. It is usually important to have no O2 in 
the product because it can be explosive: so the reactor must be designed so that all O2 in 
the bubbles has reacted and none reaches the head space, where it could react explosively 
with the organic products. 

Another example of bubble columns is hydrogenation of olefins and other organics, 
such as reduction of dinitrotoluene 

dinitrotoluene +H 2 — > diaminotoluene 
1 intermediate in producfion of polyurethanes and in the hydroge 






which is ; 
and oils, 

C„H 2 „ + H 2 -> C„H 2n+2 
In this case the reaction occurs only in the liquid phase (the oils have negligible vapor 
pressure), but reaction requires a solid catalyst such as finely divided Ni, which is suspended 
in the liquid. Thus we see that this is in fact a three-phase reactor containing H 2 gas, organic 
liquid reactants and products, and solid catalyst. 



liguid 



- Iiquid 



'~f- 

' ' — Hiquid 




liquid 



bubble 
column 



i 



Bubble Column Reactors 495 



Figure 12-10 Sketches of reac 

C\ around a spherical bubble or drop that 

alier migraiing Irom ihe gas phase inlo Ihe 
phase in bubble column and spray tower 



• 



--rt- 



drop 



profile for a reactant A which must migrate from a drop or 
bubble into the continuous phase to react might be as shown in Figure 12-10. There is 
a concentration drop around the spherical drop or bubble because it is migrating outward, 
but, as with a planar gas-liquid interface in the falling film reactor, there should be a 
discontinuity in C A at the interface due to the solubility of species A and a consequent 
equilibrium distribution between phases. 

Bubble columns rely on nozzles, mbdng plates, and impellers within the reactor to 
control the bubble size, which determines the interfacial area between gas and liquid phases. 
Clearly, the interfacial area can be varied over a wide range by suitable design of the mixer 
and flow pattem. 

Consider a bubble phase occupying a fraction e s in a reactor with volume 

V 8 = s g V 
Suppose all bubbles have radius R b , so that each bubble has a volume |jr R^. If there are 
N 8 bubbles per unit volume of reactor, then the volume occupied by bubbles is 

3 

If the bubbles supply reactant into the liquid phase, then the bubbles are decreasing in 
size because of reaction; so we need to find R b (t) or R b (z) of the bubbles as they rise in 
the reactor. Thus we have the problem of a sphere that varies in diameter as the reaction 
proceeds. We considered this in Chapter 9 where we were concerned primarily with reaction 
of solid spheres instead of liquid spheres. The bubbles usually have a distribution of sizes 
because larger bubbles usually rise faster than small ones, and they can coalesce and be 



ys = N 8 - 



redispersed by i 
particles have the s. 
the equation 



However, to keep the problem simple, we will assume that all 
size. For the reactant A supplied from the bubble, we have to solve 



just as we did for 

around a spherical particle 



shown 



-k m 4nRl(C A -C As ) 
profiles of reactant / 
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As with reactions of solids, we first assume a steady-state concentration profile of 
reactant to calculate Ca (x) and then calculate the variation of R^ versus time as the reaction 
proceeds. 



Example 12-2 An aqueous solution contains 10 ppm by weight of an org: 

ĵf molecular weight 120, which must be removed by air oxidation in a lo-cm-diameter 

bubble column reactor at 25°C. The liquid flows downward in the tube at an average velocity 

ĵf 1 cm/sec. The air at 1 atm is admitted at 0.1 liter/sec and is injected as bubbles 1 mm 

diameter, which rise at 2 cm/sec. Assume no coalescence or breakup and that both gas and 

liquid are in plug flow. The reaction in the liquid phase has the stoichiometry A + 2O2 -» 

products with a rate k l C l A Cq . 

(a) What are the compositions when the reaction has gone to completion? 

The volumetric flow rates are 

v l = u c A l c = 1 x jt x 5 2 = 78.5 cmVsec 

The feed concentrations are 

10" 5 

C{ - = 8.33 x 10~ 8 moles/cm3 

Ao 120 

8.58 x 10~ 6 moles/cm 3 



020 RT 82 x 300 " 
The molar feed rates are therefore 



f ao = vC\ = 6.5 x 10"° moles/sec 
Fl n = v g Cl = 100 x 8 x 10~ 6 = 8 x 10~ 4 moles/sec 



F A = 

Fo 2 = ^o 2 o - 2F Ao = 7.8 x 10 -4 moles/sec 
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This means that Cq 2 decreases by only -3% in the reactor if the reaction goes to 
completion, so we can assume C 0l is constant throughout the reactor. 

\ (b) Write the equation(s) that must be solved to find the length for a given organic removal. 

Since the O2 concentration remains constant, we do not need to solve a maSS- 
} balance equation in the gas phase, and cocurrent and countercurrent flows should 

ŝ give the same answer if velocities remain constant. The equation to be solved is 

{ therefore 

U ~dt = ~ r 

5 (c) Assuming that mass transfer of O2 in the liquid around the bubbles limits the rate, 
calculate the reactor length required to reduce the contaminant to 1 ppm. 

| Since mass transfer in the liquid around the bubbles limits the rate, the masS- 

l balance equation on A in the liquid phase becomes 

i „1 dC A _ _ i __ A // _ A il r t 

i dz ~ V 2V m °2 °2 

; for flow over a sphere we assume Sh D = 2.0, so that 

l k ™o[ = _ = 2 x 10 -4 cmVsec 

The right-hand side of the differential equation is constant; so it can be integrated 
to yield 

(A/2V)k e mO2 C 02 e 
We next need A/ V, the mass transfer area per unit volume of the reactor. The 

residence time of a bubble is Llvfi. The volume of each bubble is ?■ Z)?, and the 
/ 6 b' 

surface area of a bubble is jt D^. The volumetric flow rate of gas is 

N b (n/6)Dl 
v & = 

L/«« 

Therefore, the surface area of bubbles per unit volume of liquid in the reactor is 
I A jrD h2 N b 24yS 

^-^J^L=^D^ = 38 - 2cm 

Substituting, we obtain 

8.33 x lfr 8 x 0.9 xl 

L = -, = 177 cm = 1.77 m 

i x 38.2 x2x 10- 4 xl.ll x 10- 7 

■;■ (d) Estimate the reactor length required to reduce the organic concentration to 1 ppm if the 
1 of O2 remains at equilibrium in the solution. 

) 2 remains in equilibrium, the equation to be solved is 
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■^cic^ 



" k l C L 



dz 
:, the differential equation can 1 

Cao In 10 

C A 10 5 x 1.11 x lfj- 7 



; integrated to yield 
: 207 cm = 2.07 m 



Mixing in drop or bubble phases 

If an isolated drop or bubble rises or falls in the reactor, then the flow pattem in this phase 
is clearly unmixed, and this phase should be described as a PFTR. However, drops and 
bubbles may not have simple trajectories because of stirring in the reactor, and also drops 
and bubbles can coalesce and breakup as fhey move through the reactor. 

These possible flow patterns of a drop or bubble phase are shown in Figure 12-12. At 
the left is shown an isolated bubble which rises (tum the drawing over for a falling drop), 
a clearly unmixed situation. If the bubble is in a continuous phase which is being stirred, 
then the bubble will swirl around the reactor, and its residence time will not be fixed but 
will be a distributed function. In the limit of very rapid stirring, the residence time of drops 
or bubbles will have a residence time distribution 

P(t)=V'A 

which is the residence time distribution in a CSTR. We derived this expression in Chapter 8 
where we considered the distribution of residence times of molecules in the reactor, but 
now we consider the residence time of isolated bubbles or drops. If bubbles flow generally 
upward, but continuously break up and coalesce, the residence time distribution of the 
species in this pase is narrow or roughly that of a PFTR, 

p(t) = S(t) 

However wifh stirring and coalescence and breakup, bofh effects tend to mix the 

contents of the bubbles or drops, and this situation should be handled using the CSTR mass 

balance equation. As you might expect, for a real drop or bubble reactor the residence time 

distribution might not be given accurately by either of these limits, and it might be necessary 

j the RDT to correctly describe the flow pattem in the discontinuous phase. 



X = TĴ T> U x>> u 

Sh D ~2 Shp>2 Sh p >2 
unmixed unmixed mixed 



breakup and early and late 
coalescence coalescence 



Figure 12-12 Sketches of possible llo\\ pal- 
lerns of bnbblcs rising Ihroutih ;i liqui(l phase 
in a bubble column. Stirring of the continuous 
phase will cause Ihe resklence lime dislrihuiion 
to be broadened, and coalescence and breakup 

I" dro| ' ill i in in i i \ n bub '1 

Both of these effects cause the residence timc 
distnbution m the bubble phase to approach that 
of a CSTR. For falling drops in a spray tower, 
"on is similar but now the drops fall 
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FALLING FILM CATALYTIC WALL REACTOR 

Next we complicate this situation further by allowing reaction, not throughout the liquid, 
but on a film of porous catalyst that coats the wall. This film has thickness t and a surface 
area per volume p c Sg as in Chapter 7. We assume that £ <JC R , so that the definitions given 
of volume and % appfy. This reactor is sketched in Figure 12-13. 

Now the reaction occurs by A migrating from the gas in fhe center of the tube, fhrough 
the falling liquid film, and into the porous catalyst, where it reacts with B from the liquid 
phase to form products that must then migrate out of fhe catalyst and into the flowing gas 
or liquid streams to escape fhe reactor. The reactant concentration profile across the reactor 
Ca(R) now is modified because A reacts in the porous catalyst rafher than within fhe liquid 
film discussed in fhe previous section, as shown in Figure 12-1 3. 

This problem can be recognized as a variation of the tube wall reactor of Chapter 7, 
where fhe reactants flowing down the tube had to migrate to and into the porous catalyst 
on the wall to react. The only difference here is fhat fhe reactant must first migrate through 
fhe film, which coats the wall before it can enter the catalyst and react. 

If the second reactant B is in high concentration (liquids have much higher densities 
fhan gases even at high pressures) and the reaction is not limited by its mass transfer, fhen 
fhis becomes a pseudo-first-order reaction r" = k"C\. If all mass transfer steps are fast 
compared to the reaction, fhen this problem would simplify to be identical to fhe tube wall 
catalytic reactor, which gave 

C(z) = C Ao exp(-^j) 

We can continue to write ofher expressions for different limiting cases, for example, with 
reaction on a nonporous catalyst film, which coats fhe wall. 

In the preceding expression we include an effectiveness factor r) to account for pore 
diffusion limitations of A. In fact, if the catalyst film fhickness on the wall of fhe reactor is 
small enough that we can assume it planar, fhen fhe effectiveness factor becomes 
tanh <b 



Figure 12-13 A falling film catalytic wall reac 
reactant in the gas musl diliuv: ihrough a liquid f 
on a catalyst vvhich coats ihe wall of the reactoi. 
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where the Thiele modulus <p = (p c Sgk" /d„) l ^t, which we also derived in Chapter 7. 

It is evident, however, that this problem can be much more complicated than either 
the wetted wall column or the catalvtic wall reactor, because it combines the complexities 
of both. In fact, there are numerous additional complexities with this reactor bevond those 
simplified cases. 

Mass transfer and pore diffusion 

Recall than both A and B must diffuse into the catalvst for a bimolecular reaction to occur. 
This can create fairiv complex concentration profiles of the two reactants within the catalvst, 
and the overall effectiveness factor is more complex than with tlie assimiptions above. 



Example 12-3 An aqueous solution contains 10 ppm by weight of an organic contaminant 
of molecular weight 120, which must be removed by air oxidation in a sparger reactor at 
25°C. The liquid is admitted at 1 liter/sec. The air at 1 atm is admitted at 0.5 liter/sec. An 
impeller disperses the air into bubbles of uniform 1 mm diameter and mbces gas and liquid 
very rapidh/. The reaction in the liquid phase has the stoichiometry A + 202 -> products 
with a rate r l = ki^i/Z^. 
(a) What are the compositions when the reaction has gone to completion? 

The volumetric flow rates are 

1/ = 10 3 cm 3 /sec 

v g = 0.5 x 10 3 cmVsec 

The feed concentrations are 

10" 5 

CL = = 8.33 x 10 -8 moles/cirf 

Ao 120 



° 2 ° RT 82 x 300 
The molar feed rates are therefore 



= 8.58 x 10"* 5 moles/cm 3 



F L = vC\ = 8.33 x 10 -5 moles/sec 

F o 2 o = v%c % 20 = 0-00429 moles/sec 
As before, the O2 changes little when the reaction has gone to complet 
may assume that Cq 2 is C 



(b) Write the equation(s) that must be solved to find the reactor volume required for a given 
organic removal. 

Since the O2 concentration remains constant, we do not need to solve the mass- 
balance equation in the gas phase. Both phases are mixed, so we must solve the 
CSTR equation for Ca m me liquid phase, 



C Ao i - C A i = rV 
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(c) Assuming mass transfer of O2 in the liquid around the bubbles limits the rate, calculate 
the reactor volume required to reduce the confaminant to 1 ppm. 



e fhat Sho = 2 to obtain 

,t _ Shp Do, 2 x 1Q- 5 



= 2 x 10 4 cm 2 /sec 



The O2 concentration in fhe liquid at the bubble surface is 

Cl = 22 _. ^ = 1.1 x 10 -7 moles/cm 3 

° 2 H 02 M H2 o 10- 5 x 18 
We must solve fhe equation 

r , - r - r l A h l r e 



(d) Estimate fhe reactor volume required to reduce the organic concentration to 1 ppm if 
fhe concentration of O2 remains at equilibrium in the solution. 

Now reaction limits the rate: so fhe mass-balance equation becomes 

r e - r e = T e k e r l r e - —k e r e r l 

C Ao L A T K C 2 C A v l K C 2 C ,4 

with Cq assumed consfant. Solving fhis equation for V e , we obtain 
, v e (C{ -C A ) 9 xl0" 3 , , 

yt _ ______ A_ _ g J 1Q 5 3 _ g 10 Uters 

k_o 2 C 02 Ci = 10 5 x 1.11 x 10" 7 
The residence times of gas and liquid in a completely stirred reactor are equal, 

I , V e „ V^ 

T =^ = TŜ = ^T 

Therefore, fhe total reactor volume is 

V = V e + V & = VHI+ -^) =510 (+ — ) =Z151iters 



TRICKLE BED REACTOR 



As with fhe falling film reactor, fhe rate of mass transfer to the catalvst goes as R, while the 
size of the reactor goes as R}, so fhis reactor becomes very inefficient except for very small- 
diameter tubes. However, we can overcome this problem, not by using many small tubes 
in parallel, but by allowing fhe gas and liquid to flow (trickle) over porous catalyst pellets 
in a trickle bed reactor rather fhan down a vertical wall, as in the catalytic wall reactor. 

In this multiphase reactor a tube or tank (a very large tube) is filled wifh catalyst pellets 
packed into a bed and a liquid flows down over fhe catalyst while a gas flows up or down in 
countercurrent or cocurrent flow. A cross section of fhis reactor is shown in Figure 12-14. 

The petroleum hydrotreating reactor is fhe most important example of this reactor. 
As discussed in Chapter 2, fhe hydrogenation and cracking of fhe heavy fraction of crude 
oil to produce lighter and volatile products occurs in an overall reaction 
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Figure 12-14 Sketch of trickle bed reactor in which 
liquid from the top of ihe reai. lor and gas rising from the 

to produce a catalytic reaction. At the right is a sketched 

i k\ Iralion profile loi Ihe cross seition shown 



which takes plai 

of -50 atm. We wrote this as 



heavy oil (liquid) +H2 -> lighter oil (gas) 

1 sulfided cobalt-molybdenum catalyst at -500°C with a H2 pressure 
single prototype reaction 



C 24 H 5 o + 2H 2 -> 3C 8 H 18 
where we cracked the large molecule into three smaller alkanes with the molecular \ 
of gasoline. In this reaction the products are more volatile than the reactants; so they mi 
to the vapor phas> 



e carried ( 



it of the r< 



t with the e 



sH 2 . 



MULTIPHASE REACTORS WITH CATALYSTS 



In many of the examples we have considered and will consider later in fhis chapter, a catalyst 
is present to promote the reaction. If fhis is a homogeneous catalyst in one of fhe reactant 
phases such as an acid, base, or a dissolved organometalhc complex, fhere are no mass 
transfer resistances to reaction, and the process behaves as a true homogeneous reaction. 

However, wifh slurry or trickle bed reactors a solid catalyst is added, and this 
constifutes an additional phase, which can introduce additional mass transfer resistances, 
as sketched in Figure 12-15. 

Consider the overall reaction 

A, + Bi — > products 
where A is fed into fhe reactor as a gas fhat must first dissolve in the liquid and fhen migrate 
fhrough fhe liquid to fhe catalyst surface, where it reacts wifh B. The steps in this process 



^g <* A so i n , 
^soln 4— A s , 



= J A = k m (C\ - K gt C AMn ), dissolution of A 
= KaC A ,soi n , adsorpfion of A from solufion 

= ^bCb solm adsorption of B from solution 

: k"C A sCBs, reaction on catalyst 
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Figure 12-15 Sk t h t o tration profil 
between a spherical huhble anJ a *licl spheriuil 
catahsl particle in a coniinuoiis lic|nid phasc 
(upper) in a gas-liquid slurrj reactor or belueen 
a bubble and a planar soltd \vall llovver) m a cat- 
alytic vvall bubhle rea.cior. Il is assumccl ilial ;i re- 
actant A nrust migrate from the bubble. Ihroipjh 
the drop, and to the solid catalyst surface to react. 
Concentration variations nrav occtir hecatise ol 
mass Iransicr linritaiions arouncl boilt bubblc 
and solid phases. 
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The mass transfer of A from the bubble to the solution and from the solution to the catalyst 
surface is described by an overall coefficient k,. Any of these steps can be rate limiting, 
and the overall reaction rate will be a function of each of these coefficients. 



OTHER MULTIPHASE REACTORS 



tŭgrate 
jrocess 



Spray Tovver and Oil Burner 

If we simph/ tum the drawing of the bubble column upside down, we have a spray tower 
reactor. Now we have dense liquid drops or solid particles in a less dense gas; so we spray 
the liquid from the top and force the gas to rise. The same equations hold, but now the mass 
transfer resistance is usuath/ within the liquid drop. 

We have the same geometry for reacting solid particles such as the burning of 
pulverized coal that was discussed in Chapter 10, but now the mass transfer resistance 
is in the gas phase as the reaction is limited by the diffusion of O2 to the surface. 

In combustion of liquid oils such as heavy diesel fuels, the fuel is sprayed through 
nozzles into air. After ignition, a flame forms around the evaporating drops, driven by the 
vaporization of the drop in the hot boundary layer. The latent heat of vaporization strongly 
affects the temperature of the drop so that the heat release by the reaction is compensated 
by the heat absorbed in vaporizing the fuel and the heat lost to the cooler gas in the air. The 
composition profiles we might expect are shown in Figure 12-11, but the temperature will 
also vary around the particle. 

If reaction occurs only in the boundary layer around the drop of radius R, then a 
steady-state energy balance around the drop yields 

4ttR 2 [(AH r - Atf vap )r" - k m (T dt0V - T air )] = 
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The rate of combustion is controlled either by the evaporation rate of the fuel into the reacting 
boundarv layer or the mass transfer of the O2 fr° m me surrounding air. Note the signs of 
A Hr and the heat of vaporization AH,„. Since vaporization is always endothermic, it will 
tend to cool the drop and thus slow reaction. 



Sparger reactors 

The bubble column and spray tower depend on nozzles to disperse the drop or bubble phase 
and thus provide the high area and small particle size necessary for a high rate. Drop and 
bubble coalescence are therefore problems except in dilute systems because coalescence 
reduces the surface area. An option is to use an impeller, which continuously redisperses 
the drop or bubble phase. For gases this is called a sparger reactor, which might look as 
shown in Figure 12-16. 

By placing the impeller within a draft tube within the reactor, the fluids are forced to 
pass through the impeller, where the bubbles are redispersed by impacting on the impeller 
surfaces. The draft tube is placed in the center of the reactor; so the fluids recirculate 
repeatedly (a recycle reactor) to allow bubbles to be repeatedly redispersed in the draft 
tube. The overall reactor becomes well mixed and is therefore described by the CSTR 
equations. The rapid flow of this reactor enhances the mass transfer rate and thus increases 
the overall reaction rate if it is limited by mass transfer of a reactant from the liquid phase 
into the bubbles. 



Emulsion reactors 

We can generalize this to any two-phase reaction where both phases are mixed. One of 
the most common examples is the emulsion reactor, where immiscible liquids (usually one 
aqueous and one nonpolar) are fed into a tank that is stirred sufficientiy fast that both phases 
break into drops or one phase is continuous and the other forms drops. We assumed that 



O 



fl 



c\ 



Figure 12-16 Skelch ol sparger reactor in m hich an inrpellcr conlin- 
tiouslj redisperses the bubble phase to maintain small bubble sizc-- ancl 
increase mass transler. The inrpeller also recircnlates the ikiids in the 
reactor l>\ placing i; tn a drall tnbe. ulrieh forces thc ilnids past the 
impeller at high velocities and ttirther enhances mass transier. 
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reaction occurs only in one phase but that reactant is fed from the other. Saponification 
of an ester fed from an organic phase into an aqueous phase where acid catalyzed the 
decomposition is an example of this type of process. Many polymerization reactors use 
emulsions between liquid phases. 

The area between phases A a & is the surface area of the drops. It will clearly be a 
strong function of the stirring characteristics (we assume that stirring is always fast enough 
to mix both phases). The presence of surfactants, drop size distributions, stirrer design, 
and circulation pattems. Interfacial area is frequently an unknown in emulsion reactors, but 
the above formulation should be applicable. Another complication in emulsion reactors is 
the fact that mass transfer coefficients depend strongly on drop size and stirring rate. The 
relevant parameter in an emulsion reactor is A a &k m with neither factor known very well. 

In all these reactors gravity plays an important role. To obtain good contact between 
phases, we need to overcome the separations that will be driven by gravity whenever the 
phases have different densities. This requires that the flow conditions and drop, bubble, or 
particle sizes are properh/ chosen. It is also important that the phases be separated after 
the reactor, and mists, emulsions, and dust in separation units can cause major problems 
in design of these multiphase reactors. Reactor orientation plays an obvious role in any 
multiphase reaction processes. 

Slurry reactor and fluidized bed reactor 

The above reactors can be reduced to those of the slurry reactor of Chapter 7, in which a 
solid powder is the catalyst on which the reaction occurs. Now the fluid phase is unreactive 
(the a phase in the previous derivation), and reaction occurs on the catalyst (the /? phase). In 
some cases the solid powder is prevented from leaving the reactor, which involves setting 
T^ = 00 so that we do not need to consider C Ao explicitly. 

The solid could also be withdrawn and returned to the reactor using a cyclone, and in 
this case (still assuming complete mixing) the complete equations for the solid phase will 
have to be solved because r is finite. 

Crystallization reactors 

An example of a gas-solid reactor in which both phases are mbced is crystallization, where 
a supersaturated liquid crystallizes onto growing solid nuclei. The crystal area and the 
mass transfer characteristics now depend on crystal size (discussed in Chapter 9), and the 
objective is usually to control conditions in such a way as to obtain solid particles of a 
particular size, size distribution, crystallinity, solvent incorporation, etc. 

One example of this type of reactor is in the synthesis of catalyst powders and pellets 
by growing porous solid oxides from supersaturated solution. Here the growth conditions 
control the porosity and pore diameter and tortuosity, factors that we have seen are crucial 
in designing optimal catalysts for packed bed, fluidized bed, or slurry reactors. 

Separation 

In all these reactors gravity plays an important role. To obtain good contacting between 
phases, we need to overcome the separations, which will be driven by gravity whenever 
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the phases have different densities. This requires that the fiow conditions and drop, bubble, 
or particle sizes be properlv chosen. The addition of surfactants can drastically affect these 
reaction rates by lowering the surface tension and thus stabilizing small bubbles and drops. 
Surfactants adsorbed at interfaces can also add a mass transfer resistance, thus lowering the 
mass transfer rates between phases. 

It is also important that the phases be separated after the reactor, and mists, foams, 
emulsions, and dust in separation units can cause major problems in design of these 
multiphase reactors. Separation of phases after the reactor is easier for gas-liquid and gas- 
liquid systems than for liquid-liquid and hquid-sohd systems because of the larger density 
differences for the former. Reactor orientation plays an obvious role in any multiphase 
reaction processes. 



ANALYSIS OF MUL71PHASE REACTORS 

In the previous sections we described gas-liquid and gas-liquid-catalyst multiphase reac- 
tors and described how these problems should be handled with various approximations of 
the rate-limiting step. In this section we consider the solution of some of the simplest of 



Both phases mixed 

Let us consider a simple example of multiphase reactors where the reaction A — ► B occurs 
in a CSTR, but now A enters the reactor in phase et but does not react until it enters phase 
/?, where the homogeneous rate is kC A . As an example A could be an ester in an oil phase 
a, which will hydrolyze into an alcohol and an acid when it comes in contact with a water 
phase 0. 

We write the mass balances on A in phase fi as 



C { - d = zPkC p A - r P ^(C p - C a A ) 
For phase a the expression is 

c «-c2 = +t«^(c^-cS) 

Note that these are the "conventional" CSTR equations in a and fi phases with the mass 
transfer "reactions" between phases added. 

These two algebraic equations are coupled by the mass transfer term. One can solve 
for C A and insert it into the /3 phase equation and solve for C A . This gives 

ct + ^ha 

C A n = - 

1 + krV + 



A ap k m 
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~Ao ' v « 


l +J fc r /. + ^a 


, , A<% 


(A^fcm) 2 



This expression does not look very simple or instructive. However, let us check the 
expression if mass transfer is very fast compared to reaction, (A a ^k m /v a ) » k. In this case 
the expression becomes 

which is exactly the expression for the frrst order irreversible reaction in the CSTR except 
the reactant is being fed from the a phase. 

These equations give expressions for the exit concentrations of reactant in a two- 
phase reactor for a first-order irreversible reaction in terms of the two residence times r a 
and T^, the two feed concentrations C Ao and Cf , and the reaction rate coefficient, the mass 
transfer coefficient k m and the area between the two phases A a ^ . 

We have in fact had to make many approximations to obtain even these complicated 
expressions, and it is evident that numerical solutions to most multiphase chemical reactor 
problems can only be obtained after considerable computations and approximations. 

REACTOR-SEPARATlON INTEGRATlON 

We typically think of the chemical reactor as the unit in which reactions are run and that 
the reactor is preceded and followed by separation units such as distillation, extraction, 
centrifugation, etc, to remove reactants from products and to prepare products with required 
purities. In fact, a crucial feature of many chemical reactors is that they involve the 
integration of chemical reaction and separation in a single chemical reactor. 

Integrated reaction-separation units can achieve several desirable goals: 

1. Remove product immediately while retaining reactants in the reactor; 

2. Achieve product yields beyond those predicted by thermodynamic equilibrium; 

3. Provide for efficient heat removal and generation by heat transport in individual phases; 

4. Provide for heat transfer by latent heats of interphase transfer such as by boiling or 
condensing a component. 

Figure 12-17 sketches some of the reaction-separation reactors that we consider in this 
chapter. We sketch most of these for the reversible reaction 
CnCr 

A^B + C, K e ,= ^ 
with K eq small so that a simple reactor with a feed of pure A cannot give a conversion 
greater than Cb — Kj^ C A . 
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CATALYTIC DISTILLATION 



Another multiphase reactor that achievcs rcaction with separation is catalvtic distillation. 
In this reactor a catalyst is placed on the trays of a distillation column or packed into a 
distillation column, as shown in Figure 12-18. 
Consider the reaction 



A^B + C 

which has an equilibrium constant on the order of unity, so that in a single-stage reactor one 
cannot attain a conversion beyond that predicted by equilibrium. However, if the reactant 
is fed into a distillation column containing a catalyst that promotes the reaction, then the 
equilibrium conversion is assumed to occur in each stage. 



Figure 12-18 Catalyŭc distillation n 

liilion column combincs chcmiciil n: 
in the column to achieve conveisions 



in which catalyst in the distil- 
i \vilh \iipor-liquidequilibrium 
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Now we assume that A, B, and C have different boiling points such that B is more 
volatile than C. Therefore, B will rise to the top of the column toward the condenser, while 
C will move downward toward the reboiler. Thus we have a separation of the two products 
away from each other. This prevents their reaction together to form A, and we thus can have 
complete conversion of A to B and C even though equilibrium predicts a low conversion. 

The catalvtic distillation reactor is in effect a multistage reactor, where each tray 
achieves equilibrium at its temperature and composition, with the temperature being lower 
at the top, where there is more B and higher at the bottom, where there is more C. With 
a high reflux ratio in the condenser to return any A or C to the column, one can attain 
essentially complete reaction and separation of the products from each other. 

Catalytic distillation is now used for the production of most MTBE produced as a 
gasoline additive. The reaction 

CH3OH + i-C 4 H 8 -» (CH 3 ) 3 COCH 3 

is ideal for catalytic distillation because the boiling points are 80, 40, and 70°C, respectively. 
Thus the products are separated, and pure MTBE can be withdrawn from the reactor. 

In catalytic distillation the temperature also varies with position in the column, and 
this will change the reaction rates and selectivities as well as the equilibrium compositions. 
Temperature variations between stages and vapor pressures of reactants and products can 
be exploited in designing for multiple-reaction processes to achieve a high selectivity to a 
desired product with essentially no unwanted products. 



CHROMATOGRAPHIC REACTORS 
Chromatography 



Chromatography is the primary analytical method in chemical analysis of organic molecules. 
This technique is used to analyze reaction products in most of the processes we have been 
describing. The analysis of reaction products and of the efficiency of separation units usually 
is done by analytical chemists (who eam lower salaries), but chemical engineers need to be 
aware of the methods of analysis used and their reliability. 

In a chromatographic column a tube is filled with a powder of a solid that acts as an 
adsorbent for the molecules to be identified. As shown in Figure 12-19, a pulse of the gas 
mixture is injected into the tube in a flowing stream of an inert carrier gas (which does not 
adsorb on the solid) such as He or H2, and the products leaving the column are detected 
using a thermal conductivity or flame ionization detector and recorded as a signal versus 
time in the chromatogram. Each species is identified by its residence time on a particular 
column, and the amount of that species is proportional to the area under the peak. 

First we note that a chromatographic column is a PFTR with carrier gas (an inert) 
flowing at velocity u for a residence time t — L/u, which is the residence time for the 
inert carrier. However, the gases to be analyzed have longer residence times than the carrier 
because they are adsorbed on the solid powder in the column. The average residence time 
for species j is 

Xj = X * ta&j 
and its residence time in the chromatographic column is 
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Figure 12-19 Pulse injection of gases or liquids mlo .1 chrei ' raphii 
column with carrier gas or liquid for species ,!, B, and C. The chro- 
matogram is recorded as the srgnal versus retention trme in the column. 




t -»► 



where f ads ,■ is the average time that the species spends adsorbed on the solid and T is the 
time spent flowing. For liquid chromatography the carrier and the molecules to be analvzed 
are liquids flowing at high pressures, and adsorption occurs from the liquid to the solid. 

The next thing we note about chromatography is that it is equivalent to tracer injection 
into a PFTR. Whereas in Chapter 8 we used tracer injection to determine the residence time 
distribution in a reactor, here we have nearly plug flow (with the pulse spread somewhat 
by dispersion), but adsorption from the fluid phase onto the solid reduces the flow velocity 
and increases the residence time to be much longer than x ■ 

An important feature of chromatography is that it needs very small amounts of 
mixtures for analysis. This makes it poor for separating large amounts of chemicals, 
although prepara 1 hrom tograph) can be used to separate mixtures by withdrawing 
and separating products at the appropriate residence times. This process does not scale up 
for large quantities very well, but it is occasionally used to separate expensive biological 
molecules, and there are now several industrial processes that use this technology. 
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A^lB + C 

which has a small equilibrium constant so that with a feed of pure A, the conversion is 
limited by equilibrium, which does not give a high conversion. However, if the retention 
times of A, B, and C are different, they will move with different velocities in the reactor. 
However, with steady flow the reaction will still come to equi]ibrium because, even though 
the residence times are different, the exit concentrations will be at equilibrium. 
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Figure 12-20 shows the concentration profiles of these three species in the reac- 
tion above following pulse injection of pure A into the reactor, which is packed with a 
chromatographic solid. Without chromatographv, the mixture comes to equilibrium, but 
with chromatographic separation species B moves faster than species A, while species C 
moves slower. Therefore, species B and C are spatiallv separated and cannot react back to 
form A. 

As with the catalvtic distillation reactor, the chromatographic reactor functions as a 
multistage reactor. The chromatographic reactor is essentiallv a batch reactor, and we need 
to adapt this configuration into a continuous process to develop a large-scale and economic 
process. 



Moving-bed chromatographic reactor 

We can achieve conversion beyond equilibrium in a reaction Such as this and run contin- 
uouslv by using a moving bed of chromatographic and catalytic solid. We assume that the 
fluid flows with a velocity Uŭmdi while the solid moves upstream at a velocity U so \a. If we 
adjust these velocities with respect to the velocities of the reactant and products, then a 
product that is strongly adsorbed can be made to move backwards in the tube. 

We can design a reactor to separate the products and achieve complete conversion by 
admitting pure A into the center of the tube with the solid moving countercurrent to the 
carrier fluid. We adjust the flows such that A remains nearly stationary, product B flows 
backward, and product C flows fonvard. Thus we feed pure A into the reactor, withdraw 
pure B at one end, and withdraw pure C at the other end. We have thus (1) beat both 
thermodvnamic equilibrium and (2) separated the two products from each other. 



Rotating bed and simulated moving chromatographic 
reactors 

A moving-bed reactor is not simple to implement because it is complicated to configure 
the reactor flows and achieve high production rates. Another configuration that provides 
separation is the rotating annilluS. Various configurations such as these are being explored 
to find economical ways to construct reaction chromatographic reactors, such as by using 
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Countercurrent moving bed and rotating annulus reactor 
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multiple reactors with fuced catalyst but switching the flows i 
countercurrent chromatographic reactors (Figure 12-21). 
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Complications of reaction-separation integration 

The reactors described here provide interesting alternatives to conventional reactors with 
interstage separation, and they may have distinct economic advantages in equipment and in 
production of a desired product. However, each of these systems has distinct problems, and 
few have as yet received wide acceptance. This is because each of these systems requires 
a compromise between optimal reactor design and optimal separation design. Thus one 
must adjust the temperature in a chromatographic reactor to attain both good separation and 
good kinetics. These seldom coincide, and the degradation in performance can overcome 
the advantages of integration. 

In membrane reactors plugging is an ever-present problem because any membrane is 
also a good filter. In bubble, drop, emulsion, and trickle bed reactors surface-active agents 
can cause formidable problems with foaming. Traces of soap in liquid feeds are difflcult to 
avoid, and their result is similar to too much detergent in a washing machine. 
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An example of an incredibly complex multiphase che 
a blast furnace. As sketched in Figure 12-22, it invol 
countercurrent flows with complex temperafure profil( 
processes. 

The reactor is fed by admitting solid iron oxide as taconite pellets, which are ~ 
diameter spheres and solid coke particles, along with air or pure O2. These undergo 
, with the dominant reactions being 
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Figure 12-22 Phases and f 
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c s + of -+ co g 

Fe 2 0^ + COS -> 2¥& l + CO« 
Carbon oxidation produces CO, which reduces the soMd iron oxide to liquid iron. This 
reaction is strongly exothermic, and this supplies the heat necessary to heat the reactor 
contents above the melting point of iron metal. Iron ore also contains silicate slag, and this 
melts along with the Fe to form a second liquid phase. The oxide reduction reaction step 
is especially interesting because it involves a gas reacting with a solid to form a liquid and 
anofher gas. 

This reactor contains at least two solid phases, two liquid phases, and a gas phase. 
The flows are largely driven by gravity caused by the density differences of fhe solid and 
liquid phases. Taconite and coke are admitted at the top of the reactor and O2 at the bottom. 
Liquid Fe and slag are withdrawn at the bottom of fhe reactor. The liquid iron is either cast 
into ingots in molds or directiy passed from fhe reactor through rolling mills to process it 
into sheets. 

This process has evolved considerably from the start of the Iron Age, when our 
amateur engineer ancestors developed batch processes, through fhe confinuous processes 
fhat fueled fhe Industrial Revolution, down to fhe twentieth century, where specialty steels 
are fhe desired products. As might be expected, these processes evolved primarily by trial- 
and-error mefhods, because no detailed analysis of reactor flows and reacfions are productive 
or even possible. 



THE PETROLEUM REFINERY 



Finally, 
Chapter 



ive return to fhe four major reactors in petroleum refining, which we introduced i 
2. All of these reactors are sketched in Figure 12-23. 



Fluidized catalytic cracking 

This is fhe workhorse reactor in a petroleum refinery, processing up to half of the total 
petroleum from fhe primary disfillation of fhe ciude oil. It consists of a fluidized bed riser 
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reforming 



reactor coupled with a regenerator to bum off the coke continuoush/ from the catalyst and 
send fresh catalyst back to the reactor. The feed in the riser flows with approximately plug 
flow along with the catalyst, while in the regenerator both gas and catalyst are nearly mixed. 

In FCC there are therefore four separate residence times, and the riser and regenerator 
are each described by two coupled mass-balance equations. The mass flow rates of catalyst 
between the reactors are the same since catalyst is recycled. 

Energy coupling between the reactor and regenerator are crucial in designing the FCC 
reactor, because the heat liberated from burning off the coke from the catalyst supplies the 
heat to maintain the temperature in the reactor where reactions are endothermic. Therefore, 
the energy balance equations and the description of flow of fluid and solid phases must be 
considered carefully in this reactor. 

Catalytic reforming 

This reactor creates high-octane gasoline and the aromatics needed for petrochemical 
feedstocks. In modcm rcactor configurations it is a moving bcd whcrc thc catalyst moves 
slowly down the reactor so that it can be removed from the bottom of the reactor and 
regenerated before being returned to the top of the reactor. 

Since these reactions are also strongh/ endothermic, the reactor must be heated, and 
this is usually accomplished by piping the fluid into a furnace in interstage heating, where 
it is heated back to the desired temperature and returned back to the reactor. In a catalytic 
reforming process, the furnace and the catalyst recycle equipment are frequently larger than 
the actual reactor. 



Al kylation 

This is a three-phase reactor with aqueous and organic Uquid phases and a gas phase. The 
C3 and C4 alkanes are fed into the reactor as gas and liquid, the catalyst is sulfuric or 
hydrofluoric acid in water, and the products are liquid organics. 



I 



SUMMARY 



Problems 515 

Thus this reactor requires mass transfer between the gas and liquid phases and betvveen 
the organic and aqueous liquid phases. Stirring to mix phases, make small drops and bubbles, 
and increase inter-facial mass transfer is crucial in designing an alkylation reactor. 

These reactors operate below room temperature to attain a high equilibrium yield, 
and refrigeration equipment is a major component of an alkylation process. 

Hydroprocessing 

These processes are becoming more and more important in petroleum refining as heavier 
feedstocks with large amounts of sulfur, nitrogen, and heavy metals are increasing and as 
regulations require decreased amounts of these in the products. Hydroprocessing is being 
used to prepare feeds for FCC and for catalvtic reforming by removing sulfur and heavy 
metals, which would poison the catalysts. 

This is usually accomplished in a trickle bed reactor because the reactants have 
molecular weights too high to boil, and H2 is the other reactant. Catalysts are carefully 
designed to provide proper catalytic activity and stability as well as appropriate catalyst 
geometries for contacting gas and liquid. Pressures in this fixed bed reactor are high, and 
residence times are fairly long; so large reactors with thick walls are required. 

The disposal of sulfur removed from the crude oil is a major part of hydroprocessing. 
This is removed from the feed as H2S, which is a highly toxic gas. Usually some of this 
H2S is oxidized to SO2, and this is reacted with the rest of the H2S to form solid elemental 
sulfur, which can be safely shipped. Some refmeries process the sulfur to make H^SO^ 
which is the usual frnal product formed from sulfur in crude oil. hi some refineries this 
H2SO4 is reacted with limestone (CaCOs) to make gypsum (CaSO^, which can be safely 
disposed as landfill. Disposal of spent catalyst containing heavy metals is a major concern 
in hydroprocessing. In general, sohd waste disposal is a problem because the amount of 
solid continues to accumulate on the plant site and eventually will fill up all space available. 



While we promised in Chapter 2 that we would finally explain the details of all these 
complicated reactors that are essential in the petroleum refmery, we will in fact not even try 
to do this because their details are actually much more complicated than can be considered 
in a simple or short fashion. (Many books and monographs have been written on each 
of these reactors.) Rather, we shall conclude by remarking that throughout this book we 
have considered all the principles by which one would describe the reactors in a petroleum 
refrnery. 

The reactors you will be called on to deal with in your job as a chemical engineer will 
be just as complicated as those in the refinery, and we hope that this book has given you 
the necessary principles with which to begin to analyze and design the processes for which 
you will be given responsibility. [At least, we hope that you know what you need to know 
not to embarrass yourself or harm you or your employer.] 



. 1 For the following continuous multiphase chemical reac 
phases, vvhether they are mixed or unmixed, the major 
reaction is occurring. A skclch may bc helpful. 



table indicating the 
and in what phasc(s) thc 
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cement kiln 

wood chip burner 

concrete pavement laving 

spin coater 

fiber spinner 

catalvtic hydrogenation of vegetable oil 

oxidation of organic scuacc 

liomojjcnizalion and pastcunzation of milk 

fluidized catalytic cracking of gas oil 

trickle bed hydrotreating of residual oil 

> Listed below are examples of multiphase reactors used in industry. For each reactor, answer 
the following. 

(a) Draw a skctch and identilv all ihe pliascs. 

(b) Which is the dispersed phase and which is the continuous phase? 

(c) How would you model each phase, mixed or unmixed? 

emulsion reactor 
bubble column 
packed bed 

gas-solid fluidized bed 
Huidized catalytic cracker 
trickle bed 

! In a well-mixcd cinulsion rcaclor ,4 in a conlinuous aqueous pliasc rcacls uitli B in an organic 
drop phase in the reaction A + B -> products. The reaction is very fast and is limited by the 
diffusion of A into the organic phase. The feeds are 1 liter/min of 9 molar A and 1 liter/min 
of 2 molar B. The stirring is such that the drops are monodisperse al a diameter of 200/iItl. 

(a) Find the surface area per liter. 

(b) Find the pseudohomogeneous rate /-(Ca, Cg) if me Sherwood number is 2.0 and D A = 
10- 5 cm 2 /sec 

(c) Find the residcncc tiine and rcaclor volumc Ibr <)0'v convcrsion. 

4 A 2 x 10 4 cm 3 slurry reactor has 1000 porOUS catalyst particles/cm 3 on which the reaction 
A -> B occurs with a surface rate /-"(moles/cm 2 sec) = 4 x 10 _8 Ca, with Ca in moles/cm 3 . 
Each particle is 0.02 cm diameter and has a surface area of 500 cm 2 . (The catalyst occupies 
negligible volumc in ihc rcaclor.) Thc \olumetric llov, ratc is 400 cm 3 /min. Note that all lengths 

(a) What is the reactor residence time? 

(b) What is the pseudohomogeneous rate if the surface reaction is rate limiting? 

(c) Calculate the comcrsion in lliis rcactor if the surface rcaction is ratc limiting. [Answer: 

50%.] 

(d) Calculate the conversion in this reactor if the Thiele modulus for pore diffusion is 10. 



12.5 (a) Spherical crystals 1 nini in diameter are dissolved in a liquid solvent that is stirred so 

the mass transfer coefficient is constant. II l', : dissolves in 1 min, when will the crystals 
completely dissolve? 
(b) If a 1 mm sheet has a O.l-mm-thick oxide layer on it after 1 week, when will the rust 
penetrate through the sheet if oxygen diffusion through the growing oxide controls the 
process? 

12.6 Styrene is made by bubbling ethylene vapor into pure liquid benzene with a suitable catalyst. 
We find that 1 .O liters/sec of ethylene (measured at STP) completeh/ reacts when bubbled into 
a 100 gallon tank of benzene. 

(a) What must be the benzene flow rate if the product is to be 80% styrene and the density is 
independent of conversion? 

(b) The heat of benzene alkylation is -20 kcal/mole. What is the reactor cooling rate? 

12.7 Kitchen food processors have several blades to mix. chop. grind. and puree ,olids and to add 
air to liquids. 

(a) Call your mother and ask her to describe all of the blades in her food processor and describe 
whal each is designed to accomplish. Your mother will be pleasantly surprised by your 
call and \vill think (inistakcnlv ) tltai voti are finallv learning -oniething practical. 

(b) Wiiat iniver designs are optiinum for inaxhnuni lieat and inass transfer to the reactor walls 
and for maximum incorporation of air into the liquid? 

(c) Why does a kitchen mixer work best when the bowl is off center of the beaters and the 
bowl is rotated? 

12.8 A student who graduated several years ago called the office to inquire about "fluidized beds." 
He is working for a water purification company that is developing a process to soften well 
water. They bubble air through a column 6 ft high and 1 ft in diameter, and water flows up 
through the column, which contains -1 ft 3 of MnCh catalyst in the form of 1/16 in. particles. 
The water they treat contains 3 ppm of Fe +2 . Hard water contains mostly Fe, which comes 
from wells as Fe . 1 1 i 3 ^. ion is very soluble, but Fe ls much less soluble and precipitates to 
form the orange-brown scum in your bathtub. 

(a) What type of reactor are they dealing with? 

(b) What are the reactions? 

(c) Sketch the process including separation systems for catalyst and precipitate. 

(d) What reaction slcps are involved this process? 

(e) They measure 20 ppm of dissolved O2 in the water, both at the exit and in the middle of 
the reactor. The equihbnum solubihty of 2 in water at 25 °C is 30 ppm. What process is 
definitelv noi liiniling tbc rale? Wbal reaction steps niigbl bc rate limiliiig? 

(f) The present process uscs i() psig air. i low sliould ii be iinproved if tbe pressure is increased 
to 6ti psig? 

(g) Why might smaller-diameter Mn02 particles give better removal, and what problems 
might arise? 

(h) What ratio of air to water flow rates would you assume might be satisfactory? How might 

you reduce the air rate required? 
(i) What is the ratio of precipitate to water flow rates, assuming complete removal as 

carbonate? 
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» B g occurs on the surface of a flat plate with a rate r" = k"C A& . The 
i above the boundary layer of thickness ,5 is C/,b, and the mass transfer 
coefficient is D A /&. 

(a) What is the relation between Qb and C As in terms of these quantities? 

(b) Find r"(C A b) m terms of these quantities. 

(c) Suppose the plale in this problem is carbon burnine in air uith a \er\ iast ratc through the 
reaction C s + O2 -> CO2. The partial pressure of O2 is 0.2 atm so that D A = 0.1 CtnVsec, 
and S = 0.1 cm. The density of solid carbon (MW=12) is p s = 2.25 g/cm 3 . What time 
will be required to bum off 1 mm of carbon from this plate? 

12,10 A liquid A in a solvent is being hydrogenated by bubbling H 2 at atmospheric pressure through 
the solution to form another liquid B in the reaction A -f- H 2 — ► B. The column is 10 cm 
in diameter and 2 meters high, and the bubbles rise with a constant velocity of 10 cm/sec. 
The flow rate of the liquid is 15.7 cm 3 /sec. The gas bubblcs occupv negligible volume in the 

(a) Calcuhttc the rcsiclcncc titnc of gas and liquid in thc reactor. 

(b) Write the mass-balance equation that would be used to solve for the liquid-phase con- 
centration Ca assumins lltat thc risina bubbles stir the liquid and that the reaction occurs 
homogeneously in the liquid with a rate r (moles/liter sec) = kC A C\\ 2 , where Ch is th e 
concentration of H 2 in the liquid solution. 

(c) It is found that Ch 2 is 1 x 1 0~ 3 moles/cm 3 in the liquid solution and k = 4 cmVmoleS SeC 

(second-order rate constant). Find the conversion. [Answer: 80%.] 



12.11 In the previous problem the hydrogen bubbles are initially 0.1 cm in diameter, and they contain 
pure H2 gas at a concentration ol 0.05 moles/cm 3 (uhich docs not chancc ;ts the bubbles rise). 
Hydrogen is transferred from the bubbles to the liquid with a rate limited by mass transfer 
(k, = D H2 //v) in fhe liquid around the bubble wifh Dn 2 — 1 x 10~ 5 cm 2 /sec. There is no 
reaction in the bubbles. 

(a) Set up the differential equation that should bc sol\ cd for ihc radius of the bubbles R versus 
height z in the reactor for an initial radius R = 0.05 cm. The equilibrium solllbilitv of H2 
in the liquid solution (at thc bubblc surlace) is 3 x ]0~^ moles/liter. 

(b) Find the hydrogen bubble radius at the top of the reactor. 

12.12 The reaction A + B — > products occurs in a well-mixed emulsion reactor with B entering in 
the continuous aqueous phase and A in the organic phase. Reaction occurs by A transferring 
from the organic phase into fhe aqueous phase, where reaction occurs. The organic phase 
forms drops 0.1 cm in diameter, and the flow ratc 1 111 1 nic ph 1 1 liter/min at C Ao = 
2 moles/liter. The flow rate of the aqueous phase is 9 liters/min at Cs = 1 mole/liter. 

(a) Find an expression for the pseudohomogeneous reaction rate in moles/liter min versus 
C A and Cg if the reaction is limited by mass transfer of A from the organic phase with 
the reaction instantaneous in the aqueous phase. Assume a Sherwood number of 2 with 
D A = 10~ 5 cm 2 /sec. 

(b) What volume of reactor is required for 90% conversion of A? 

12.13 The reaction A -\- B —> products occurs in an unmixed flow reactor, with B entering in the 
continuous aqueous phase and A in the organic phase. Reaction occurs by A transferring from 
the organic phase into the aqueous phase, where reaction occurs. The organic phase forms 
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drops 0.1 cm in diameter, and the flow rate of the organic phase is 1 liter/min at C Ao = 2 
moles/liter. The flow rate of the aqueous phase is 9 liters/min at Cbo = 1 mole/liter. 

(a) Find an expression for the pseudohomogeneous reaction rate in moles/liter min versus 
Ca an( ^ Cb 'f me reaction is limited b\ mass transfer oi A from the organic phase with 
the reaction mstantaneous m the aqueous phase. Assume a Sherwood number of 2 with 

D A = lfr 5 cm 2 /sec. 

(b) What volume of reactor is required for 9095 conversion of A? 

12.14 Suppose you are hired by NASA to examine the feasibilitj of developing chemical processing 
applications for fhe space station. What reactor and separation units would have to be 
abandoned, and what processes might be improved in a zero-gravity environment? [Your first 
list will probably be much longer than your second, even before you consider transportation 

12.15 Ethyl benzene is to be converted into the hydroperoxide (used to make styrene and propylene 
oxide) by bubbling air through a 1 molar solution in cyclohexane at 25°C in the reaction 

QH 5 C 2 H 3 + 2 -»■ C6H5C2H2OOH, / = k^CiC^ 
in a bubble column reactor operating at 25°C. 

(a) What volumetric flow rate of air will be necessary to attain complete conversion if the 
liquid flow rate is 100 literslsec? 

(b) Using an air flow rate 10 times that calculated in (a) so that C Q can be assumed constant, 
find the reactor volume necessary to attain 90% conversion ll O2 remains m equihbnum 
in the liquid phase at a pressure of 1 atm, assuming that the liquid flows in plug flow. 
The Henry's Law constant of O2 m cyclohexane is 1 x 10 5 atm, and the rate coefficient 
k e = 1 x 10 2 liter/mole sec. 



(O Usimi an air ilo\\ rate 10 tinics thal calculaied itt (a) so tiiat C can lie assumcd ci 

find the reactor volume necessarv to attain 90% conversion if O2 remains in equilibrium 
in the fiquid phase at a pressure of 1 atm. assumini; tliai tlie reactor cotitents are stirred 
rapidly. The Hem-y's Law constant of O2 in cyclohexane is 1 x 10 5 atm, and the rate 
coefficient k ~ 1 x 10 2 liter/mole sec. 

12.16 We have a stream of liquid cyclohexane that contains 0.1% cyclohexene, which must be 
removed by hydrogenation in the reaction 

C 6 Hio+H 2 ^C 6 H 12 , r^k^C^ 
in a bubble column. 

(a) What H2 A°w rate will be required to reduce the H 2 concentration by 10% for complete 
olefin conversion for a liquid flow rate of 50 literslsec? 

(b) What liquid volunie in the reacior uill he required ior 99 r -< convcrsion if H 2 remains in 
equilibrium in the liquid solution if the Henry's Law constant of H 2 in cyclohexane is 
3 x 10 5 atm and k l = 2 x 10 2 liter/mole sec for a H 2 pressure of 1 atm? 

(c) For what Hj pressure \\ill the liquid volume in the reactor be 200 liters? 

12.17 An aqueous solution contains 1 .0 ppm by weight of an organic olefin contaminant of molecular 
weight 80, which must be removed by hydrogenation by a 10% H 2 -in-N 2 stream in a 1-cm- 
diameter falling film reactor at 25°C. The liquid flows at an ,r ;rage \ :locitj of 10 cm/sec and 
ibrms a film 1 mm thick on the wall, while the H 2 at 1 atm flows at an average velocity of 2 
cm/sec. The reaction in the liquid phase lias the stoicliiometry A + H 2 — ^ products with a rate 
/ = k?£<0 
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(a) What are the compositions when the reaction has gone to completion? 

(b) Write the equation(s) that must be solved to find the reactor length required for a given 
organic removal. 

(c) How many tubes in parallel are required to process 50 liters/min of water? What will be 
the diameter of the tube bundle if the tubes are packed in a square array and the tube wall 
thickncss is neplected? 

(d) Estimate the reactor length needed to reduce the organic concentration to 0.1 ppm if the 
reaction rate in the liquid is infinite and the reaction is limited by the mass transfer of H2 
in the gas. Assume 7)jj 2 = 0.1 cm 2 sec. 

(e) Estimate the reactor length needed to reduce the organic concentration to 0.1 ppm if H 2 
mass Iransfer is sufficientlj fast that the liquid solution remains saturated \vith H2 and the 
rate coefficient k l is 1 x 10 2 liter/mole sec. The Henry's Law constant for H 2 in water is 
3 x 10 5 atm. 

(f) Estimate the reactor length needed to reduce the organic conccntration to 0.1 ppm if 
the reaction actually occurs on a catalyst on the wall of the reactor tube. Assume that the 
reaction rate on the wall is infinite and the process is liniiicd b\ thc diffusion of H2 through 
fhe liquid, wifh D H2 = 10~ 5 cm 2 /sec, and fhat the concentration profile is linear. 

12.18 ti ti 011 oltition oniain : ( ppm b > ight oi 111 organic ol iln 1 >ni " niant of molecular 
weight 80, which must be removed by hydrogenation by a 10% H2-in-N2 stream in a IO-cm- 
diamctcr bnbblc colnnin reactor at 25°C. The liquid flows downward in the tube at an a\erage 
velocity of 1 cm/sec. The gas at 1 atm is admitted at 0.1 liter/sec and is injected as bubbles 
0.5 mm in diamelci iliai ilse ai 2 cm/sec. Asstunc 110 coalcsccncc or breakup and that both gas 
and liquid are in plug flow. The reaction in the liquid phasc has the stoichiometry A + H2 — > 
products with a rate k l C A C H2 . 

(a) What are the compositions when the reaction has gone to completion? 

(b) Write the equation(s) iliat musi bc solvcd to find thc length for a gi\en organic removal. 

(c) Assuming that mass transfei of H2 in the liquid around the bubbles limits the rate, calculate 
the reactor length required to reduce the contaminant to 0.1 ppm. 

(d) Estimatc thc reaclor lenglh requirecl 10 rcducc llic organic concentration to 0.1 ppm if the 
concentration of H2 rcmains at equilibrium in the solution. 

12.19 An aqueous solution contains 1.0 ppm by weight of an organic olefin contaminant of molecular 
weight 80, which must be removed by hydrogenation by a 10% H2-in-N2 stream in a sparger 
reactor at 25°C. The liquid is admitted at 1 liter/sec. The air at 1 atm is admitted at 0.5 liter/sec. 
An impeller disperses the gas into bubbles of uniform 0.5 mm diameter and mixes gas and 
liquid very rapidh 1 li 11 1 in h liquid ph li 1 the stoichiometry A -\- H2 — ► products 
with a rate r l = tfC/, 0. 

(a) What are the compositions when the reaction has gone to completion? 

(b) Write the equation(s) that must be solved to find the reactor volume required for a given 
organic removal. 

(c) Assuming mass transfer of H2 in the liquid around the bubbles limits the rate, calculate 
the reactor volume required to reduce the contaminant to 0.1 ppm. 

(d) Estimate the reactor volume required to reduce the organic concentration to 0.1 ppm if the 
11 of H> remains al cquilibriiini in the solution. 



Appendix A 

Lrating Differential Equations 



In this text all numerical problems involve integration of simultaneous ordinarv differential 
equations or solution of simultaneous algebraic equations. You should have no trouble 
finding ways to solve algebraic equations with a calculator, a spreadsheet, a personal 
computer, etc. 

For differential equations the numerical procedure is to replace the differcntial 
equation by a difference equation: 

dx ,, , 



a7 = ><*> 

This is solved by writing the difference equation as 

x n+l = x n + f(x n )At 
and, starting with initial condition x , successively applying this equation for increasing n 
until the solution reaches a constant value. The step size At must be chosen to give sufficient 
accuracy, while not requiring too long a time for the computation. With packaged equation 
solvers, the step size and higher-order corrections in the preceding expansion are used for 
greater specd and accuracy in calculations. 

Possible methods you may want to use are 

1. A spreadsheet such as Excel; 

2. A programmable calculator; 

3. A computer language such as FORTRAN or BASIC; 

4. A packaged equation solver such as Mathematica, Polymath, Maple, or MathCad; 

5. A program given you by your instructor. 

We suggest that you find your own way to do these problems. Once you have done it once, 
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the more complicated problems require simple changes to the lines in the program involving 
the functions, 

A key feature of any numerical calculation is the incorporation of graphics for display 
of data. We strongly encourage real-time graphics rather than postcalculation graphics, 
which involve setting up a table for plotting. This is time consuming, it frequently does not 
allow simultaneous plotting of many curves on one graph or curves that are multivalued, 
and it does not give the visual display of a computer experiment as you watch the time 
change on the computer screen. 

Real-time graphics are preferred to compiled graphics programs because you can 
see fhe solution evolve (a computer experiment) rather than just a prepared graph. Much 
inferior is a program in which you generate a data table and fhen insert fhe data into a 
separate graphics program, because fhis is very cumbersome and frequently won't allow 
you to display mulfiple curves on one graph or display curves that are mulfivalued. 

Submitting computer homevvork problems 

In all computer homework problems you must submit a copy of the program you used wifh 
your name and fhe date appearing on the graph so fhe graders can be sure you didn't just 
photocopy someone else's graph. 

Mathematica The following "Mathematica" commands will calculate and plot fhe con- 
centration of A, B, and C in a PFTR where the reaction A — > B — > C takes place 
isothermally. We assumed here that n = kiC^, ?i = k^C^, ki = 1, k 2 = 2, Ca(o) = 
1, C B (o) = C c (o) = and we solve from r = to 10. 

At fhe prompt of UNIX environment (or any environment that provides "Mafhemat- 
ica") type: 



Then, once you are in the program, you type: 
Clear [t, ca, cb, cc, kl, U] ; 

kl=l; 

k2=2; 

NDSolve[ 

{ca' [t]==-kl ca[t], 

cb< [t]==kl ca[t]-k2 cb[t], 

cc' [t]==k2 cb[t], 

ca [0]==1, 

cb [0]==0, 

cc[0]==0}, {ca, cb, cc}, {t, 0, 10}]; 

sl = Plot[ Evaluate[ca[t], {t, 0, 10}] 

s2 = Plot[ Evaluate[cb[t], {t, 0, 10}] 

s3 = Plott Evaluate[cc[t], {t, 0, 10}] 

Show [sl, s2, s3] 

Polymath To solve A -> B -> C using Polvmafh first select NEW from the FTLE n 
Then enter fhe following equations in the EQUATIONS window: 

d(a)/d(t)=kl*a 

d(b)/d(t)=kl*a-k2*b 

d(c)/d(t)=k2*b 

kl=l 

k2=2 
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Next, enter the following values in the rNITIAL AND FTNAL VALUES window: 



C =l 
t f =5 

Next choose SOLVE from the PROBLEM window. Finally, use the NEW command 
from the GRAPH menu to create graphical output for the problem or create tabular output 
for more accurate numerical solutions. 

The following simple BASIC program will integrate simultaneous differential equa- 
tions to find Cj(t). Just type it into any PC or Mac with BASIC, and it will draw a grid and 
find concentrations in A — > B — >• C. Honest! Use "Print Screen" to make a hard copy of 
your graphs. 

' ****INTEGRATION PROGRAM FOR MACINTOSH**** 
'ENGINEERING OF CHEMICAL REACTIONS 
' GRAPH GENERA TION 

'SET SIZE AND ORIGIN 

IX=100:SX=450:IY=20:SY=230 'origin and step size in x 

ANDY 

TMIN=0:TMAX=1 
'DRAW GRAPH AND TICK MARKS 

line (IX+SX,SY+IY)-(IX,SY+IY) :LINE -(IX,IY) 
FOR 1=0 T0 9 

LINE (IX,SY*I/10+IY)-(IX+10,SY*I/10+IY) 
NEXT I 
FOR T=TMIN TO TMAX STEP .1 

X= (T-TMIN) / (TMAX-TMIN) 



'FATE COEFFICIENTS AND INITIAL CONCENTRATIONS 
Kl=5 : K2=5 :XO=l : YO=0 : ZO=0 : T=0 

'INTEGRATION STEP SIZE 
DT=.005 

'DOCUMENTATION AND COMMENTS 
LOCATE 2,30:PRINT ' 'CHE 5301, YOUR NAMESDATE" 
LOCATE 3,30:PRINT ' "A->B->C, TMAX=";TMAX 
locate 1 7 , 3 5 : PRINT " time " 

LOCATE 9,2:PRINT "Concentration" 
'INTEGRATE DX/DT=-KX 
10 X=X0-K1*X0*DT 
Y=YO+Kl*XO*DT-K2*YO*DT 
Z=l-X-Y 
T=T+DT 

T0N= (TO-TMIN) / (TMAX-TMIN) 
TN=(T-TMIN)/(TMAX-TMIN) 

•DRAW LINES ON GRAPH 
LINE (IX+SX*T0N,IY+SY*(1-X0) ) - (IX+SX*TN, IY+SY* (1-X) ) 
LINE (IX+SX*TON, IY+SY* (1-Y0) ) - (IX+SX*TN, IY+SY* (1-Y) ) 

line (IX+SX*T0N, IY+SY* (1-ZO) ) - (IX+SX*TN, IY+SY* (1-Z) ) 

XO=X: YO=Y: ZO=Z: TO=T 

20 IF T>TMAX THEN GOTO 20 'PAUSE 

GOTO 10 
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NOTATION 



a superscript indicates phase a in a multiphase reactor 

A area 

A c surface area between a reactor and coolant 

Ai cross-sectional area of a tube 

a d subscript indicates adiabatic reactor 

ŭj activity of species j 

b subscript indicates bulk value of a quantity 

superscript indicates phase in a multiphase reactor 

f$j order of an irreversible reaction with respect to species j 

/3fj order of fonvard reaction with respect to species j 

fi b j order of reverse reaction with respect to species j 

Pij order of ith reaction with respect to species j 

subscript signifies core or catalvst 

Ca concentration of key reactant species with stoichiometric coefficient Va = " 

Cj concentration of species j, usually in moles/liter 

C p heat capacity per unit weight 

D diameter of a reactor 

Da diffusion coefficient of species A in a bulk fluid 

Ha diffusion coefficient of species A in a pore 

d p diameter of a pore 

E activation energy of an irreversible reaction 
ergy of fonvard i 



E b 


activation energy of reverse reaction 


F 


total molar flow rate 


f(x) 


function of variable x 


Fj 


molar flow rate of species j 


F 


total molar flow rate 


G 


free energy 


G(T) 


dimensionless rate of heat generation in a reactor 


* 


subscript signifies gas 


GHSV 


gas hourly space velocity 


h 


order of reverse reaction with respect to species j 


H 


enthalpy 


H R 


heat of reaction 


H Ri 


heat of the ith reaction 


h 


heat transfer coefficient 


Z 


electrical current 


k" 


rate coefficient of surface reaction per unit area 


k 


reaction-rate coefficient for the fonvard reaction in a single-reaction system 


k' 


rate coefficient of surface reaction per weight catalyst 


k b 


reaction-rate coefficient for the back or reverse reaction in a single-reaction sj 


k { 


reaction-rate coefficient of fonvard reaction 


keff 


effective rate coefficient 


Keq 


equilibrium constant 


Ki 


equilibrium constant of ith reaction 


ki 


reaction-rate coefficient for the ith reaction 


k 


pre-exponential factor of single reaction 


kob 


pre-exponential of reverse reaction 


k oi 


pre-exponential of ith reaction 


K T 


equilibrium constant at temperature T 


k T 


thermal conductivity 


L 


length of tubular reactor 


X 


eigenvalue 


£ 


length of a pore or half-diameter or a porous catalyst slab 


l 


subscript signifies liquid 


LHSV 


liquid hourly space velocity 


Mj 


molecular weight 


V-i 


chemical potential of species j 


N 


total moles in a system 



11 order of a 

Nj number of moles of species j 

Vj stoichiometric coefficient of species j in the reaction £ Vj Aj 

Nu Nusselt number 

o subscript always signifies reactor feed parameters 

jt product 

p(x) function of variable x 

Pj partial pressure of species j, Pj/RT = Cj for ideal gases 

Q heat generation in a process 

Q heat generation per mole 



R position in a sphere or cvlinder or number of n 

R(T) dimensionless rate of heat removal 

p densitv 

r reaction rate of a single reaction in moles/volume time 

r" reaction rate of a surface reaction in moles/area time 

r' reaction rate of a surface reaction in molesAveight catalyst time 

Tb rate of back reaction 

Re Revnolds number 

Vf rate of fonvard reaction 

r,- reaction rate of the ith reaction in a multiple-reaction system 

R k electrical resistance of kth resistor in series or parallel 

R radius of a sphere or cylinder 

S entropy or number or species in a reaction system 

52 summation 

s subscript signifies solid or surface 

Sh Sherwood number 

Sj selectivity of formation of species j 

Sj differential selectivity of species j 



space velocity (1/ST) ir 

residence time in a constant-density reactor 

tinie 

residence time in the kth reactor in series 

average velocity in plug-flow tubular reacto 

reactor volume, usually in liters 

volumetric flow rate, usually in liters/time 
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Vjt voltage of kth resistor 

W s shaft work 

X A fractional conversion of key species A 

Xj fractional conversion of reactant species j 

Xi fractional conversion of the ith reaction 

JC position perpendicular to the direction of flow z in a reactor or the position down 

a pore 

X variable of integration 

Xj mole fraction ofjth species in a liquid mixture 

Y variable of integration 

Yj yield of species j 

yj mole fraction of jth species in a gas mixture 

Z position along a tubular reactor 
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^==- Conversion Factors 



Length 

1 cm = 10 -2 meter 
= 0.3937 inch 
= 0.03281 foot 
= 6.214 x 10- 6 mfle 

Weight 

1 g = 10- 3 kg 
= 0.002205 lb 
= 0.03527 oz 
= 1.102 x 10" 6 ton 
= 10 -6 metric ton 

Volume 

1 liter = 10 3 cm 3 
= 10" 3 m 3 
= 1 dcm 3 

= 0.008386 barrel (U.S. liquid) 
= 0.03532 ft3 
= 61.02 in. 2 

= 0.2642 gal 

Energy 

1 cal = 10~ 3 kcal 

= 4.186 joule 
= 4.186 x 10 7 erg 
= 1.163 xl0- 6 kWh 
= 3.968 x 10" 3 BTU 
= 1.559 hp h 
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tt = 1 joule/sec 
= 0.7376 ftlb/sec 
=3.413 BTU/h 
= 0.001341 hp 



n = 1.013 bar 
= 1.013 x 10 5 pascal 
= 760 Torr 
= 14.7 psi 
= 2116.3 pounds per square foot 



Some important quantities 

R = 1.9872 cal/moleK 

= 8.31 J/mole K 

= 0.082059 liter atm/mole K 

= 82.059 cm3 atm/mole K 

= 0.7302 ft 3 atm/lb mole F 

= 1.9872 BTlMb mole F 
k B = R/N = 1.38x 10" 23 J/molecule K 
1 electron = 1.602 x 10 - " coulomb 
N = 6.023 x 10 23 molecules/mole 
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falling film reactor, 488 
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lake, 349 

laminar flow, 339,425 
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reactor stability, 250 
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water gas shift, 120, 324 
water pollution, 348 
wetted wall reactor, 488 
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zeolites, 275 

Ziegler Natta catalysts, 457 



ilmp]oyment opportunities for chemical enginccrs arc rnoving away from petroleum and petro- 
chemicals toward ncw applications such as mat.enals processint:, phannaceuticals, and foods. 
Chemical reactors remain at the center of any chemical process; they are essential to improving 
existing processes and 10 designing new ones. Today and in the future chemieal engineers must 
be able to use their knowledge of reactors in combination with other skills in order to think cre- 
atively and strategically about new processes and growing applications. 

The Engineering of Chemicai Reactions addresses ihese issues by focusing on the analysis of 
chemical reactors while simultancously providing a description of industrial ehemical processes 
and the strategies by which they operate. Ideal for upper-level undergraduatc courses in chemi- 
cal reactor engineering and kinetics, this text provides a concise, up-to-date alternative to similar 
texts. In addition to the analysis of simple ehemieal reactors, it considers more complex situa- 
tions such as multistage reactors and reactor-separation systems. Energy nianagement and the 
role of mass transfer in chemical reactors are also integrated into the text. 

The evolution of chemical engineering from petroleum refining, through petrochemicals and 
polymers, to ncw applications is described so that students can see the relationships between past, 
present, and future technologies. Applications such as catalytic processes, environmental model- 
ing, biological reaetions, reactions involving solids. oxidation, combustion, safety, polvmeriza- 
tion, and multiphase reactors are also described, 

The text uscs a nolalion ofreaclion stoichiometry and reactor mass balances which is kept sim- 
ple so that students can see the principlcs ol rcaclor design vvithoul becoming lost in complex spe- 
cial cases. Numerical methods are used throughout to consider more complex problems. Worked 
examples are given throughout the text, and over 300 homework problems are included. Both the 
examples and problems cover real-world chemistry and kinetics. 
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